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FOREWORD 


Fischer-Tropsch technology is unique in many ways. Discovered early in the 
last century along with many other bulk chemical technologies, its development 
has been hampered by the lack of a continuous market pull. Interest in Fischer- 
Tropsch technology as a source of alternate fiiels has been in spurts, driven by 
wars, political situations and peaks in the price and availability of crude oil. 
There have been surges of interest in the thirties and during the Second World 
War, in the fifties, as a result of the oil crisis of the seventies and now again in 
the last seven years or so. It is just possible that the present interest in Fischer- 
Tropsch technology is sustainable and will result in the establishment of a GTL 
industry. The signs are good. 

There is a solid realization that the gas reserves exist and that they are 
largely in areas where the normal pipeline and power uses are not feasible. 
There are several nations and geographical areas with the right mix of gas 
reserves, local infrastructure and intent to add to their existing portfolios. The 
qualities of Fischer-Tropsch products are excellent and their environmental 
properties are being recognized as very valuable in the ongoing drive towards 
cleaner fuels and engines. The perceptions of supply/demand balance and 
pricing of crude oil are beginning to create an economic incentive for the 
conversions of gas to liquid fuels. And, above all, technology improvements 
reported by many of the major players have resulted in large and unprecedented 
reductions in the cost of the technology. All of these positive factors combined 
lead one to an expectation that Fischer-Tropsch technology will at last take its 
place as a significant factor in the global energy scene. 

While the beginnings of Fischer-Tropsch were in the search for ways to 
turn coal into a liquid transport fuel, from the above it is now likely that its 
future is as a means of monetizing natural gas. Gas to Liquids technology, or 
GTL as it is referred to, is a complex integrated set of technologies with 
Fischer-Tropsch at its heart. While conversion of both coal and natural gas to 
liquids has been practiced in numerous locations over the whole history of the 
technology, today the only commercial operations are in South Africa (both 
coal and natural gas) and in Malaysia. The operations provide the springboard 
from which large modem GTL plants can be built and operated. \^ile large 
plants, which benefit from economy of scale, are usually studied and are 
considered to be most likely to be viable, the use of GTL in niche applications 
for recovery of associated gas should not be forgotten. 



For GTL technology to be converted from a curiosity into a modem 
industry, it has to be practiced by several players in multiple plants in several 
geographical areas. The GTL fuels and indeed the chemical co-products need to 
be marketed globally. The extent of the challenge involved should not be 
underestimated. To achieve commercial success GTL plants need to be built at 
a scale that has not been done before. In many cases, technologies practiced at a 
size of a few hundred barrels per day need to be scaled up by a factor of 100 or 
more and then incorporated into complexes costing billons of dollars. The 
plants will be located in remote locations often with unique difficulties. Of the 
many organizations preparing to enter this field only one or two have any 
commercial experience with the technology. The risks are indeed daunting. 
They are particularly so for multiple gas based units and products not often 
handled in the past. Small mistakes, omissions and oversights during design can 
very quickly lead to lengthy and extremely costly delays. 

The construction by Sasol and its partner in Qatar of the 34,000 barrel per 
day Oryx GTL plant is a first step down the road. The approval of this project 
and its financing by consortia of international banks has clearly demonstrated to 
the world that GTL is real. This is confirmed by the large number of 
announcements of even larger projects mostly in the Middle East. There is 
every reason to believe that the technology patented by two German scientists, 
Frans Fischer and Hans Tropsch so many years ago is now well on the road to 
be the basis for a new global industry. 

Given the interest in GTL, I believe that this book is extremely well timed. 
Its contents will be valuable to large numbers of engineers and scientists from 
the major GTL players through to the engineering contractors and equipment 
suppliers involved in the industry. Many of the chapters will give valuable 
background to newcomers to the industry and will reinforce the knowledge of 
the experienced. A blend of technical history book, academic review and 
reference, practical design manual and record of commercial reality, it will be 
welcomed by all technical people in the field. 

The book contains a summary and review of a large amount of published 
material supplemented by the authors’ extensive experience and know-how. 
Sasol related background has clearly dominated the book but, with over 50 
years of practical CTL, GTL and Fischer-Tropsch experience this is not 
surprising. Indeed a Fischer-Tropsch reference without Sasol would not be 
complete. The many co-authors are all well known in the industry and bring 
together a collective experience that will be hard to beat. 

In conclusion I would like to express my hope that Fischer-Tropsch will 
find its place in the global energy world and that this book will play its part in 
helping reach this goal. 

John Marriott - July 2004 



PREFACE 


Remote natural gas has traditionally been used to supply energy markets 
through Liquefied Natural Gas (LNG), and sometimes to produce chemical 
products e.g. methanol. The last few years have seen a marked increase in the 
interest for the application of Fischer-Tropsch (FT) technology for the 
conversion of natural gas into easily transportable liquid hydrocarbon products. 
Several commercial scale plants have been announced and some are in 
advanced stages of design or even construction. 

The successful commercial application of FT technology requires a very 
broad range of expertise. This demands a cooperative effort. Perhaps this is why 
companies that are active in the field stress the need for teamwork. Although 
some of the major oil companies may be capable of putting FT facilities in 
place using mainly in-house technology, it is expected that the most cost 
effective plants will require cooperation between several technology providers. 

As an example of this approach Sasol™ and ChevronTexaco have formed 
the Sasol Chevron global alliance in order to apply FT technology to the 
conversion of remotely located natural gas to liquid products. This is expected 
to place the Gas-to-Liquids (GTL) industry on a footing similar to the LNG 
industry and involves massive capital expenditure measured in billions of US 
dollars ($US X 10^). The prime example of a major oil company using mainly 
in-house technology for their GTL projects is Shell. 

In the case of Sasol Chevron, the ChevronTexaco partner is well versed 
with natural gas utilization and the recovery of value from the associated 
condensate and natural gas liquids (NGL’s, i.e. C3+ hydrocarbons). The alliance 
uses technology from Haldor-Topsoe to produce synthesis gas from the lean 
natural gas. The synthesis gas preparation requires oxygen prepared in large 
scale air separation units (ASU’s). The ASU’s are provided by a number of 
American and European companies that bid on a competitive basis for the 
supply of these units. The ASU is the single most expensive unit in the GTL 
complex. Sasol provides the FT technology and the primary liquid products are 
upgraded using ChevronTexaco hydroprocessing technology. ChevronTexaco 
has a well established global network for the marketing of the fuel and lubricant 
products while Sasol has a significant global presence in the marketing of 
relevant commodity chemicals. 

For the Sasol Chevron projects, a diverse team at the Foster Wheeler 
office in Reading, England does the feasibility studies and the Front End 
Engineering and Design (FEED) and prepares bid packages to enable large 
engineering and construction firms to bid for the engineering, procurement and 
construction (EPC). Currently detailed engineering and procurement is being 
done in Rome, Italy by Technip-Coflexip for the ORYX GTL Limited plant in 
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Qatar (a joint venture between Sasol and Qatar Petroleum). Sasol initiated this 
project prior to the formation of Sasol Chevron. 

Sasol uses Stone & Webster in Cambridge, USA to assist with the 
engineering for the FT unit. The design of the FT unit is based on technology 
that was developed and demonstrated in Sasolburg, South Africa, where the 
Sasol corporate R&D facilities are located. Sasol also has an alliance with IHI 
from Japan for the supply of the FT reactor vessels. Currently, the only vessel 
fabricators capable of delivering these large vessels on a competitive basis are 
all based in Japan and Korea. Based on Sasol’s commercial experience with 
large and complex plants using FT technology, Sasol takes overall technical 
responsibility as the single point licensor in addition to licensing the FT unit. 

Two significant questions may be posed: 

• How did FT technology develop to the point where it is set to form 
the basis for a significant new industry in the 2U‘ century? 

• What scope is there for the further development and application of 
this technology? 

If these questions are of interest then this book should provide some useful 
insight. 

This book has two primary aims: firstly, it is a comprehensive work 
documenting the state of the art for FT technology. It will be of use to people 
active in advancing and implementing this technology. There are 
comprehensive references to patents and previous publications. (A useful 
website for the location of additional historical publications relating to FT 
technology may be found at http://www.fischer-tropsch.org ). 

Secondly, this book is suitable for use as a reference book for courses in 
the fields of chemistry and chemical engineering. The book provides an 
explanation of the basic principles and terminology that are required to 
understand the application of FT technology. Known and proposed applications 
for the technology are described. 

The intended audience is therefore researchers active in the development 
of FT technology, engineers involved in the implementation of this technology 
and students in the fields of chemistry and chemical engineering. 

Existing text books and reference works dealing with the theory and 
application of FT technology are now somewhat dated. No single source exists 
that covers past, present and future applications starting with an explanation of 
the basic principles. This is the first publication that allows students to 
understand both theory and application for modem FT technology. The book is 
also useful as a contemporary reference work for those wishing to study the 
history of the application of FT synthesis. It can be used to locate previously 



reported research work and to understand the context and significance of the 
cited research. The text identifies the aspects of the technology that are 
proprietary and describes those aspects that can be considered to be open art. 
The emphasis is on explanation of principles, limits and the reasons for 
compromise in this technology field. 

As with other endeavours relating to FT technology, this book is the result 
of a cooperative effort. Although it is the result of a Sasol initiative, the 
intention is to serve the interests of the rapidly expanding industries based on 
the use of FT technology. An attempt was made to involve the world’s leading 
academic authorities and industry experts. 

On the subject of synthesis gas generation from natural gas there was no 
need to look further than Haldor-Topsoe who are at the forefront of technology 
developments in this field and have previously produced many excellent 
publications. Their contribution to Chapter 4 is greatly appreciated. In the case 
of the coal gasification route to synthesis gas it was decided to use in-house 
experts from Sasol since Sasol is the world’s largest producer of synthesis gas 
from coal. My thanks go to Dr Martin Keyser and Retha Coertzen for their 
contributions. 

Nobody is better suited to bridge the gap between academic endeavour 
and industrial application than Professor Mark Dry from the University of Cape 
Town and formerly the head of Fischer-Tropsch research at Sasol. Professor 
Dry assisted with the editing of all parts of this book and provided a great deal 
of guidance in determining the content of the book. Mark Dry is the sole author 
for Chapter 3 dealing with the chemical principles that need to be understood 
for FT applications and Chapter 7 dealing with FT catalysts. 

Professor Hans Schultz, a world renowned FT researcher from the 
University of Karlsruhe, also provided guidance on the appropriate ordering of 
the material. Professors Michael Claeys and Eric van Steen both now at the 
University of Cape Town had previously worked closely with Hans Schultz and 
were recommended by him to contribute a chapter dealing with the 
rmderstanding of FT chemistry at a fundamental level. The result is Chapter 8. 

My main contribution is to be foimd in Chapter 2 dealing with the FT 
reactors with which I have had a 24 year love affair. I am also very grateful to 
Professor Krishna from the University of Amsterdam, The Netherlands, for 
reviewing the material on FT reactors in Chapter 2. Excellent research is done 
on fluidization technology in the Netherlands and there is good cooperation in 
this field between a number of Dutch and German universities. Professor 
Krishna has published extensively and is especially well known for his work on 
slurry bubble column reactor systems. Thanks to Dr Berthold Breman who 
heads the Sasol Technology Process Development group based at Twente 
University in the Netherlands for the material dealing with fixed bed reactors. 



This Process Development group was founded recently by Dr Ben Jager (now 
retired) who was also responsible for establishing the Process Development 
group in Sasolburg in which I worked for most of my career. 

Important contributions particularly in Chapter 2 were also made by 
Professor Burtron Davis from the University of Kentucky. He is at the forefront 
of research in the field of FT catalysis, particularly for iron based catalysts used 
in low temperature FT reactors and is also particularly knowledgeable on the 
history of FT technology. He is well versed in all research and technology 
development activities in the USA that relate to FT technology. Professor Davis 
also reviewed Chapters 1, 2, 3, 5, 7 and the gasification material in Chapter 4. 

Dr Marco Frank from the Twente group and Dr Jannie Scholtz (FT 
Technology Manager at Sasol) provided some valuable insights into the 
thermodynamic constraints for FT applications that are discussed in Chapter 5. 

Chapter 6 was produced primarily by in-house experts at Sasol. Amo de 
Klerk provided the material dealing with the upgrading of products from the 
Synthol process (i.e. high temperature FT, HTFT) while Luis Dancuart was 
mainly responsible for the section dealing with the low temperature FT (LTFT) 
products. Dr Rob de Haan provided some sections dealing with 
hydroprocessing catalysts. The contribution from Dr Jerome Meyer and Richard 
Moore from ChevronTexaco, after reviewing all the material relating to 
hydroprocessing, is also gratefully acknowledged. 

Given that this book is the result of part time contributions from people 
employed to do other things it has taken some time to reach completion. There 
is no doubt still room for improvement. Some areas such as those dealing with 
FT catalysts and FT products could benefit from more in depth publications that 
will hopefully follow this book. 

Many other Sasol employees provided some assistance with this book. In 
particular I would like to thank Dr Anton Vosloo and Dr Jannie Scholtz for 
reviewing all the material; Ed Koper who was a constant source of support 
(moral and financial) and Caleb Hattingh for helping with some of the 
illustrations and equations. 

Finally I would like to thank my employer, Sasol Technology, for 
allowing me to spend company time on the production of this book, Sasol 
Chevron for their financial support and to my family for accepting my neglect 
while working on this project. 


Andre P. Steynberg 
Sasolburg, May 2004 
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Chapter 1 

Introduction to Fischer-Tropsch Technology 

A. P. Steynberg 

Sasol Technology R&D, 

P.O. Box 1, Sasolburg, 1947, South Africa 

1. ORIENTATION 

Welcome to the amazing world of Fischer-Tropsch (FT) science and 
technology. The emphasis for this book is on the practical application of this 
technology. It is simply not possible to divorce the application of the 
technology from an understanding of the science. As a result this is a field that 
requires close co-operation between scientists and engineers (both with a heavy 
bias towards the chemical discipline). 

Fischer-Tropsch technology can be briefly defined as the means used to 
convert synthesis gas containing hydrogen and carbon monoxide to 
hydrocarbon products. 

The hydrocarbon products are mostly liquid at ambient conditions but 
some are gaseous and some may even be solid. For the above definition the 
term ‘hydrocarbons’ includes oxygenated hydrocarbons such as alcohols. 
However, the sole production of an oxygenated hydrocarbon such as methanol 
is excluded. 

Interest in Fischer-Tropsch technology is increasing rapidly. This is due to 
recent improvements to the technology and the realisation that it can be used to 
obtain value from stranded natural gas. In other words, remotely located natural 
gas will be converted to liquid hydrocarbon products that can be sold in 
worldwide markets. This is often referred to as the Gas-to-Liquids (GTL) 
industry. There is an alternative approach to get value from remote natural gas 
via the deplo 3 ment of conventional liquefaction technology that produces 
liquefied natural gas (LNG). The LNG industry has grown rapidly and it is 
anticipated that the GTL industry may expand at an equal pace and even surpass 
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the LNG industry. This will happen if it is demonstrated on a commercial scale 
that the economic incentives for GTL are better than those for LNG. 

Although LNG and GTL use the same feedstock, they sell their products 
into very different markets. There is currently no shortage of remote natural gas 
so there is scope for both technologies to flourish. The countries with these gas 
resources will benefit from product diversification. One of the important 
potential advantages for the GTL route is the ability to diversify further from 
fuels to higher value chemical products. 



Figure 1 A graphic of the GTL plant for the first Sasol-Chevron joint project at the Escravos 
delta in Nigeria 


The most popular goal is to utilize abundant and low cost natural gas to 
produce ‘clean’ (low sulphur, low aromatics) middle distillates/fuels, with the 
main co-product being a petraffinic naphtha to be sold as steam cracker 
feedstock to make mainly ethylene and propylene. The option exists to also 
produce other higher value co-products such as detergent and synthetic 
lubricant intermediates as well as propylene and alpha olefins used for the 
production of polymers. 

The GTL products compete with crude oil derived products so the future 
of this industry depends on the actual and perceived future prices for crude oil. 
The GTL industry expansion predicted above will not happen unless the crude 


3 


oil price averages above $20 per barrel. Existing producers will survive at crude 
oil prices as low as $ 16/barrel but the industry will not be viable if prices below 
this level are sustained for long periods. At present, it seems likely that this new 
industry will flourish. 

Some advantages of FT hydrocarbons compared to crude oil as a 
feedstock for fuel production are the absence of sulphur, nitrogen or heavy 
metal contaminants, and the low aromatic content. The kerosene/jet fuel 
produced has good combustion properties and high smoke points and the diesel 
fuel with its high cetane number can be used to upgrade lower quality blend 
stocks produced from crude oil. Linear olefins required in the chemical industry 
can be produced either directly in the FT process or by dehydrogenation of the 
paraffinic cuts. 

Potential co-products may also utilise material and energy that is not 
directly associated with the FT hydrocarbons. For example, waste heat may be 
converted to electrical power for sale and nitrogen produced in the air 
separation unit may be used to make ammonia which may be further reacted 
with waste carbon dioxide to make urea. The various potential primary and co¬ 
products are discussed in some detail later. At this stage it is only worth noting 
that the technology has die potential to make large quantities of products with 
higher values than fuels and to provide the hub for a whole new petrochemical 
industry. 

The FT technology is actually quite old technology with roots in coal 
utilisation. The technology was first applied in Germany in the 1930’s and most 
of the potential products and co-products were soon identified. However, the 
early technology was expensive and inefficient and could not compete with 
cheap and abundant crude oil. Nevertheless, the technology continued to 
fascinate people and research and technology development even continued at 
times when no commercial applications seemed likely. 

Some of the technology interest, development and application resulted 
from strategic and political rather than purely economic considerations. This is 
discussed briefly later in this chapter. Strategic considerations may well result 
in further applications for FT technology with coal as a source for the synthesis 
gas. This applies to places with abundant coal and a shortage of other sources of 
energy. These places include China, the USA, Australia, India and South 
Africa. Hence, coal conversion has not been neglected in this book. 

It is not the purpose of this book to deal with the business issues related to 
the application of FT technology or to compare the merits of the various 
potential technology providers. Rather, it is to explain how the technology 
works and equip future practitioners in this field with relevant knowledge. 
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Figure 2 The Sasol Synfuels plant at Secunda, South Africa 


2. INTEREST AND CHALLENGES 

What are the characteristics of this technology field that make it so fascinating? 
There are several features which are discussed below. 

The chemistry involved in the FT synthesis has been described [1] as “a 
surprising phenomenon in heterogeneous catalysis that attracts the interest of 
world experts: the gases CO and H 2 enter the reactor and a hydrocarbon liquid 
exits.” The thermodynamically preferred hydrocarbon product is methane gas 
so it is surprising that higher hydrocarbons are the predominant products. 

The performance of the FT synthesis depends on the gas composition 
(feed/product component partial pressures), catalyst formulation and operating 
temperature. The effects of these variables are interrelated. Furthermore, the 
catalysts used undergo chemical (and sometimes physical) changes during the 
FT synthesis that further complicates reactor design and optimisation. 



li -i 4 . <^<1 I 

U 1 ^ V ■ ' 


Figure 3 A propylene distillation column is raised into position 


Another facet that requires optimisation is the energy balance. Both the 
generation of synthesis gas and the FT synthesis involve tremendous amounts 
of heat exchange. The application of the FT synthesis deals primarily with the 
conversion of a source of fossil energy into more convenient, user friendly 
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As an example increasing temperature; 

• favours increased methane formation, 

• favours deposition of carbon and other catalyst deactivation 
mechanisms (particularly with iron based catalysts) 

• and reduces the average chain length of the product molecules. 

These effects are undesirable. On the other hand, the rate of reaction 
increases and the quality of steam produced by the reactor heat removal system 
improves which are both desirable. Hence the application of FT technology 
involves a number of compromises and optimisations. 

FT technology deals with things over a huge range of physical sizes. State- 
of-the-art surface science techniques are used to examine the surface of the 
Fischer-Tropsch catalysts with dimensions measured in angstrom units. At the 
other extreme, the world’s largest pressure vessels are used as reactors. These 
vessels have diameters of the order of 10 metres, heights exceeding 30 metres 
and they weigh around 2000 metric tons (tonnes). 

Catalyst particles in the powders used with modem fluid bed reactors 
range in size from about 2 to 200 microns. The hydrodynamic behaviour inside 
these reactors is a fruitful field for scientific and engineering research. Fixed 
bed reactors with millimetre size catalyst particles are also used for FT 
synthesis. Even for these reactors, first used in the 1930’s, it has been observed 
that the catalyst and reactor should be optimised in a combined fashion [2], This 
is even more applicable for the fluid bed reactors. 

To complicate matters further, the FT reactor/catalyst system cannot be 
designed in isolation. There is a strong interaction between the design of the FT 
reactor and the choice of technology to provide the synthesis gas (containing H 2 
and CO) fed to the FT reactor. Often recycles are involved and various 
separation technologies may be applied to process the tail gases to generate 
these recycle streams. 

Separation technologies are also important to isolate various product 
components from the broad range of liquid hydrocarbon products formed. 

The FT process is fairly unique in the field of heterogeneous catalysis in 
that there is not a single desired product but the emphasis is rather on the 
avoidance of undesirable by-products. The separated primary products 
generally require further processing to produce the variety of desirable end 
product fuels and chemicals. The choice from the available range of FT 
technologies may well depend on the prices obtainable for the different 
potential final products. 
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fuels. It is important, for both economic and environmental reasons, that the 
energy conversion should be as efficient as possible. It is also important to note 
that there are practical limits to the amount of money that can be spent in the 
pursuit of energy efficiency. 

It has been noted [3] that all types of processes found in the hydrocarbon 
and chemical engineering world come together when applying the Fischer- 
Tropsch synthesis for natural gas conversion in a GTL plant, including: 

• Gas processing 

• Gas conversion to synthesis gas akin to methanol and ammonia 
plants 

• Hydrocarbon synthesis i.e. Fischer-Tropsch reaction, in fact a 
polymerisation reaction 

• Refinery operations such as distillation, hydroprocessing and other 
typical refinery processes 

• Integrated utility systems incorporating large steam systems and 
low level heat 

• Generation of speciality (chemical) products thus ‘monetising’ 
(i.e. adding value to) the unique properties of the raw FT product 

• Power generation to provide electrical plant power along with 
drives for rotating equipment 

It has also been noted that the utilities play a critical role and are so 
integrated in the process that one should be aware of this at all times. 

Synthesis gas may alternatively be generated from solid and liquid 
feedstocks. The processing of these raw materials may then be added to the 
above list. The materials handling and unit operations associated with the 
manufacture of the FT catalysts used also cover a wide spectram of 
technologies. It is apparent that almost every unit operation known to man in 
the fields of chemical or hydrocarbon engineering and materials handling are 
involved. 

3. THE THREE BASIC PROCESS STEPS 

Although the application of FT technology usually involves complex 

integration, it inevitably consists of three basic steps. These are: 

• Synthesis gas preparation 

• FT synthesis 

• Product upgrading 
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3.1 Synthesis gas preparation depends on the feedstock 

Synthesis gas is prepared from a carbonaceous feedstock. The only 
essential requirement is that the feed should contain carbon. The term 
carbonaceous implies the presence of carbon. It is also desirable that the 
feedstock should contain hydrogen since this will increase the efficiency with 
which it can be converted to hydrocarbon products. If the feed is deficient in 
hydrogen, hydrogen is obtained from water and energy is required to split the 
water molecule. 

The most important hydrogen lean feedstock is coal. This is because coal 
is the world’s most abundant fossil fuel resource. The process of converting 
coal (or other hydrogen lean feedstocks) to synthesis gas is known as 
gasification. To make a synthesis gas suitable for FT synthesis, coal is gasified 
with steam and oxygen. There are several types of coal gasification technology 
that may be considered. The selection of the most appropriate technology will 
depend mainly on the particular characteristics of the coal resource. 

If coal is selected as a feedstock, then there will be a large amount of 
waste process heat generated. This process heat can be harnessed for the 
production of electrical power. Currently the direct production of electrical 
power is the most common use for coal. It has been shown that the co¬ 
production of hydrocarbons and electricity offers higher efficiencies than 
individual plants producing these products [4]. 

Coal conversion is much more expensive than natural gas conversion to 
synthesis gas. In recent times reserves of natural gas, be it as such or associated 
with crude oil, have increased and a significant portion of this gas has been 
called ‘stranded’ [1]. In other words it is not viable to transport the gas by 
pipeline to a place where it can be sold. Such stranded gas from remote 
locations is converted into shippable liquids. There are a number of other 
possible shippable products besides FT hydrocarbons. These are ammonia, 
urea, methanol and LNG. The markets for ammonia, urea and methanol are 
small compared to FT liquids and LNG and the economic incentives to produce 
these products are no better. 

Conversion of methanol into hydrocarbon liquids makes no sense now that 
hydrocarbon liquids can be produced directly by FT synthesis at a cost that is 
similar to the methanol production cost. However, production of all the 
abovementioned products at the same remote site makes a lot of sense, provided 
that the gas resource is large enough to support this. With the exception of LNG 
all these products require the production of synthesis gas as a first step. The 
conversion of natural gas to a shippable liquid product via synthesis gas is 
classified as Gas-to-Liquids (GTL) technology. It is this GTL approach that 
holds the most promise for the application of FT technology. 
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The main component of natural gas is methane. The conversion of natural 
gas to synthesis gas is called methane reforming. The use of the term 
‘reforming’ is unfortunate because it is not particularly descriptive and it can be 
confused with the reforming process used to produce petroleum based gasoline. 
Nevertheless, this terminology is entrenched through wide use so it will also be 
used in this book. 

For methane reforming, as with gasification, the feedstock usually reacts 
with steam and oxygen to produce hydrogen, carbon monoxide and carbon 
dioxide. The cleaner nature of the methane feed is conducive to the use of 
catalysts to enhance the conversion process. Much less carbon dioxide is 
produced for reforming than for gasification. The use of oxygen in the 
reforming process is optional. In the absence of internal partial combustion the 
endothermic steam reforming reaction will require an external source of heat. 
Methane reforming involves equilibrium reactions so that total consumption of 
the reactants to produce products is not possible. The exception is oxygen 
which is totally converted when it is used in the methane reforming process. 
Excess steam exiting the reformer is removed by cooling and condensing to 
liquid water. Unconverted methane passes through the FT synthesis step as an 
inert gas and is then either burned as fuel or recycled as feed to the methane 
reformer. 

Carbon dioxide may be removed from the synthesis gas for total or partial 
recycle to the reformer inlet. Preferably, it remains in the synthesis gas fed to 
the FT synthesis step. Carbon dioxide from the FT synthesis step may then be 
partially recycled to the reformer. A number of different process configurations 
have been proposed depending mainly on which methane reforming technology 
and which FT catalyst is selected. 

3.2 FT synthesis depends on the feedstock and the desired products 

Iron catalysts are better suited to use with coal derived synthesis gas 
(syngas) because cobalt catalysts are more expensive and it is difficult to 
prevent coal derived catalyst poisons from reaching the FT catalyst. In the case 
of high temperature coal gasifiers that produce a low H 2 /CO ratio synthesis gas, 
use of iron catalysts in the wax producing low temperature Fischer-Tropsch 
(LTFT) process eliminates the need for an upstream shift reactor to increase the 
hydrogen content in the syngas. Nevertheless, the high temperature Fischer- 
Tropsch (HTFT) process may still be competitive in spite of the need to use an 
upstream shift reactor. This is partly because of the higher light olefin content 
in the HTFT hydrocarbon products that results in increased income from these 
higher value products. It is also partly because it is easier to achieve high 
conversions with a high hydrogen content syngas fed to a FT reactor operating 
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at higher temperatures. However, wifli further processing the LTFT process is 
also capable of providing higher value products such as lubricant base oils and 
detergent feedstocks. If markets can be found for these products in large 
quantities, then the best choice may swing back to the LTFT route. This is even 
more likely if the FT tail gas is used to produce electricity for sale at a high 
price. 

If coal is used as a feedstock, it is likely that lower conversions will be 
tolerated in the FT reactor compared to natural gas applications and that die 
bulk of the FT tail gas will be directed to a gas turbine (operating in combined 
cycle mode with steam turbines) to produce electrical power for export. These 
concepts will be discussed in more detail in Chapter 5. 

If the syngas is derived from the reforming of stranded natural gas then 
high conversion levels to FT hydrocarbon products will be required. This is 
because it is typically not possible to use the remaining reactants for any other 
useful purpose. 

It is generally easy to remove potential FT catalyst poisons from natural 
gas prior to the reforming step. The production of a syngas composition that is 
optimal for either LTFT using cobalt catalyst or HTFT iron catalyst is easily 
achieved without any syngas processing step other than cooling to condense out 
water. It is more expensive to use an LTFT iron catalyst since it is not possible 
to achieve high per pass conversions with this type of FT catalyst resulting in 
the need for expensive recycles or multiple reactor stages. 

As with coal applications, the choice for a natural gas feed is between 
HTFT and LTFT (but now using cobalt catalyst rather than iron). The products 
are very similar for the LTFT iron and cobalt catalysts. 

Four types of FT reactor systems may find commercial application in 
future. These are: 

- HTFT two phase fluidized bed reactors using iron catalysts 

- LTFT three phase slurry reactors using precipitated iron catalysts 

- LTFT three phase slurry reactors using supported cobalt catalysts 

- LTFT tubular fixed bed reactors for special circumstances. 

3.3 Product upgrading involves mainly separation and hydroprocessing 

Chapter 6 discusses the various possible final products that may be 
produced from the primary FT hydrocarbons and describes the upgrading 
processes used to make these products. 

The primary liquid product upgrading will typically start with the removal 
of light hydrocarbons and dissolved gases to make the hydrocarbons suitable for 
atmospheric pressure storage. In other words the vapour pressure is adjusted to 
meet storage specifications. This will allow some buffer capacity between the 
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upstream production and the downstream upgrading processes. Olefins may be 
removed from the straight run liquid products for use as chemical feedstocks. 
This is achieved by means of fractionation and extractive distillation. 



Figure 4 Alpha olefins distillation columns at Secunda 

Olefins may be oligomerised, alkylated or hydroformylated to produce 
special final products or streams that are mixed with the straight run liquids at 
an appropriate point in the process or at the final product blending. It may be 
necessary to remove oxygenated compounds prior to these olefin processing 
options, for example, using liquid-liquid extraction. The remaining material is 
generally converted to paraffins in a hydrogenation step and fractionated into 
naphtha and diesel and optionally a kerosene/jet fuel cut. The naphtha may be 
further upgraded using conventional refining processes to produce gasoline. For 
LTFT processes using cobalt catalyst the olefin content may not be high enough 
to justify olefin extraction or processing and then the upgrading only involves 
hydroprocessing and separation. 







12 



gliTshiUftM 


The mail 
ithout discol 
lay be low ei 


for the hydrogel 
or gum format! 
be suitable for 


m 

T1 

:ct 


s tc 
Tin 
IS a 


)nj 

in 

ier 










13 


this case chemicals may be added to enhance stability during storage. Other 
chemicals may be added to the diesel cut to improve properties such as 
lubricity. 

The hydrogenation step may be combined with other processing steps that 
make use of hydrogen. For example hydro-isomerisation may be used to 
convert straight chain hydrocarbons to branched hydrocarbons. This is done to 
improve the cold flow properties of the diesel cut. The straight run material may 
also be combined with the FT wax and sent to a hydrocracker. The term 
hydroprocessing is then used to include all these possibilities i.e. hydrogenation, 
hydro-isomerisation or hydrocracking. 

The wax product from the LTFT processes may be hydrocracked to 
provide further naphtha, diesel and optionally kerosene/jet fuel. Alternatively, 
special hydroprocessing technologies may be employed to also produce high 
quality lubricant base oils. Vacuum or short path distillation or supercritical 
solvent extraction may be used to separate wax or heavy lubricant base oils into 
the desired fractions or cuts. 

The wax product may also be processed to make speciality wax products 
which may require that the wax is hydrogenated, hydro-isomerised or 
undergoes controlled oxidation. The market for the speciality wax products is 
small compared to the markets for lubricant base oils and very much smaller 
than the market for distillates that are produced by hydrocracking the wax. 

Production of ethylene (ethene) and propylene (propene) is possible and 
the market for the use of these monomers to produce plastics is large. They 
command significantly higher prices than fuels. Butylene (butene) is also a 
useful petrochemical feedstock. These compounds may be recovered directly 
from the vapour product of the FT reactor by cooling to lower than ambient 
temperatures. The associated C 2 to C 4 paraffins may be separated and steam 
cracked to produce additional olefins. C3 together with C4 paraffins may be sold 
as LPG (liquefied petroleum gas) if there is no suitable cracker nearby. Here 
there may be some synergy with the paraffinic C3 and C4 material recovered 
from natural gas prior to the syngas generation step. 

The naphtha cut discussed above may also be converted to light olefins. 
Due to the highly paraffinic nature of the naphtha, the olefin yields are higher 
than for crude oil derived naphtha. The naphtha is easily transported to places 
where existing naphtha crackers are located. 

Oxygenated products are dissolved in the reaction water and are separated 
from the bulk of the water by distillation. The mixed oxygenates can then be 
used as a fuel or separated and processed to produce a wide range of chemical 
products. The scale of the plant generally determines whether the further 
processing is justified. 
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Figure 7 Sasol’s n-propanol has captured 30 percent of the world market 
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In summary, the dominant future product is expected to be a high quality diesel 
motor fuel (also sometimes referred to as a compression ignition engine fuel). 
The primary FT hydrocarbons require hydroprocessing to produce this product. 

There has been a gradual realization that diesel is the most desirable 
transportation fuel and diesel consumption is increasing at a faster rate than 
gasoline consumption. All FT processes are ideally suited for diesel production. 
Wax is easily cracked with a high selectivity to diesel using modem 
hydrocracking catalysts. Olefins in the FT naphtha are easily converted to diesel 
using modem oligomerisation catalysts. These diesel sources are then combined 
with the straight mn diesel range material to produce similar amounts of diesel 
for all variations of the FT process. Thus future FT plants will most likely 
produce diesel fuel rather than gasoline. In addition this diesel fuel is essentially 
sulphur free and is cleaner burning than cmde oil derived diesel. 
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Figure 8 Results from compression ignition (diesel) engine tests carried out by South West 
Research Institute, San Antonio, Texas 
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It has been calculated that the production of the diesel rich product 
spectrum from a GTL plant has a lower greenhouse gas impact than the 
products from a typical oil refinery using the comparison method recommended 
by the ISO 14040 standard. GTL diesel is clearly superior when it comes to the 
local environmental impact at the places where the fuels are used. 

Important secondary products are high quality lubricant base oils and 
olefinic hydrocarbons used in the petrochemical industry. Production of 
lubricant base oils involves fractionation under vacuum and hydro¬ 
isomerisation. Extractive distillation is used to separate the olefins from each 
mixed hydrocarbon cut while absorption or cryogenic technologies are required 
to separate the light hydrocarbons containing valuable light olefins from the FT 
gaseous outlet stream. 

The diesel fuel product may be used as a blend material to enhance the 
properties of crude oil derived diesel. There are also some interesting 
synergistic effects when FT diesel fuel is blended with other non-conventional 
diesel fuels such as biodiesel or diesel derived from the processing of bitumen 
(tar sands). 

4. PATENTS 

Patents are treated in this book as a useful source of information about potential 
technology applications. It is not the purpose of this book to venture into the 
field of patent enforcement beyond the brief discussion in this section. 

The product upgrading step is the least costly part of the three-step overall 
process. It does, however, attract die most attention in the patent literature. This 
may seem surprising since most of the processes used are well known in the 
petroleum refining industry. Some adaptation may be required but this is 
generally easy and well within the knowledge of the skilled person. In fact, the 
FT derived hydrocarbons are cleaner and simpler than crude oil derived 
hydrocarbons. The reason for this patent activity is that it is easier to enforce 
patents that relate to final products or the direct products of a patented process. 
This may be done by preventing the import and sale of the relevant products in 
countries where the patents are in force. 

Patents relating to the FT synthesis step and FT catalysts are discussed in 
Chapters 2 and 7. Process and process integration patents can only be enforced 
in the countries where the patents have been filed and in which the processes 
(plants) are situated, unless they relate to a specific apparatus, in which case 
they may be enforced at the place where the apparatus is manufactured. FT 
catalyst patents can be enforced both where the catalysts are made and where 
they are used. Direct products from catalyst and process patents are protected. 
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The product and product upgrading process patents, on the other hand, are not 
discussed in any detail since they have little to offer in terms of understanding 
or advancing the application of FT technology. However, those intending to 
apply FT technology to produce new or speciality products will need to be 
familiar with the patent landscape in this field. 


DEUTSCHES REICH 


URKUNDE 

UBER DIE ERTEILUNG DES PATENTS 


fur die in der angefugten Patentsclinft dargcstdite Erfindung ist in dem gesetz- 
lich vorgeachriebenen Verfahren 

den Dr. rrnns Fiaober und Dr.- Jng. Hana Tropach in 
vulhela, Ruhr 

ein Patent erteitt worden, wdches in der Rnlle die nben angegebene Nummer 
erbahen hat 

Das Patent fuhrt die Bezeichnung 

Verfahren tor Oewlnnung aehrgliadrlgar FaraffInkohlen- 
waaaeretoffe aos Kohlenoxydan und Waaaeretoff auf kata- 
lytleohea lege 

und hat angcfangm am 22. Jull 1925. 

REICHSPATENTAMT 





Die Patentgebuhr wird in jcdem Jahre fSllig am 22. Jull. 


Figure 9 Patent granted to Fischer and Tropsch 
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It has also been necessary to restrict the discussion of patents relating to 
FT catalysts to only those that may be of commercial significance due to the 
large number of patents in this field. Some aspects of FT technology are kept as 
proprietary trade secrets so that a discussion of these aspects is not possible. 

5. CATALYSTS 

This book is confined to known catalysts of commercial significance of which 
there are three broad classes. These are: 

• fused iron catalysts and 

• precipitated iron catalysts, 

• supported cobalt catalysts. 

Each class of catalyst has an appropriate application. The techniques used to 
prepare these catalysts are discussed in Chapter 7. 

Each of these catalyst types has scope for further improvement to decrease 
undesirable characteristics. These undesirable characteristics are often 
associated with catalyst changes that take place under synthesis conditions. An 
understanding of these changes is therefore important for attempts to enhance 
catalyst performance, so these changes are discussed in some depth in Chapter 
7. Other improvements will relate to increasing catalyst activity, enhancing 
selectivity to desired products and inhibiting the formation of unwanted 
products, specifically methane. Catalyst development remains an area of 
ongoing research and there is still scope for further improvements. The 
preparation and characterisation of FT catalysts and their evaluation in 
laboratory reactors are topics that should be considered for future publications. 

5.1 Fused iron catalysts 

For the fused iron catalysts, alkali promotion is used to enhance catalyst 
activity and selectivity. In addition, structural promoters may be used to 
enhance the surface area of the final catalyst. These promoters are added into a 
molten bafli of magnetite. The magnetite is then cooled to form a solid that is 
converted into a fine powder for use in fluidized bed reactors. The magnetite 
powder is first reduced with hydrogen to form the metallic catalyst before being 
loaded into the synthesis reactor. 

In the synthesis reactor the core of the larger particles tends to revert to 
iron oxide (magnetite) and iron carbides are formed through the remainder of 
the catalyst. Free carbon tends to accumulate at grain boundaries particularly 
where promoter rich inclusions are foimd. This causes the catalyst particles to 
swell and break after some time under synthesis conditions. Periodic used 
catalyst partial unloading and reloading of fresh catalyst on-line is used. This 
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keeps the catalyst physical properties and synthesis performance within desired 
ranges. 

High alkali levels are desirable to decrease methane selectivity. There is a 
practical lower limit for the methane selectivity that can be achieved without 
causing operational problems in the fluidized bed reactors due to the formation 
of heavy hydrocarbons in the liquid phase. Other undesirable consequences 
associated with increased alkali content are an increased rate of carbon 
formation in the catalyst and increased levels of organic acids in the 
hydrocarbon products. High carbon formation rates result in increased catalyst 
consumption. Organic acids may cause corrosion problems and/or may be 
problematic in downstream refining operations. The lowest selectivity to 
methane achieved with the best catalysts is about 7% of the carbon iti the 
hydrocarbon products. 

The liquid products are highly olefinic. This makes fused iron the most 
desirable catalyst for the production of olefins for use in the petrochemical 
industry. Secondary reactions occur in which the light olefins, particularly 
ethylene, are hydrogenated and also converted to higher hydrocarbons. 
Promoter interventions may be desired to enhance the light olefin content by 
inhibiting these secondary reactions. Other promoter interventions may be 
aimed at decreasing the rate of carbon formation and/or organic acid formation. 
A more uniform distribution of promoters may also assist to achieve these 
objectives. 

5.2 Precipitated iron catalysts 

In order to further decrease the undesirable methane selectivity FT 
reactors containing hydrocarbons in the liquid phase can be used. The best 
catalysts can achieve methane selectivities as low as 3% of the carbon in the 
hydrocarbon products. This requires operation at lower temperatures than those 
used for the fused iron catalysts discussed above. In order to compensate for the 
decreased reaction rates at the lower operating temperature, higher catalyst 
surface areas are required. An inevitable consequence of these higher surface 
areas is weaker catalyst particles. Hence stmctural promoters and procedures 
applied in the catalyst preparation process to enhance catalyst strength are 
important issues. 

The raw material requires to prepare these catalysts is usually iron metal 
which is more costly than the iron oxide used to prepare the fused iron catalysts. 
The metal is dissolved into an aqueous acidic solution (e.g. nitric acid) and 
promoters are added in the desired quantities. As for fused iron catalysts, alkali 
promotion is important. Copper is also typically added to enhance the reduction 
of iron oxide to in a subsequent catalyst reduction/conditioning step. 
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The catalyst is then precipitated from the acidic solution by the addition of 
a basic solution, for example, a solution containing sodium carbonate or 
ammonia. The precipitate is then filtered, washed, dried and formed into the 
shape required for use in the FT reactor. Extrusion techniques are typically used 
to provide the catalyst shapes used in fixed bed reactors. In the case of a slurry 
phase reactor application the drying and shaping steps typically occur 
simultaneously by making use of a spray drier to produce the catalyst powder. 
This powder should then be heat treated to improve the mechanical strength. 
Further catalyst treatment may take place in the FT reactor and/or in a separate 
reduction or conditioning reactor to produce a stable catalyst consisting of 
carbided iron. 

The choice and level of promoters are important in producing a catalyst 
with a low selectivity to methane and a high selectivity to heavy hydrocarbon 
products with the desired olefin and oxygenate content in the products. Too 
high promoter levels have a negative effect on catalyst activity so an optimum 
level is sought. There are a great number of variables in the catalyst preparation 
procedure that influence the catalyst activity and the catalyst strength. 

5.3 Supported cobalt catalysts 

Modem cobalt catalysts are prepared by depositing the cobalt on a pre¬ 
shaped refractory oxide support. Typical support materials are silica, alumina, 
titania or zinc oxide or combinations of fliese oxides. The support would 
typically be prepared using a spray drier to provide the desired particle sizes for 
use in a slurry phase reactor. This might be followed by a classification step to 
refine the size distribution. Extrusion techniques will typically be used to shape 
the support for fixed bed applications. 

The shaped support is heat treated to improve the mechanical strength. 
The control of the pore size in the support is an important factor in determining 
the amount of cobalt that can be placed on the support and the subsequent 
catalyst performance. Cobalt is then impregnated onto the support together with 
promoter metals such as lanthanum, platinum, palladium, rhenium and 
rathenium. These metals are known to enhance the subsequent reduction step 
that provides cobalt metal on the catalyst surface. Zirconium has been reported 
to be beneficial for cobalt supported on silica. Metals such as lanthanum, 
mthenium and rhenium have been reported to be effective to facilitate catalyst 
re-reduction. It appears, however, that promoters are not essential to produce a 
good supported cobalt catalyst but that effective reduction to metallic cobalt and 
the support geometry are important issues. The impregnated support is dried 
and then reduced using hydrogen at high temperatures. 
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The distribution of the cobalt crystallite size on the support is known to be 
important. Various methods have been described to control the cobalt crystallite 
size during the catalyst preparation procedure. Various support modification 
techniques may be necessary to improve catalyst stability under commercial 
reactor operating conditions. 

Interestingly, supported cobalt catalysts can be classified as the oldest and 
the most modem commercial catalysts. The first commercial reactors used 
cobalt promoted with thoria and supported on kieselguhr. The modem catalysts 
are much more active as a result of improved understanding of the importance 
of the support geometry; the distribution of the cobalt on the support and 
enhanced cobalt reduction techniques. 

Various different approaches have been adopted for modem reactor design 
using supported cobalt catalysts. When larger particles are used, for example in 
fixed bed reactors, it may be beneficial to only deposit the cobalt in a thin layer 
on the outside of the catalyst support. In this way significant intra-particle 
temperature and concentration gradients can be avoided. Continuous catalyst 
rejuvenation (or regeneration) is not possible with the fixed bed reactor design 
so catalysts are always designed for long term stability with this type of reactor. 
Continuous catalyst rejuvenation is sometimes proposed for slurry phase 
reactors. This is achieved by contacting the catalyst with hydrogen at an 
elevated temperature. In this way cobalt that has been oxidized under synthesis 
conditions is converted back to the metal. Heavy hydrocarbons that may foul 
the catalyst are simultaneously removed. This approach allows very small 
cobalt crystallite sizes to be used resulting in a very active catalyst. However, 
the first commercial slurry phase reactors using supported cobalt catalyst have 
been designed for a somewhat lower, but stable, catalyst activity. 

The hydrocarbon products from supported cobalt catalysts comprise 
predominantly paraffins in contrast with the iron catalysts that usually produce 
olefins as the predominant product. With small catalyst particle sizes and CO 
rich synthesis gas, the olefin content in the product from supported cobalt 
catalysts in slurry phase reactors may be high enough to justify the use of the 
olefins for chemical applications. The primary hydrocarbon products are also 
highly linear. Compared to the LTFT precipitated iron catalyst the methane 
selectivity is higher and the selectivity to oxygenated hydrocarbons in the 
aqueous phase is lower. The best cobalt catalysts have a carbon selectivity to 
methane of about 5%. 

An important characteristic for the best cobalt catalysts for natural gas 
applications is the absence of water gas shift activity so that significant amounts 
of carbon dioxide are not produced in the FT reactor. This advantage is only 
applicable to a comparison with the LTFT precipitated iron catalysts. For the 
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HTFT fused iron catalysts carbon dioxide can be consumed by the reverse 
water gas shift reaction, due to the higher operating temperature, which is 
advantageous. This characteristic allows fused iron catalysts to compete with 
cobalt catalysts for natural gas applications. 

Cobalt catalysts are not suitable for coal applications due to the risk of 
catalyst poisoning from various impurities that are usually present in coal. 
These impurities are difficult to remove to the required low levels. The syngas 
compositions obtained from coal gasification are in any case generally 
considered to be better suited for processing by iron catalysts. 

6. FISCHER-TROPSCH REACTORS 

The different possible types of FT reactor are described in Chapter 2 along with 
some history associated with the development of these reactors. Sufficient 
information is given in Chapter 2 to understand their commercial application in 
an integrated plant which is discussed in Chapter 5. 

After obtaining an appreciation for their commercial application, a more 
detailed understanding of the behaviour of the catalyst in the reactor from 
Chapter 7 will complete the knowledge needed to understand reactor design and 
modelling. 

There have been some academic comparisons between the different types 
of reactor but these may sometimes be misleading. The reason is that there have 
been important modifications made to the initial simple reactor designs that 
considerably enhance their performance. These modifications may be 
proprietary to individual companies. The proprietary catalysts used by various 
companies are also not necessarily equivalent. The use of shaped catalysts that 
reduce pressure drop in fixed bed reactors and the use of liquid rather than gas 
recycle to control the heat release in these reactors are examples of relatively 
recent improvements. 

Fluid bed reactors have an inherent advantage with higher heat transfer 
coefficients which is important due to the large amomits of heat that must be 
removed from the FT reactors to control their temperature. Fluid bed (also 
called fluidized bed) reactors may be two-phase (gas-catalyst) or three-phase 
(gas with catalyst suspended in a hydrocarbon liquid slurry). The three phase 
reactor is also known as a slurry phase reactor. It has been calculated that the 
heat transfer co-efficient for the cooling surfaces in a slurry phase reactor are 
five times higher than those for fixed bed reactors [2, 5, 6]. The magnitude of 
the heat transfer coefficient for a two phase fluidized bed reactor is similar to 
that for a slurry phase reactor. Until recently, there was a prejudice against 
running these fluid bed reactors at high velocities. A fluid bed reactor operating 
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Figure 10 The first truly commercial slurry phase reactor in Sasolburg shown at night. 
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with an inactive catalyst and a low gas velocity may cost more than an 
optimised fixed bed reactor with an active catalyst. However, the largest 
capacity proposed to date for a fixed bed reactor would produce about 8 000 
barrels per day of product while fluid bed reactors producing 20 000 bbl/d are 
in commercial operation. This is an important advantage for large scale 
applications. 



Figure 11 Model for the first SAS reactor (left) at Secunda replacing the CFB Synthol reactor 
to the right 

It should also be remembered that the FT reactor itself is not a dominant 
cost component in the overall plant cost so the way in which it integrates into 
the process may be more important than the simple cost of the reactor vessel. 
The avoidance of excessive gas recycles is important. 

It is not the purpose of this book to compare reactor technologies but 
rather to equip people, as far as possible, to prepare their own designs and draw 
their own conclusions. 
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Figure 12 Transport of one of the reactor sections to Secunda for the construction of a 10.7m 
diameter SAS reactor 


7. HISTORICAL BACKGROUND 
7.1 German roots for LTFT 

Franz Fischer and Hans Tropsch were two chemists working at the Kaiser 
Wilhelm Institute for Coal Research in Mulheim, Ruhr. The institute was 
created in 1913, but the work on which Fischer and Tropsch were jointly 
engaged started producing results only in the 1920’s. Their aim was to produce 
hydrocarbon molecules from which fuels and chemicals could be made, using 
coal-derived gas. 

The first industrial FT reactor was the Ruhrchemie atmospheric fixed bed 
reactor (1935). It consisted of a box which was divided into sections by vertical 
metal sheets, the catalyst being loaded between sheets and tubes [1, 7]. They 
already used the best approach for heat removal from a FT reactor; the water 
cooling medium is kept at a controlled pressure and is converted to steam at a 
uniform temperature that corresponds to the boiling point of water at the 
prevailing pressure. 
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Figure 13 A meeting at the Kaiser Wilhelm Institute 

Fischer and Pichler [1, 8] then developed the ‘cobalt medium pressure 
synthesis’ with the main products being middle distillates and wax. This was 
the most important technology used in Germany during the World War II. 

Ruhrchemie AG, a company founded by Ruhr coal industrialists, 
envisioned the FT synthesis as an outlet for its surplus coke, and upon acquiring 
the patent rights to the synthesis in 1934, constructed a pilot plant in 
Oberhausen-Holten (Sterkrade-Holten) near Essen. After initial problems 
Oberhausen-Holten subsequently became the production centre for a 
standardized cobalt catalyst used in all the FT plants constructed later in the 
1930’s. The successful pilot plant research and development at Oberhausen- 
Holten was a major turning point in the FT synthesis [9]. 

By November 1935, less than three years after Germany’s Nazi 
government came to power and initiated a push for petroleum independence, 
four commercial size Ruhrchemie licensed FT plants were under construction. 
Their total annual capacity was 100 000 - 120 000 metric tons (724 000 - 868 
000 barrels) of motor gasoline, diesel fuel, lubricating oil and other petroleum 
chemicals. The motor vehicle products comprised 72% of the total. Other 
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chemical products included alcohols, aldehydes, soft waxes (which when 
oxidized gave fatty acids used to produce soap and margarine), and heavy oil 
for conversion to a detergent known as Mersol [9]. 



Figure 14 Franz Fischer in his laboratory 

All the plants were atmospheric pressure or medium pressure (5-15 
atmospheres) syntheses at 180 - 200 °C, and used synthesis gas produced by 
reacting coke with steam in a water gas reaction and adjusting the proportion of 
carbon monoxide and hydrogen, using a cobalt catalyst (100 Co, 5 Th02, 8 
MgO, 200 kieselguhr) that Ruhrchemie chemist Otto Roelen developed in 1933 
- 38. This catalyst became the standard FT catalyst in Germany [9]. 

In addition to the nine Fischer-Tropsch plants built in Germany, there was 
one in France, one in Manchuria and two in Japan. 

The ‘iron medium pressure synthesis’ was also invented by Fischer and 
Pichler [1, 10], commercialised by the Ruhrchemie and Lurgi companies 
(ARGE process) and established at SasoF^ in Sasolburg, South Africa in 1955. 
Similar technology, using modem supported cobalt catalyst and advanced fixed 
bed reactor design features, is used by Shell at a commercial GTL facility in 
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Bintulu, Malaysia which started up in 1993. This technology is soon to be the 
basis for a much larger Shell plant in Qatar. 

These are all examples of what is now termed low temperature Fischer- 
Tropsch (LTFT) technology. 



Figure 15 Hans Tropsch 


7.2 American roots for HTFT 

A two phase fluidized bed reactor using a fused iron catalyst operating at 
higher temperatures (now classified as FITFT) was developed by Hydrocarbon 
Research [1, 11, 12] and named the ‘HydrocoF process. A large scale Hydrocol 
plant operated during the years 1951-1957 in Brownsville, Texas. 

It has been known for some time that natural gas is a better feed than coal 
for the production of hydrocarbon liquids. See, for example, a 1946 publication 
by R.C. Alden, director of research, Phillips Petroleum [13]. At that time two 
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American companies had announced their intentions to construct plants 
producing gasoline from natural gas. It seems that only the Hydrocol plant at 
Brownsville was eventually constmcted. The Alden publication also pointed out 
the importance of economy of scale for successful GTL applications. So the use 
of HTFT fluidized bed technology for GTL processes has its roots in the USA. 
However, due to the fact that abundant crude oil was available and natural gas 
was close to markets where it could be sold at high prices, GTL applications 
were not economically viable in the USA. HTFT does form the basis for the 
world’s largest GTL plant currently in operation in Mossel Bay, South Africa, 
producing gasoline, diesel, LPG and some oxygenated hydrocarbon products. 
This plant was fully commissioned and running at capacity in 1993. HTFT has 
yet to find widespread application outside South Africa. 

In order to solve the perceived problems with the Hydrocol process, M W 
Kellogg developed the circulating fluidized bed (CFB) reactor for application 
by Sasol™ in 1955. Sasol applied this technology with a coal feed that was 
cheap and abundant in South Africa and located inland, far from any source of 
crude oil. Due to the initial problems with the CFB reactor the technology, the 
license was transferred to Sasol. The problems were eventually solved and the 
process was renamed as the ‘Synthol’ process. The mixture of hydrocarbons 
and oxygenated compounds obtained by Fischer and Tropsch in their early 
work was also given the name ‘Synthol’ as was a process proposed by an 
American company in the 1940’s [14]. When Synthol is referred to in this book 
it means the Sasol Synthol™ process. 

7.3 Modern commercial applications 

The CFB Synthol reactors were used for the world’s largest FT application 
by Sasol in Secunda, South Africa. Sasol subsequently replaced these reactors 
with more conventional fluidized bed reactors called ‘Sasol Advanced Synthol’ 
(SAS) reactors that are currently operating in Secunda. The performance of 
these reactors is far superior to the Hydrocol fluidized bed reactors. The largest 
version of the SAS reactor has a capacity of 20 000 barrels per day. The 
Secunda site has four of these reactors and another five reactors, each with a 
capacity of 11 000 barrels/day. Three CFB reactors still operate at the GTL 
facility in Mossel Bay, South Africa. 
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Figure 16 Even allowing for perspective, the goose-necked CFB Synthol reactors are clearly 
far larger than the SAS reactors seen on the left. Also the capacity of the SAS reactor on the 
extreme left is more than the combined capacity of the two CFB reactors seen on the right. 

South Africa missed the opportunity to apply conventional fluidized bed 
HTFT reactors on three separate occasions. Firstly, the decision to use the M W 
Kellogg CFB reactors rather than the fluidized bed approach was taken in July 
1950 shortly before the Hydrocol plant was operated. Secondly, when the 
Secunda plant design was initiated the appointed engineering contractor for the 
FT unit (Badger Engineers Inc.) proposed the use of the conventional fluidized 
bed approach but this was considered too risky given the tight project schedule 
and the massive capital investment. Thirdly, the decision to proceed with the 
Mossel Bay GTE project was taken a matter of months before the start-up of the 
first fluidized bed SAS reactor in Sasolburg in May 1989. The new technology 
was rightly considered by Sasol to not be sufficiently proven to licence at that 
time. 

Opportunities to use a fluidized bed system, in the form of a slurry phase 
reactor, were also missed for the LTFT technology. A demonstration scale 
slurry phase reactor was operated in Germany in 1953, after the Sasolburg plant 
design had commenced. Secondly, Shell decided that it was too risky to use a 
slurry phase reactor for their Bintulu plant in spite of obtaining the intellectual 
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property rights for a slurry phase system using cobalt catalyst that was patented 
by Gulf Oil in 1985. 

1993 was an interesting year since it saw the commissioning of the Shell 
Bintulu GTL plant, the Mossel Bay GTL plant and the first truly commercial 
scale slurry phase reactor in Sasolburg 

For the period from the mid 1950’s to 1993 when the Shell plant was 
commissioned, the history of Fischer-Tropsch technology is synonymous with 
the history of Sasol. Much of Sasol’s history is captured in a book by Johannes 
Meintjies [15] that mainly covers the period from 1950 to 1975. The Sasol 
pioneers searched worldwide and found the most advanced FT technology 
available at that time and Sasol produced the first FT products using both HTFT 
and LTFT iron catalyst technology in 1955. 

7.3.1 Brief Sasol™ history 

In the early 1930’s a South African mining company, Anglovaal, in co¬ 
operation with the British Burmah Company, decided to establish a company to 
be called Satmar (short for The South African Torbanite Mining and Refining 
company). Their main objective was to mine and process oil-shale from the 
Ermelo district. The people assoviated with this development were A S Hersov 
and S G Menell on the Anglovaal side and A P Faickney on the British side. 
They lost no time in acquiring the right to use the Fischer-Tropsch process 
developed in Germany. One of Satmar’s first employees was a young chemical 
engineer, J W (Johnny) van der Merwe. Later van der Merwe was in large 
measure responsible for the passing of the South African Liquid Fuel and Oil 
Act of 1947, and that same year went overseas to study the oil-from-coal 
industry for the South African government. He joined Sasol in December 1950, 
thus being one of the Sasol pioneers and eventually became joint general 
manager of Sasol. 

In 1936 Dr H J van Eck, the later famous South African industrialist, 
became the consulting chemical engineer of Anglovaal. The main challenge for 
him was the possibility of an oil-from-coal industry being established in South 
Africa. In 1938 Van Eck appointed Etienne Rousseau as a research engineer. 
Rousseau was later regarded as the ‘father’ of Sasol. The wheels had begun to 
turn and Dr Frans Fischer himself visited South Africa. A German-American 
consortium already existed to develop the FT process further but as another 
world war was threatening, this co-operation ended and in 1937 fuel prices 
declined and the South African venture was temporarily halted. 
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Figure 17 Etienne Rousseau 

In 1940 Van Eck left Anglovaal to become managing director of the South 
African Industrial Development Corporation (IDC), and in 1941 Rousseau left 
Satmar. Andrew Faickney encouraged by Hersov and Menell, and assisted by 
Frank Melville and John Beaumont ‘carried the torch’ as Rousseau once 
remarked. Menell, Melvill and Beaumont spent a considerable time in the USA 
during the war. The US Government was still very interested in starting an oil- 
fi'om-coal venture. 

In April 1950 Van Eck, as chairman of the IDC and on behalf of the South 
African government, went to New York to determine the status of the 
technology and to see whether finance would be available. On 25 May 1950, 
S G Menell of Anglovaal proposed to F J du Toit that an interim or action 
committee be formed with members representing both the government and 
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Anglovaal. To this committee Anglovaal would transfer all rights accruing from 
the licence agreements and all coal rights. On the same day Etienne Rouseau 
was thinking of a name for the project and suggested South African Synthetic 
Oil Limited (Suid-Afrikaanse Sintetese Olie Beperk) which could be shortened 
to SASOL. Someone objected to the word ‘synthetic’. A ‘Gallup poll’ in the 
Greenside and Linden area of Johannesburg found that while people liked the 
short name ‘Sasol’, they too felt that ‘synthetic’ should be excluded from the 
long name. Thus the long name later became the South African Coal, Oil and 
Gas Corporation (Suid-Afrikaanse Steenkool, Olie en Gas). 

The ‘Interim Committee’ was officially appointed on 2 June 1950, and its 
members were L J du Toit (chairman) Dr H J van Eck and Dr M S Louw 
(representing the IDC), S G Menell and A P Faickney (representing Anglovaal) 
and P E Rousseau (executive member). Its terms of reference were to consider 
the state of technical development of all aspects of the synthetic oil industry and 
generally to establish this new industry. 



Figure 18 Sasol’s first board of directors and the Zevenfontein farm house that served as 
Sasol’s first offices. Back row from left to right: de Villiers, Rousseau and Louw. Front row 
from left to right; Faikney, du Toit and van Eck. 
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Van Eck, Faikney and Rousseau visited America and agreed that the 
Kellogg process was the best that America could offer and on 14 July they 
obtained confirmation from the M W Kellogg Corporation that they were 
prepared to negotiate the licensing of its know-how and patents and to assist in 
the design and erection of the plant. 

On their way back Rousseau told his colleagues, while at a hotel in 
London, to wait there while he went to look at what the Germans were doing. 
This was South Africa’s the first contact with Ruhrchemie since the outbreak of 
war. The men were impressed with the German approach. Following them 
home was a letter with an offer by Ruhrchemie Aktiengesellschaft, Oberhausen- 
Holten, and Lurgi Gesellschaft fur Warmetecknik GmbH, Frankfurt-am-Main, 
through an Arbeitsgemeinschaft (promptly abbreviated to ‘Arge’ at Sasol). The 
offer was for the designs and rights to operate plants for their Fischer-Tropsch 
process and the production of synthesis gas from coal. 

The Interim Committee then recommended that a Government-sponsored 
company be formed and that a plant be erected immediately. On 26 September 
1950 the South African Coal, Oil Gas and Gas Corporation Ltd., already called 
Sasol, became a fact as a public company. P E Rousseau was managing director 
and the members of the provisional directorate were F J du Toit (chairman), H J 
van Eck, A P Faickney and M S Louw. Staff appointments were A H Stander 
asassistant to Rousseau; A Brink, construction engineer; M W Neale-May and J 
W van der Merwe, chemical engineers; and D P de Villiers, company secretary. 

That November, Rousseau, de Villiers and a patent attorney. Dr Hahn, 
who had had a pre-war connection with Fischer-Tropsch, went to Germany to 
negotiate various details of the Arge process, including license fees and terms 
for engineering services. 

Of the five offers received from firms which had been invited to submit 
suitable proposals for the erection of a plant, three could be eliminated 
immediately and only Kellogg’s and Arge’s received further consideration. 

In January 1951 Kellogg sent several top executives and Arge sent two 
men (Tramm and Herbert) to discuss their respective proposals. The Sasol team 
initially decided that, in view of the fact that the Kellogg proposal was much 
cheaper, they should favour Kellogg. However, as German experience and 
certain aspects of their process were attractive, they finally decided to adopt 
both processes. The plant would be two thirds American and one third German. 
The American engineers would be responsible for co-ordination and 
construction. The basic idea was now to combine the two processes. At first it 
was thought that they should work in parallel with combined services and 
utilities but the Americans and Germans came to agree that the two processes 
could be integrated and this turned out to be a very happy decision. 
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Members of the Construction Committee were Rousseau (chairman), 
Neale-May, Brink, van der Merwe, de Villiers and Stander (secretary). With 
great enthusiasm and the most meticulous eye for detail, this team and those 
who advised them began to bring Sasol to life. 

The first main unit of the Sasol works to be started up was the power 
station, where the first boiler was fired on oil on 15 June 1954. Once coal was 
brought to the surface, the power station boilers were switched to coal and in 
the second half of 1954 the oxygen plant start-up commenced. When Etienne 
Rousseau fired the first boiler of the power station the first puff of smoke from 
the chimney was watched with interest by South Africans, Americans, Belgians, 
Swiss, Germans, Netherlanders and Danes as this was truly a multinational 
technical effort. 

Historically, 1954 was one of the most important years for Sasol. The first 
coal was produced, the first smoke rose from the chimney stacks, the first 
oxygen was produced and the purple/blue flare was seen at the gasification 
plant as the first gasification test runs were conducted in November 1954. At 
that time SasoTs works manager was William Neale-May. On 23 August 1955 
the first synthesis reaction was obtained in the Synthol plant and on 26 
September the Arge synthesis was started. 

The synthetic fuels and chemicals plant consisted of the following main 
sections: a steam and power generation plant, the oxygen plant, the gas 
generating plant, the gas cleaning plant (Rectisol), the Synthol plant, refining 
and work-up plants, the Arge synthesis plant with its product recovery and 
work-up plants, a gas reforming unit, a tar acids recovery plant, a tank farm and 
despatch installations and utility and auxiliary installations. A number of first- 
of-kind technologies were involved. The gas reforming unit was an early 
example of an open flame catalytic autothermal reformer. Sasolites were able to 
use their own petrol (gasoline) from 1 November 1955. 

Thus was the beginning of Sasol in outline. On its creation, Minister Eric 
Louw made a point of expressing the sincere appreciation of the Government 
for the valuable contribution made by Anglovaal in bringing this national 
project to the stage of development where it could be taken over as a company 
sponsored by the South African government. 

Dr Van Eck once remarked that South Africa had been extraordinary 
successful in the industrial field because those involved in the new ventures did 
not always know all the snags. 

‘Had Sasol been in any other country,’ Dr Rousseau observed, .1 mean 
in a heavily industrialised country, people would certainly have walked off for 
other jobs. They would not have seen the thing through. But we virtually had a 
captive senior staff, and they had to see it through... When 1 walked through 
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the works-office on a Friday afternoon , quarter to seven, the men were still 
there. It went on for years that they were at the factory every day, Saturdays and 
Sundays as well. I recall Neale-May and John Carr and Johnny van der Merwe 
coming to see me at half-past five one afternoon, having had three failures in 
getting a unit to work that day, and John saying to me, Etienne, do you think 
we’re any good?” What a battle it was!’ Much of the later technology 
development required similar dedication. 



Figure 19 Sasolburg taking shape in 1953 

The Sasolburg facility would undergo many changes over the subsequent 
years. Today it produces only chemicals based on LTFT iron catalyst 
technology together with various gasification by-products and a world scale 
ammonia plant using hydrogen derived from the FT tail gas. Ammonia capacity 
was first added in 1963 using nitrogen that was being vented to atmosphere 
from the air separation unit and hydrogen extracted from the syngas. The period 
1960-63 saw many changes in the growing Sasol. The nearby Fisons fertiliser 
factory was in production. Units were constructed to produce butadiene and 
styrene, the raw materials to be supplied to the Synthetic Rubber Company. 

Then later a naphtha cracking plant was built to supply ethylene to AECI 
for the manufacture of plastics. AECI also purchased methane and ammonia for 
the production of cyanide for sale to the gold mining industry. There was also 
the chemical manufacturing firm, Kolchem, established jointly by Sasol and 
National Chemical Products (NCP). 

In 1962 a major decision was taken to pursue further development of 
chemicals rather than increase production of liquid fuels. At that time abundant 
crude oil was available but there was a fast growing demand for feedstocks for 
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South Africa’s secondary chemical industry. The petrochemical industry and 
the provision of synthetic rubber and fertiliser were considered to be 
strategically important. 



Figure 20 The Sasolburg factory in recent times devoted wholly to chemicals production 

An important new source of clean energy in the region was then provided 
in the form of pipeline gas. Town gas was fed into a high pressure pipeline and 
routed through the industrial heartland of the Vaal Triangle, Johannesburg and 
the East Rand. A separate company, known as Gascor, was formed in 1964 to 
sell the gas. 

By 1975 Sasol was producing a wide range of products: petrol, diesel, 
kerosenes, light and heavy furnace oils, aviation turbine fuel, liquefied 
petroleum gas (LPG), bitumen, sulphur, industrial pipeline gas, ethylene, 
propylene, butadiene, styrene, methane/ethane, liquid and gaseous nitrogen, 
liquid oxygen, argon, carbon dioxide, olefins for biodegradable detergent 
manufacture, paraffin waxes, including high congealing-point waxes, oxidised 
waxes, waxy oils, ethanol, proponol, butyl and amyl alcohols, acetone, methyl- 
ethyl-ketone (MEK),aromatic/aliphatic solvents, creosote, road tar prime, coal 
tar pitch, tar acids, anhydrous ammonia, ammonium sulphte, nitric acid, 
limestone ammonium nitrate, ammonium nitrate solution and sodium nitrate. 
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As scientific advisor to Sasol, Prof. Helmut Pichler visited Sasolburg 
regularly from 1957 until a few years before his death in 1974. He was regarded 
as a Sasolite to such an extent that he was to receive Sasol’s long service award 
- a golden tie pin - after he had been its consultant for ten years. Prof. Pichler 
was widely recognised as an expert in the field of petroleum-from-coal and had 
some 180 papers published on basic chemistry and chemical technology. His 
work had led to the successful application of the so-called medium-pressure 
synthesis, and he had done much of his research in collaboration with Dr Frans 
Fischer. Sasolites felt that they were using the Fischer-Pichler process rather 
than Fischer-Tropsch. In addition to several honorary awards conferred upon 
him in Germany, he was awarded an honorary doctor’s degree by the University 
of Potchefstroom in South Africa in 1970. 

The dream of the founders of Sasol, that a vast industrial complex would 
rise beside the oil from coal plant became a fact as time went by. The Fisons 
factory was commissioned in 1958 in order to make use of SasoFs ammonium 
sulphate. From 1964 they also used ammonia, ammonium nitrate and limestone 
ammonium nitrate. A second company arrived and later merged with Fisons to 
form the company known today as Fedmis and they were later joined by yet 
another fertiliser company. Omnia. AECI erected plants to produce chemicals 
and plastics from coal and raw materials provided by Sasol. The plastic making 
operation was taken over by Sasol many years later when the feed could be 
supplemented on a large scale witir raw material from Secunda. Safripol 
manufactured high-density polyethylene and polypropylene. The Synthetic 
Latex Company and Orchem were established to serve the rubber industry. 
Karbochem operated an alkylate factory, producing raw materials for synthetic 
detergents, as well as plants producing carbon bisulphide and flotation agents 
for the mining industry. The Natref refinery was commissioned in 1971 and 
processed crude oil piped to Sasolburg from the coast. This then supplemented 
the synthetic fuels for the inland market. 

Dr Adriaan Hendrikus (At) Stander was the first Sasol person appointed 
by Rousseau. As manager of research and development for several years he 
became a key figure in the Sasol organisation and was eventually given the 
responsibility for die establishment of the second oil-from-coal plant. 

From 1970 a series of events on the international oil front showed signs of 
an impending crisis which was precipitated by the outbreak of the Yom Kippur 
War in October 1973. In 1971 Sasol reported that oil-from-coal had benefited 
from world-wide increases in the prices of petroleum products, but warned 
against undue optimism. In 1972 they sounded more hopeful. In 1973 they 
reported that in spite of a material improvement owing to sharp oil price 
increases and promising developments in the gasifier design, it would be 
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unwise to erect a new oil-from-coal plant. In 1974 they disclosed that at the 
Government’s request they had made a detailed study of the technical and 
financial implications of the establishment of a second oil-from-coal plant. On 5 
December 1974 the Minister of Economic Affairs announced that the Cabinet 
had decided that a second Sasol plant must be built without delay to produce 
more than ten times the amount of fuel and petroleum products than the existing 
plant. It was based on the coal fields of the Eastern Transvaal Highveld, where 
Sasol had over the years acquired coal rights. No sooner was the second Sasol 
plant up and running when it was decided to duplicate it with a third plant of the 
same design next door at the new town named Secunda. Thus the world’s single 
largest industrial facility was created while Dr Joe Stegmann was SasoTs 
managing director. 



Figure 21 Map showing the locations of Sasolburg and Secunda 
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Figure 22 Secunda’s second factory (Sasol Three, now Synfuels east) under construction 

Doug Malan was given the responsibility to commission the Secunda 
plants and these plants came on-stream on schedule since mostly proven 
technology had been used. Nevertheless the commissioning of these enormous 
and complex plants was a major achievement. Doug Malan later also assisted 
with the commissioning of the Mossel Bay GTL plant as Sasol’s senior 
representative at that plant site. 





Figure 23 Sasol Synfuels west today previously known as Sasol Two 

The capacity of the Secunda CFB Synthol reactors was three times larger 
than the Sasolburg reactors. Several design changes were implemented to 
eliminate problems that had been experienced in Sasolburg. Early in 1981 
Andre Steynberg reported on the performance testing of the Sasol 2 Synthol 
units and concluded that they had met their design objectives. Thus the Badger 
Engineers under the leadership of Dave Jones had achieved an excellent scale- 
up and they were admirably supported with information and expertise from 
Sasol, notably that supplied by Terry Shingles. Over the years it was possible to 
substantially debottleneck the Secunda plants to a large extent due to 
innovations such as on-line catalyst renewal for the Synthol units. This was 
pioneered by Andre Steynberg on the Synthol units in Sasolburg in 1980. The 
replacement of the two stage cyclone system with single stage cyclones 
pioneered by Shingles and Steynberg in consultation with the cyclone vendor 
(Van Tongeren) also improved the Synthol reactor availability. Later further 
capacity increases were made possible by replacing the CFB reactors with SAS 
reactors. This was accompanied by focussed debottlenecking of the upstream 
synthesis gas preparation facilities and the creation of capacity in the 
downstream refinery by diverting primary products from fuels to chemicals. 
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7955 1980 

Figure 24 CFB reactors from Sasolburg to Secunda. Initial design capacities are shown. 
Final operating capacities were 2400 bbl/d in Sasolburg and 7300 bbl/d in Secunda. 
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Further refinements were made to the CFB reactor design for the Mossel 
Bay application. Due to the low methane content in the syngas at Mossel Bay 
the reactor capacity was increased by about 10% compared to the Secunda 
capacity. Steynberg and Shingles were responsible for the Mossel Bay reactor 
design which proved to be extremely reliable. The detailed design for the 
Synthol unit was once again done by Badger Engineers with supervision by 
Clive Jones from Sasol who ensured that the Synthol unit was brought into 
operation successfully. 

Sasol was privatised in 1979 since it was anticipated that the new large- 
scale Secunda facilities would be commercially viable without government 
assistance. This indeed proved to be the case although from time to time, during 
periods of exceptionally low oil prices, the government supplemented the price 
paid for Sasol fuels. 

In 1975 Johannes C (Jan) Hoogendoom succeeded At Stander as manager 
of the Process Development department. The Research department was 
established in 1957 and Dr Len Dry was the manager for over 20 years during 
which time it grew in size continuously. Later under Dr Andries Brink the 
Process Development group moved from the Process Department to the R&D 
Department and, after the Secunda plants were up and mnning, Fischer-Tropsch 
technology development subsequently entered a period of rapid advancement 
from the early 1980’s to the end of the 1990’s. Both the Process and the R&D 
departments initially reported to Theo van der Pas. John Marriott soon took 
over from van der Pas during this exiting period for technology development 
and application. Van der Pas and Marriott had earlier played an important 
technology selection and implementation role for the plants established in 
Secunda and John Marriott was responsibly for the Sasol technology licence 
and technical assistance to the Mossel Bay GTL project. Dr Arie Geertsema 
took over from Andries Brink on his retirement during this period. In addition 
to the FT technology development Geertsema also drove the research into the 
extraction of chemicals from FT product streams with great vigour following 
the strategic guidance from Mr Paul Kruger, who was then the managing 
director. Emphasis was then given to the global application of FT technology 
for natural gas conversion and the participation in the global chemical industry 
under the current managing director Mr Pieter Cox. Dr Chris Reinecke the 
current R&D manager now heads a global R&D organization. 

Jan Hoogendoom had this to say about the Sasol 2 project at Secunda soon 
after it was announced: “Sasol began its operation in 1955 with a grass-roots 
plant in a sparsely populated farming area. Today it is surrounded by petro¬ 
chemical industries. It is logical to expect that history will repeat itself at the 
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new plant in the Transvaal, which will also be a grass-roots operation.” His 
prediction was indeed fulfilled. 

To quote Meintjes [15]: “How does Sasol do it? This ‘industrial whiz kid 
of South Africa’ {The Star) has no magic wand after all. Its muscle has 
developed as a result of a variety of factors - relatively cheap coal, strategic and 
economic needs, acquired expertise and no-nonsense management approach.” 
To this can now be added that Sasol management has the ability to make 
courageous decisions to apply new technology. This is based on a proven track 
record of successful implementation for first-of-a-kind technology. 



Figure 25 A graphic representation of a slurry phase reactor used with the Sasol Slurry Phase 
Distillate process 
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7.4 Slurry phase synthesis 

Early experiments with cobalt catalyst particles suspended in oil were 
performed by Fischer [1, 16]. The ‘liquid phase synthesis’ in a slurry bubble 
column reactor with a powdered iron catalyst and a CO rich syngas from coal 
was demonstrated by Kolbel et al at the Rheinpreupen Company in 1953 [1, 
17]. This reactor operated at an intermediate temperature of 280 °C to produce 
mainly gasoline. 

Modem slurry phase reactors also have some similarities to the oil-recycle 
process that was developed by the US Bureau of Mines in the 1940’s. This was 
an early example of the so called ‘liquid phase’ Fischer-Tropsch synthesis [18, 
19]. Pilot scale reactors were operated using both cobalt and iron catalysts. 
Surry phase reactors include ebullating bed reactors and slurry bubble colunm 
reactors in which catalyst is free to move while ‘liquid phase’ reactors includes, 
in addition, reactors containing hydrocarbon liquid with fixed catalyst beds. 

In 1981, a slurry phase reactor pilot plant was operated by Sasol. This 
reactor was very similar to a pilot plant operated earlier by the US Bureau of 
Mines and used cmshed Arge catalyst. At that time Mark Dry headed the FT 
research at Sasol and Terry Shingles was in charge of the pilot plants. A young 
engineer reporting to Terry Shingles, Anton Penkler designed the slurry phase 
pilot unit. 

When the design work commenced on the demonstration scale fluidized 
bed HTFT reactor (i.e. the SAS reactor demo unit) also in 1981 both Mark Dry 
and Ben Jager (manager of the Process Development group) expressed the 
intention that this reactor would later be converted to demonstrate the slurry 
phase reactor approach. This intention was recorded in the meeting minutes by 
Andre Steynberg, a young chemical engineer in the Process Development group 
who later, in 1989, prepared the design for the modifications required to 
achieve this conversion. 

In 1982 Dry [20, 21] proposed using slurry phase reactors to ultimately 
produce mainly diesel with naphtha as a significant co-product by using a 
scheme in which the reactor wax is hydrocracked. It was further proposed by 
Dry that the naphtha is a good feedstock for thermal cracking to produce 
ethylene. Gulf Oil [22], in 1985, proposed the use of a slurry reactor with a 
modem precipitated cobalt catalyst to produce mainly diesel as a final product. 

In the 1980’s the US Department of Energy (DOE) and the South African 
Council for Scientific and Industrial Research (CSIR) were actively promoting 
the use of slurry phase reactors for FT synthesis. In the case of the DOE, a pilot 
plant design was prepared in 1989 and a pilot plant was later operated; first as a 
methanol reactor; then using iron catalyst and finally using cobalt catalyst. In 
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the case of the CSIR, useful hydrodynamic information was obtained using a 
large scale non-reactive mock-up using hot wax in 1989. 



Figure 26 The demonstration reactor at Sasolburg used firstly to demonstrate SAS reactor 
operation then slurry phase reactor operation with iron catalyst and most recently the slurry 
phase reactor operation with supported cobalt catalyst. 

Sasol now uses a commercial slurry phase reactor containing an iron based 
catalyst in Sasolburg to produce mainly wax. Rentech has also operated small 
scale slurry phase reactors (at very low gas velocities) using iron catalyst to 
produce diesel and naphtha final products [23]. Many other companies propose 
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to use variations of this type of reactor, e.g. Statoil, ExxonMobil, Syntroleum, 
IFP/ENI/Agip and ConocoPhilips. These reactors are given various names e.g. 
‘slurry phase’, ‘slurry bubble column’ and ‘liquid phase’. Sasol currently 
operates the only truly commercial slurry phase reactor at Sasolburg. 
Construction has commenced for two reactors, each with a capacity of 17 000 
bbl/d, to be installed by Sasol in Ras Laffan, Qatar. These Qatar reactors will 
use supported cobalt catalyst. Cobalt catalyst is typically used in the slurry 
phase reactor when the plant is fed by natural gas. 



Figure 27 A schematic indication of the plans for the industrial site at Ras Laffan in Qatar 
with the site for the first Sasol GTL plant shown in light blue 
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Site preparation has also commenced for a second plant at Escravos, 
Nigeria to convert associated gas to diesel and naphtha using identical FT 
reactor designs to those used for the Qatar site. 



Figure 28 The Escravos Delta in Nigeria, the site for the first GTL plant for Sasol-Chevron 

When the feed is coal or some other carbon rich source, then an iron based 
catalyst may be preferred. Other special circumstances may influence the type 
of catalyst selected [24]. 

7.5 Modern reactor development achievements 

It is not possible to do justice to all the people at Sasol and Badger (now 
Stone & Webster part of the Shaw Group) who contributed in important ways to 
the development of the new reactor technologies. For example, Tom du Toit an 
old hand at Synthol operations provided valuable input into the SAS reactor 
demonstration plant design. Roy Silverman (who was later responsible for 
running this unit) and Rodney Dry gave invaluable insight into the operation of 
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fluidized systems when working under the direction of Terry Shingles. 
Silverman later joined Badger Engineers and gave valuable input for the design 
of modem slurry phase reactors using supported cobalt catalyst. The individuals 
responsible for the development of modem supported cobalt FT catalysts are 
named in the various published catalyst patents. Over many years, Mark Diy 
accumulated a wealth of knowledge on the behaviour of iron catalysts and their 
refinement to suit various operating conditions. Optimum reactor design and 
operation is not possible without this knowledge. 



Figure 29 First oil from the first SAS reactor at Secunda 

Evert Kleynhans made his mark with excellence in engineering 
supervision and commissioning. Dave Jones from Badger played an 
indispensable role in the direction of much of the development, scale-up and 
engineering work for the first-of-a-kind applications. Numerous Sasol managers 
were extremely supportive of and involved in these technology developments. 
Dr Ben Jager, who retired in 2003, was the manager responsible for process 
development during the entire period during which the major technology 
advancements were made and often provided valuable technical guidance. 
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Table 1 

History of Sasol FT process development listing technical personnel responsible and key 
management decisions 

Date _ Event _ Sasol _ Badger* 


1981 

Design of nominal Im diameter demonstration 
reactor for SAS technology 

A Steynberg 

T Shingles 

Y Yukawa 

1981 

Design and commissioning of a slurry phase 
reactor pilot unit 

T Shingles 

A Penkler 


1983 

Commissioning of SAS demonstration reactor 

R Silverman 

T Shingles 

A Steynberg 

Y Yukawa 

1985 

Engineering study for SAS reactor application 

A Steynberg 

Y Yukawa 

1987 

Decision to install commercial 5m diameter SAS 
reactor 

Sasol 

management 


1988 

Preparation of Mossgas Synthol CFB reactor 
design 

A Steynberg 

T Shingles 

Y Yukawa 

May 

1989 

Successful start-up of 5m diameter SAS reactor 

E Kleynhans 

Y Yukawa 

June 

1989 

Proposal to modify demonstration reactor to a 
slurry phase reactor 

A Steynberg 


1990 

Start-r^r of modified demonstration reactor as a 
slurry phase reactor 

R Kelfkens 

A Steynberg 


Feb 

1991 

Risk assessment for the scale-up of the slurry 
phase reactor 

R Kelfkens 

D Jones 

Y Yukawa 

July 

1991 

Decision to modify existing 5m diameter SAS 
reactor to a commercial slurry phase reactor 

Sasol 

management 


1992 

Mossgas start-up 

C Jones 

D Malan 

H Doleman 

Y Yukawa 

1992 

Process Design Basis set for 8 meter diameter SAS 
reactor at Secunda 

A Steynberg 


May 

1993 

Completed plant modification and start-up of 5m 
diameter slurry phase reactor 

R Kelfkens 

A Steynberg 

Y Yukawa 

L Bonnell 

June 

1995 

Start- 15 ) of 8 m diameter SAS reactor at Secunda 

E Kleynhans 

Y Yukawa 

March 

1996 

Kick-off meeting to replace all CBF reactors with 
SAS reactors in Secunda including four 10.7m 
diameter reactors 

E Kleynhans 

A Steynberg 

Y Yukawa 

M Lee 

Oct 

1996 

Completion of Generic Sasol Slurry Phase 

Distillate Process Optimisation Study based on 
newly developed cobalt catalyst 

J Price 

A Steynberg 

A Vosloo 

SPal 

R Silverman 

J Williams 

May 

1997 

Completion of optimization study for the Slurry 
Phase Distillate Process using Haldor-Topsoe 
Autothermal Reformers 

J Price 

M Coetzee 

A Steynberg 


1997 

Design Basis set for Qatar plant 

HNel 

A Steynberg 

R Silverman 

M Lee 

Manager - Process Development during entire period - B Jager 

Manager - FT Research during entire period - M Dry 


*Badger Engineers later became Raytheon Engineers & Constmctors then The Washington 
Group International and now Stone & Webster, part of the Shaw Group 
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Figure 30 Illustration of the SAS reactor scale-up 
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Figure 32 SAS reactor under construction at Secunda 
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Figure 33 In little more than a year, seven SAS reactors were erected at Secunda and 
successfully commissioned 
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The other companies that have worked on the development of slurry phase 
reactor technology will appreciate the major achievement to go from the design 
of a slurry phase demonstration reactor in 1989 to the operation of a 
commercial scale unit in 1993. Andre Steynberg, Ben Jager and Renus Kelfkens 
were awarded the South African Institution of Chemical Engineers (SAIChE) 
gold medal award for this achievement. Ben Jager and Andre Steynberg, were 
previously awarded this same medal for the development of the SAS reactor 
four years earlier along with Terry Shingles and Mark Dry from Sasol and 
Yoshio Yukawa from Badger Engineers. 

8. PIONEER TECHNOLOGY DEVELOPMENT 

The application of Fischer-Tropsch synthesis on a commercial scale builds on 
developments in other technology fields. 

The initial synthesis gas feed was derived from coke-oven-off-gases that were 
available in excess from the German steel industry. Later, the very successful 
Lurgi gasifier was developed to produce synthesis gas from coal. This type of 
gasifier is capable processing low quality coal that is not useful for other 
purposes. The design of this type of gasifier has been gradually improved with 
time and the maximum capacity for a single gasifier has increased substantially. 

Modem carbon conversion plants may now consider higher grade 
carbonaceous feeds such as low ash coal and petroleum coke using the newer 
high temperature entrained flow gasifiers. The Texaco gasifier is currently die 
most successful version. These modem gasifiers have been applied to the 
production of electrical power using steadily improved technology known as 
integrated gas combined cycle (IGCC) technology. This technology can now be 
considered for the combined production of hydrocarbons and electricity with 
synergistic benefits. Depending on the coal properties, modem Lurgi gasifiers 
may still be the gasification technology of choice. Gasification technology is 
discussed in Chapter 4 and the applications for coal derived synthesis gas are 
discussed in Chapter 5. 

In the late 1980’s it was realised that the lowest cost source of synthesis 
gas would be from remote natural gas. The Shell plant in Malaysia uses non- 
catalytic partial oxidation reforming while the Mossel Bay plant uses a two step 
approach of tubular steam reforming followed by autothermal reforming. 
Methane reforming technology has gradually improved over the years 
particularly with respect to the burner design and the ability to make larger 
capacity units. It has been discovered only very recently that the oxygen fired 
autothermal reformer (ATR) using low steam to carbon ratios of 0.6 or less is 
the technology of choice for large scale synthesis gas production. 
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Catalytic tubular steam reforming is still competitive for small scale 
chemical or refinery applications especially if hydrogen or a hydrogen rich gas 
is required but there is no version of steam reforming that can compete with 
ATR for the large plants that are necessary for FT applications to be viable. 
Catalytic or non-catalytic partial oxidation reforming is not significantly more 
expensive than ATR. Reforming technology is discussed in Chapter 4 and the 
importance of integrating the reforming and FT plant designs is discussed in 
Chapter 5. 

FT technology development was preceded by other high pressure 
synthesis processes. The introduction of the Haber process for the high-pressure 
synthesis of ammonia provided Germany with a leadership role in high-pressure 
processes, especially those involving hydrogen. The importance and the 
scientific advances associated with the ammonia synthesis were recognized and 
Fritz Haber was awarded the Nobel Prize in 1918. 



Figure 34 Fritz Haber (left) and Alfred Nobel (right) 

After much research and development work, the first commercial success 
for the production of synthetic hydrocarbons from coal was in 1925 with the 
direct hydrogenation of coal (especially German brown coal) at high-pressure, 
high-temperature conditions. This produced liquids that could be utilized as 
transportation fuels. This was the Bergius Process and its discoverer, Friedrich 
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Bergius, was awarded the Nobel Prize in 1931. Bergius was led to this effort by 
his desire to be an entrepreneur and a desire to free Germany from dependence 
upon external oil supplies for their transportation fuels. 



Figure 35 Friedrich Bergius 

I.G. Farbenindustrie (Farben) purchased the rights to the Bergius process. 
Farben was attracted to this process, at least in part, because of the expertise 
they had developed with other high-pressure processes. By 1925, Carl Bosch 
had risen to a high leadership position in Farben following his successful efforts 
to commercialize first the ammonia synthesis process, discovered in 1908, and 
then the successful conversion of synthesis gas to methanol. In this work, 
Farben had become recognized for its ability to produce and utilize hydrogen at 
high pressures. For his leadership role in developing high-pressure processes 
and the materials of fabrication that was needed for the processes, Bosch was 
awarded the Nobel Prize together with Bergius in 1931. 

So a number of other technology developments were prerequisites for the 
cost effective application of Fischer-Tropsch technology. Perhaps the most 
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important has been the developments associated with the separation of 
relatively pure oxygen from air using cryogenic techniques. Essentially air is 
compressed, cooled and expanded to produce very low (cryogenic) 
temperatures. Liquid oxygen is then separated by distillation and pumped as a 
liquid to the pressure required. The oxygen is then vaporized and then preheated 
for use in the reformer. Efficient heat integration is important but the eventual 
design required is a compromise between high efficiency and low capital cost. 
Cost effective large scale units are now available from a number of reputable 
vendors such as Air Liquide, Air Products, Praxair, Linde and BOC. The 
combination of these air separation units with oxygen fired reformers has led to 
the cost effective preparation of synthesis gas from remote natural gas. 

9. BASIC STUDIES 

The aim of the basic studies is to understand the reactions that take place on the 
FT catalyst so that these reactions can be described accurately using predictive 
models. These models should then be capable of predicting changes in the 
consumption of reactants and the distribution of products with variables such as 
temperature, gas component partial pressures, catalyst promoter content and age 
dependant catalyst properties. This approach has been referred to as “kinetic 
modelling of FT synthesis” [1]. In engineering terminology ‘kinetic modelling’ 
is restricted to the prediction of the consumption of the reactants while the term 
‘selectivity modelling’ is used to describe the prediction of the product 
distribution. Using a fimdamental scientific approach both reactant consumption 
and product distribution are predicted simultaneously. 

It is furthermore of prime importance to decrease the production of 
methane and it is hoped that a fundamental understanding of the methane 
formation mechanism will eventually lead to interventions that will decrease 
methane production. The reasons why the methane selectivity deviates from the 
theoretical prediction based on simple polymerization theory forms part of this 
fundamental understanding. 

Other desirable interventions may be to increase the olefin or oxygenate 
content in the FT products in order to extract these components as chemical 
products that are more valuable than fuels. 

Investigating FT activity and selectivity as a function of time has showed 
that the FT regime develops in a transient manner. The steady-state of FT 
synthesis is attained through the restructuring of the catalyst under the influence 
of reactants, products and intermediates. Thus it can be said that the ‘true 
catalyst’ is formed and stable only in situ. This may complicate the 
interpretation of laboratory results. There needs to be a verification that the 
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catalyst studied at constant conditions of temperature and composition in the 
laboratory is the same as the catalyst in the industrial reactor where it is 
exposed to a range temperatures and reactant/product concentrations. Often the 
actual stable conditioned catalysts in the laboratory and industrial reactors are 
different even if they were prepared initially in the same way, particularly in the 
case of precipitated iron LTFT catalysts. 

The composition of the hydrocarbons obtained by FT synthesis exhibits a 
distinctly regular pattern [1]. As a first approximation the molar amount of 
individual carbon number fractions declines exponentially with carbon number. 
This behaviour was originally noticed by Herrington [25]. It indicates a sort of 
polymerization kinetics. A mathematical model for homogeneous 
polymerisation had been formulated previously by Schulz [26] and Flory [27]. 
The FT polymerisation model was extended for chain branching by Friedel and 
Anderson [28]. In an ideal polymerisation reaction the chain propagation 
probability would be constant and independent of the carbon number. A 
logarithmic plot of product moles for each carbon number species versus the 
carbon number would then yield a straight line. This type of plot is now known 
as an ASF-diagram (Anderson-Schulz-Flory) and is commonly used to 
characterise FT synthesis products. 

More recently, important contributions have been made to the 
understanding of the FT reactions particularly with regard to the secondary 
reactions that take place. The kinetic model developed by Schulz et al. was 
extended to account for several reactions of product desorption as olefins, 
paraffins, aldehydes and alcohols. The FT kinetic regime was termed ‘non 
trivial surface polymerisation’ in order to acknowledge its dual nature as a 
heterogeneous catalytic reaction and a polymerisation reaction [29-31]. The 
monomer is formed on the catalyst surface (from CO and Hi). The primary FT 
product distribution is determined by selective inhibition of the product 
desorption reactions. Thus the combination- (polymerisation-) reactions of 
surface species are faster than the desorption reactions. 

A kinetic model was mathematically worked out in which the kinetic 
coefficients of individual reaction steps were defined as reaction probabilities of 
surface species. This selectivity model was linked to the rate of consumption of 
the CO and H 2 reactants. This then enables all tlie steps of the kinetic scheme to 
be calculated to predict the formation rate of each product compound. Using the 
model in reverse, it converts the experimentally obtained product distributions 
into the basic kinetic data which determine the product selectivity, e.g.: 

• chain growth probability as a function of carbon number, 

• chain branching probability as a function of carbon number, 

• olefinicity per carbon number 
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FT synthesis on iron and cobalt catalysts have been compared using this 
model [32]. This revealed basic differences in kinetic behaviour. 

Reversibility of olefin desorption, secondary olefin hydrogenation and 
olefin isomerisation have been introduced into the kinetic model together with 
chain length dependant solubility of olefins in the product liquid [33, 34]. 

Alternatively to effects of solubility, diffusion enhanced olefin re¬ 
incorporation in liquid filled catalyst pores has been suggested to cause carbon 
number dependencies of olefin to paraffin ratios as well as carbon number 
dependent probabilities of chain growth [35, 36], which cause ‘positive 
deviations’ from ideal ASF kinetics as often observed in ideal distributions. A 
positive deviation occurs when there is an increase in the probability of 
formation of a product species as the carbon number increases. The effect of 
solubility on the product distribution has however been demonstrated to usually 
dominate other effects such as product diffusivity [37]. 

Other researchers have modelled the deviations from ideal ASF kinetics 
for LTFT synthesis with the superimposition of two ideal distributions while 
postulating that chain growth on two different growth sites might occur or that 
there are two mechanisms occurring simultaneously [38, 39]. 

A recent review by Puskas and Hurlbut [40] examined the reasons for 
deviations from the ideal ASF plot. They challenged the ‘evidence’ for higher 
olefin incorporation into the FT products in secondary reactions and dispute the 
claims that these reactions are responsible for ‘positive’ deviations’ from the 
ASF plot. In other words the product becomes heavier than predicted by a 
straight line ASF plot so that the actual plot curves upwards with mcreasing 
carbon number. Puskas and Hurlbut argue that a multiplicity of chain growth 
probability is the only reasonable cause for the reported ‘positive deviations’ in 
the C6+ carbon number product range. 

For the ideal ASF plot the product distribution is characterised by a single 
parameter, a which can be obtained from the slope of the plot and is a measure 
of the probability of chain growth. This type of ideal distribution can only be 
obtained if the kinetic environment is identical and constant at each catalytic 
site of the synthesis. In real reactors this is never achieved. The HTFT reactors 
in nearly isothermal fluidized beds come closest to this ideal situation. It has 
been shown that for these reactors a is not significantly affected by the gas 
composition changes through the reactor. For these reactors ideal ASF 
behaviour is closely approximated for the C6+ products. For LTFT reactors, 
positive deviations are usually observed. At LTFT conditions, the gas 
composition and sometimes temperature profiles through the reactor result in a 
variation in the value of a as the reactants pass through the reactor. Thus a 
multiplicity of chain growth factors is produced. This results in a concave 
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curvature for the ASF plot rather than straight lines. However, ‘positive’ 
deviations have also been observed in laboratory reactors with uniform 
temperature and composition so variations in conditions cannot explain all 
cases of concave curvature for the ASF plot. 

It is also concluded that the case for ‘negative’ deviations caimot be 
regarded as being firmly established and that reported ‘negative’ deviations 
were most likely the result of analytical or sampling inadequacies. 

In the case of a multiplicity of a values giving an ASF plot with positive 
curvature, it was found that this can be mathematically defined by two 
‘imaginary’ a’s and associated ‘imaginary’ product proportions. Thus actual 
C 6 + product distributions can be predicted by fitting the two a parameters and 
another parameter, say P, that fixes the relationship between the two a’s. Sasol 
researchers have been able to relate the parameters for this type of approach to 
catalyst formulations and operating conditions [41]. 

The above concepts are explained in detail in Chapter 8 . Furthermore, the 
effects of reaction parameters (i.e. partial pressures of hydrogen, carbon 
monoxide and water; temperature and catalyst properties) on the individual 
reactions are discussed. This knowledge is considered to be crucial when either 
aiming for high C 5 + selectivity or when aiming at the production of valuable 
chemicals from FT-synthesis, such as long chain alpha-olefins and oxygenates, 
where secondary reactions need to be forced back. 
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Chapter 2 


Fischer-Tropsch Reactors 

A. P. Steynberg*, M. E. Dry, B. H. Davis and B. B. Breman 

*Sasol Technology R&D, 

P.O. Box 1, Sasolburg, 1947, South Africa 

1. TYPES OF REACTOR IN COMMERCIAL USE 

There are four types of Fischer-Tropsch (FT) reactor in commercial use at 
present. Three broad categories of catalyst are used in these reactors. The 
four types of reactor are: 

• Circulating fluidized bed reactor 

• Fluidized bed reactor 

• Tubular fixed bed reactor 

• Slurry phase reactor 

The fluidized bed reactors operate in the temperature range 320 °C to 
350 °C. This temperature range is 100 °C higher than the typical operating 
temperature range used with the reactors shown on the right hand side of 
Fig. 1 of around 220 to 250 °C. Hence the term high temperature Fischer- 
Tropsch (HTFT) used to describe the reactors on the left hand side and the 
term low temperature Fischer-Tropsch used to describe the reactors on the 
right hand side of Fig. 1. 

The key distinguishing feature between the HTFT and LTFT reactors is 
the fact that there is no liquid phase present outside the catalyst particles in 
the HTFT reactors. Formation of a liquid phase in the HTFT fluidized bed 
reactors will lead to serious problems due to particle agglomeration and loss 
of fluidization, [1, 2]. It was postulated by Caldwell [3] that reactors will be 
prone to waxing if the Anderson-Schulz-Flory (ASF) plot intersects the 
vapour pressure plot. These concepts are explained in more detail in Chapter 
3. The slope (a) of the ASF plot is a measure of the chain-growth probability 
for the production of hydrocarbon products. The catalyst and operating 
conditions may be selected to obtain the desired chain-growth probability (a) 
or, in other words, the desired product spectrum. 
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The four reactor types are illustrated in Fig. 1. : 
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Figure 1. Types of FT reactor in commercial use 


Table 1 shows the minimum temperature at which the reactor can operate 
to maximize a given hydrocarbon cut. For a given target a value, this 
determines the lower end of the feasible temperature range. This means that 
fluidized bed reactors cannot be used for maximized production of products 
heavier than the gasoline/naphtha cut [4]. At the upper end of the feasible 
temperature range, the typical catalysts used for fluidized bed reactors cannot 
operate much above 350°C without excessive carbon formation. 


Table 1 

Chain-growth probabilities (a) to maximize various product cuts and the minimum reactor 


temperature required to avoid a liquid phase 14] 


Cut maximized 
(by mass fraction) 

a 

Minimum temperature to 
avoid liquid condensation 

cc) 

C2-C5 

0.5081 

109 

C5- Cii 

0.7637 

329 

C 5 - C 18 

0.8164 

392 

C 12 - C 18 

0.8728 

468 
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The LTFT reactors are shown on the right hand side of Fig. 1. Fleavy 
hydrocarbons in the form of liquid wax are present in these reactors. 

Either precipitated iron catalysts or supported cobalt catalysts may be used 
in LTFT reactors. The choice of catalyst will be discussed in more detail later. 
At this point, note that commercial scale reactors exist or are under construction 
using both types of catalyst in both types of LTFT reactor. 

Fluidized bed reactors are subdivided into two-phase (solid and gas), 
HTFT and three phase (solid, liquid and gas), LTFT systems. When the main 
objective is the production of long chain waxes the LTFT process is used and 
either multi-tubular fixed bed or three phase fluidized bed slurry reactors can be 
considered. For the HTFT process where alkenes and/or straight run fuels are 
the main products then only two phase fluidized systems are used. 

Both types of HTFT reactor, shown on the left and side of Fig. 1, are also 
currently in commercial operation. The circulating fluidized bed (CFB) reactors 
are in use at the world’s largest GTL plant in Mossel Bay, South Africa. The 
Sasol Advanced Synthol (SAS) reactors are used at the world’s largest synthetic 
hydrocarbon plant which is based on coal derived synthesis gas in Secunda, 
South Africa. This is the reactor of choice for future HTFT applications. 

Compared to many industrial operations the FT reaction is highly 
exothermic. The average heat released per ‘CH 2 ’ formed is about 145 kJ [5]. 
This is an order of magnitude higher than typical catalytic reactions in the oil 
refining industry. Any increase in the operating temperature of the FT synthesis 
will result in an undesirable increase in the production of methane and may 
result in catalyst damage. For HTFT in particular, high temperatures result in 
excessive carbon deposition. It is therefore very important that the rate of heat 
transfer from the catalyst particles to the heat exchanger surfaces in the reactor 
is high in order to maintain near-isothermal conditions inside the catalyst beds. 

1.1 Fixed bed reactors 

Vertical spaced packed bed and radial flow reactors with cooling between 
the beds are not satisfactory because of the negative effects of temperature rises 
within each individual adiabatic bed. The preferred fixed bed reactor type is 
multi-tubular with the catalyst placed inside the tubes and cooling medium 
(water) on the shell sides. Having a short distance between the catalyst particles 
and the tube walls (by using narrow tube diameters) and operating at high gas 
linear velocities, to ensure turbulent flow, greatly improves the transfer of the 
heat of reaction from the catalyst particles to the cooling medium. In order to 
achieve high percent conversions of the fresh feed gas it is common practice to 
recycle a portion of the reactor tail gas. This practise also of course increases 
the linear velocity through the reactor and hence further increases the rate of 
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heat transfer. Reeycle of liquid hydrocarbon product is also known to improve 
the temperature profile in the fixed catalyst bed. 

The smaller the catalyst pellets or extrudates used the higher are the 
conversions achieved (Chapter 7). The combination of narrow tubes, high gas 
velocities and small particles, however, will result in unacceptably high 
differential pressures over the reactor. This will increase gas compression costs 
and also could cause disintegration of weak catalyst pellets. Catalyst loading 
and unloading may also become troublesome with narrow tubes. For all the 
above reasons compromises have to be made between the opposing operating 
and design factors. The activity of the catalyst employed also has to be taken 
into account. For iron based catalysts 5cm ID tubes are satisfactory but with the 
more active cobalt catalysts it is more difficult to control the bed temperatures. 
Thus the more active the catalyst the narrower the tubes should be. 

Because of the abovementioned compromises that need to be made there 
will inevitably be radial as well as axial temperature gradients in the reactor 
tubes. In the case of iron based catalysts the axial gradient will be much more 
marked than in the case of cobalt based catalysts because for iron catalysts the 
rate of the FT reaction decreases much faster with bed length. As a result of this 
only a portion of the catalyst bed will operate at the optimum temperature, the 
other sections being either at lower or higher temperatures. Multi-tubular 
reactors are usually not suitable for high temperature FT operations. For iron 
based catalysts for instance, carbon deposition occurs at higher temperatures [6] 
and this will result in catalyst swelling and blockage of the reactor tubes. Large 
multi-tubular reactors can consist of thousands of tubes. This results in high 
construction costs. Such reactors are very heavy and this limits the size to 
which they can be scaled up as transportation can become the limiting factor. 
The design of the tube-sheets (the plates at either end through which the tubes 
pass) becomes very challenging for large scale reactors. 

Despite the above disadvantages these reactors do have some advantages. 
They are easy to operate. There is no equipment required to separate the heavy 
wax products from the catalyst since the liquid wax simply trickles down the 
bed and is collected in a downstream knock-out pot. For slurry bed reactors 
additional equipment is required to achieve the complete separation of the 
finely divided catalyst from the liquid wax. The most important advantage, for 
the fixed bed multi-tubular reactor, is that the performance of a large scale 
commercial reactor can be predicted with relative certainty based on the 
performance of a pilot unit consisting of a single reactor tube. 

For coal derived syngas, temporary slippage of catalyst poisons such as 
H 2 S through the gas purification section is likely to occur. In the case of multi¬ 
tubular reactors this will result in only the upper sections of catalyst being 
deactivated leaving the balance of the catalyst bed relatively unscathed [7]. In 
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slurry phase reactors all of the catalyst in the reactor will be deactivated to some 
extent. However, the catalyst in the slurry phase reactor can be replaced on-line 
while expensive and lengthy downtime is required to replace catalyst in the 
multi-tubular reactors. If a full load catalyst change is required for the slurry 
phase reactor this can be achieved relatively quickly. The slurry phase reactor 
generally copes well with poisons provided procedures are put in place to avoid 
extended periods of contact with highly contaminated gas. Expensive cobalt 
catalyst should preferably not be used with coal derived synthesis gas no matter 
which type of reactor is selected. 

Five multi-tubular ARGE reactors, jointly developed by the two German 
firms, Ruhrchemie and Lurgi, were installed at the Sasolburg plant in the mid 
1950's [6]. They have diameters of 3m and each contains 2050 tubes, 5cm ID 
and 12m long. Sasol currently uses extruded iron based catalysts in these 
reactors. These reactors are still currently in operation. A diagram of an ARGE 
reactor is given in Fig. 2. 

After knock-out of the liquid wax, oils and water a portion of the tailgas is 
recycled to the reactor. This increases the percent conversion (on the fresh feed 
basis) and also increases the gas linear velocity through the catalyst bed thereby 
improving the heat transfer rate. The production capacity of each reactor is 
about 500 barrel/day (21 x 10'’ tonne per year). The reactors operate at 
approximately 2.7 MPa and 230°C. 

In studies carried out in 5 cm diameter pilot plant fixed bed units at 
Sasolburg it was demonstrated that the production per tube could be increased 
by operating at higher pressures and simultaneously feeding proportionately 
more gas thereby maintaining the same linear velocity through the catalyst bed. 
Tests were carried out up to 6 Mpa and it was found that neither the percent 
conversion nor the carbon number distribution of the hydrocarbon products was 
altered. Based on this a 4.5 MPa unit was installed at Sasolburg in 1987 and it 
performed as predicted [7]. 

The four multi-tubular reactors at the Shell Bintulu plant, also designed by 
Lurgi, have much wider overall diameters, estimated at about 7m. Cobalt 
catalysts are used. Cobalt catalysts are generally more active than iron catalysts 
and unlike iron the activity remains high as the reactants are converted and 
product water is generated. Hence the tubes must have smaller diameters than 
those of the Sasol reactors in order to have a higher rate of heat exchange to 
thereby control the temperature. The original capacity of each Shell reactor of 
about 3000 barrel/day (125 x 10'^ tonne per year) has now been increased with 
single reactor capacities up to 8000 barrel/day now claimed for slightly larger 
reactor diameters. This is apparently due to new generation catalysts with 
higher activity. Further capacity increases may be feasible with even more 
active catalysts. 
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Figure 2. ARGE Reactor 

1.2 Slurry phase reactors 

In the 1950's and 1960's various sized slurry reactors were tested in 
Germany, England and the USA [6] but the space velocities used were all very 
low and so the performance at gas velocities applicable at likely commercial 
situations could not be judged [8]. Of these units the one developed by Kolbel 
[9] was by far the largest, with a 1.5m diameter and about 7.7 m bed height and 
a working volume of lOm^. The slurry reactor system was considered to be 
suitable for the production of wax at low temperature FT operation since the 
liquid wax itself would be the medium in which the finely divided catalyst is 
suspended. However, a practical and efficient means of separating the product 
wax from the catalyst is an essential requirement that was not developed until 
much later. A suitable system was first demonstrated by Sasol in 1990. 

When the Sasolburg plant was designed in the 1950's the multi-tubular 
ARGE reactors were chosen for wax production. Although these reactors 
operated very well, and continue to do so, it was decided in the late 1970's to 
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evaluate the slurry system on pilot plant scale. The results obtained in 5cm ID 
units in the Sasol research department are summarised in Table 2 [6]. 

Comparisons were made between the fixed and slurry bed systems for wax 
production at the temperatures normally used in the fixed bed units. In both 
cases the precipitated iron catalyst used in the commercial multi-tubular 
reactors was employed, the only difference being the size of the catalyst 
particles. From Table 2 it can be seen that the hard wax selectivity and the 
percent (H 2 + CO) conversion obtained in the slurry phase reactor were as good, 
if not better, than those obtained in the fixed bed unit. This was despite the fact 
that the catalyst loading was three-fold lower in the slurry phase reactor. The 
reason for the higher activity per mass of catalyst is the much smaller particle 
size used in the slurry phase system. The rate of the FT reaction is pore 
diffusion limited even at low temperatures and hence the smaller the catalyst 
particle the higher the observed activity 

Comparisons were also made between the slurry and the two phase (gas- 
catalyst) reactor systems at the higher temperatures normally used for the 
production of gasoline. In these runs the fused catalyst used in the commercial 
HTFT reactors was employed. For these tests the slurry bed gave the same 
product selectivities but the percent (CO - 1 - CO 2 ) conversion was considerably 
lower than that obtained in the two-phase fluidized bed unit. In this set of runs 
the slurry system did not have the advantage of smaller catalyst size to 
compensate for the lower loading. (For both cases the same size catalyst was 
used.) For the slurry test at 324 °C the wax inside the reactor was continuously 
being hydrocracked and so make-up wax was added daily. Such high 
temperature slurry phase operation is therefore not practical or viable. 

The low temperature slurry system, however, was very promising. Further 
development was delayed for quite some time because of the problem of 
satisfactorily separating the wax produced from the very fine and friable 
precipitated iron catalyst used by Sasol. In 1990 an efficient separation device 
was successfully tested in a Im ID demonstration unit and in 1993 a 5m ID, 
22m high commercial unit was brought on-line [10, 11] and has been operating 
successfully ever since. The capacity of this reactor is about 2500 barrel/day 
(100 X 10'^ tonne per year), which equals the total production of the five 3m 
diameter multi-tubular fixed bed ARGE reactors. Slurry bed reactors with a 
capacity of at least 20 000 barrel/day (850 x 10'^ tonne per year) are feasible 
[11] and in fact Sasol reactors with a capacity of 17 000 barrel/day are currently 
under construction for application in Qatar. 


Table 2 

Comparison of fixed, slurry and 2 phase fluidized beds [6] 
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Reactor bed type 

Fixed 

Slurry 

Fluidized 

Slurry 

Catalyst type 

Precipitated 

Fused 


Particle size 

2.5 mm 

40-150 pm 

<70 pm 

<40 pm 

Fe loaded (kg) 

2.7 

0.8 

4.2 

1.0 

Expanded bed height (m) 

3.8 

3.8 

2.0 

3.8 

Average bed temperature (°C) 

230 

236 

323 

324 

Recycle to fresh feed ratio 

1.9 

1.9 

2.0 

2.0 

Total gas linear velocity 

36 

36 

45 

45 

(cm/sec) 





Fresh feed conversion % 





CO + H 2 

46 

49 



CO + CO 2 



93 

79 

Selectivity (C atom basis) 





Methane 

7 

5 

12 

12 

Gasoline 

14 

15 

43 

42 

Hard wax (BP > 500°C) 

27 

31 

0 

0 


[n principle, the Qatar reactor capacity could be more than doubled with 
more advanced catalysts by using a combination of decreased recycles and 
higher gas velocities. The slurry phase reactor is depicted in Fig. 3. 



Figure 3 Slurry phase reactor 

ExxonMobil has also developed a slurry bed reactor operating with a 
cobalt based catalyst. Successful demonstration runs in a 1.2m (4 ft) diameter 
unit were carried out [12]. The capacity of the unit was about 200 barrel/day 
(8.5 X 10^ tonne per year). Other companies, notably Statoil, Conoco, 
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IFP/ENI/Agip and Syntroleum are also pursuing the slurry phase reactor 
approach using cobalt catalyst. 

As previously mentioned fluidized systems have the disadvantage that 
even low levels of catalyst poisons, such as H 2 S in the feed gas, would result in 
some deactivation of ah the catalyst in the reactor. In the case of slurry systems 
with their relatively low catalyst loadings this problem becomes even more 
serious. (Very high catalyst loading causes a rapid increase in the viscosity of 
the slurry leading to negative effects for heat and mass transfer.) On-line 
removal of deactivated and addition of fresh catalyst can of course solve this 
problem. The behaviour and characteristics of slurry systems under chum- 
turbulent flow conditions has been reviewed recently by Sie and Krishna [15]. 

Based on experience in Sasolburg, the advantages of the slurry phase 
reactor over the multi-tubular reactor for iron catalysts are [11, 13]: 

• The cost of a reactor train is only 25% of that of the alternative multi-tubular 
reactor system with the same capacity (Far less difference for Co catalysts). 

• Pressure drop over a slurry reactor is much less, typically 0.1 MPa versus 
0.4 MPa for a multi-tubular unit decreasing the gas compression cost. 

• Because of the lower catalyst loadings in slurry bed reactors the catalyst 
consumption per ton of product is four times lower than in fixed bed units. 

• The slurry bed is more isothermal and so it can be operated at a higher 
average temperature resulting in improved reactant conversion. 

• On line removal and addition of catalyst allows longer reactor runs at higher 
average conversions. However, if the catalyst lifetime is long enough this 
advantage falls away [14]. 

No direct comparison has been published for cobalt catalysts. There 
should be far less advantage for the slurry phase reactor if the fixed bed reactor 
uses a high activity, long life cobalt catalyst particularly if the synthesis 
pressure is increased. For the fixed bed reactor the shell design is determined by 
the pressure of the steam produced in the cooling system and the thicker walls 
for the catalyst containing tubes at higher pressures are desirable to add rigidity 
to these small diameter tubes. The higher heat transfer coefficient at higher 
pressures results in a smaller deficit relative to the slurry phase reactor. 

1.3 Two phase fluidized bed reactors (HTFT) 

As discussed in the foregoing sections neither fixed nor slurry bed reactors 
can be utilised in high temperature FT processes for the production of light 
alkenes and/or gasoline. For this application two-phase fluidized bed reactors 
are the units of choice. There are two types of fluidized bed reactors currently in 
commercial use, the turbulent or fixed fluidized bed (FFB) and the circulating 
fluidized bed (CFB). The turbulent reactors have been named Sasol Advanced 
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Synthol (SAS) reactors by the developers of this advanced technology. Figs. 4 
and 5 illustrate the two types of reactors. 



Figure 4 Sasol Advanced Synthol (SAS) reactor 

Due to the high degree of turbulence in fluidized beds, they exhibit very 
high rates of heat exchange. This means they can cope with the large amounts 
of reaction heat released at high conversions with high feed gas throughputs 
that can be achieved at high operating temperatures. Despite this, the beds are 
virtually isothermal, temperature differences between the bottom and top of the 
reactor being only a few degrees. It is important, however, that process 
conditions must be such that the selectivity of long chain hydrocarbons is 
limited to ensure that excessive condensation of liquids in the pores of the 
catalyst does not occur. If the outer surfaces of the particles are wetted 
agglomeration of the finely divided particles, typically 5 to lOOpm, would 
occur resulting in de-fluidization of the catalyst bed and the unit would then 
cease to function. 
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Figure 5 Synthol circulating fluidized bed (CFB) reactor 

1,3.1 Circulating fluidized bed reactor (CFB reactor) 

The circulating fluidized bed reactor design chosen by Sasol for the 
original plant at Sasolburg in the 1950's were CFB’s. The gas linear velocities 
in CFB reactors are three to four times higher than in the turbulent fluidized 
beds. These reactors had been developed by Kellogg and had only been tested 
in a 10 cm ID pilot plant [6, 8]. For the Sasolbrg plant this was scaled up to 2.3 
m ID, 46m high units. After many teething troubles several design as well as 
catalyst formulation changes were made and these resulted in satisfactory 
performances of the units. The reactors were re-named Synthol reactors and 
were operated successfully for thirty years. 

The Synthol reactors in Sasolburg operated with iron catalyst at about 
340°C and 2 MPa. At recycle to fresh feed ratios of about 2 the initial (CO + 
CO 2 ) conversion was between approximately 80% and 90% depending on the 
feed gas composition and flow rate. The initial design capacity of the first 
Kellogg two reactors installed in Sasolburg was about 1 500 barrel/day per 
reactor but later improvements implemented by Sasol increased the capacity to 
about 2 500 barrel/day {100 x 10^ tonne per year). The aerated catalyst (dense 
phase fluidized) flows down the standpipe, the rate being controlled by the slide 
valve. The catalyst is swept up the reaction section (lean phase fluidization) by 
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the feed gas which has been preheated to about 200°C. The average voidage 
here is approximately 0.9. The heat exchangers remove about 40% of the heat 
of reaction, the balance being absorbed by the feed gas and products [6]. The 
catalyst and gas disengage in the wide settling hopper and the aerated catalyst 
drops down into the standpipe. The bulk of any catalyst fines still entrained in 
the gas is knocked out in the cyclones and returned to the standpipe. Even 
though the efficiencies of the cyclones are in excess of 99% some fines still 
pass through and these are removed in the heavy oil scrubbers immediately 
downstream of the reactors. 

To achieve a high conversion rate it is necessary to have a high catalyst 
loading in the reaction zone. However the loading, i.e. the pressure drop over 
the reaction zone, must not exceed the pressure drop over the standpipe. Should 
this happen the feed gas will pass up the standpipe, the cyclones will become 
choked with catalyst and massive losses of catalyst will occur. As no heat 
exchange takes place in the standpipe there will be a temperature runaway there 
and the catalyst will be damaged. Thus to avoid the feed gas going up the 
standpipe it is essential that the differential pressure over the standpipe should 
always exceed that over the reaction section [8, 16, 17]. With iron catalyst 
operating at 340°C a significant amount of carbon is continuously deposited 
within the catalyst and this causes particle disintegration which results in an 
increase in the rate of loss of fines through the cyclones. In addition, the 
deposition of carbon results in a decrease in the density of the catalyst particles. 
At a fixed gas linear velocity the lighter the particles the more rapidly they will 
be transported upwards by the gas and less catalyst back-mixing will occur. 
This means that the catalyst loading in the reaction zone decreases which results 
in a decrease in conversion rate with time on stream. The lower catalyst density 
of course also lowers the differential pressure over the standpipe. This makes it 
impossible to increase the catalyst loading on the reaction side in order to 
compensate for the loss of catalyst activity and mass in the reaction zone with 
time on stream [8]. To counter this on-line catalyst removal and addition of 
fresh catalyst is practised. 

The second generation CFB reactors installed in the Secunda and Mossel 
Bay plants were larger and operated at about 2.5 MPa thereby increasing the 
capacity three fold to about 8 000 barrel/day (330 x 10^ tonne per year) [6, 17]. 
The heat exchangers and the standpipe slide valve were also improved. By 1999 
all the Secunda CFB reactors were replaced by the even higher capacity SAS 
reactors. Currently the only CFB reactors operating are those at Mossel Bay. 

1.3.2 Turbulent fluidized bed reactor (SAS reactor) 

The two 5m diameter FT reactors in the Brownsville, Texas plant were 
fixed fluidized bed (FFB) units [18]. They initially were plagued by low 
conversion attributed to poor catalyst fluidization. These problems were 
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apparently overcome but the plant was shut down in the mid 1950's due to a 
sharp increase in the price of the natural gas from which the FT syngas was 
produced. The long term reliability of these FT reactors was thus not proven. It 
took over 30 years before this type of reactor was again used commercially. 

As already stated CFB reactors were installed initially at three Sasol FT 
plants. The Sasol R&D pilot plants which were used to develop improved 
catalysts and to study process variables, however, were small scale FFB units 
operating in the slugging mode. These reactors performed very well and were 
easy to operate so it was decided in the late 1970's to further investigate their 
potential. A large Plexiglass cold model was constructed and used to investigate 
various gas distribution systems, the objective being to improve the quality and 
uniformity of fluidization and to investigate potential scale-up issues. Various 
gas distribution nozzles were tested and one recommended by Badger was 
found to perform well. A Im diameter fixed fluidized bed (FFB) demonstration 
reactor, later named Sasol Advanced Synthol (SAS), designed by Badger, was 
subsequently built and came on line in 1984. It operated with the same catalyst 
and process conditions used in the commercial CFB reactors. The product 
selectivities were similar but the conversions were higher. In 1989 a 5m 
diameter, 22m high commercial SAS unit came on stream in the Sasolburg 
plant and it met all expectations [19]. The capacity of the reactor was 3500 
barrel/day (145 x 10'^ tonne per year). Over the period 1995 to 1999 the sixteen 
second generation CFB reactors at the Secunda plant were replaced by eight 
SAS reactors. Four of these had diameters of 8m with capacities of 11 000 
barrel/day (470 x 10^ tonne per year) each and four of 10.7m diameter each 
with a capacity of 20 000 barrel/day (850 x 10^ tonne per year). This increased 
the Secunda plant's capacity from 5.1 x 10^ to 7.1 x 10^’ tons per year. 

The key advantages of the SAS reactors over the CFB reactors are: 

• The construction cost is 40% lower mainly because the reactors are 
physically much smaller. The SAS reactor is of similar size to the settling 
hopper of the CFB reactor. Furthermore, the support structure is much 
simpler and only costs about 5% of the support structure of a CFB 
reactor. 

• Because the reaction section is much wider, more coiling coils can be 
installed increasing its capacity. Thus either more syngas can be fed by 
increasing the flow or by increasing the operating pressure at fixed gas 
linear velocity. Pressures up to 4 MPa are feasible [17]. 

• In CFB reactors only a portion of the catalyst charge participates in the 
FT reaction at any moment while in the SAS reactor all of the catalyst is 
involved. This results in higher conversions. 

• As previously mentioned, carbon deposition on the catalyst results in 
lower catalyst loadings in the CFB reaction zone resulting in declining 
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conversions with time on stream. If allowance is made for bed expansion 
in the SAS reactors this problem is of less significance. For this reason a 
lower rate of on-line catalyst removal and replacement by fresh catalyst is 
required to maintain high conversion thus lowering overall catalyst 
consumption. 

• The gas and catalyst linear velocities and the pressure drop across the 
reactor are much lower for the SAS reactors than the CFB's. The gas 
compression costs are consequently lower. Because the catalyst is very 
abrasive the narrower sections of the CFB reactor are ceramic lined and 
regular maintenance is essential. This problem is absent in the lower 
velocity SAS reactors and this allows longer on-line times between 
maintenance inspections, leading to higher production rates and lower 
maintenance costs. 

2. HISTORICAL DEVELOPMENT 

Much of the relevant history of the development of FT reactors has been 
covered in the preceding description of the types of reactor that are currently in 
commercial operation. The two phase HTFT technology development had its 
origins in the USA but was perfected in South Africa and has already been 
adequately described for the purpose of this book. The historical development 
of the LTFT reactors has been recently reviewed by Professor Burtron Davis 
[20] in a paper with the title “Overview of reactors for liquid phase Fischer- 
Tropsch synthesis”. What follows is essentially an extract from this review. 

2.1 Early developments 

In viewing the reactors described for this early period, one should keep in 
mind that the RheinpreuPen reactor capacity of about 80 bbl/day, was large for 
its time. However, today one thinks of 10-20,000 bbl/day reactor capacities as a 
minimum size so that a design that was reasonable to consider for this period 
may be impractical when projected to the reactor size needed today. 

2.1.1 Work in Germany 

Conversions in the liquid phase were initiated in Germany shortly after the 
discovery of the reaction. The developments progressed from the initial fixed- 
bed effort at atmospheric pressure to work in a bubble column reactor operated 
at atmospheric pressure to a large medium-pressure pilot plant that was 
operated during the 1940-1950 period. The German efforts were extensive and 
involved work by several companies. These companies added to the complexity 
faced by a reviewer because of their joint ventures with organizations located 
outside Germany. 
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2.1.1.1 Kaiser-Wilhelm-Instituts fiir Kohlenforschung (KWI) 

The Institute, founded in 1913 with Franz Fischer as the director, was 
established to concentrate its efforts on fundamental studies of coal and its 
conversion. The onset of World War I within months following Fischer’s 
arrival and Germany’s need for synfuels led the institute toward more practical 
accomplishments. Both direct and indirect coal liquefaction studies were 
undertaken. The indirect approach eventually led to the low-pressure synthesis 
of predominantly hydrocarbon products, the Fischer-Tropsch synthesis (FTS). 
The exothermicity of the reaction and the need to provide a uniform 
temperature in the reactor were quickly recognized. 

Fischer and co-workers turned to synthesis in the liquid phase soon after 
they discovered the FTS reaction. Fischer and Peters [21] evaluated the use of a 
bubble column reactor that was operated at atmospheric pressure for the 
hydrogenation and oligomerization of acetylene and for the hydrogenation of 
carbon monoxide using a supported nickel catalyst. They indicated that the use 
of the catalyst in liquid media for these exothermic reactions is advantageous 
for laboratory and commercial operations because it makes possible close 
control of temperature and eliminates overheating as is encountered in fixed- 
bed reactors. In November 1930 the pilot plant staff attempted to run the FTS in 
the liquid phase, and they were successful in solving the heat flow problem. 
Fischer and Kiister [22] reported results to identify the influence of temperature 
and pressure on the synthesis. A horizontal stirred silver-lined autoclave was 
utilized for these studies. The authors found that higher temperatures were 
needed for liquid phase synthesis because there was no hot spot as was the 
present for fixed-bed operations. They utilized a catalyst with a composition of 
9Co:2Th:lCu:0.25Ce with an equal mass of Kieselgur as support. However, the 
typical catalysts of that day had an activity that was too low to have practical 
commercial interest. They also reported that pressures near atmospheric were 
preferred since ‘Synthol’ (alcohols, acids, aldehydes, ketones, etc) was formed 
at higher pressures. 

Fischer and Pichler [23] indicated that four approaches were suitable for 
removing the heat of reaction and for maintaining a uniform temperature in the 
reactor; (1) circulating oil outside the tube with the catalyst, (2) suspending the 
catalyst in oil, (3) circulating superheated water outside the catalyst space (e.g., 
180"C and 10 atm. (1.01 MPa)) and (4) the suspension of the catalyst in 
superheated water. Interestingly, they referred to middle-pressure synthesis not 
as Fischer-Tropsch synthesis but the Fischer-Pichler middle-pressure synthesis. 
They utilized four catalysts (Ni, Co, Fe and Ru) in a study of middle pressure 
synthesis in an aqueous phase utilizing a stirred-horizontal autoclave, similar to 
the one in Figure 3, to effect the synthesis. They found that only Co and Ru 
were suitable for synthesis since Ni formed the carbonyl and was carried from 
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the vessel while the iron catalyst was too active for the water-gas-shift reaction. 
The best catalyst was Ru, which was active below 200°C. The amount and kind 
of products for both Ru and Co were similar to those of the dry synthesis. It was 
noted that water was effective in removing the heat of reaction and in providing 
a uniform temperature; this was based on the fact that the fixed bed catalyst in a 
reaction tube of the diameter they used would have not produced useful 
products (i.e., higher hydrocarbons). They indicated that work in the aqueous 
phase was not suited for scale-up because: 

1) the results are not better than operating in the dry phase, 

2) a larger reactor volume is needed, 

3) the apparatus is more expensive due to the need for an acid resistant 
reactor liner, 

4) considerable expenditure of energy is necessary for stirring to provide the 
vigorous agitation and 

5) the reaction products are not easily removed from the reactor. 

Thus, Fischer and co-workers were successful in using liquid-phase 
synthesis to control the temperature but the reaction velocity with their catalysts 
was too slow to be of commercial interest. 

2.1.1.2 I. G. Farbenindustrie A. G. (Farben) 

Farben utilized two general types of liquid-phase operations: (1) a fixed 
bed of solid catalysts with liquid and syngas circulating concurrently over the 
catalyst and (2) a suspension of fine catalyst particles due to the fine bubbles 
formed when the syngas passed through a ceramic bottom plate with sluny 
circulation through an external vessel for heat removal. In some versions, they 
also utilized stirring as a means to maintain the catalyst suspension. Only the 
fixed-bed version developed beyond the laboratory scale. 

The foam process was one variation of the liquid phase synthesis [24-29]. 
During 1939 to 1944 Farben was developing a liquid-phase operation in which 
iron powder, prepared from iron carbonyl, was mixed with oil and the gas 
contacted with the liquid suspension [30, 31] using a process scheme as 
outlined in Fig. 6. 

Michael [31] reports that laboratory reactors of 3 m height and 6.6 and 
16.5 cm i.d. were utilized. These reactors were fitted with an internal central 
tube along the axis of the reactor. Because the gas bubbles rose in the annular 
space between the reactor wall and the inner tube, the density of the slurry in 
the annular space was lower than the essentially gas free slurry inside the 
smaller tube. The difference in density caused rapid circulation of the slurry 
within the reactor. In today’s language, the inner tube would be a downcomer 
tube. When they constructed a pilot plant reactor identical to the laboratory 
reactors except that the volume was 300 L (2.0 m diameter), difficulties were 
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encountered. If the circulation was interrupted for some reason, the catalyst 
would settle and, upon re-starting, the gas flow was insufficient to cause the 
catalyst to become uniformly suspended. The concentration of the catalyst at 
the lower portion of the annular space of the reactor provided a density that was 
greater than the slurry in the downcomer so that circulation could never be re¬ 
started. For this reason, a pump was installed and, for convenience of 
maintenance, placed outside the reactor vessel as shown in Fig. 4. A reactor of 
this design with a 0.5 m diameter and 8 m tall (1.5 m^ volume) was constructed 
and operated satisfactorily.A larger 1.5 m diameter and 8 m tall (14 m^ volume) 
reactor was constructed but was not operated because of a shortage of synthesis 
gas because of wartime problems. 



Figure 6 Schematic of the FT reactor unit for the foam process [31]. 
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It was found to be difficult to operate the suspended catalyst because the 
formation of high molecular weight products of limited solubility caused the 
catalyst particles to agglomerate and settle [24, 32], Frequently they 
experienced thick deposits of iron catalyst around the wall of the reaction 
vessel, and especially in the upper portions of the reactor. 

2.1.1.3 Duftschmid process. 

One Farben development [33-35] consisted of an oil recycle process in 
which a cooling oil was passed concurrently with the synthesis gas over 
granules of an iron catalyst (fused or sintered iron that was doubly promoted 
with aluminum and potassium oxides, or with titanium, manganese and 
potassium oxides). Cooling was effected by recycling the oil heated by the 
exothermic reaction through an external heat exchanger. The process was 
operated at a pressure of 20 to 25 atm (2.02-2.53 MPa) and a temperature of 
260 to 300“C in the first stage, and 280 to 330 °C in the second stage if one was 
used. The throughput of synthesis gas (H 2 /CO = 0.8 for this example) was 
controlled to yield about 0.5 kg of total product per litre of catalyst per day. 
The yield of C 3 + hydrocarbons was about 150 grams per cubic metre of 
synthesis gas (H 2 /CO = 1 for this example) and was distributed as follows: 16% 
C3 and C4 (85% olefins), 40% gasoline boiling to 200°C (50% olefins), 20% gas 
oil (25% olefins), 20% paraffin wax and 4% alcohols, largely methanol and 
ethanol. The crude gasoline had a research octane number of 62 to 65 and the 
gas oil a cetane number above 70. Some of these patents were assigned to the 
Standard Catalytic Company. The Standard Catalytic Company was established 
by six U.S. petroleum companies to develop processes for the production of 
synthetic fuels, and included an agreement with Farben. Following World War 
II, legal actions divided the holdings of the Standard-Farben company. Jersey 
received complete possession of 544 patents and ownership of Standard 
Catalytic Company. Jersey retained half-ownership of another 254 
patents.Benson et al. [36] report that after the preliminary work by F. 
Duftschmid, et al., as described above, a pilot plant with a reactor of 0.2 m 
diameter and 6 m height (about 0.75 m^) was constructed during 1936 and 1937 
and that it was operated, first at pressures of 100 atm (10.1 MPa) and then at 15 
to 20 atm (1.5 to 2.0 MPa). In 1938 a larger plant with a 0.5 m diameter and 6 
m height (4.7 m^) was operated. The recirculation rate was high, 9-12 reactor 
volumes of catalyst/oil was recirculated each hour [37]. At the end of the war 
they were planning a 40,000 ton/year (860 bbl/d) plant for this process [37]. 

The Duftschmid process was considered to be different from the one 
developed by Ruhrchemie (described below) since the entire bed of solid 
catalyst is immersed in oil [36]. However, Farben obtained a patent [38] in 
which oil was sprayed onto the catalyst in a fixed bed. The liquid passed in the 
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same direction as the gas. They indicated that, while it was desirable to always 
have a thin layer of liquid present on the surface of the catalyst, it may be 
advantageous to temporarily interrupt the trickling in order to cause a brief 
increase in the temperature of the catalyst, in effect, a catalyst rejuvenation step. 

An early German liquid-phase reactor involved an arrangement of trays, 
each containing catalyst particles, that were contained in a cylindrical vertical 
reactor that was fitted at the top with a reflux condenser and an arrangement for 
removal of liquid at the bottom of the reactor [35, 39]. Experiments were 
conducted in a 7-tray reactor, 4.5 cm diameter and 60 cm tall, with up-flow of 
the reactant gas. 

2.1.1.4 Ruhrchemie 

A general license for the FT process developed at KWl was assigned to 
Ruhrchemie AG in Oberhausen-Holten on October 27, 1934. Independent of 
this licensing agreement, Ruhrchemie had started construction of a pilot plant 
on their own and had acquired the services of Otto Roelen, who was glad to 
leave the KWI since his relationship with Fischer was not entirely satisfactory 
[20]. Roelen is credited with much of the experimental success at both KWI and 
Ruhrchemie. In addition to his excellent experimental capabilities, Roelen had 
outstanding scientific and technical abilities. His keen intellectual curiosity led 
him to discover the Oxo process by concluding correctly and in contrast to the 
views of others that the recirculation of ethene to the FT reactor led to the 
formation of additional Cs-products, especially C 3 -oxygenates. 

Their reactors had a vertical tube 6 m in height that was inside a larger 
tube where oil circulated to remove the heat of reaction. The reactor volume of 
one was 55 L and a second reactor had 85 L of slurry volume. Because 
significant quantities of oil were carried over, even with a wider head at the top 
of the larger reactor, a reflux condenser was operated to return heavier oil to the 
reactor. Heavy products were withdrawn from the reactor through a filter stick 
immersed in the slurry. Initially a ceramic plate was used to generate small gas 
bubbles of feed gas, but the catalyst settled and plugged the plate when the 
operation had to be interrupted, even temporarily. The plate was replaced by a 
simple copper capillary tube which never blocked and, based on the conversion, 
operated to produce fine bubbles of syngas just as well as the ceramic plate. 

They concluded that for commercial scale operation, it would be better to 
limit the conversion in the stage I reactor and to use reactors in series. This 
operational mode was claimed to limit methane formation and extend catalyst 
life. 

The usage ratio (the ratio H 2 /CO converted), when CO conversion was in 
the 70-75% range, as when operating a single stage, was usually 1.4-1.5; 
however, if the reactor was operated at lower conversion levels the usage ratio 
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could be reduced to about 0.9. With two stages together, the usage ratio was 
1.24-1.28, which was essentially that of the feed syngas. They had an objective 
of making the feed and usage ratio the same for each reactor in the series, but 
apparently never attained this goal. 

Ruhrchemie [40] worked to develop a modified liquid-phase process in 
which finely divided cobalt-thoria-magnesia-kieselguhr catalyst was suspended 
in oil boiling between 240 and SOO^C. During the synthesis, water was injected 
into the slurry where it vaporized to maintain control of the slurry temperature. 
The presence of a high water partial pressure, as must be present in this 
operation, implies that oxidation of their cobalt catalyst did not occur to an 
extent that it was a problem. An alternative explanation is that the activity of the 
catalyst was so low that the change could not be detected. With H 2 /CO = 2, 10 
atm. (1.01 MPa) and 2.5 L/gCo/hr at 190-210“C, 172 g of liquid and solid 
hydrocarbons per cubic meter were produced, with 90% of the liquid product 
boiling below 300“C. By the end of the war, the work had not progressed to the 
large-scale pilot plant stage [41]. 

Ruhrchemie workers also developed a version of the oil recirculation 
process. Their process utilized a fixed bed of catalyst that was sprayed 
continuously with an oil that was added through a device that was designed to 
provide a uniform distribution of oil across the radial dimension of the catalyst. 
The intent was to have the oil maintain the catalyst free of wax and to remove 
the heat of reaction by the latent heat of vaporization of the added oil [37]. It 
was not made clear how the added oil could wash the wax from the catalyst 
through the bottom of the reactor and, at the same time, be evaporated to 
maintain the temperature. 

2.1.1.5 Summary of early German reactors 

Sie and Krishna [15] provide the following summary of the early German 
reactor designs: 

1) Fixed-bed reactor with internal cooling operating at high conversion in a 
once-through mode. The catalyst was packed in a rectangular box and 
water-cooled tubes fitted with cooling plates at short distances were 
installed in the bed to remove the reaction heat. This type of reactor was 
applied in the atmospheric synthesis process (‘Normaldruck Synthese’). 

2) Multi-tubular reactor with sets of double concentric tubes in which the 
catalyst occupied the annular space, surrounded by boiling water. This 
type of reactor was applied with gas at medium pressure in a once 
through mode (‘Mittedruck Synthese’). 

3) Adiabatic fixed bed reactor with a single bed, large recycle of hot gas 
whichwas cooled externally (TG-Farben/Michael Verfahren’). 
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4) Fixed-bed reactor with multiple adiabatic beds, inter-bed quenching with 
cold feed gas, recycle of hot gas and external cooling (‘Lurgi 
Stufenoven’). 

5) Adiabatic fixed-bed reactor with large recycle of heavy condensate 
passing in upflow through the bed. The liquid recycle stream was cooled 
externally (‘BASF/Duftschmid Verfahren’). 

6) Slurry reactor with entrained solid catalyst, large recycle of hot oil and 
external cooling (‘BASF Schaumverfahren’). 

The above reactors are mainly of historical interest since they offer limited 
scope for large scale conversion. The commercially applied reactors mentioned 
above under 1 and 2 had very small production capacities by current standards, 
viz., of the order of 15 bbl/day. At the low gas velocities associated with once- 
through operation at relatively low pressures and temperatures, heat transfer 
rates from the bed to the cooling surface are so low that a very large cooling 
area is required, which is a severe limitation for further scale-up. 

The other reactors with external cooling need very large recycle streams to 
take up and transport the generated heat out of he reactor. This gives rise to 
high pressure drops and very high energy consumption for gas or liquids 
circulation, if the reactors were to be applied on a large scale. 

2.1.1.6 Summary of later German developments 

The following summary was provided by Sie and Krishna [15]: 
Developments in the period shortly after World War 11 (in some cases based on 
concepts generated somewhat earlier) led to reactors with increased potential 
for large scale application. The main ones are: 

1) A multi-tubular fixed bed reactor operated with gas recycle at moderate 
per pass conversion, instead of once through operation aiming at 
maximum conversion as in the earlier mentioned ‘Mittedruck Synthese’. 
This reactor, applied in the ‘Arge Hochlast Synthese’ developed by Lurgi 
GmbH and Ruhrchemie A.G., had a production capacity of about 400 
bbl/day. This substantially increased the production rate compared to 
previous commercial fixed-bed reactors (by a factor of about 25). This is 
a result of higher temperatures and pressures, a more even reaction rate 
profile over the reactor length and improved heat removal as a result of 
higher gas velocities. A commercial plant based on the Arge process was 
installed by Sasol in Sasolburg, South Africa in the 1950’s. 

2) Slurry reactor in which synthesis gas is contacted in a bubble column with 
a slurry of fine catalyst suspended in liquid. In the process developed by 
Rheinpreussen AG and Koppers GmbH in the early 1950’s, reaction heat 
is removed internally by cooling pipes immersed in the slurry [42-45]. 
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The development studies culminated in the operation of a semi¬ 
commercial reactor. For this reactor a high (about 90%) conversion of 
carbon monoxide has been reported when operating in a once through 
mode with a low H 2 /CO ratio feed gas at a superficial gas velocity of 
about 0.1 m/s [44]. 

2.1.1.7 RheinpreuPen (Rheinpreussen) 

This company began work on the liquid-phase synthesis about 1937. Most 
of the work was under the direction of H. Kolbel and the work conducted up to 
1945 was summarized by him [37]. The composition of most of the catalysts 
used by Kolbel and co-workers in this early work, as well as in the later pilot 
plant studies, had a composition of Fe:Cu:K20 = 100:0.2-0.5:1.0 and was 
activated 10-20°C above the synthesis temperature. They used a suspension of 
10-20% Fe, a syngas with FI 2 /CO = 0.5 and a space velocity of 75 h'', a very 
low value. The early experiments were conducted in a vessel with 15cm ID and 
3-4 m height with cooling coils either inside or outside. They reported a usage 
ratio of 0.5, as it was reported that no water was present in the products. In this 
and other work, Kolbel reported that diesel and the product olefins, and even 
paraffins, reincorporated extensively to produce heavier products [46-48]. 
Excluding the mass of product formed from the diesel recycle fluid, 180 g 
product was formed from a m^ of synthesis gas. With this catalyst they reported 
that methane was not formed. The synthesis products were obtained by 
withdrawing oil and catalyst, filtering, and returning the remaining catalyst 
slurry to the reactor, all operations being conducted under synthesis gas [37]. 

Kolbel and Ackermann [49, 50] obtained patents for an apparatus for 
carrying out gaseous catalytic reactions in liquid medium. The reactions 
included Fischer-Tropsch synthesis. It was stated that “the [Fischer-Tropsch] 
synthesis according to known processes is feasible without trouble in a reaction 
space of up to 20 cm [7.9 in] diameter. With increasing horizontal diameter of 
the reaction space the amount of gas conversion decreases and it is always more 
difficult to maintain a constant gas conversion. The larger the horizontal 
diameter of the reaction space, the more the liquid substance leans toward 
changing from stationary state to a state of vertical rotation. [Vertical rotation 
occurs when] the liquid flows downwardly along the surface of the wall and 
flows along the bottom to the middle of the reaction space, whereby it is drawn 
out by the gas bubbles leaving at the middle of the bottom. The compressed 
central gas stream flows along with the liquid toward the top whereby the 
firmly compressed gas bubbles combine to form large elongated gas bubbles. 
Only at the upper reversal point of the liquid, in the vicinity of the surface of the 
column of liquid, does the gas spread out horizontally across the transverse 
section and the large gas bubbles are partially decomposed.” 
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As Kolbel and Ackermann illustrate, the liquid flows upwardly in the 
interior of the reactor tube and flows downward along the wall side of the 
reactor. They indicated several disadvantages that accrue from this situation, 
including: 

1) decreased gas conversion, 

2) occurrence of secondary reactions, 

3) increased catalyst damage, and 

4) increased catalyst aging. 

These authors state that, for reactions like Fischer-Tropsch synthesis 
where the gas composition changes with conversion and where the products 
admix with the unconverted gas, “...the gas conversion should be as complete as 
possible on passing the gas through once..." The authors indicate that, prior to 
their patent, none of the available operations permit "...maintaining the liquid 
medium and the suspended catalyst stationary and nevertheless permitting the 
gas bubbles in uniform size and distribution to pass vertically through the liquid 
medium at equalized velocity...” The authors indicate that the disadvantages of 
the liquid and catalyst circulation can be overcome in a cylindrical reactor with 
a horizontal diameter of more than 30 cm and up to 3 m or more and more than 
1.5 m in height, and a gas head space above the liquid at least as large as the 
reactor diameter. To provide within the reaction zone a stationary catalyst and 
liquid condition, the large reactor shell is subdivided into similar, vertical shafts 
which are open at top and bottom that have liquid-tight casings and a diameter 
of at least 5 cm. The shafts should terminate above the expanded liquid level; 
i.e., in the free-board gas space. Because of the flows in the bottom of the 
reactor, it is stated that each of the shafts, in the centre as well as at the wall 
region, receive the same amount gas. While there is circulation of the liquid in 
the sump (bottom of reactor), “...there are formed in the shafts extremely 
stationary liquid columns whose expansion depends on the amount of gas.” 

The authors indicate that in certain cases, as in the Fischer-Tropsch reaction, it 
may be an advantage to allow the temperature to rise toward the top of the 
reactor, and provisions are described which would allow for this to occur. 
Thus, as the partial pressure of the reactants decrease, the higher temperature 
will be able to compensate, completely or partially, by having the rate increase 
to compensate for the partial pressure decrease. 

In spite of patenting the concept of using vertical baffles to inhibit 
backmixing, there is no indication that this was ever applied. 

Kolbel and co-workers operated a large demonstration plant with a reactor 
that was 1.55 m in diameter and 8.6 m in height. Until the start-up of the slurry 
reactor by Sasol, the Rheinpreussen-Koppers demonstration plant was the 
largest slurry reactor that had been operated successfully. Kolbel states that at 
the time that most work was conducted using the demonstration plant (1952-53) 
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the operation was confined almost exclusively to the production of gasoline 
[51]. 

The results of the operation of this plant and the smaller laboratory scale 
slurry phase reactor produced data that have become the ‘standard’ that is used 
to compare with other slurry phase studies. As indicated above, a typical 
catalyst used by KQlbel in this plant would have a composition of Fe;Cu:K20 = 
100:0.1:0.05-0.5; thus, it would be consistent with the objective of producing 
gasoline range material, and not high molecular weight reactor-wax. 


Table 4 

Operating data and results of‘liquid-phase synthesis’ for one-step operation with 
a single passage of the gas over iron catalysts (from Ref 51) _ _ _ 


Effeetive reaction space (volume suspension 
including dispersed gas) (L) 


Catalyst (kg Fe) 


Synthesis gas pressure (bar) 


Synthesis gas (volume ratio. CO;H 2 


Quantity of synthesis gas (Nm^/hr) 


Total CO + H 2 used (Nm /hr) 

Per m^ of reaction chamber (Nm^/hr) 
_Per kg of Fe (Nm^/hr)_ 


Average synthesis temperature. °C_ 


CO conversion, % 


CO + H 2 conversion, % 


Synthesis products referred to CO + H 2 used: 
Hydrocarbons Ci’'(g/Nm^) 

Cf+ C 3 (gW) 

_C 3 ^ (g/Nm^)_ 


O-containing products in the synthesis water 

(g4W)_ 


Space-time yield of Cs’^ products including 
O-products in 24 hr (kg/m^ of reaction chamber) 
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At the conversion level shown in Table 4, only 178 g of hydrocarbons 
were produced per gas. From the original paper in German, it is not possible 
to tell whether this volume of gas refers to the amount of gas fed or to the 
amount of gas converted. Even if it is taken as the amount fed, at the 90% 
conversion level, more than 178 g. of hydrocarbons should have been produced. 
For example, in the Mobil runs more than 200 g of hydrocarbons was produced. 
Sasol workers indicate that they could not repeat Kdlbel's results in their early 
studies [10]. Kolbel et al. report that through polymerization of lower olefins, 
about 18 g of alkylate gasoline can be produced for each m^ of syngas that was 
converted. 

When the alkylate gasoline was mixed with the reformed gasoline (112 
g/Nm^ CO+H 2 ), 130 g/Nm^ CO+H 2 of finished gasoline could be produced. 
For a CO conversion of 91%, the H 2 + CO conversion was 89%; the feed gas 
ratio was H 2 /CO = 0.67. With this gas ratio the only way that Kolbel could have 
obtained such similar high CO and CO + H 2 conversions would be to operate so 
that the single pass conversion was 50-60% and to recycle the unconverted gas. 

It has not been widely appreciated that much of the work that Kolbel 
reports has been conducted under conditions designed to produce gasoline; in 
this mode the demand on wax/catalyst separation is minimal. Thus, much of 
Kolbel's work can be viewed as being conducted under conditions that make the 
operation of a slurry reactor much easier than the current goal of operating to 
maximize the reactor-wax fraction to subsequently hydrocrack to produce diesel 
fuel. 

Kolbel stressed that the low viscosity and surface tension of the liquid was 
crucial for maintaining the small bubble size needed to maintain gas-liquid 
mass transfer. Kolbel maintained the view that it was necessary to establish 
upper limits upon the solids content of the slurry in order to maintain a low 
viscosity. Kolbel and coworkers obtained very low methane for the distribution 
of the other products that they reported. In spite of the question regarding mass 
balance, Kolbel and co-workers provided a strong scientific and engineering 
basis for further work. 

It seems that Kolbel and Ackermann anticipated that the slurry phase 
reactor may be applied with catalysts other than iron; to higher H 2 /CO ratio 
syngas and to wax production. The following extracts from a 1954 patent 
assigned to Rheinpreussen [52] are relevant to modern slurry phase reactors: 
“Within a further embodiment of the invention, we find it possible to so adjust 
the conditions that our novel process may be adapted to any particular synthesis 
mixture whether rich in hydrogen or rich in carbon monoxide. When utilizing in 
the iron contact synthesis a mixture rich in hydrogen the water produced in the 
reaction enters with part of the carbon monoxide into a water gas equilibrium 
reaction which results in the partial removal of carbon monoxide thus 
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withdrawing it from the hydrocarbon synthesis and causing lower yields of 
synthesis products. 

We have discovered that it is possible to substantially eliminate this 
disadvantage and to effect, even with gases rich in hydrogen, a practically 
complete utilization of the carbon monoxide with a maximum yield of synthesis 
products per cubic metre of synthesis gas used. This result is obtained by 
effecting a reduced gas-catalyst contact period which may be obtained by so 
adjusting the rate of flow of the synthesis gas through the suspensions that the 
same remain in individual contact therewith for only a relatively short period of 
time. The suspension of catalyst, however, is then repetitiously contacted with 
the synthesis gas whereby each individual contact is at a relatively high velocity 
or rate of feed through the suspension while the aggregate of the contacts per 
time unit fall within the general rate of gas flow limitations specified in 
accordance with the invention.” (Thus high gas flow with recycle operation is 
taught.) 

“Thus for instance gases rich in hydrogen (for example 2 H 2 : ICO) are run 
at a velocity or rate of flow through the suspension up to fifteen times as high as 
that employed for gases rich in carbon monoxide (for example IH 2 : 2CO). This 
fifteen times velocity applies to each individual contacting, and the gases 
having passed the suspension at that rate of flow, are then re-contacted with 
catalyst suspension for a sufficient number of times within the general 
aggregate limits of rate of flow in accordance with the invention until 
substantially all the carbon monoxide is utilized. This repetitious contacting 
may be done by either recycling the emerging gases in each case through the 
same suspension at the higher rate of flow mentioned or by passing these gases 
into and through successive stages of a multiple stage synthesis unit.” (Thus 
multiple reactor stages are taught.) 

“When recycling part or all of the tail gases in accordance with this 
procedure, we have found it of advantage to add a certain amount of fresh 
synthesis gas to the mixture. Depending upon conditions affecting the 
conversion ratio H 2 :CO such as pressure temperature, nature of catalyst and 
rate of fresh feed, we have found it of advantage to select the ratio of recycle or 
tail gas to fresh feed gas about 2 to 5 times as high as the volume ratio H 2 :CO in 
the fresh feed gas. 

When using multiple stage synthesis, the process involves a passage of the 
catalyst suspension from stage to stage to meet in each stage fresh synthesis 
gas. 

We have also sometimes found it of advantage to add a suitable additive 
affecting surface tension of the oil in the catalyst suspension. 

In the process between 180 and 195 g of hydrocarbons are formed out of 
the normal cubic metre of applied H 2 +CO , the properties of which are variable 
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within a wide margin, depending on operating and catalyst conditions 
permissible within the scope of the invention. For instance, products can be 
produced which predominantly consist of Cs-Cg olefins with a considerable 
percentage of iso-hydrocarbons, or hydrocarbons predominantly solid at normal 
temperature both with a high and low degree of branching and both with a high 
and low olefin content.” 

2.1.2 The Netherlands 

International Hydrocarbon Synthesis Co (N. V. Internationale Koolwaterstoffen 
Syntheses Maatschappij, The Hague, The Netherlands) was reported to employ 
a form of the recycle technique that utilized vapour-phase synthesis in the first 
stage and this stage was followed by a liquid-phase operation that utilized a 
catalyst suspended in oil. The two reactors were separated by a product 
condensation unit [30], However, the reference given for this work appears to 
apply only for an oil recirculation liquid-phase process that has the features of 
those described above [53]. This company obtained many patents covering FTS 
during the 1930s but only a limited number apply to liquid-phase synthesis. 

2.1.3 United Kingdom 

The Fuel Research Station at Greenwich first utilized fixed bed reactors 
that had a reaction space up to 50 litres volume and in 1947 began work on the 
fluidized bed reactor. In 1949 work began on the liquid-phase technique. Hall et 
al. [54] compared fixed bed, fluid-bed and liquid-phase reactors and in 1952 
concluded that the maximum selectivity and flexibility could be obtained with 
the liquid-phase system. The decision was made to construct a pilot plant, based 
primarily on the fact that the liquid-phase reactor was the only one that could be 
operated with the CO-rich gas produced in a slagging coal gasifier. Pilot-scale 
operations were initiated at Greenwich and transferred to Warren Spring 
Laboratory in 1958. A plant was to produce up to 385 L of product/day and to 
operate at pressures up to 20 atm (2.02 MPa) and reaction temperatures to 
300‘’C was operated. The reactor had a 9.75 inch (23.5 cm) internal diameter 
and was 28 ft tall (8.5 m), allowing a reactor volume of 273 L. Initial problems 
were encountered in the settling method they used for wax separation from the 
catalyst slurry and from carbon formation which increased the viscosity of the 
reactor contents to the point of near-gellation. 

The operation of the British plant was terminated about the time that they 
had solved most of the operating problems and considered themselves to be at a 
point where they could operate to produce reliable data. The operation became a 
casualty due to the discovery of a plentiful supply of petroleum in the Middle 
East. Low catalyst activity and rapid catalyst aging were problems that limited 
the usefulness of the data produced during the period of operation of the plant. 
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Dreyfus, a British citizen who assigned U.S. patents to the Celanese Corp., 
described a liquid phase synthesis for Fischer-Tropsch synthesis [55, 56], In his 
version a catalyst was immersed in a liquid medium which boils at about the 
temperature of the desired reaction. Syngas is bubbled through the liquid 
containing the catalyst and fitted with a reflux condenser to maintain the liquid 
phase. While the inventor indicated that the reaction could be conducted at high 
pressure, he indicated that it had the greatest value when applied to the 
synthesis of hydrocarbons under atmospheric pressure. Cobalt catalysts were 
utilized at a temperature of about 180-200°C and an iron catalyst at a 
temperature of about 250°C. The example utilized a cobalt catalyst that was 
promoted with thoria. Excess liquid products are drawn off by an overflow at 
the desired level, fitted with a liquid seal. 

Dreyfus also described the use of liquid-phase synthesis in the range of 
sub-atmospheric to about 5 atmospheres (5.05 MPa) of pressure [56, 57]. A 
feature of this patent was the use of a metal active for Fischer-Tropsch synthesis 
that was present in a reduced form and at a low concentration. A salt of a 
reducible metal (especially Co, Ni or Fe) that is soluble in the reaction medium 
was indicated. 

2.1.4 United States 

2.1.4.1 U.S. Bureau of Mines 

The U.S. Bureau of Mines constructed and operated a pilot plant that 
utilized oil-recycle in a reactor that was 3 in. (7.6 cm) and 8 ft. (2.44 m) tall 
[36]. After several runs during 1946-47 with co-current downflow of gas and 
liquid over cobalt catalysts, a run was made with the cobalt catalyst completely 
submerged in liquid and co-current upflow of gas and liquid. After it had been 
demonstrated that the unit could be operated with the cobalt catalyst, the later 
runs were made with an iron catalyst. The composition of the cobalt catalyst 
was Co:Th02:MgO;kieselguhr = 100:7:12:200. Since the catalyst bed occupied 
about 0.25 ft^ (0.026 m^), the GHSV was about 800 to 1600 ft' during the 
reduction at 360°C.Following reduction, nitrogen replaced hydrogen and the 
pressure was increased to 40 psig (0.28 MPa). Oil was then admitted to the 
reactor. After the oil was added, syngas flow (GHSV = 100) was started. The 
temperature was slowly increased from 150”C while increasing the pressure in 
small increments, which decreased the rate of evaporation of the cooling oil. 
The temperature was maintained below 175“C, maintaining a gas contraction of 
less than 50%, during 48 hours. The temperature was increased to 180°C during 
the next 24 h., after which the induction was considered complete. The 
conditions were then adjusted as required to obtain maximum productivity. 
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The U.S. Bureau of Mines also operated a larger 8 inch (20.3 cm) diameter 
reactor in the oil-recycle mode [58]. These units were operated with a 
precipitated and a fused iron catalyst that has a very low activity compared to 
the high surface area precipitated iron catalyst. The fused catalyst was used 
because it was hard and seemed to have the physical strength needed for slurry 
operation. Some experimental operating problems made it difficult to maintain 
constant temperature during significant portions of the runs. While it was 
demonstrated that this mode of operation was viable, little else was obtained 
that merit further consideration here. 

The following summary was provided by Sie and Krishna [15]; 

“Three-phase fluidized bed (ebullated bed, also called ebullating bed) 
reactor in which a packing of larger catalyst particles (e.g. 8-16 mesh) is 
expanded by cocurrent upflow of oil and gas. The process studied by the US 
Bureau of Mines features circulation of oil for attaining sufficiently high liquid 
velocities and has therefore been referred to as the oil circulation process. 
Process development studies were carried out in a 3 gallon-per-day pilot reactor 
of 3.2 m length and 7.5 cm diameter and also in a 1 barrel-per-day reactor of 20 
cm diameter with a bed height of 2.4 m.” 

Storch [58], on page 420, describes further development of the slurry 
process by the Bureau of Mines in 1946. Some physical measurements were 
made in lab equipment to determine the gas velocities necessary to keep 
different concentrations of catalyst in suspension. A pilot plant was built and 
operated (See Fig. 7). A slurry depth of 10 ft was used in a 3 in diameter 
cylindrical reactor that was attached to an external downcomer to provide slurry 
circulation. The top of the reactor expanded into a 6 in freeboard section that 
contained a cooling coil to provide reflux to the top of the reactor. An in line 
filter draw-off was provided on the external downcomer pipe. 
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Figure 7 Bureau of Mines slurry phase reactor 

2.1.4.2 Standard Oil (Jersey) (now ExxonMobil) 

In the 1920s it became necessary for Farben to seek funding from 
partners that were located outside of Germany. One company that was targeted 
by Bosch, then head of the company, was Exxon. When the top management of 
Exxon visited the research facilities where Farben was working on the Bergius 
process and other high pressure hydrogenation and hydroconversion processes, 
they were sufficiently impressed to enter quickly into a joint effort that was 






94 


centred on hydrogenation. In the early 1930s Exxon abandoned research on 
hydrogenation. 

Exxon investigated the Fischer-Tropsch hydrocarbon synthesis process, 
developed by Ruhrchemie, A.G., which converted brown coal into liquid fuel. 
In 1938 and 1939, patents for this process outside Germany were transferred by 
Ruhrchemie to Hydrocarbon Synthesis Corporation, in which Standard Oil 
Development [now ExxonMobil] took 680 shares. Shell and Kellogg 425 each, 
and I. G. Farben 170. Both Great Britain and France considered the building of 
plants using this synthetic process for providing aviation gasoline, but they had 
been unable to accomplish anything by the time the war broke out in 1939. 

It was recognized soon after the discovery of the Fischer-Tropsch 
synthesis that a reactor employing the catalyst in direct contact with a cooling 
oil was an attractive approach to maintain temperature control of the exothermic 
reaction. U.S. patents were obtained by Farben, Standard Oil Development 
Company and Standard Catalytic Company. 

A procedure designed to facilitate removal of the reaction product was to 
pass the preheated synthesis gas into a 50-bubble tray tower at 105 mVhr. A 
suspension containing about 0.34 kg of finely divided nickel catalyst activated 
with magnesium and aluminum oxides per 3.8 L of sulfur-free paraffin was 
charged through the tower at the rate of 20 L/min. The reaction produced about 
385 L of liquid hydrocarbons for each 105 m^ of gas charged [59]. 

2.1.4.3 Texaco (now ChevronTexaco) 

Most of Texaco’s attention during this period was directed toward fluid- 
bed operations such as was utilized at the Brownsville plant. The Brownsville 
plant was developed by a group of companies and utilized a fixed-fluid bed 
reactor. The driving force for this plant was Dobie Keith who founded 
Hydrocarbon Research Inc.. The scale of the operation was small by today’s 
standards: 900 bbl/day of diesel, 200 bbl/day of fuel oil and 300,000 Ib/day of 
chemicals [60]. 

Texaco obtained a patent which provided some insight into the operation 
of a slurry bubble column reactor [61]. While the process equipment and its 
operation are described in much detail, neither experimental data nor examples 
are given. The reactor can be viewed as a grouping of tubes inside a shell. The 
catalyst slurry is circulated through the tubes while the cooling fluid is 
circulated in the space between the tubes and the shell. 

Moore cautioned that the height/cross-sectional area should be large and 
provide an example where the height may range from about 10 to 40 feet (3.1 to 
12.2 m) and have an inside diameter of 1 to 6 inches (2.54 to 15.2 cm). Moore 
taught that the flow of gas should be sufficient such that the ‘flooding velocity’ 
is exceeded and that diluent gases may be used to accomplish this objective. 
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The gas feed rate may be adjusted to give turbulent flow within the reactor 
tubes. The recycled slurry and dispersed gas flow can be adjusted to give rise 
through the reactors in ‘tubular flow’. Presumably, tubular flow can be 
considered to be equivalent to plug flow, as this term is used today. 

A variety of catalyst formulations were presented, including supported or 
unsupported cobalt and iron. Separation of wax from the slurry was 
accomplished external to the reactor and could be operated so that separation 
was accomplished continuously or by filtering the entire catalyst inventory at 
one time. The entire recovered catalyst could be regenerated and returned to the 
reactor or, as an alternative; regeneration could be effected by discontinuing the 
CO feed while continuing the H 2 feed to the reactor while the system was held 
at some elevated temperature. 

In another variation, the liquid-phase synthesis takes place in a reactor 
similar to the one in the above patent but materials are added to alter the surface 
tension to permit the formation of a froth or foam [62]. This was claimed to 
increase the rate of synthesis by materially increasing the area of the liquid-gas 
interface. In one variation, water is introduced into the reactor above the 
entrance of the catalyst/slurry oil entrance. The steam will evaporate and form 
foam which will fill the reactor. The foam, after leaving the reactor, is broken 
and the slurry is separated from the products and recycled. 

Another variation of the Texaco liquid-phase synthesis [63] is similar to 
the Duftschmid process. A solvent is injected between the catalyst layers of 
alternating catalyst and non-catalyst solids. Above each stage in the reactor, 
there is a device for injecting a fluid which, by partial evaporation, effectively 
removes the heat of the synthesis reaction. 

A later Texaco patent (1948) describes many features found in modem 
slurry phase reactor designs [64]. The catalyst particles form a suspension or 
slurry in the liquid. The reactant gases are dispersed in the bottom of the liquid 
column and rise there through undergoing reaction as they do so. A stream of 
this liquid (slurry) is continuously drawn off from the upper portion of the 
liquid column, and either cooled or heated, as the case may be, and then 
returned to the lower portion of the liquid column. The liquid is thus 
continuously recycled through the reaction tower to provide a means for 
controlling the temperature of the reaction. 

The unreacted gases together with vaporous products of the reaction, after 
rising through the liquid column are continuously removed from the top of the 
tower. In addition, the invention permits employing catalyst in relatively fine 
form. A catalyst useful for the hydrogenation of carbon monoxide to produce 
liquid hydrocarbons comprises cobalt, iron or nickel, together with a promoter 
on a supporting material. Gas recycle after cooling, condensing and separating 
liquid products is clearly described. Part of the heat of reaction is carried out as 
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sensible heat of the gases and hydrocarbons leaving the top of the reactor. 
Provision may be made for recycling a substantial amount of the unreacted gas 
and in that way facilitate temperature control. Hydrocarbon products may also 
be recycled. Thus the effluent reaction mixture may be recycled in substantial 
amount such that a relatively low conversion per pass is obtained. 

2.1.4.4 Gulf 

Cornell and Cotton [64] patented a reactor that was dramatically different 
from the others described above. First, the reactor was oriented with its length 
horizontally rather than vertically. This reactor configuration would have 
intellectual appeal, especially where the height of a reactor is important, as it 
may be if the reactor is located on a barge. However, it appears that the 
operation of this plant in a steady-state condition would be an exceptionally 
demanding task. 

2.2 Recently patented features 

Table 5 provides a summary of recent patents relating to various features 
of slurry phase reactor design. From this Table it can be deduced that 
companies that have recently been active in FT slurry phase reactor 
decelopment include Statoil, ExxonMobil, Sasol, ENl/Agip/lFP, Conoco, 
BP/Davy, Syntroleum and Shell. 

Two approaches are followed with respect to the way in which the catalyst 
is used in the reactor. Continuous catalyst rejuvenation or regeneration is used 
in one approach. The other approach is based on the attainment of a lower but 
stable catalyst activity. Slurry mixing to suspend the catalyst and attain a 
uniform reactor temperature is an important consideration for the reactor 
design. Gas mixing is relevant to reactors that target very high per pass 
conversions and is thus more important for the continuous catalyst regeneration 
approach. Separation of wax product from the catalyst is another important 
aspect for the design of modern slurry phase reactors. Other issues are effective 
gas distribution, entrainment separation, cooling methods and methods to start¬ 
up the reactor without damaging the catalyst. 

Some of the patented features from Table 5 provide important advantages 
in comparison to a simple bubble column design but the features in many of the 
listed patents do not provide any significant advantages. Some would not even 
be considered for commercial application even if they were ‘open art’ options. 
The remainder of this chapter should help the reader to distinguish the useful 
features from those that offer little or no value. 
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Table 5 Patents relating to the design of slurry phase reactors 


Patent No. 

Assignee 

Brief Description 

Feature 

US 5,387,340 

Syncrude 

Internal filter 

Catalyst Separation 

US 5,527,473 

Syncrude 

Internal filter 

Catalyst Separation 

EP 0627959 

Statoil 

Internal filter 

Catalyst Separation 

US 5,422,375 

Statoil 

Internal filter 

Catalyst Separation 

US 5,407,644 

Statoil 

Internal filter 

Catalyst Separation 

US 6,069,179 

Statoil 

Internal filter 

Catalyst Separation 

US 5,844,006 

Sasol 

Internal filter 

Catalyst Separation 

US 5,599,849 

Sasol 

Internal filter 

Catalyst Separation 

US 2002/0128330 

Texaco 

Internal filter 

Catalyst Separation 

US 5,770,629 

Exxon 

External filtration 

Catalyst Separation 

WO 00/043098 

ExxonMobil 

Internal filter 

Catalyst Separation 

WO 97/31693 

Shell 

External filtration 

Catalyst Separation 

US 6,096,789 

Agip/IFP 

Hydrocyclone 

Catalyst Separation 

US 6,217,830 

N. Carolina U. 

Solvent 

Catalyst Separation 




Cat. Sep./Catalyst 

US 6,462,098 

Sasol 

Optimum catalyst size 

Size 

ZA 855317 

Shell (Gulf) 

Optimum catalyst size 

Catalyst Size 




Mixing/Catalyst 

US 3,901,660 

Hoechst 

Downcomer/filtration 

Separation 

Mixing/Catalyst 

US 5,811,469 

Exxon 

Downcomer/filtration 

Separation 



Second solid improves 


US 5,157,054 

Exxon 

suspension 

Mixing 

US 5,252,613 

Exxon 

Secondary suspension fluid 

Mixing 

US RE37,229 

Exxon 

Downcomer 

Mixing 

US 5,332,552 

Exxon 

Draft tube 

Mixing 

US 5,348,982 

Exxon 

Slurry bubble column 
Downcomer with gas 

Mixing 

US 5,382,748 

Exxon 

disengaging 

Gas and solids reducing 

Mixing 

US 5,866,621 

Exxon 

downcomer 

Mixing 

US 5,962,537 

Exxon 

Multizone downcomer 

Small catalyst particle 

Mixing 

US 6,090,859 

Exxon 

addition 

Mixing 

US 6,201,031 

Sasol 

Multiple downcomer 
Multistage bubble column 

Mixing 

US 5,827,902 

Agip/IFP 

reactor 

Mixing 

US 5,869,541 

Agip/IFP 

Static mixer 

Mixing 

US 20030109590 

ENI/Agip/IFP 

Controlled liquid mixing 

Mixing 

US 5,961,933 

IFP 

Liquid recirculation 

Slurry bubble column with 

Mixing 

US 6,348,510 

ENI/Agip/IFP 

liquid upflow 

Mixing 
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Patent No. 

Assignee 

Brief Description 

Feature 

US 2003014543 

Conoco 

Well-mixed gas phase 

Mixing 

WO 01/94499 

BP 

Liquid circulation system 
External slurry recycle and 

Mixing 

WO 01/94500 

BP 

gas recycle 

Mixing 

WO 02/26667 

Davy 

Slurry circulation 

Mixing 

WO 02/096836 

B P/Davy 

Continuously stirred reactor 

Mixing 



Tubular loop reactor with 

Mixing/Mass 

WO 02/096S32 

BP/Davy 

high shear mixing zone 

Transfer 

Mixing/Mass 

WO 02/096837 

BP/Davy 

High shear mixing zone 

Transfer 



Gas/catalyst contact before 

Mixing/Mass 

WO 02/097011 

BP/Davy 

high shear mixing zone 

Transfer 

US 5,384,336 

Exxon 

Tube side slurry 

Cooling/Mixing 

US 5,409,960 

Exxon 

Pentane coolant 

Cooling 

WO 2002100981 

ExxonMobil 

G.K. Boreskova 

Ribbed cooling tubes 

Cooling 

RU 2156650 

Inst of Catalysis 

Condensate return 

Cooling system 

Cooling 

ZA 2002/9907 

Sasol 

configuration 

Introducing liquid coolant 
into reactor with high shear 

Cooling 

WO 02/096841 

BP/Davy 

mixing zone 

External cooing of slurry to 

Cooling 

WO 02/097010 

BP/Davy 

high shear mixing zone 

Cooling 

EP 824961 

Shell 

Sparger 

Gas Distributor 

US 5.905,094 

Exxon 

Grid 

Gas Distributor 

US 20030027876 

ExxonMobil 

Grid 

Gas Distributor 

ZA 2002/9581 

Sasol 

Sparger 

Gas Distributor 


Battel le 


Bubble 


Development 

Hybrid bubble 

Column/Ebullating 

US 4,589,927 

Corporation 

column/ebullating bed 

Bed 

US 4,256,654 

Texaco 

Iron catalyst ebullating bed 

Ebullating Bed 

US 5,776,988 

IFP 

Ebullating catalytic bed 

Ebullating Bed 




Entrainment 

US 4,139,352 

Shell 

Gas-liquid separator 

Solution 

Entrainment 

US 5,866,620 

Shell 

Freeboard scrubber 

Solution 

Entrainment 

US 6,265,452 

Sasol 

Distillation trays 

Solution 
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Patent No. 

Assignee 

Brief Description 

Feature 

US 6,403,660 

Sasol 

Water removal - internal 

Water Removal 

US 20030134913 

Conoco 

Water removal - external 

Water Removal 

US 20030125397 

Conoco 

Water removal - external 

Water Removal 

US 20030027875 

Conoco 

Staged reactors 

High Gas Flow 

US 4,547,525 

Exxon 

Co-fed olefins 

Paraffins converted to olefins 

Olefin Feed 

WO 02/096839 

BP/Davy 

for recycle to reactor 

Olefin Feed 

US 4,626,552 

Exxon 

Process for start-up 

Start-up Procedure 

US 6,512,017 

Sasol 

Handling of a catalyst 

Start-up Procedure 

PCT/1803/00450 

Sasol 

Process for start-up 

Start-up Procedure 

WO 02/059232 

Syntroleum 

Process for start-up 

Method to start-up reactor 

Start-up Procedure 

WO 02/096834 

BP/Davy 

with high shear mixing zone 

Start-up Procedure 


3. DESIGN APPROACH FOR MODERN SLURRY PHASE REACTORS 


3.1 Text book teaching 

The starting point should be previous text books that deal with the subject 
of slurry phase reactor design for FT synthesis. A significant book is ‘Bubble 
Column Reactors’ by Professor W-D Deckwer edited by R.W. Field [66]. This 
book was originally published in German in 1985 and an English version was 
later published in 1992. It is perhaps significant that the first patents for modern 
supported cobalt catalysts appeared in 1985 [67] which is the reason why this 
book deals mainly with the design approach for iron catalysts. The content 
draws heavily on the experience from the Rheinpreu|3en demonstration reactor 
that was 1.55m in diameter and 8.6m high. This reactor was fed with coal 
derived synthesis gas with a H 2 /CO ratio of 0.67 at an intermediate temperature 
with the objective of producing mainly gasoline. 

Another relevant textbook: “Gas-Liquid-Solid Fluidization Engineering” 
by Professor L-S Fan [68] was published in 1989. A short six page section 
covers the topic of Fischer-Tropsch synthesis. To quote from this section, “One 
of the most important, and perhaps the most and longest studied application of 
three phase-phase fluidized systems is that concerning the hydrogenation of 
carbon monoxide by the Fischer-Tropsch process in the liquid phase.” 
Reference is made to previous literature reviews published between 1977 and 
1984 that all make use of the Rheinpreu(3en plant as their benchmark. 
According to this author, development on FT synthesis effectively ceased in the 
1960’s with the availability of inexpensive crude oil supplies but revived in the 
1970’s with the advent of unstable and rapidly rising crude oil prices. A notable 
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omission by this author is a reference to the ongoing R&D work at Sasol in 
South Africa which continued from the 1950’s to the present day. 

Fan classifies gas-liquid-solid fluidized systems into 16 different 
variations. The types of system that are most often proposed for FT applications 
are the slurry bubble column and the ebullated (or ebullating) bed. According to 
Fan, the term ‘ebullated bed’ is commonly used in industry to describe what he 
calls a ‘three-phase fluidized bed’ where particles are in ‘ebullation’ induced by 
gas-liquid phases. The term is ascribed to P.W. Garbo in a patent by Johanson 
(1961) to describe a gas-liquid contacting process. According to Fan, the three- 
phase fluidized bed reactor was first used in 1968 for hydrotreating resids in the 
H-Oil process and slurry bubble columns have been used for hydrogenation 
reactions since the 1950’s. 

To quote further from Fan: “ For gas-liquid upward flow with liquid as the 
continuous phase, fluidized bed and slurry bubble column systems are the two 
most extensively investigated three-phase systems involving a solid phase in 
suspension. A diverse range of operating conditions have been labelled slurry 
bubble column operation; indeed, the operating conditions for ‘slurry’ systems 
are loosely defined.” Typical operating ranges for three-phase fluidized beds 
and slurry bubble columns overlap but the terminal velocities of the particles 
used are higher for the three-phase fluidized bed (ebullated bed) systems than 
for the slurry bubble column systems. Thus larger particles will be used for the 
ebullated bed but when using either terminology the solids particle size should 
be mentioned. In general the particle sizes for ebullated (or ebullating) beds will 
be above 100 microns (pm) preferably above 350 microns while those for slurry 
bubble columns will be less than 350 microns. 

In this book the term ‘slurry phase reactor’ is used to include all types of 
gas-liquid-solid reactors that have freely moving solid particles. 

There is now reasonable consensus that catalyst particle sizes between 
about 10 and 200 microns will be optimal for Fischer-Tropsch synthesis [68, 69 
and 70]. The use of larger particle sizes is sometimes proposed, probably due to 
perceived difficulties with designing or operating slurry bubble column systems 
[71, 72]. In particular the separation of the hydrocarbon wax product from the 
catalyst may be thought to be problematic by some. However, Sasol has solved 
this problem using inexpensive proprietary separation techniques. This has been 
applied commercially for both iron and cobalt catalysts. Other companies 
notably ExxonMobil, Statoil, ENI/IFP/Agip and Conoco claim to have suitable 
separation technology but have not yet applied their technology in commercial 
operations. 

In one of their patents [73], ExxonMobil teach the use of a simple slurry 
bubble column reactor with a supported cobalt catalyst to produce wax. This 
patent is somewhat confusing since it describes a non-existent problem of 
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keeping catalyst in suspension while passing gas through a slurry bubble 
column at a velocity between 2 and 25 cm/s. Keeping catalyst in suspension 
was known to be easily achieved [67, 74], They teach an upper size limit of 
about 50 microns [70], so that solids settling behaviour is determined by Stokes 
Law, and a lower size limit preferably above 30 microns to avoid solids 
separation difficulties. They teach no liquid up-flow over and above that 
induced by the withdrawal of liquid products. This approach was also used with 
iron catalyst for the RheinpreuPen reactor. Since solids separation was not an 
important issue for the gasoline operating mode, catalyst size degradation was 
not considered to be problematic for the RheinpreuPen operation. Some Air 
Products researchers working under US Department of Energy (DOE) 
sponsorship proposed the use of very small particles of less than 5 microns [75] 
but this provides no benefit for synthesis performance and the separation of 
solids from the liquid product will be difficult and costly. 

In Chapter 1 of his book, Deckwer begins with a description of‘the simple 
bubble column’ as discussed at the beginning of the previous paragraph and 
then proceeds to describe various modified bubble column designs and bubble 
columns with directional liquid circulation (both internal and external). The 
modified bubble columns include: 

• a cascade of distributors within a single column that divide the 
column into a number of stages; 

• a packed bed 

• a static mixer in the slurry bed 

• use of vertical baffles to segregate the bed. 

It is also significant that all these options for modified bubble columns are 
illustrated with liquid up-flow. There are several subsequent patents that use 
these concepts, in some cases together with some additional features and in 
other cases with questionable validity. 

The most commonly proposed approach targets particles in the range from 
about 30 to 300 microns for a reactor system in which the particles are 
uniformly fluidized by an upward liquid velocity. There are several patented 
techniques to achieve this result [70, 76-83]. This is somewhat surprising since 
this general design approach had been proposed as early as 1948 [84]. There are 
some proprietary features which provide important advantages, for example, the 
use of staged internal circulation devices (downcomers) [78]. Although the 
basic concepts for the design of modem slurry phase reactors are well known, 
there are clearly some pitfalls when it comes to practical implementation. It will 
be preferable to use designs that have been implemented successfully on a 
commercial scale or at least proven on a demonstration scale (e.g. in reactors 
with diameters of around 1 m or more). 
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A 1956 patent assigned to Koppers Company, Inc. [85] probably comes 
closest to describing most of the features that are now proposed for use with 
modem slurry bubble column reactors. This patent describes the following 
features: 

• Enhanced internal slurry circulation 

• Internal cooling 

• Multiple banks of internal coolers using vertical tubes with water as 
cooling medium 

• Staged reactors with product knock-out between stages 

• Oil reflux to uniformly wash the walls of the reactor freeboard zone 
to avoid catalyst deposits on these walls 

• External liquid recirculation to generate an upward liquid velocity 
through the slurry bed 

• High shear mixing zone to generate small gas bubbles with a high 
interfacial area to enhance mass transfer 

• High aspect ratio and relatively high gas velocity for that time 

This patent describes a 1 m diameter and 18 m high reactor with a gas flow of 
more than 4000 mVh at a reaction pressure of 20 atm. (which corresponds to 
about 13 cm/s gas velocity assuming standard conditions for the stated flow). It 
seems that internal slurry circulation using downcomers is now a more popular 
approach than external circulation but the principles remain the same. The use 
of the high shear mixing zone would only be beneficial for catalysts with very 
high activity. This high catalyst activity may perhaps be attained using 
continuous catalyst rejuvenation or with future catalyst advances. The high 
shear mixing zone concept would certainly not have been particularly beneficial 
with the catalysts available at the time that this patent was conceived. 

With the modern approach, which is accompanied by high liquid wax 
yields from the reactor, it is important to avoid particle degradation so as to 
facilitate the catalyst/liquid separation. It is significant that only Sasol [69] has 
claimed to have completely eliminated catalyst degradation for their 
commercial supported cobalt catalyst. 

As with all fluidized bed systems, the selection and design of the gas 
distributor is particularly important and this is emphasised in the Deckwer 
book. Not mentioned is the importance of avoiding practical problems such as 
catalyst attrition; catalyst settling in stagnant zones and blocking of gas 
distributor nozzles. Successful gas distributor designs are usually closely 
guarded trade secrets although some approaches have been patented as can be 
seen from Table 5. Here again, the general principles are well known but there 
are some pitfalls for the design and scale-up of gas distributors that make it 
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preferable to rely on a design that has been applied successfully in a large scale 
commercial reactor. 

An understanding of the mixing behaviour in slurry phase reactors is very 
important for design and scale-up. Deckwer devotes an entire chapter to this 
subject with the title: “Dispersion in Gas-Liquid Flow”. This will be discussed 
in more detail when considering mathematical models for slurry phase reactors. 
Deckwer uses the term ‘dispersion’ to describe all random spreading processes 
in the various phases including back-mixing. Dispersion is usually simplified as 
one-dimensional axial dispersion. To quote Deckwer: “As relations for mass 
transfer are generally a linear function of concentration, one dimensional 
models are normally adequate for bubble column reactors even when strong 
radial functions are in evidence. Radial dispersion phenomena only affect 
reactor conversion and selectivity under conditions of pronounced non linearity 
(reaction not first order, heat effects) plus highly irregular addition of the 
reactants at the same time.” 

Two extremes of mixing are perfect mixing and plug flow. The reactor 
volume may, in the presence of a considerable amount of dispersion (axial 
mixing), become many times greater than that for plug flow, especially when 
conversion is high. Deckwer proceeds to provide mathematical methods to 
describe axial dispersion in the gas and liquid (or slurry) in terms of a 
dispersion co-efficient for these phases which is incorporated into a Bodenstein 
number that characterises the mixing in each phase. The Bodenstein number is a 
special type of Peclet number that is often used to describe axial mixing in so- 
called axial-dispersion models. The higher the dispersion co-efficient and the 
lower the Bodenstein (Bo) or Peclet (Pe) number, the greater is the degree of 
mixing. For a given dispersion co-efficient. Bo (and thus the effect of mixing) 
decreases with increasing column length and phase velocity. 

Another modelling approach that gives the same numerical result is to 
describe mixing in terms of a number of perfectly mixed cells in series. In this 
case the degree of mixing is described by the number of cells in series which 
can be related to a particular Bodenstein number from the axial-dispersion 
model. 

Deckwer recommends certain correlations to predict the liquid and gas 
phase dispersion coefficients. The dispersion coefficients for both phases 
increase as a function of gas velocity and column diameter. However, as Saxena 
[86] later pointed out (1995), these correlations neglect the effect of column 
internals. In a recent paper by Forret, Schweitzer, Gauthier, Krishna and 
Schweich [87], the influence of vertical tubes on the liquid phase mixing has 
been investigated in a 1 m diameter column. This study shows the limitations of 
the one-dimensional axial dispersion model for this case. Due to the highly 
exothermic nature of the FT reaction, FT reactors are densely packed with 
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cooling pipes and other internals are often used to enhance slurry phase mixing 
in order to promote uniform temperatures in the reactor. As a result literature 
correlations should not be used to design FT reactors. This is the reason why 
experience with large scale reactors is essential for the accurate prediction of 
reactor performance particularly at high conversions. The larger the range of 
diameters available, the greater is the confidence in the predictions. Non¬ 
reactive mock-up columns can also be used to obtain mixing data. 

Saxena introduces the term ‘baffled slurry bubble column’ to describe the 
slurry phase reactors with internal surfaces which would typically be used for 
Fischer-Tropsch synthesis. According to Saxena “Most of the available 
literature concerns unbaffled slurry bubble columns and only limited 
investigations have been conducted on baffled columns.” Saxena further states 
that “O’Dowd et al. concluded on the basis of experiments that the use of 
baffles in a sluiry column in general provides a more uniform axial solids 
concentration than an unbaffled column for otherwise identical operating 
conditions. The effect was more pronounced at lower gas velocities (less than 
0.10 m/s).” 

Care must be taken in accepting the above conclusion by O’Dowd as 
being universally applicable since this result may well only apply to the 
diameter of the columns used for the experiments. 

An important observation by Saxena is that measured heat transfer 
coefficients at gas velocities higher than 0.16 m/s are almost constant. Thus for 
higher velocities of industrial interest it is only necessary to make a single heat 
transfer measurement for design purposes. He also points out that the nature of 
the liquid (or slurry) phase is important and that it is adequately characterised 
only by its viscosity value. 

The following extract from the Saxena review is also relevant; 

“Most of the bubble column data have been generated for the semibatch 
mode of operation in which only the gas phase is in continuous flow. It is 
desirable to produce data for a cocurrent gas and liquid or slurry phase, i.e., for 
a continuous mode of operation at different liquid- or slurry-phase velocities. 
This would be particularly useful for actual industrial units which operate only 
in continuous mode. Separation of catalyst particles from the liquid products 
and their recycle to the bubble column reactor is a challenging problem, 
particularly when the particles are small and in the micron-size range.” 

It is unclear why Saxena considered the separation of liquid to be 
necessary for recycle to the bubble column. Downcomers (internal or external) 
or draft tubes can easily be used to achieve the desired slurry recycle without 
the need for liquid separation. 

To continue the Saxena quote: “Uniform distribution of catalyst particles 
in the bubble column is essential for good conversion of gaseous reactants. 



105 


Sufficient experience exists in the literature on this aspect and this has been 
reviewed in this article so that proper design calculations of velocities needed to 
suspend the particles in different fluids of known properties are possible. 
Fortunately, in most operations, the gas velocities are large enough so that the 
accomplishment of uniform suspension of catalyst particles is readily obtained. 
The task is still easier when the catalyst particles are small, as is usually the 
case.” 

Saxena, like Deckwer, relies on the use of the well known sedimentation- 
dispersion model to determine solids concentration profiles. This model was 
developed by Cova [88] and Suganuma and Yamanishi [89] and later refined by 
many investigators [90]. Both Deckwer and Saxena fail to mention (perhaps 
because it is obvious) a significant fact. If the upward liquid velocity exceeds 
the settling velocity of the particles then there can only be a uniform solids 
concentration so that the sedimentation-dispersion model is then no longer 
applicable. This is the likely situation for modern slurry phase reactor designs. 
Patent teaching from US 5,348,982 [73] that applies the sedimentation- 
dispersion theory would obviously not be relevant to such modified slurry 
bubble column designs. 

Returning now to Deckwer, he states: “In some cases the relatively 
sophisticated mathematical dispersion models used for describing bubble 
column reactors may be replaced by more simple versions. When the aspect 
ratio (length/diameter) is small, the liquid phase residence time is similar to that 
of an ideal stirred tank reactor. On the other hand, with a large aspect ratio, the 
gas phase can be modelled as an ideal plug flow reactor .... However, as the 
treatment of bubble column reactor models will show, no general conclusions 
on the effect of dispersion on conversion levels and selectivity can be drawn. 
This is of particular relevance when attempting to define conditions under 
which the more simple models can be used. A simple specification of 
Bodenstein numbers or dispersion values is not enough in this instance. 
Dispersion effects are best considered in combination with mass transfer and 
reaction rates, thus becoming a function of conversion levels.” 

The previous paragraph is highly relevant to certain patents that attempt to 
draw general conclusions regarding slurry bubble column performance based on 
mathematical descriptions of the mixing behaviour alone. Simply put, such 
patents have no scientific basis. This applies to simple bubble columns; baffled 
bubble columns and to modified bubble columns. 

Now considering modified bubble columns, some uncertainty regarding 
scale-up effects can be eliminated by using packing or bubble column cascades. 
Deckwer recommends that the liquid phase dispersion coefficients for packed 
co-current bubble column reactors can be calculated from Heilman and 
Hoffman [91] and Steigel and Shah’s [92] recommendations. The relation 
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derived by Blass and Cornelius [93] is recommended for working out the 
effective cell number for bubble column cascades. Dispersion coefficients in the 
cascade liquid phase should be based on Sekizawa and Kubota’s correlation 
[94]. 

For modified bubble columns with directional liquid circulation which are 
most likely to be used for commercial scale FT reactors, Deckwer provides 
some guidance in his chapter 10. The cell model with back flow (CMBF) is the 
ideal modelling approach for modem slurry phase reactors rather than the axial 
dispersion models (ADM). Quoting Deckwer again: “The CMBF model has a 
number of advantages over the ADM [95, 96]. For example, dynamic 
calculations can be solved numerically, even for non-linear problems, as the 
CMBF constitutes a set of first order differential equations which represent an 
initial value problem and which can be numerically integrated without 
involving convergence problems. The CMBF is also more flexible than the 
ADM, flow ratios and geometric arrangements being relatively easy to model 
mathematically. Hence, this cell model can be successfully used for bubble 
columns in which the liquid phase does not enter the reactor at the top or 

bottom but at a random point along the column.Bubble columns in which 

properties differ between sections and which incorporate non-constant phase 
hold-ups are also satisfactorily described by the CMBF.” 

Deckwer introduces the concept of a dimensionless factor M* which 
describes the ratio between mixing time and characteristic mass transfer time. 
The concentration of dissolved gaseous reactant in the liquid phase does not 
become constant until M < 10 at which point a CSTR (perfect mixing) model 
can be used. 


M* = K|qL^/£i,Ei, (1) 

Ki,a is a measure of the mass transfer rate; L is the reactor length; E|, is the liquid 
fraction in the bed and Ei is the liquid phase dispersion coefficient. 

Calculation of the value for M shows clearly that an assumption of perfect 
mixing in the liquid phase can never be a suitable approach for a commercial 
scale slurry phase FT reactor that may have a diameter of up to about 10 m and 
a bed height of between 20 and 40 m. Common errors have been to 
underestimate the mass transfer rate by failing to consider the effect of rapid 
bubble coalescence and break-up; to overestimate the decrease in fractional 
liquid hold-up with increasing gas velocity and to use correlations for the liquid 
phase dispersion coefficient that are not appropriate for columns with densely 
packed internals. 
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Deckwer [74] defines a relative mass transfer resistance, p, which is the 
ratio of the mass transfer resistance to the sum of the kinetic resistance and the 
mass transfer resistance. Thus 

p = R„/(Rk+Rm) (2) 

Deckwer correctly concludes that mass transfer resistance is small in 
comparison with kinetic resistance. This is in spite of the fact that he was 
probably not aware of the factors that further reduce mass transfer resistance at 
high gas velocities. 

According to Saxena, the above conclusion by Deckwer has been disputed 
and remains controversial. He further states “The magnitiude of P provides a 
quantitative indication of whether the reactor conversion and throughput are 
limited primarily by gas-liquid mass transfer or by chemical reaction, or 
whether both these resistances are significant. Based on a knowledge of p, one 
would determine the design modifications that would have the greatest impact 
on reactor performance. For instance, if severe mass transfer limitations exist, 
one might attempt to increase conversion or reactor throughput by increasing 
the gas-liquid interfacial area. This could be accomplished by modifying the gas 
distributor design to produce smaller bubbles, by optimizing reactor geometry 
to minimize bubble coalescence, or by providing mechanical agitation. 
Alternatively, if the overall reaction rate is found to be limited by the intrinsic 
kinetics, reactor performance could be improved by decreasing gas holdup, 
increasing catalyst activity, catalyst loading, or reactor temperature if possible.” 

Current research is focussed on increasing catalyst activity which is a clear 
indication that chemical reaction resistance is significant. Conversion 
performance is considerably enhanced with very high activity fresh catalysts 
and a decrease in conversion is clearly observable as the catalyst activity 
declines. Upper temperature limits are determined by product selectivity and 
catalyst deactivation considerations. Decreasing gas hold-up and increasing 
catalyst loading go hand in hand but there comes a point when the slurry 
viscosity increases rapidly so that mass and heat transfer suddenly become 
problematic. 

3.2 Subsequent contributions 

Subsequent to the Deckwer text book Krishna and his co-workers made 
important contributions to the model descriptions for slurry bubble columns 
operating at high velocities that are of commercial interest. The desired 
operating regime is known as the heterogeneous or chum-turbulent regime. In 
this operating mode fast rising gas bubbles pass through the slurry bed at 
velocities that exceed 1 m/s. The fast rising gas bubbles are called the dilute 
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phase and it is reasonable to model the dilute phase as being in plug flow. Small 
gas bubbles, which may account for a significant fraction of the gas in the bed, 
tend to follow the slurry flow and to account for a negligible portion of the gas 
through flow. The slurry together with these small bubbles is called the dense 
phase and it can then be described in terms of its mixing behaviour by an ADM 
or CMBF model. 

This modelling approach is analogous to the two phase model used for 
gas-solid fluidization and there are many similarities in the behaviour of the two 
phases in gas-solid heterogeneous fluidization and gas-liquid or gas-slurry 
heterogeneous fluidization. This analogy is very important when it comes to the 
collection of relevant data for successful scale-up. Sasol was in the fortunate 
position of having scaled up the gas-solid fluidized bed Sasol Advanced 
Synthol (SAS) reactors to diameters exceeding 10 m, at similar operating 
pressures and with similar internals, before the designs for large commercial 
slurry phase reactors were prepared. The first FT slurry phase demonstration 
performed at Sasol made use of a retrofitted SAS reactor so that the similarities 
were immediately clear. 

The use of tail gas recycle has been a feature of all commercial FT reactor 
applications. Neither Deckwer nor Krishna and his co-workers deal with this 
feature. Recycle is important for practical commercial reactor designs. It may 
be possible to avoid recycle operation in future if advanced supported cobalt 
catalysts can be made more resistant to catalyst de-activation at high per pass 
conversions. An alternative approach is to take the view that recycle operation 
can be avoided by making use of on-line catalyst rejuvenation. Current 
commercial applications maintain a lower but stable catalyst activity and obtain 
the desired overall conversion by using a recycle design. This approach is 
inherently safer without any significant cost differences. The stable catalyst 
activity approach requires a recycle compressor to achieve 90% reactant 
conversions and may require a longer bed, depending on the ratio of the catalyst 
activities; on the other hand the catalyst rejuvenation approach requires 
hydrogen production facilities to make the rejuvenating gas at well as a place to 
contact this gas with deactivated catalyst. 

Fox [97] has provided an open literature explanation of the benefit of 
using a recycle approach. He shows that there is a gain in reactor productivity 
with increasing recycle ratio so that there is an engineering evaluation to be 
made as to the best per pass conversion level to design for. He also concludes 
that per pass conversion levels over 90% should be avoided because of the 
sharp drop-off in space time yield (STY). He suggests that 80% conversion per 
pass may be a good compromise between recycle requirements and high 
productivity. From the diagram presented by Fox it seems likely that the 
optimum will more likely be found in the range from 60% to 80% per pass. Fox 
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has correctly identified that Deckwer was misled in the choice of superficial gas 
velocities by the use of a simplified gas hold-up expression that gives much too 
high a gas hold-up (and therefore too low a catalyst hold-up) at superficial 
velocities above 4 to 5 cm/s. To quote Fox: “Operation at 0.15 m/s inlet 
superficial velocity and 35 wt% slurry concentration appears as feasible in a 
Fischer-Tropsch as in a methanol slurry reactor.” Thus the prejudice against 
optimum operation at velocities above about 10 cm/s, created to a large extent 
by the numerous publications by Deckwer, was challenged by Fox in 1990. 
This work by Fox was done for the US Department of Energy (DOE), 
Pittsburgh Energy Technology Centre under Contract No. DE-AC22- 
89PC89867. 

However, Fox also provides some misleading opinions. For example, he 
states that “The limiting factor on conversion in the slurry bubble column is 
backmixing, particularly in the liquid phase, which makes it necessary to use 
lower space velocities than would be required in a plug flow reactor.” He also 
states, “The superficial velocity restriction on a slurry reactor makes it generally 
unsuitable for low conversion, high recycle operation.” This latter statement 
appears to be an unjustified conclusion based on experience with methanol 
synthesis. Fox notes that when reaction rate controls his simplified model 
approach reverts to a CSTR model. Reaction rate does usually control for FT 
synthesis but in reality this means that the behaviour can be closely 
approximated by a model that correctly describes the mixing in the dense phase 
relative to the reaction rate. This should be clear from the preceding discussion 
concerning M . A possible exception is when very high catalyst activities are 
attained with the catalyst rejuvenation approach, then mass transfer may play a 
more significant role and the reactor heights needed may be less so that the 
negative effect of dense phase backmixing is enhanced. It should be recognised 
that the catalyst is less effectively utilised if backmixing and mass transfer 
resistance become significant issues. 

Fox uses a very simple rate expression to describe the FT synthesis that 
can only be justified for low per pass conversion designs. If, as expected, the FT 
reactor is designed using an approach where the reaction rate is controlling then 
it is very important to use the correct rate expression. 

Fox in Ref. 97 determined that a gas velocity of 11.5 cm/s (based on the 
empty reactor shell) would be optimal for a slurry bubble column operating at 
28.3 atm using iron catalyst and low H 2 /CO ratio syngas feed. The calculated 
bed height was 11.69 m to achieve a per pass conversion of 80% giving a 
syngas conversion of 95% with a recycle to syngas ratio of 0.264. At the time of 
this publication, it was well known that the desired hydrocarbon products were 
predominantly wax (chain growth factor at least 0.9 for C20-I- hydrocarbons) 
and that the wax could be easily hydrocracked to yield predominantly diesel 
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boiling range hydrocarbon product. Thus this design uses a higher pressure and 
lower operating temperature than the RheinpreuPen-Koppers demonstration 
reactor to enhance wax selectivity. The following is a comparison of the two 
designs for slurry bubble column reactors using iron catalyst and low H 2 /CO 
ratio syngas feed : 


Table 6 

Slurry bubble column FT reactor designs 


Application 

RheinpreuPen - Koppers 

US DOE (Fox) 

Syngas H 2 /CO ratio 

0.67 

0.67 

Pressure (atm) 

12 

28.3 

Temperature (°C) 

268 

257 

Bed height (m) 

7.7 

11.7 

Recycle ratio 

0 

0.264 

Conversion % 

90 

95 

Superficial gas velocity at 
operating conditions at 
reactor inlet based on empty 
shell (cm/s) 

9.5 

11.5 


The reactor designs are surprisingly similar. The proposed gas velocity is 
only marginally higher. Although it has been speculated that recycle was used 
to achieve the claimed performance for the Rheinpreupen reactor it is generally 
assumed that this claimed performance was for once through operation. So with 
this assumption, it seems that by using recycle a slightly higher conversion is 
obtained for about the same syngas feed volumetric rate. It is well known that 
iron catalyst productivity increases in direct proportion to operating pressure 
and so the choice of higher pressure is not surprising. If the feed molar flow is 
increased in proportion to the increase in pressure then for the same amount of 
catalyst the conversion and gas velocity remain the same. In principle, even 
higher pressures would be desirable but this would depend on economic and 
technical constraints for the upstream gasification process since syngas 
compression will usually not be cost effective. As pressure and gas velocity are 
increased the gas hold-up increases so a greater reactor height is required to 
hold the same amount of catalyst. It is therefore not surprising that the later 
design has a height increase that is slightly more than the velocity increase. 

What is not clear is why the reactor height was constrained to 11.7 m. 
There is no reason why even higher gas velocities could be used with further 
height increase to maintain the target conversion. 

3.2.1 Gas hold-up prediction 

The gas hold-up is an essential parameter that needs to be known in order 
to design the reactor because it not only determines the reactor pressure profile. 
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it also determines the amount of catalyst which can be held in a given reactor 
volume. For two phase fluidization, the science has developed to the point 
where it is possible to predict the gas hold-up from the physical characteristics 
of the solids and the gas (See Section 5.1). This is not yet the case for slurry bed 
systems where the phase hold-up prediction is much more complex and is 
dependant on properties, such as the liquid phase surface tension, which are 
difficult to predict at the reactor operating conditions. There is also a strong 
influence of the operating pressure on gas hold-up for slurry bed systems. As a 
result, large pilot units are currently required to successfully design commercial 
slurry bed reactor systems. Such pilot reactors should have a diameter greater 
than at least 30cm and should preferably have a diameter of the order of Im or 
larger. The sizes of the largest individual gas bubbles were measured in Sasol's 
Im diameter pilot unit by making use of cross correlation from readings using 
nuclear density measurement devices located at different axial elevations. 

There are no reliable published correlations or methods to predict gas 
hold-up without the aid of suitable experimental data. However, some good 
work has been done to understand the hydrodynamic mechanisms that influence 
gas hold-up. This fact should be kept in mind when reading the subsequent 
discussions. 

The combination of hydrodynamic data from the nominally 1 m diameter 
demonstration reactor, together with kinetic and selectivity data from laboratory 
gradientless slurry bed micro reactors have been combined into computer 
models which have been successfully applied to the prediction of the 
performance of commercial scale reactors [11]. 

The volumetric catalyst concentration Ccai is related to the gas hold-up via: 

W 

^ cai _ _ j_ (-f ' P 

f/f (l ^int ) Pp (3) 

As a rule of thumb, the volumetric gas-liquid mass transfer coefficient for 
a slurry bubble column reactor is roughly proportional to the gas hold-up: 


k, a = C 


( 4 ) 


One of the first publications to suggest the simple Eq. (4), with C = 0.5, was by 
Vermeer and Krishna [98]. 

The earliest recorded formulation of a gas distribution theory is credited to 
Toomey and Johnstone [99] and is known as the two phase theory of 
fluidization. This two phase theory, developed to describe the gas distribution in 
conventional powder fluidized beds, can also be of use in describing the gas 
distribution in a slurry bed (also known as a slurry bubble column). Simply 
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Stated, the theory specified that all gas in excess of that needed to bring a 
fluidized bed to minimum fluidization conditions passes through in the form of 
bubbles. This simple theory is slightly modified by defining a dense phase 
which consists of the aerated powder for gas-solid fluidization or the slurry 
aerated by small bubbles in the case of a slurry bubble column. Gas in excess of 
that required to maintain the dense phase passes through in the form of bubbles 
referred to as the dilute phase. The gas hold-up in the dense phase can be 
determined by means of a bed collapse experiment [100]. In the case of slurries, 
there is no minimum fluidization velocity but there is a velocity at which a 
transition occurs between a homogeneous bubbly regime and the churn 
turbulent regime [66]. This transition determines the dense phase transition to a 
combination of dense and dilute phases as defined by this modified two phase 
theory. This approach was pioneered by Krishna et al [101] who presented this 
concept at an AIChE meeting in 1979 and first published it in 1981 [102]. 

It is important to differentiate the dense phase gas hold-up from the dilute 
phase gas hold-up because the dense phase gas hold-up is not affected by the 
column geometry while, for small diameter columns the dilute phase gas hold¬ 
up is determined mainly by the column geometry. For large diameter columns 
(larger than Im) the dilute phase gas hold-up is surprisingly constant for all 
fluidized systems while the dense phase gas hold-up may vary widely 
depending on the powder or slurry properties. In the case of slurries prediction 
of the dense phase voidage (i.e. gas hold-up in the dense phase) are usually 
unreliable because of the sensitivity to the liquid surface tension which is often 
affected by small amounts of impurities. 

Using the modified two phase theory, the dilute phase voidage can be 
described using the equation: 

8b=(U-Udr)/Ub (5) 

Using the correlation proposed by Werther [103] of Ub = (g db)^" and 
substituting into Eq. (5) gives: 

£b=(U-Udr)/(:)(gdb)'-' (6) 

Following the Darton et al [104] approach, the diameter of a sphere having the 
same volume as the actual bubble, for dispersion heights exceeding h* (where 
h* is the height above the gas distributor where the bubbles reach an 
equilibrium size), is given by : 


d, = a(U-U,,f^ (h* + ho)^''g 


1/5 


for h* < h < H 


( 7 ) 
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Ellenberger and Krishna [101] derived the following equation for H > h* : 

£b = (U - a"' ^ g'^' (h* + hof (8) 

Substituting for db from Eq. (7) into Eq. (6) gives Eq. (8). This shows that the 
approach of Ellenberger and Krishna is consistent with the modified two phase 
theory. 

It is also known that h* is a function of (U - Udr)- Once this functional 
dependence has been determined, equation (8) can be used to describe how the 
dilute phase gas hold-up, Sb > varies with superficial gas velocity U (having also 
determined Udf). 

Werther [103] proposed that for columns with diameters smaller than Im, 
(j) = (l>o which can be used with equation (8) to quantify the dependence 

of dilute phase gas hold-up on column diameter. 

The state of the art as described above was not available during the 
commercialization of the slurry bed reactor technology for the Fischer-Tropsch 
application. Sasol was, however, aware of the importance of column diameter 
and hence was successful in scaling up from the Im diameter Works Pilot Plant 
to the 5m diameter reactor commissioned in 1993. Scale-up to any other reactor 
diameter is now an easy task for Sasol. 

The prediction of the dense phase mixing characteristics of the slurry and 
the influence of column diameter on this mixing behavior is also an important 
scale-up issue. As mentioned previously relevant information can be obtained 
from industrial scale baffled slurry bubble column and fluidized bed systems. 
This point has been emphasized by Krishna, Ellenberger and Sie [105]. 

3.2.1.1 Maximum stable bubble size 

Wilkinson [106, 107] observed that both the maximum stable bubble size 
and the mean bubble size decrease with increasing gas density and decreasing 
surface tension. Letzel [108] explained this quantitatively by a Kelvin- 
Helmholz stability analysis and concluded that the mean large bubble rise 
velocity is inversely proportional to the square root of the gas density (ujb ~ 
(l/po)'*'^)- This is mimicked by the gas density correction factor DF used by 
Krishna [109, 110]. 

On basis of a fundamental mechanistic model including the effect of 
internal gas circulation (especially important at higher gas densities), Luo et al. 
[Ill] arrived at the conclusion that the maximum stable bubble size is inversely 
proportional to the square root of the gas density: 
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- 2.53 


^ a ^ 


V^A;y 


for gas-liquid systems 


( 9 ) 



for gas-slurry systems 


( 10 ) 


where: 

db.max = maximum stable bubble size (m) 
o = surface tension (N m"') 
g = acceleration by gravity (m s'^) 
pG = gas density (kg m'^) 


As a consequence, the rise velocity of a bubble at its maximum stable 
bubble size is proportional to (I/pg)**'^^ as can be deduced by substituting into 
the Taylor-Davies correlation to give: 






2a, 


££ 

A,, 


( 11 ) 


Vb.max = single bubble rise velocity of a bubble at the maximum stable 
bubble size (m s‘') 
o = surface tension (N m'') 
g = acceleration by gravity (m s'^) 

Pg = gas density (kg m'^) 

C = constant, C = 2.53 for gas-liquid systems, C = 3.27 for gas-slurry 
systems (-). 

The actually prevailing bubble size distribution will be determined by the 
dynamic equilibrium between bubble coalescence and bubble break-up, through 
which the mean bubble size is lower than the maximum stable bubble size. The 
bubble size distribution is generally known to narrow with a smaller mean 
bubble size when the gas density is increased [106, 107, 111, 112], because 
bubble break-up is substantially enhanced by increased gas densities. Increasing 
the solid content of the slurry widens the bubble size distribution and shifts the 
mean bubble size to larger values [113]. 


3.2.1.2 Effect of column dimensions 

Wilkinson [106] concluded that the only experimental data relevant for 
design of commercial scale bubble columns are those obtained in bubble 
columns with a diameter larger than the critical column diameter, an aspect 
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ratio H/D >5orH>l-3m and perforated plate or single nozzle with hole 
diameters in excess of 1 - 2 mm as gas distributor. The critical column diameter 
above which the gas hold-up is not influenced by the diameter is usually close 
to 15 cm and can be expected to decrease to some extent with increasing gas 
density and decreasing surface tension. The latter can be explained from the 
reduced wall effect on the rising gas bubbles with decreasing bubble size [114]. 
gives the following correlation to estimate the critical column diameter Dc: 


D,. = 20 




8^{P, -Pu)Pu 


( 12 ) 


with: 

Dc = critical column diameter above which there is no effect of the 
column diameter on the gas hold-up any more (m) 
o = surface tension (N m'') 
g = acceleration by gravity (m s'^) 

Pg = gas density (kg m'^) 

Pl = liquid density (kg m'^) 

Eq. (12) gives a critical column diameter of 0.09 - 0.11 m for gas densities 
of 6 and 10 kg m'^ respectively. 

For megascale FT reactors of the future, with reactor diameters of the 
order of 10 m, the H/D ratio is likely to be in the 3-4 range. Use of 
experimental data obtained in columns with H/D > 5 (quite easy to do this in the 
laboratory) is open to serious question. This point has not been sufficiently 
recognized by academics. 

Porous plate distributors and perforated plate distributors with hole 
diameters < 1 mm are frequently applied in academic R&D, but give higher gas 
hold-ups and interfacial areas, especially at relatively low superficial gas 
velocities and/or low dispersion heights, for industrially relevant gas spargers. 
Care should be therefore taken not to use experimental data from laboratory 
columns equipped with porous plate distributors for the design of an industrial 
column. 

3.2.2 Flow regimes 

The above discussion applies to the heterogeneous or chum-turbulent flow 
regime of industrial interest for FT reactors. It is important to understand the 
boundaries of this flow regime to which the above discussion applies. 

Figure 8(a) gives the generally used map of flow regimes in bubble 
columns [109]. The homogeneous regime occurs in bubble columns at 
relatively low superficial gas velocities. This homogeneous regime is 
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characterized by relatively small gas bubbles, which are dispersed 
homogeneously throughout the liquid phase (no significant radial gas hold-up 
profiles). The transition from the homogeneous regime to the chum-turbulent 
regime occurs at the so-called 1^^ transition velocity. This chum-turbulent 
regime is characterized by the occurrence of two types of gas phases, i.e. the 
small bubble gas phase or dense phase and the large bubble gas phase or dilute 
phase. The small bubbles are homogeneously dispersed over the entire column, 
whereas the large bubbles rise preferentially away from the walls and other 
surfaces where slurry down flow occurs. The large bubbles transport the major 
amount of feed gas through the column at high superficial velocity. As a 
consequence, significant radial gas hold-up profiles may occur in the 
heterogeneous regime with relatively high gas hold-ups around the centerline of 
the column [66]. 
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Figure 8(a) Homogeneous (bubble flow) and heterogeneous (churn-turbulent) flow regimes 
in gas-liquid bubble columns [109]. 


The heterogeneous regime prevails at superficial gas velocities in the 
range between the transition velocity up and the 2"'' transition velocity. 
Noteworthy, using chaos analysis of pressure fluctuation signals, Letzel [115] 
observed that an additional transition occurs within the boundaries of the 
heterogeneous regime for increased gas densities (pc; > 5 kg m'^) and at a 
superficial gas velocity being typically 2-3 times the T’ homogeneous regime- 
heterogeneous regime transition velocity. This “pseudo” transition is explained 
from two classes of large bubbles, from which the sizes mainly overlap at low 
gas densities but are substantially different at increased gas densities. 
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Figure 8(b) Flow regimes and gas hold-up as a function of superficial gas velocity for the 
air-water system at ambient pressure, temperature [116]. Column diameters: 0.02 (•), 0.075 
m (+), 0.25 m (o), and 0.48 m (A). 

The heterogeneous regime is left and a gradual transition from a gas-in- 
liquid dispersion to a liquid-in-gas dispersion (phase inversion) occurs at 
superficial gas velocities above the 2"^* transition velocity, see Fig. 8(b). [116, 
117]. Notice from Fig. 8(b) and Table 7 that this phase inversion occurs 
smoothly over a rather broad range of superficial gas velocities. The on-set of 
the phase inversion - or transition flow regime is further characterized by gas 
hold-ups in excess of 0.65 — 0.7. The on-set of the phase inversion regime can 
be expected to occur at significantly higher superficial gas velocities for 
increased column diameters, because of a reducing effect on the gas hold-up. 
The upper value is not far from the interstitial liquid voidage of a dense ‘packed 
bed’ of spherical bubbles [118]. Increasing the superficial gas velocity beyond 
the upper limit of this transition flow regime results in the occurrence of a 
transported bed regime, where a true dispersion zone with a constant hold-up of 
dispersed liquid lumps occurs up to a certain column height above which the 
liquid hold-up (1 - gas hold-up) decreases exponentially with height [117]. 

The transition velocities depend strongly on the physical liquid properties 
(especially surface tension and viscosity), the gas density and the presence of 
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catalyst particles in the liquid. Table 7 gives specific values for the air-water 
system in a 0.075 m ID diameter bubble column at ambient conditions [116]. 
Table 7 also gives the a-values in the empirical gas hold-up correlation Sq = K 
ug“ for the different flow regimes of air-water at ambient conditions. Notice that 
the transition regime for phase inversion starts for air-water at ambient 
conditions at a superficial gas velocity as high as 1.3 m/s with a corresponding 
gas hold-up in the range 0.6-0.7. As can be seen, the dependency of the gas 
hold-up on the superficial gas velocity becomes increasingly less pronounced 
with increasing gas velocity in the chum-turbulent regime. 

Table 7 

Superficial gas velocity (uo) range, gas hold-up (sg) range and values of a in empirical gas 
hold-up correlation 8q = K u<;“ for the different flow regimes of the air-water system in a 
0.075 m ID bubble column. 


Flow regime 

Homogeneous 
bubble flow 

Chum-turbulent 

flow 

Phase inversion or 
transition flow 

Transported bed 

ug (m s‘‘) 

<0.20 

0.20-1.35 

1.35-5.5 

5.5-13.5 

Sg at regime 
transition 

0.2-0.4 

0.65-0.7 

p 

bo 

1 

o 

- 

a in 8g = Kuc;“ 

0.60 

0.32 

0.22 

0.11 


3.2.3 Scale-up for slurry phase reactors 

The following discussion is based on a paper prepared by Krishna for 
IFSA 2002, held in Randburg, South Africa and a publication in press by van 
Baten and Krishna [119, 120]. 

For successful scale up of the bubble column slurry reactor for Fischer 
Tropsch synthesis, a proper description of the hydrodynamics and transport 
phenomena is needed (gas and liquid hold-ups, gas and liquid (slurry) phase 
mixing, gas-liquid mass transfer, heat transfer to cooling tubes) as a function of 
reactor scale (column diameter and height) and operating conditions (superficial 
gas velocity, system pressure, slurry concentration,...). Most of the above 
mentioned hydrodynamic parameters are inter-related. A scale up strategy is 
presented using Computational Fluid Dynamics (CFD). Experimental results 
from non-reactive hydrodynamic studies have been used to verify the CFD 
model predictions. 

CFD simulations were carried out in the Eulerian framework using both 
two-dimensional (2D) axi-symetric and transient three-dimensional (3D) 
strategies in order to describe the influence of column diameter on the 
hydrodynamics and dispersion characteristics of the bubble column slurry 
reactor for FT synthesis. The results demonstrate that there is a strong increase 
in liquid circulation with column diameter. It is concluded that the 3D Eulerian 
simulations can provide a powerful tool for the scale-up of bubble columns. 
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3.2.3.1 Introduction 

For economic and logistic reasons Fischer-Tropsch conversions are best 
carried out in large scale projects and the capability of scaling up is therefore an 
important consideration in the selection of reactors for synthesis gas generation 
as well as in Fischer-Tropsch synthesis. It is now widely accepted that the 
slurry bubble column slurry reactor is an appropriate reactor type for large scale 
plants with a capacity of the order of 40,000 bbl/day or more. Typical design 
and operating conditions of a Fischer Tropsch slurry bubble column diameter 
for an optimally designed reactor can be obtained, for example, from the 
information given by Maretto and Krishna [121]: 

• The column diameter ranges from 6 to 10m 

• The column height is in the range of 30 - 40 m, 

• The reactor operates at a pressure of between 2-4 MPa, 

• The reactor temperature is about 513 - 523 K, 

• The superficial gas velocity is in the range 0.10- 0.4 m/s depending 
on the catalyst activity and the catalyst concentration in the slurry 
phase, 

• For high reactor productivities, the highest slurry concentrations 
consistent with catalyst handle-ability should be used. In practice 
the volume fraction of catalyst in the slurry phase, Ss, is in the range 
0.3-0.4, 

• For removing the heat of reaction 5000 - 8000 vertical cooling 
tubes, say of 50 mm diameter and 150 mm pitch, will need to be 
installed. 

The success of the process largely depends on the ability to achieve deep 
syngas conversions, say exceeding 95%. Reliable design of the reactor to 
achieve such high conversion levels, requires reasonable accurate information 
on the following hydrodynamics and mass transfer parameters: 

• Gas hold-up 

• Inter-phase mass transfer between the gas bubbles and the slurry 
(Editorial comment: only required for very high catalyst activities.) 

• Axial dispersion of the liquid (slurry) phase 

• Axial dispersion of the gas phase (Editorial comment: plug flow is 
usually a reasonable assumption.) 

• Fleat transfer coefficient to cooling tubes 

Most of the above mentioned hydrodynamic parameters are inter-related. 
For a given column diameter the bubble rise velocity affects the gas hold-up 
and also determines the strength of the liquid circulations and, consequently the 
axial dispersion coefficient of the liquid phase. The distribution of bubble sizes 
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and rise velocities determines the axial dispersion coefficient of the gas phase. 
The heat transfer to the cooling tubes is influenced by the renewal rate of the 
liquid film on the tube surface, which in turn is dictated by the bubble rise 
velocity. Increasing the column diameter has the effect of increasing the liquid 
circulations which enhances the bubble rise velocity; this impacts on all the 
hydrodynamic parameters. For a proper description of the hydrodynamics at 
different scales Computational Fluid Dynamics (CFD) in the Eulerian 
framework can be used. In the CFD model, the interphase momentum 
exchange, or drag, coefficient is obtained from experimental measurements on a 
relatively small scale. 

In order to demonstrate this scale-up approach, experimental studies on 
slurry bubble columns in columns of 0.1, 0.19 and 0.38 m in diameter were 
carried out. These experimental results are compared with CFD simulations. 
Furthermore, CFD simulations for a 6 m column demonstrate the significant 
influence of scale on column hydrodynamics. (Editorial comment: for real 
applications the effect of column internals in the baffled columns typically used 
will need to be taken into account.) 

3.2.3.2 Experimental set-up and results 

Experiments were performed in polyacrylate columns with inner diameters 
of 0.1, 0.19 and 0.38 m. The gas distributors used in the three columns were all 
made of sintered bronze plate (with a mean pore size of 50 pm). The gas flow 
rates entering the column were measured with the use of a set of rotameters, 
placed in parallel, as shown in Fig. 9 for the 0.38 m column. This set-up was 
typical. Air was used as the gas phase in all experiments. Firstly, experiments 

were performed with paraffin oil (density, pL = 790 kg/m^; viscosity, pL “ 
0.0029 Pa.s; surface tension, a = 0.028 N/m) as liquid phase to which solid 
particles in varying concentrations were added. The solid phase used consisted 
of porous silica particles whose properties were determined to be as follows: 

skeleton density = 2100 kg/m^; pore volume = 1.05 mL/g; particle size 
distribution, dp: 10% < 27 pm; 50% < 38 pm; 90% < 47 pm. The solids 
concentration Sg, is expressed as the volume fraction of solids in gas free slurry. 
The pore volume of the particles (liquid filled during operation) is counted as 
being part of the solid phase. Further details of the experimental work are 
available elsewhere [109, 122-125]. 
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Figure 9 Typical experimental set-up for the 0.38 m diameter column. 

The influence of the solids concentration on the total gas hold-up s for 
varying superficial gas velocities are shown in Fig. 10 for the 0.38 m diameter 
column. It is observed that increased particles concentration tends to decrease 
the total gas hold-up, s, to a significant extent. This decrease in the total gas 
hold-up is due to the decrease in the hold-up of the small bubbles due to 
enhanced coalescence caused due to the presence of the small particles. At low 
solid concentrations there is a pronounced maximum in the gas hold-up which 
is typical of the transition region. With increased solids concentration the 
transition occurs at a lower superficial gas velocity and the transition "window" 
reduces in size. 

Fig. 11 presents a qualitative picture of the influence of gas velocity and 
particles concentration. At particles concentration exceeding 30 vol% the 
dispersion consists almost exclusively of fast-rising large bubbles, belonging to 
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Figure 10 Influence of increased particles concentration on the total gas hold-up in 0.38 m 
diameter column. The liquid phase is paraffin oil containing varying concentrations of silica 
particles. 

the spherical cap family. The gas holdup in concentrated slurries has been 
shown to have almost the same values as the gas holdup in a highly viscous 
liquid [123], such as Tellus oil with a viscosity of 75 mPa s. Furthermore, 
dynamic gas disengagement experiments [123] have established that for both 
Tellus oil and concentrated paraffin oil slurries the gas dispersion consists 
predominantly of large bubbles. Tellus oil can therefore be used to mimic the 
hydrodydnamics of a FT reactor with concentrated slurries. 

Recent experimental study by Urseanu et al. [126] has shown that the 
influence of operating pressure on the gas holdup is negligible for high 
viscosity liquids and therefore we may conclude that the experimental gas 
holdups for Tellus oil at atmospheric conditions are representative of the FT 
reactor at a higher operating pressure. For a slurry concentration of 36 voI%, the 
gas hold-up decreases with column diameter; see Fig. 12. An exactly analogous 
dependence of s on Dy has been observed for the highly viscous Tellus oil 
[123, 127]. With increasing column diameter, the liquid circulation velocities 
are higher, with the consequence that the bubbles tend to be accelerated leading 
to lower gas hold-up. This is evidenced by plotting the bubble swarm velocity, 
Vb calculated from V^=lJls for the three columns; see Fig. 13. At low 
superficial gas velocities the bubble swarm velocity is practically the same for 
the three columns and Vbo = 0.47 m/s; this is indicated by the large filled circle 
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in Fig. 12. Fbo = 0.47 m/s is used to determine the drag coefficient between the 
large bubbles and the liquid and thereby “calibrate” the CFD simulations. 
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Figure 11 Qualitative picture of the influence of particles concentration and superficial gas 
velocity on bubble dispersions 
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Figure 12 Influence of column diameter 
on the gas hold-up in 36 vol% paraffin 
oil slurry system. 


Figure 13 Influence of column diameter 
on the average bubble swarm velocity in 
36 vol% paraffin oil slurry system. 


In contrast to the results shown above for viscous slurry systems, 
published experimental work on air-water systems [128, 129] show that the 
influence of column diameter on the total gas holdup is negligible. The 
rationalization of these observations is as follows. For air-water systems we 
have essentially a bi-modal bubble size distribution, with ‘small’ and ‘large’ 
bubble size populations [109]. With increased liquid circulations, the large 
bubbles that are concentrated in the central core tend to rise faster and there is a 
decrease in the large bubble gas holdup. The small bubbles however are 
predominantly present in the peripheral wall region [130]; with increased liquid 
circulations the small bubbles are dragged downwards in the wall region and 
this leads to higher small bubble holdup with increased column diameter. The 
total gas holdup is virtually unaltered with increasing column diameter. The 
situation with Tellus oil and concentrated slurries is quite different. In this case 
the holdup consists predominantly of large bubbles, and therefore increased 
liquid circulations leads to a decrease in the total gas holdup. 

The liquid circulations tend to accelerate the bubbles travelling upward in 
the central core. When the bubbles disengage at the top of the dispersion, the 
liquid travels back down the wall region. Clearly, to describe the influence of 
liquid circulations on the gas hold-up, we need to be able to predict the liquid 
circulation velocity as a function of U and D|. One measure of the liquid 
circulations is the velocity of the liquid at the central axis of the column, Fl(0). 
Figure 14 (a) shows published data of Forret [128] and Krishna [131] on Fl(0) 
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for air-water systems for Dr in the range 0.1 - 1 m. Also shown in Fig. 14(a) 
are the literature correlations for Fl( 0) of Riquarts [132]: 

F,(0) = 02\{gD,)'\Wp,lg^i,y" (13) 

and Zehner[133]: 

V,{Q) = Q.13l{UgD,T (14) 

The major uncertainty in extrapolating to say = 10 m, for the FT 
reactor operating with concentrated oil slurries is self evident, especially in 
view of the fact that there are no experimental data for columns larger than 1 m 
in diameter. In this connection it must be remarked that the experimental work 
of Koide [134] and Kojima [135], carried out in a 5.5 m diameter column, are 
not usable for our purposes because the operation was restricted to superficial 
gas velocities below 0.05 m/s. 


(a) Centre-line liquid velocity with varying D-^ 


(b) Liquid phase axial dispersion with varying Dj 




Column diameter, Dj / [m] 


Figure 14 (a) Centre-line liquid velocity Tl( 0) for air-water bubble columns as a function of 
column diameter Dj. (b) Liquid phase axial dispersion coefficient for air-water bubble 
columns as a function of column diameter Dj. Also plotted are the experimental data of 
Forret et al [128] and Krishna et al. [131]. 


With increasing liquid circulations, the dispersion (backmixing) in the 
liquid phase increases. For the FT reactor, we have conflicting requirements. 
In order to prevent hot spots and runaways, we would like the state of well¬ 
mixedness. However, from the point of view of achievement of high syngas 
conversions, we would like to have more staging of the liquid phase [136]. In 
any event, a good estimation of the axial dispersion coefficient of the liquid 
phase Dax,L is vitally important. Figure 14 (b) shows measured data [128, 137] 
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on Z)ax,L for the air-water system for D\ in the range 0.1 - 1 m. Also shown in 
Fig. 14 (b) is the Baird and Rice [138] correlation for F>ax,L- 




(15) 


The applicability of the Baird-Rice correlation for estimation of £)ax,L for a 
FT reactor of 10 m, operating with concentrated oil slurries is open to question, 
as the data base used for setting up the correlation consisted largely of air-water 
experiments in columns smaller than 1 m in diameter, operating at atmospheric 
pressure. The influence of operating pressure on Dax.i, has been investigated by 
Wilkinson [139] and Yang and Fan [140]; their results are however 
contradietory. While Wilkinson reports an increase of Ax.l with increasing 
pressure, Yang and Fan report a decrease of Dax,i. with increasing pressure. In 
any event, the pressure effeet on Daxx may be expeeted to be small. 

The major objeetive of the present work is to develop a strategy for 
obtaining information on gas holdup, liquid cireulations and liquid dispersion 
for column dimensions and operating conditions relevant to the FT commercial 
reactor. Our approach relies on the use of Computational Fluid Dynamics 
(CFD) in the Eulerian framework, using both two-dimensional (2D) axi- 
symmetric and three-dimensional (3D) strategies. Firstly, we establish the 
ability of CFD simulations to reproduce the scale dependence portrayed in Figs. 
11 and 13 for a concentrated oil-slurry system (£i = 0.36) in columns of 0.1, 
0.19 and 0.38 m in diameter, using both 2D and 3D simulations. In the second 
campaign we use 3D simulations for columns of 0.38, 1, 2, 4, 6 and 10 m in 
diameter in order to establish the influence of D\ on e, F|,(0) and Dax.i,. For the 
latter campaign with varying Dy , the aspect ratios of the various columns were 
maintained above 5. 


3.2.3.3 Development of Eulerian simulation model 

For either gas or liquid phase the volume-averaged mass and momentum 
conservation equations in the Eulerian framework are given by: 

■ %a) +V(y>^g,,uj=0 (16) 

oi 

+ +(Vu,)' + +Pj.g (17) 

where, pk, Uk, Ck and pk represent, respectively, the macroscopic density, 
velocity, volume fraction and viscosity of phase k, p is the pressure, Mki, the 
interphase momentum exchange between phase k and phase 1 and g is the 
gravitational force. On the basis of the hydrodynamic similarities between 
bubble columns operating with concentrated slurries and highly viscous liquids. 
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we treat the slurry phase as a highly viscous liquid phase and use the properties 
of Tellus oil (pl = 862 ; pt = 0.075; a = 0.028). 

The momentum exchange between the gas phase (subscript G) and liquid 
phase (subscript L) phases is given by: 


= 


2 .^ 
4 d. 


-Pl 




(18) 


where we follow the formulation given by Pan et al. [141]. We have only 
included the drag force contribution to Ml.g, in keeping with the works of 
Sanyal et al. [142] and Sokolichin & Eigenberger [143]. The added mass and 
lift force contributions were both ignored in the present analysis. For a bubble 
swarm rising in a gravitational field, the drag force balances the differences 
between weight and buoyancy and so the square bracketed term in Eq. (18) 
containing the drag coefficient Co becomes [144]: 


3 Q 

4 d. 


■Pi={Pi-Pg)s-^ 


(19) 


where Vbo is the rise velocity of the bubble swarm at low superficial gas 
velocities (as indicated by the large filled circle in Fig. 13). When the superficial 
gas velocity U is increased, liquid circulations tend to kick in and Eq. (18) will 
properly take account of the slip between the gas and liquid phases. Our 
approach is valid when the bubble size does not increase significantly with 
increasing U. Measurements of the mass transfer in slurries [145] show that 
kyalz is practically independent of U and this underlines the correctness of the 
assumption of a constant bubble size. It is important to note that we do not need 
to know the bubble diameter db in order to calculate the momentum exchange 
Ml,g- 

For the continuous, liquid, phase, the turbulent contribution to the stress 
tensor is evaluated by means of k-s model, using standard single phase 
parameters C =0.09, Ci-=1.44, C 2 =1.92, Ot = 1 and Og = 1.3. The applicability 
of the k-£ model has been considered in detail by Sokolichin and Eigenberger 
[143]. No turbulence model is used for calculating the velocity fields inside the 
dispersed bubble phases. 

A commercial CFD package CFX, versions 4.2 and 4.4, of AEA 
Technology, Harwell, UK, was used to solve the equations of continuity and 
momentum. This package is a finite volume solver, using body-fitted grids. The 
grids are non-staggered and all variables are evaluated at the cell centres. An 
improved version of the Rhie-Chow algorithm [146] is used to calculate the 
velocity at the cell faces. The pressure-velocity coupling is obtained using the 
SIMPLEC algorithm [147]. For the convective terms in Eqs. (16) and (17) 
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hybrid differencing was used. A fully implicit backward differencing scheme 
was used for the time integration. 

(a) Grid for 0.1, 0.19 (b) Grid for 6 m dia. 

and 0.38 m dia. columns column 



Figure 15 Grid used in the 2D cylindrical axi-symmetric Eulerian simulations. 

A pressure boundary condition was applied to the top of the column. A 
standard no-slip boundary condition was applied at the wall. The physical 
properties of the gas and liquid phases are specified in Table 8. The details of 
the operating conditions and computational grids used in the various campaigns 
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are specified in Table 9. For any simulation, the column was filled with liquid 
up to a certain height (as specified in Table 9) and at time zero the gas velocity 
was set at the final value at the bottom face. For 2D simulations, to prevent a 
circulation pattern in which the liquid flows up near the wall and comes down 
in the core, the gas was not injected homogeneously over the full bottom area. 
Instead, the injection of gas was performed on the inner 75% of the radius. The 
choice of aeration of 75% of the central core at the bottom is arbitrary but the 
results are only slightly different (within 10%) if the gas injection were taken to 
be 50% of the central distributor region. The gas aeration strategy is not very 
crucial to the results of 3D transient simulations as the flow is chaotic and the 
dispersion swishes from side to side. 


Table 8 

Physical properties of phases used in CFD simulations. 



Liquid (Tellus oil) 

Gas (air) 

Viscosity, n! fPa s] 

75 X 10’’ 

1.7 X 10-’ 

Density, p! Ikg/m^l 

862 

1.3 

Diffusivity of tracer, 

£) / Im^sl 

1 X 10-’ 

- 


Table 9 

Details of 2D and 3D simulation campaign. The RTD campaign was only carried out for the 
3D simulations. Note that for the 0.38 m column, two sets of 3D simulations were carried 
out; these sets differ in their aspect ratio. When comparing the hydrodynamics of columns of 
diameters in the 0.38 - 10 m range, the simulation results obtained with the higher aspect 
ratio has been used. _ 



Column 

diameter, 

Dt / [ tt ] 

Gas 

velocity, 

U! [m/s] 

Column 
height, 
«t/ [m] 

Observ¬ 

ation 

height for 
hydro¬ 
dynamics, 
/fobs / (m] 

Initial 
height of 
liquid in 
the 

column, 

/ [m] 

cells 

in 

radius 

cells 

in 

height 

cells in 

azimuthal 

direction 

Total 
number 
of cells 

2D 

0 . 1 , 0 . 19 , 

0.38 

0 . 02 , 0 . 05 , 0 . 1 . 

0.15 

1.3 

0.9 

0 . 9-1 

20 

130 


2600 

3D 

0.38 

0 . 02 , 0 . 05 , 0 , 1 , 
0 . 15 , 0 . 2 , 0.23 

1.3 

0.9 

0.9 

20 

130 

10 

26,000 

3D 

0.38 

0.15 

2.66 

1.52 

1.76 

15 

133 

10 

19,950 


1.0 

0.15 

-1 

7.0 

4.5 

4.65 

20 

140 

10 

28,000 


2.0 

0.15 

14.0 

6.0 

9.3 

30 

210 

10 

63,000 


4,0 

0.15 

28.0 

14.4 

18.64 

40 

350 

10 

140,000 


6.0 

0.15 

42.0 

24.0 

28.0 

50 

420 

10 

210,000 


10.0 

0.15 

42.0 

24.0 

28.0 

50 

420 

10 

210,000 
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Typical time stepping strategy used was: 100 steps at 5x10'^ s, 100 steps at 
1x10"* s, 100 steps at 5x10“* s, 100 steps at 1x10'^ s, 200 steps at 3x10'^ s, 1400 
steps at 5x10'^ s, and all remaining steps were set at 1x10'^ s until real (in case 
of 2D) or quasi- (in the case of 3D) steady state was obtained. Quasi-steady 
state in 3D simulations was indicated by a situation in which all of the variables 
varied around a constant average value for a sufficiently long time period. In 
2D simulations, true steady state was obtained in which none of the variables 
was subject to change. 

To estimate the liquid phase axial dispersion, the final state of a 
hydrodynamics run was used to start a dynamic run in which a mass tracer is 
injected into the liquid phase near the top of the dispersion. The concentration 
of the mass tracer was monitored at two heights along the column, following a 
simulation technique described in earlier work [130]. The following equations 
are solved for the mass tracer: 



+ V ■ k ) = 0 


( 20 ) 


Here, Ck is the concentration of mass-tracer in phase k and is the 
diffusion coefficient of mass tracer in phase k (listed in Table 8). Since there is 
zero liquid throughput (liquid operates in batch), eventually all the mass tracer 
gets distributed equally along the liquid phase. For the mass tracer simulations, 
some smaller time steps were used to guarantee a smooth restart from the 
hydrodynamics run, and then time steps of 5x10'* s were used for the 0.38 m 
diameter column and time steps of 1x10'^ s were used for all remaining column 
diameters. 

The liquid phase axial dispersion coefficient was determined by a least- 
squares fit of the liquid-phase RTD curves at a distance L\ from the point of 
tracer injection [66]: 




1 + 2^ cos 

/i.i 



exp 


-A 


iiU, 



/ = 1,2,3 


( 21 ) 


Here, L is the total height of the dispersion, t is time and L\ and Z -2 are 
distances from the point of tracer injection along the dispersion height to the 
two monitoring stations (see Fig. 16). An upper limit of n = 20 rather than 
infinity was found to be sufficiently accurate for the summation. The reference 
concentration Ci.o was determined by the average concentration of all 
observation points at the end of the RTD simulation. 
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gas inlet 
region 


Figurel6 Schematic showing the computational domain and the tracer injection and 
monitoring stations to determine Daxx- 


All simulations were carried out on a set of five PC Linux workstations, 
each equipped with a single Pentium 4 processor. A single 3D campaign aXU = 
0.15 m/s on the 10 m diameter took more than 2 months to produce the 
hydrodynamics and RTD information. Further details of the simulations, 
including animations of column start-up dynamics are available on the web 
sites: http://ct-cr4.chem.uva.nl/viscousbc/ and 
http://ct-cr4.chem.uva.nl/FTscaleup/ . 
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3.23.4 Simulation results for scale influence 

In Fig. 17 the 2D simulations for the gas holdup s are compared with the 
experimental data [123] for air - 36% paraffin oil slurry system. The 2D 
simulations are in reasonable agreement with the experimental results for all 
three column diameters, 0.1, 0.19 and 0.38 m, verifying the choice of the value 


of 


3Q 
4 d. 


-A. 


that was calculated taking the value of Fbo 


0.47 m/s, following 


Fig. 13 and Eq. 19 For the 0.38 m diameter column, we note that the 2D and 3D 
simulation results are close to each other for U = 0.02, 0.05 and 0.1 m/s. For U 
= 0.15 m/s, the f predicted by the 3D simulation is slightly higher than that of 
the 2D approach. In order to understand the reason behind this, let us compare 
the dynamic behavior of the centre-line liquid velocity Fi (0) for the 2D and 3D 
strategies as it approaches a steady state; see Fig. 18. The 3D simulations 
portray inherently chaotic behavior, with liquid sloshing from side to side; these 
effects, that are in conformity with visual observations, can best be appreciated 
by viewing the animations on our website: httD://ct-cr4.chem.uva.nl/viscousbc/ . 

The 3D simulations were run for a sufficiently long period of time and the 
hydrodynamic parameters such as sand F|,(0) were determined by average over 
the time period where quasi-steady state prevails. The 2D simulations, on the 
other hand reach a constant steady-state. The time-average value of Fi,(0) for 
the 3D simulations, generally tend to be lower than the corresponding value for 
the 2D approach; see Fig. 19. The error bars in the F|,(0) for the 3D simulations 
shown in Fig. 19 represent the standard deviations obtained from the transient 
Fi (0) dynamics in Fig. 18. We also note from Fig. 19 that the differences in the 
2D and 3D simulation results increase with increasing U. The experimental 
data [137] of F|,(0) for air-Tellus oil are in better agreement with the 3D 
simulation results, emphasizing the superiority of the 3D approach. Fig. 20(a) 
shows the radial distribution of the axial component of the liquid velocity Vi^(r) 
obtained from 2D simulations for />r = 0.1, 0.19 and 0.38 m and U= 0.05 m/s. 
We see that the liquid circulation velocities increase strongly with column 
diameter. At the centre of the column, for example the axial component of the 
liquid velocity Fi,(0) is 0.23 m/s in the 0.1 m diameter column; this value 
increases to 0.34 m/s in the 0.19 m column and to 0.47 m/s in the 0.38 m 
column. Since the drag coefficient between the gas bubbles and the liquid is the 
same for all column diameters, the rise velocity of the bubbles has to increase 
with increasing column diameter. Fig. 20(b) compares the V] {r) profile from 
2D and 3D simulations for U = 0.15 m/s and Di = 0.38 m. As has been 
remarked early in the context of Fig. 19 the 3D simulations predict a more 
realistic value of Fi (0) in accord with experimental data [148]. 



Figure 17 Data on gas hold-up as function of the superficial gas velocity U for columns of 
diameter Dj = 0.1, 0.19 and 0.38 m for 36 vol% paraffin oil system. Comparison with CFD 
simulations, both 2D axi-symmetric and 3D, with experimental data of Krishna et al. [119]. 
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(b) U = 0.05 m/s 




time / [s] time / [s] 

Figure 18 Transient approach to steady state (2D) or quasi-steady state (3D) for 0.38 m 
diameter column, operating at D = 0.02, 0.05, 0.1 and 0.15 m/s. Comparison of 2D axi- 
symmetric and 3D simulation strategies. The arrows represent the time of injection of tracer 
in 3D simulations for determination of the liquid phase dispersion coefficient. Animations of 
column start-up dynamics are available on the web site: http://ct-cr4.chem.uva.nl/viscousbc/ . 
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Figure 19 Data on centre-line liquid velocity Fl( 0) in 0.38 m diameter column as function of 
U. The experimental data with Tellus oil [137] are compared with both 2D and 3D 
simulations. The error bars on the 3D simulation data are obtained represent the standard 
deviations of the transient Fl( 0) data presented in Fig.18, obtained from the data set after the 
time indicated by the arrow mark. 

The shortcomings of the 2D simulation strategy becomes more apparent 
when we consider the radial distribution of the gas holdup, eir). 
The predictions of 2D and 3D simulations of £(r) for U = 0.15 m/s and Z>i = 
0.38 m are compared in Fig. 20(c). The 2D simulations predict an unrealistic 
off-centre maximum in the gas holdup, whereas the 3D simulations yield the 
classical parabolic holdup profile, often observed in practice [128, 148, 149]. 
The average gas holdup, s, however, for 2D and 3D simulations are very close 
to each other. 

For the FT slurry reactor the optimum operating value of U is in the range 
of 0.2 - 0.3 m/s, as discussed by Maretto and Krishna [121]. However, due to 
the fact that syngas is being consumed to form liquid product, the value of U at 
the outlet of the reactor is only 30-40% of the inlet value, depending on the 
conversion level. For a FT reactor operating at a value of C/ = 0.25 m/s at the 
bottom, the value of U at the top of the reactor will be reduced to about 0.10 
m/s. Therefore, in the simulations for the FT reactor hydrodynamics as a 
function of scale (for column diameters Dj = 0.38 1, 2, 4, 6 and 10 m; see also 
Table 9 for column heights used), it was decided to perform transient 3D 
simulations at f/= 0.15 m/s, an average value between 0.1 and 0.25 m/s. 




136 


(a) scale effect of liquid velocity distribution; 2D (b) liquid velocity distribution: 2D vs 3D 



0.0 0.2 0.4 0.6 0.8 1.0 0.0 0.2 0.4 0.6 0.8 1.0 


Radial distance coordinate. 2 r! Radial distance coordinate. 2 rl Dj 


(c) gas holdup distribution: 2D vs 3D ^ (d) normalized liquid velocity distribution; 3D 

o 



Radial distance coordinate, 2 r/ Radial distance coordinate, 2rl Dj 


Figure 20 (a) Radial distribution of the axial component of liquid velocity Ki.(0 for 
operation at U=0.05 m/s from 2D simulations of 0.1,0.19 and 0.38 m columns. 

(b) Comparison of 2D and 3D simulations of radial distribution of the axial component of 
liquid velocity V[.(r) for operation at t/ = 0.15 m/s in 0.38 m column. 

(c) . Comparison of 2D and 3D simulations of radial distribution of the radial distribution of 
gas holdup £{r) for operation at // = 0.15 m/s in 0.38 m column. 

(d) Radial distribution of the normalized axial component of liquid velocity K|,(r)/Fi,(0) for 
operation at // = 0.15 m/s from 3D simulations of 1,2, 4, 6 and 10 m columns. 

The transient dynamics of the centre-line velocity (monitored at the 
observation heights, //„bs, specified in Table 9) are shown in Fig. 21. It is 
apparent that with increasing scale both the magnitude of F|,(0), and its 
fluctuation around the mean increases. 







Centre-line liquid velocity , V^_(0) / [m/s] 
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time / [s] 


time / [s] 


time / [s] 


Figure 21 Transient approach to quasi-steady state (3D) for operation at U= 0.15 in/s in 
columns of 0.38, 1, 2, 4, 6 and 10 m diameter. The arrows represent the time of injection of 
tracer in 3D simulations for determination of the liquid phase dispersion coefficient. 
Animations of column start-up dynamics are available on the web site: httD://ct- 
cr4.chem.uva.nl/FTscaleuD/ . 

The hydrodynamic parameters were obtained by averaging over the time 
period during which quasi-steady state can be assumed to prevail. These time- 
averaged values of Kl( 0) are shown in Fig. 22(a), in which the error bars 
represent the standard deviations of the velocity fluctuations shown in Fig. 21. 
The Fl( 0) values, which increase with scale, appear to follow the trend 
predicted by the Zehner correlation [133], but the absolute values are 
significantly lower. Earlier work using 2D axi-symmetric simulations for 
scaling up bubble column reactors [109] had predicted Fl(0) values conforming 
with the correlation of Riquarts [132] and significantly higher than found in the 
present study with realistic 3D simulations. The Fl(0) predictions of this earlier 
work [109] are unrealistically high because of the artefacts introduced in the 2D 
approach as explained in the foregoing. 
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(a) Centre-line liquid velocity vs Dj (b) Gas holdup vs. Dj 




Figure 22 3D simulation data on (a) centre-line liquid velocity K|,(0) and (b) gas holdup fas 
function of Dj for operation at (7 = 0.15 m/s in columns of 0.38, 1,2, 4, 6 and 10 m diameter. 
The error bars on the 3D simulation data in (a) represent the standard deviations of the 
transient Fl( 0) data presented in Fig. 21, obtained from the data set after the time indicated 
by the arrow mark. The continuous line in (a) represents the correlation ofZehner [133]. 

Also plotted in (a) are the experimental data of Forret et al [128] and Krishna et al. [131]. 

When compared with the air-water experimental data [128, 131] for Fl(0), 
we see that the CFD predictions for the FT reactor are significantly lower, 
stressing the danger of using air-water information for scaling up. The main 
reason for the lower V\.(0) predicted for the FT reactor, is due to the 
significantly lower gas holdup when compared to air-water systems. For air- 
water systems, operating at (7 = 0.15 m/s, we would have a significant fraction 
of the dispersion present in the form of small bubbles; this small bubble 
population is virtually destroyed in concentrated slurries [150], leading to 
significantly lower gas holdups and Fl(0) values. 

When the liquid velocity profiles obtained from the 3D CFD simulations 
are normalized with respect to the centre-line velocity, the Ki,(r)/Fi,(0) are 
practically independent of the column diameter. This is illustrated in Fig. 20(d) 
for the 3D simulation campaign at C = 0.15 m/s for various column diameters 
up to 10 m. The significance of the result portrayed in Fig. 20(d) is that the 
centre-line velocity can be taken to be a unique measure of the strength of 
liquid circulations. 

An important consequence of the fact that the strength of the liquid 
circulations increase with increasing scale is that the gas holdup values are 
correspondingly lowered; this is shown in Fig. 22(b). We note that the gas 
holdup in the 10 m diameter FT reactor is 0.18, whereas for the 1 m column the 
value of f = 0.24. A 20% decrease in gas holdup with increase of scale can 
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have significant consequences for an FT reactor designed for high conversion 
targets. 

A tracer is injected into the liquid phase near the top of the liquid 
dispersion, at the time step indicated by an arrow in Fig. 21 and the progression 
of this tracer is monitored at two stations along the height of the column (see 
Fig. 16). The CFD simulations of the tracer RTD is then fitted with the model 
given by Eq. 21. Typical results comparison of the dimensionless RTD curves 
for the tracer are shown in Fig. 23 for (a) D\ = 0.38 m, and (b) D\ = 2 m 
columns, both operating at 6/= 0.15 m/s. We note from Fig. 23 that the tracer 
response is not smooth but oscillates. These oscillations are due to liquid 
sloshing from side to side causing a significant radial transport of the liquid 
tracer, as can be witnessed in the animations on the web site: httm/Zct- 
cr4.chem.uva.nl/FTscaleup/ . In this context it is worth emphasizing that 2D 
simulations will yield a much lower value of than 3D simulations because 
there is no mechanism for radial transport [130]. 


(a) Liquid tracer RTD in 0,38 m column (b) Liquid tracer RTD in 2 m column 



Figure 23 3D simulations of the dimensionless liquid tracer concentration measured at two 
different monitoring stations for (a) 0.38 m diameter column operating at t/= 0.15 m/s, and 
(b) 2 m diameter column operating at f/ = 0.15 m/s. The dashed lines represent the fits of the 
two simulation data sets. Animations of liquid tracer dynamics are available on the web site: 
http://ct-cr4.chem.uva.nl/FTscaleup/ . 

Each of the tracer curves, such as those shown in Fig. 23 were fitted 
individually to obtain two different values of Daxx for each run. Fig. 24 shows 
the results for the two campaigns with (a) varying U for Dj = 0.38 m and (b) 
varying Dj for U = 0.15 m/s. Also plotted in Fig. 24 are the experimentally 
determined Daxx values for the air-water system [128, 137]. The Daxx values 
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from our 3D simulations are lower than the experimental values for the air- 
water system, following the same trend as observed earlier for the Fi (0) values 
in Fig. 22(a). The Fl(0) value reflect the strength of liquid circulations and 
these directly influence liquid dispersion. The predictions of using the 
Baird-Rice correlation [138] (shown by the continuous lines in Fig. 24), though 
representing the air-water data reasonably accurately, tend to be higher than the 
values for the FT reactor, operating with a concentrated oil slurry. We note that 
the simulated value of Dax.r for the 10 m diameter reactor is expected to be lie 
between 3-7 m^/s, corresponding to a nearly well-mixed system. 

Another important design parameter is the heat transfer coefficient to 
vertical cooling tubes, a ; this parameter is largely dictated by the surface 
renewal rate, which in turn is determined by the bubble rise velocity. Increased 
liquid circulation velocities with increasing scale will have the effect of 
enhancing the bubble rise velocity and improving the heat transfer coefficients. 
Therefore, CFD predictions of the Vl( 0) with scale allow better estimation of 
the heat transfer coefficient to vertical cooling tubes [151]. 


(a) Liquid dispersion in 0,38 m column (b) Liquid dispersion with varying diameter 



Figure 24 (a) l.iquid phase axial dispersion D^xi. data obtained from 31) simulations of 0.38 
m diameter column operating at {/= 0.02 - 0.23 m/s. 

(b) Dax.L data from 3D simulations for operation at f/ = 0.15 m/s in columns of 0.38. 1,2 4, 6, 
and 10 m diameters. Note that the data for the 0.38 m diameter column in (b) was obtained at 
a higher aspect ratio than for the simulations for the same column shown in (a); details are 
given in Table 9. The continuous lines in (a) and (b) represent the correlation of Baird and 
Rice [138]. Also plotted in (b) are the experimental data of of Forret et al [128] and 
Krishna et al. [137]. 
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3.2.3.5 Conclusions from the CFD investigations 

The following major conclusions can be drawn: 

Both 2D and 3D simulations are able to provide a reasonable prediction of the 
average gas holdup for columns of 0.1, 0.19 and 0.38 m in diameter. 

(1) The 2D simulations generally tend to predict a higher value of Vl(0) than the 
3D simulations. For very large diameter columns the 2D predictions of Vi,(0) 
are unrealistically high [109]. For scaling up to columns larger than 1 m in 
diameter, it is essential to resort to 3D simulations. 

(2) The 2D predictions of the radial distribution of gas holdup show an 
unrealistic off-centre maximum in the gas holdup. The 3D simulations of 
yield the classical parabolic profile for the radial gas holdup distribution, 
typically found in experiments. 

(3) For larger diameter columns, only 3D simulations are able to reproduce the 
chaotic hydrodynamics observed visually and only this strategy can yield 
reasonable values of Vl( 0) and Daxx for large diameter FT reactors. 2D 
simulations of Daxx give unrealistically low values because the radial 
dispersion contribution is absent [130]. 

(4) 3D simulations of the FT reactor of 0.38, 1, 2, 4, 6 and 10 m diameters show 
that the Vl( 0) values are lower than those predicted by the Zehner 
correlation [133], that is apparently only adequate to describe the air-water 
system. 

(5) The axial dispersion coefficient of the liquid phase, Daxx. for foe FT reactor 
show a similar trend as that for Vi,(0); these are lower than for air-water 
experiments. The predictions of Dax.r following the Baird and Rice 
correlation [138] tend to yield somewhat higher values than those obtained 
from CFD simulations. 

It is concluded that 3D Eulerian simulations can provide a powerful tool 
for hydrodynamic scale up of bubble columns, obviating the need for large 
scale experiments on gas holdup, liquid velocity and mixing. Validation of the 
proposed scale up strategy is however desirable with experiments carried out in 
columns larger than say 2 m in diameter using an oil slurry. 

3.2.3.6 Influence of operation at elevated pressures 

The FT reactor operates at pressures of around 2-4 MPa and it may be 
important to take account of the influence of elevated pressures on the bubble 
column hydrodynamics; this influence can be very significant at lower slurry 
concentrations. [110, 152-156], Consider the experimental data of Letzel et al. 
[152] for gas hold-up measured in a bubble column of 0.15 m diameter with the 
system nitrogen - water; see Fig. 25. 
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Figure 25 Experimental data of Letzel et al. [154] on pressure effect on gas holdup 
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For example, their data shows that for a superficial gas velocity U = 0.2 
m/s, the gas hold-up £ increases from a value of 0.29 at p = 0.1 MPa to a value 
which is about twice as large for operation at p = 1 MPa; see Fig. 25 (b). 

The observed increase in the gas hold-up with increasing pressures is due 
to two reasons. Firstly, increased pressure delays the onset of chum-turbulent 
flow, i.e. the superficial gas velocity at which regime transition occurs, Utrans, 
increases with increasing p; see Fig. 25 (c). The physical explanation for the 
delay in the regime transition with increased system pressure, which is 
equivalent with increasing gas density po, is to be found in the reduced 
probability of propagation of instabilities leading to delayed flow regime 
transition [157-159]. The correlation of Reilly et al. [160] adequately describes 
the increase of Utrans with gas density po (See Fig. 25 (c)). Using Kelvin- 
Helmoltz stability analysis, Letzel et al. [154] showed that there is a second 
influence of increased system pressures, that of decrease in the stability of large 
bubbles. The break-up of large bubbles, with increasing pressures, leads to a 
significant decrease in the rise velocity of the large bubble population. 
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Figure 26 Qualitative picture of the influence of increasing pressure on the hydrodynamics 
of gas-liquid bubble columns (without the presence of suspended catalyst particles). 
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By comparing Figs. 10 and 18 we see that the influence of increasing 
amount of catalyst particles on the bubble hydrodynamics is opposite to the 
influence of increasing system pressures. While addition of catalyst particles 
promotes coalescence and increases the proportion of large bubbles, the 
influence of increasing pressure is to reduce the population and size of the large 
bubbles. The prediction of the hydrodynamics of slurry reactors operating at 
high slurry concentrations and at high pressures is, therefore, particularly 
difficult. The approach we suggest is to adopt CFD techniques wherein the 
inter-phase momentum exchange term is suitably modified to take the pressure 
effect into account. [156]. 

3.2.3.7 Interphase mass transfer 

Measured experimental data on the volumetric mass transfer coefficient, 
kLa, defined per unit volume of reactor, for air-water system in a 0.15 m 
diameter column is shown in Fig. 27(a) for varying U and operating pressures. 
[155] Increasing pressure also tends to increase kta, following the trend in the 
gas hold-up, see in Fig. 25. The volumetric mass transfer coefficient correlates 
with the gas hold-up e; see Fig. 27(b). We therefore conclude that prediction of 
the gas hold-up is the key to the estimation of mass transfer. More recent work 
[161] has shown that scale effects are not significant. There is some 
experimental evidence in the literature to suggest that ki.a values in 
concentrated slurries also conform to this correlation with the gas hold-up [109]. 
From the CFD simulation results presented in the foregoing, we should expect 
kta to show a strong scale dependence. There is no experimental evidence in 
the literature to support this contention. There is a need for further studies on 
mass transfer in bubble columns. 

(a) k^a vs U (b) \a vs £ 
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Figure 27 Experimental data of Letzel et al [155] for volumetric mass transfer coefficient. 
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3.2.3.8 Conclusions for scale-up strategies 

A scale-up strategy for bubble column slurry reactor for Fischer-Tropsch 
synthesis using CFD as a pivotal tool has been presented above. For operation 
with concentrated slurries, with slurry concentrations in excess of 30 vol%, the 
dispersion consists almost exclusively of fast-rising large bubbles. By 
extrapolating the bubble swarm velocity data to low superficial gas velocities 
the slip velocity between the bubbles and the slurry phase can be determined. 
For the 36 vol% paraffin-oil slurry a value Vbo = 0.47 m/s is obtained; see 
Fig.l3. This value of Vbo is used to estimate the drag coefficient Cd between the 
gas and the slurry phase using Eq. (19). Eulerian simulations of the slurry 
bubble column with varying diameters are then carried out by treating the slurry 
phase as a highly viscous liquid. The 2D CFD simulations are in very good 
agreement with the experimental results for gas hold-up in 0.1,0.19 and 0.38 m 
diameter simple bubble columns. 

Simulations for larger diameter columns required the use of 3D 
simulations to produce realistic results. The influence of various different 
internals in baffled bubble columns remains to be determined. If the slurry 
viscosity is not high enough to eliminate all the small bubbles then the influence 
of pressure may be significant. It may well be necessary to avoid the very high 
slurry viscosities associated with the loss of small bubbles in order to enhance 
both mass and heat transfer coefficients in the reactor. To date there is therefore 
still no reliable substitute for a relatively large scale demonstration reactor. 
With data from such a demonstration reactor with a diameter of the order of 1 m 
or less it is now possible to produce large scale reactor designs with confidence. 

3.2.4 Modelling approaches for slurry phase reactors 

Useful insight into the use of models in chemical engineering is provided 
by Levenspiel [162]. Fie starts with a quote from Denbigh’s monograph [163] 
as follows; 

“In science it is always necessary to abstract from the complexity of the 
real world, and in its place to substitute a more or less idealized situation that is 
more amenable to analysis.” 

In the first half of the twentieth century two flow models dominated for 
reactors, plug flow and mixed flow. Real reactors behave somewhere between 
these two extremes. According to Levenspiel the $100 approach to deal with 
this complexity is to evaluate the velocity field within the reactor and the $1000 
approach is to evaluate the three-dimensional fluctuating velocity field, and 
then use the computer to tell you what would happen; in essence, use 
computational fluid dynamics. What an ugly procedure! 

The $10 approach was then found. This forms the basis for the axial 
dispersion (AD) modelling approach. That was due to the genius of Danckwerts 
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[164], He proposed a simple flow model to tell how a vessel acts as a chemical 
reactor. Introducing a pulse of tracer into the fluid entering the reactor and 
producing a concentration-time curve at the exit provides the information 
needed to determine how the reactor will behave. The curve is called the 
residence time distribution, or RTD curve. 

The RTD curve can be used to predict how the reactor will behave - 
exactly for linear reaction kinetics, and as a close approximation for more 
complex reaction kinetics. The study of the RTD of flowing fluids, and its 
consequences is called tracer technology. 

The problem with the RTD approach in the case of fluid bed reactors is 
that you would first need to build the reactor in order to do the tracer test to 
determine how the reactor will behave. 

Although the word ‘hydrodynamics’ has been given other meanings it is 
now often used to refer to the study of the flow and mixing behaviour of the 
phases present in fluid bed reactors such as the slurry phase reactor that we now 
discuss. 

Levenspiel ends his publication with the following proposed modelling 
strategy: always start by trying the simplest model and then only add 
complexity to the extent needed. This he refers to as the SIO approach or as 
Einstein said, 

“Keep things as simple as possible, but not simpler”. 

Van der Laan [165] reported a model for FT synthesis in a slurry bubble 
column reactor (SBCR) using iron catalyst. His model exhibits well mixed 
liquid and two gas bubble regimes: small bubbles that are well mixed and large 
bubbles that exhibit plug flow behavior. Van der Laan also provides a summary 
of bubble column reactor models that others have utilized (Table 10). He 
concluded that the FT SBCR with is reaction controlled due to the low activity 
of the iron catalyst and the volumetric mass transfer coefficient of the large 
bubbles is enhanced due to frequent bubble coalescence and break-up. 

It is somewhat surprising that only Inga et al appear to use the most 
appropriate modelling approach for use in the design of modern slurry phase 
reactors i.e. using plug flow (PF) for the gas (dilute) phase and the cell model 
with backflow (CMBF) for the dense (liquid) phase. Reasonable predictions can 
also be obtained using axial dispersion (AD) models if appropriate assumptions 
are used and this approach is certainly suitable for steady-state conversion 
prediction. The advantage in using the CMBF model approach is that it lends 
itself to predictions for the real life situation of imposed slurry flows and 
discrete heat removal surfaces at various locations inside the reactor. 
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Table 10 

Comparison of Reaction Engineering Models for the Fischer-Tropsch Synthesis in Slurry 
Bubble Column Reactors (from Ref. 165) ___ 


Reference 

Gas 

Phase 

Liquid 

Phase 

Catalyst 

Distribution 

Energy 

Balance 

Calderbank, et al. 

PF 

PF 

uniform 

isothermal 

Satterfield, et al. 

PF 

PM 

uniform 

isothermal 

Deckwer, et al. 

PF 

PM 

uniform 

isothermal 

Deckwer, et al. 

AD 

AD 

non-uniform 

non- 

isothermal 

Bukur 

PF 

PF,PM 

uniform 

isothermal 

Stern, et al. 

PF 

PM 

uniform 

isothermal 

Kuo 

PF 

PM,PF, 

AD 

non-uniform 

isothermal 

Kuo 

PF 

PF 

non-uniform 

isothermal 

Stenger, et al. 

AD 

AD 

non-uniform 

isothermal 

Prakash, et al. 

AD 

AD 

non-uniform 

isothermal 

Prakash 

AD 

AD 


isothermal 

De Swart and Krishna* 

AD 

AD 


non- 

isothermal 

De Swart and Krishna^ 

PF 

PM 

uniform 

isothermal 

Mills, et al. 

AD 

AD 

non-uniform 

non- 

isothermal 

Inga, et al. 

PF 

MC 

uniform 

isothermal 

Krishna, et al.^ 

PF 

PM 

uniform 

isothermal 

Van der Laan, et al. 

PF 

PM 

— 

uniform 

isothermal 


PF; plug flow; PM: perfectly mixed; MC; mixing cells, AD: axial dispersion. 

1 Heterogeneous flow regime: large bubbles: PF, small bubbles and liquid: AD. 

2 Heterogeneous flow regime: large bubbles: PF, small bubbles and liquid: PM. 


Two recent publications use the AD model approach to give valuable 
insight into the behaviour and design considerations for slurry phase reactors. 
These are by Rados et al. [166], Chemical Engineering Laboratory, Washington 
University and by de Swart and Krishna [167], Department of Chemical 






















































































148 


Engineering, University of Amsterdam. Rados et al. credit de Swart and 
Krishna with the first published dynamic model for a slurry phase FT reactor. 
The main objective for the work of Rados et al. was to develop a one 
dimensional dynamic model that properly accounts for the change in gas flow 
rate due to chemical reaction. The change in gas flow rate is accounted for from 
the overall gas balance. However, de Swart and Krishna already achieve this by 
making use of the contraction factor ALPHA, defined in Levenspiel [168]. 

The Rados et al. approach uses the premise that the design objective is to 
maximize conversion rather than the more realistic design objective to 
maximize reactor productivity. This leads to the common error of suggesting 
that “gas velocity should be as small as optimally possible in order to increase 
the reactant residence time but high enough to keep the flow in the churn 
turbulent regime insuring good mass and heat transfer”. This is in essence the 
approach taught earlier by Deckwer. They used a low 5 m reactor height for 
their simulations which will inevitably lead to relatively low per pass 
conversion especially at high gas velocities. They compared their AD model 
prediction to a model using gas in PF and slurry well mixed and also to large 
bubble in plug flow with both small gas bubbles and slurry well mixed. In both 
cases the conversion predictions matched within 5%. The discrepancy can be 
expected to increase at higher per pass conversions. The spread in predicted 
conversions between ideal plug flow and fully mixed models is about 20%. This 
is the maximum deviation (for this set of operating conditions resulting in 
relatively modest conversion) in predicted conversion when the back-mixing 
modes for different phases are not well selected. They conclude the analysis as 
follows: 

“The outcome of this comparison does not mean that the full AD model is 
better than some ideal reactor model. It simply shows that the full AD model is 
more versatile than the ideal reactor modelling approach. However, the success 
of the AD model depends on the accuracy of the correlations that are used for 
calculation of Peclet numbers in different phases. If these correlations are not 
accurate then the advantage of the AD model disappears. In this case, an ideal 
reactor model consisting of gas in plug flow and slurry well mixed for large 
diameter reactors or gas in plug flow and slurry in plug flow for very slender 
reactors should be used.” This ideal reactor approach will lead to a conservative 
(i.e. oversized) large scale reactor design if it is based on data from a slender 
demonstration reactor. 

Rados et al. also point out that, to take full advantage of the AD model, a 
more accurate and detailed kinetic scheme needs to be used. Diy [169] and 
Huff and Satterfield [170] showed that when hydrogen conversion is below 
60% then first order kinetics for hydrogen is a good approximation. Hence it 
can be concluded that up to a conversion of 60% per pass the ideal reactor 
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modelling approach proposed in the previous paragraph may suffice for 
engineering purposes. For higher per pass conversion designs a better 
understanding of the effect of scale-up on mixing and more refined kinetic 
expressions will be required. 

De Swart and Krishna [167] report an elegant approach to slurry phase 
reactor modelling with clear reporting of the parameter values used. In analogy 
with Mills et al. [171], the mass and energy balances are applied over a 
differential element of the reactor using dimensionless equations. The complete 
reactor model is defined by four partial differential equations together with 
accompanying initial and boundary conditions. From their model predictions 
they come to the correct conclusion that the key for a successful scale-up 
procedure for the FT slurry reactor is the amount of backmixing in the liquid 
phase. They recommend that it is desirable to validate the correlations for 
reactor diameters up to 8 m and superficial gas velocities up to 0.5 m/s. 

The four partial differential equations used are for: 

1) the hydrogen balance for the ‘large’ bubbles 

2) the hydrogen balance for the ‘small’ bubbles 

3) the hydrogen balance in the liquid phase 

4) the energy balance for the slurry phase 

It was found that the small bubbles are almost in equilibrium with the liquid 
phase all over the reactor. This in essence means that the model could be further 
simplified to three differential equations without any significant loss of 
accuracy. The hydrogen balance for the small bubbles is not required. It is still 
necessary to quantify the gas hold-up attributable to ‘small’ bubbles since this 
needs to be subtracted from the active reactor volume since this portion of the 
‘dense’ phase contains no catalyst and hence cannot participate in the 
conversion of reactants. Only negligible through flow is attributed to the small 
bubbles so they are essentially only using up space within the reactor from a 
modelling perspective. The small bubbles may well play a role in enhancing 
mass transfer between the large bubbles and the liquid but it is not necessary to 
capture this complexity in the model other than to select an appropriate value 
for the mass transfer coefficient or perhaps more correctly a suitable value for 
the ‘effective’ average bubble size. Mass transfer has been discussed recently 
by Krishna and van Baten [172]. Similarly to the situation for mixing, the 
accuracy of prediction for mass transfer becomes more important at higher per 
pass conversions. 

The modelling approach used by de Swart and Krishna together with RTD 
data for the dense phase (liquid or solid) from various reactor sizes with suitable 
internals should provide all the necessary insight for accurate conversion 
prediction for future reactor designs. 
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More complex models may be required to accurately predict temperature 
profiles but the design objective will be to achieve a reactor that operates at a 
constant and optimum temperature throughout the bed (preferably also with a 
uniform catalyst concentration). If this objective is achieved then the steady 
state conversion prediction becomes even simpler. The energy balance in the 
slurry phase is then no longer required and the model reduces to two partial 
differential equations. 

3.3 Recommended design approach 

It is well known that it is less expensive to add reactor volume by adding 
reactor height rather than reactor diameter. The first step should therefore be 
to select the maximum practical bed height. This will obviously be higher 
than the 7.7 m bed height used for the Rheinpreu(3en demonstration reactor and 
will more likely be between 20 an 40 metres. Modern plants need to make 
maximum use of economy of scale to be economically viable which means that 
reactor diameters also need to approach maximum limits for cost effective 
vessel manufacture. Furthermore, there are limits to the maximum diameter that 
can be considered due to fabrication constraints. Vessel diameters much above 
10 m will seldom be considered. Shop construction is usually less costly than 
field construction so that the maximum weight that can be transported in a cost 
effective way may constrain the vessel dimensions. 

A suitable per pass conversion then needs to be selected. The upper 
limit per pass conversion may be limited by catalyst constraints which may 
limit the maximum tolerable water partial pressure (or perhaps the water to 
hydrogen ratio). In this case the partial pressure constraint sets the maximum 
allowable per pass conversion but below this constraint an economic 
optimisation is performed in order to determine the optimum recycle ratio. 

There is a place for the use of both iron and cobalt catalysts in LTFT 
slurry phase reactors depending on the products to be produced. This is 
discussed in more detail in Chapter 5. If an iron catalyst is used then this is 
typically combined with another downstream gas processing operation because 
it is expensive to achieve high reactant conversions with LTFT iron catalysts. 
The exception is when the iron catalyst is fed with low H 2 /CO ratio syngas in 
which case it is possible to target high per pass conversions. This is a special 
case because there is very little water product using this approach. If the syngas 
feed is based on Lurgi gasifier product or natural gas reforming then the syngas 
H 2 /CO ratio will be at least 1.7. In this case water production is inevitable and 
the water partial pressure must be kept below 3 bar (300 kPa) in order to avoid 
rapid catalyst deactivation by oxidation. For this reason the per pass conversion 
is severely restricted and recycle and/or tandem operation is required to achieve 
reasonable overall conversions. For this reason and also to avoid unwanted 
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carbon dioxide production, cobalt catalyst will normally be selected for natural 
gas applications as stated, for example, in Ref. 96. Iron catalysts would only be 
selected for natural gas applications if it is intended to derive value from the 
more olefmic hydrocarbon products and another high syngas conversion 
process is located downstream. The following discussion assumes natural gas 
feed to the process. 
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Figure 28 Productivity comparison between iron (240 °C) and cobalt (220 °C) based catalysts 
[173]. 

There is an operating conditions envelope in which either iron or cobalt 
catalysts are more productive. A comparison was performed by van Berge 
[173], using data obtained from the Sasol commercial precipitated iron catalyst 
and from the Sasol supported cobalt catalyst [174], and this is shown in Fig. 28. 
As expected, the iron catalyst is more productive at higher space velocities and 
operating pressures. The fact that cobalt catalysts are more productive at lower 
space velocities (higher water partial pressures) means that the cobalt is more 
productive under higher per pass conversion regimes. 

Fig. 28 is perhaps slightly misleading when it comes to reactor design 
since this comparison assumes a constant reactor bed height. The y-axis should 
rather be recast as per pass conversion. The lower per pass conversion that 
favours iron catalyst can rather be attained by decreasing the reactor bed height 
instead of increasing space velocity. Thus for iron catalysts the reactor bed 
height will be constrained by the maximum desired water partial pressure at the 
reactor exit even when operating at the maximum feasible gas velocity. This 
means that reactors using iron catalyst in water producing applications will 
have reactor heights that are less than the maximum constraint from 
fabrication considerations. 
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A good starting point for modem cobalt catalysts is to select a per pass 
conversion of 60% and a feed to recycle ratio (internal recycle) of 1:1 and then 
to investigate whether lower recycle ratios are possible and desirable. This 
should provide an overall conversion of about 90%. In some cases the per pass 
conversion may be constrained by a water partial pressure limit. A 5 bar (500 
kPa) water partial pressure has been mentioned as an upper limit for one 
application [175]. As will be seen later the overall conversion is also an 
optimisation variable for a natural gas conversion plant where there will 
typically also be a recycle to the methane reformer to form a gas loop. This is 
called an external recycle and ideally a reactor model should be incorporated 
into a gas loop model so that both the internal and external recycles are 
optimised simultaneously. 

The gas velocity can be selected to achieve the desired per pass 
conversion. If the catalyst activity is very high then it is possible that the 
desired gas velocity exceeds a practical upper limit where the gas velocity - 
hold-up correlation changes form. In this case it will be necessary to target a 
lower bed height than that imposed by the fabrication constraints. An iterative 
procedure will usually be required to find the optimum combination of per 
pass conversion and gas velocity. Higher gas velocity will decrease the reactor 
cost per unit product but will give lower per pass conversions. Recycles can be 
adjusted in an attempt to improve the plant productivity but production will 
reach a maximum and capital cost a minimum at some combination of gas 
velocity and per pass conversion. 

If the catalyst rejuvenation approach is used (without internal recycle or a 
water limit) then the same principle applies that the desired overall conversion 
and the catalyst activity will determine the gas velocity needed at the maximum 
bed height. If this velocity is excessive (i.e. for very active catalysts) then the 
bed height is decreased. 

By now the need for a suitable reactor model should be clear. This model 
should: 

• provide a realistic description of the mixing in the liquid 
phase. 

• not underestimate the gas-liquid mass transfer coefficient 

• not overestimate the influence of gas velocity on gas hold-up. 
Mistakes on these three points prior to the work of Krishna et al. and the Sasol 
reactor designs have previously resulted in the gross underestimation of the 
maximum desirable gas velocity for slurry phase reactors. 

An understanding is required of the relationship between the solids 
concentration in the slurry and the slurry viscosity. This will provide a curve 
that shows a rapid exponential increase in viscosity at higher concentrations. 
Some judgement is required to select the maximum concentration that avoids an 
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excessively high slurry viscosity. This should be based on carefully compiled 
experimental data using actual catalyst. Literature correlations based on solids 
volume fractions may provide some guidance. 

It is also important that the gas hold-up correlation is based on actual data 
at the selected slurry concentration. There is an advantageous relationship 
between gas hold-up and slurry concentration. As the concentration increases, 
the gas hold-up decreases. This means that as catalyst is added more liquid can 
be retained in the reactor which provides more space to add catalyst! This 
means that a surprisingly large amount of catalyst is loaded into the reactor in 
order to increase the slurry concentration. 

Having set the catalyst concentration then the amount of catalyst in the 
reactor will depend only on the fraction of slurry in the reactor. For the fixed 
reactor dimensions selected at the outset, the catalyst mass in the reactor will 
decrease as the reactor gas velocity is increased which in turn increases the gas 
fraction in the reactor so that the slurry fraction decreases. In the chum- 
turbulent regime, gas fraction increases at a much slower pace than the gas 
velocity. Thus the gas velocity is increased until the target per pass conversion 
is matched. The gas velocity selected will depend on the activity of the catalyst; 
the feed gas composition; and the operating temperature and pressure. It is 
important that the rate equation used in the model correctly reflects the catalyst 
activity and the effect of these operating conditions. The higher the catalyst 
activity, the higher will be the velocity that will be selected. This approach 
assumes that there is no hydrodynamic constraint to the maximum velocity. If 
the velocity is high enough, the bed will be transported out of the reactor. 
Before this happens though the gas hold-up relation to gas velocity may change 
so that further increase in gas velocity is not desirable. However, for current 
catalyst activities it seems that the selected velocities will be well below the 
transition to a transported flow regime. On the other hand reactor designs with 
inlet velocities less than 30 cm/s should be a sign that the catalyst activity is not 
competitive. For example. Fig. 3 in a recent patent application (WO 03/052335, 
US 20030027875, see Table 5) shows the syngas per pass CO conversion 
decreasing to below 60% if the gas velocity is increased to above 30 cm/s. If 
this is based on actual operating data then it indicates that a catalyst with a low 
activity was used. It is also possible that the conversion was incorrectly 
extrapolated due to an overestimation of the gas mixing at high velocities. 

Interestingly, a tubular loop reactor approach has been proposed in which 
long conduits (pipes) are used [176]. It would only be necessary to use this type 
of reactor to achieve a sufficient conversion at lower than transport velocities if 
the catalyst activity is very low so this type of reactor will most likely be 
considered for velocities above the transport velocity. A number of geometric 
configurations could be envisaged for such conduit reactors. It remains to be 
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seen whether a tubular loop reactor approach will prove to be cost effective 
using highly active catalyst and high velocities which transport the slurry. The 
gas fraction increase after the transition to a transport regime has not been 
investigated in detail for the purpose of this book. 

It seems likely that there will be a step change up in gas fraction after the 
transition to a transport regime. A gas velocity which gives a gas hold-up of 
60% does not transport the slurry out of the reactor. If the pipe reactor gas hold¬ 
up is 80% then this will double the reactor volume required to hold the same 
amount of slurry. This can only be cost effective if the gas velocity is more than 
doubled. A gas slurry separation section will be needed for the pipe reactor 
approach which adds further cost. 

Another approach to consider is to use reactors in series. With this 
approach, water is removed between stages to enhance the reactant partial 
pressures in the downstream reactor stage. The removal of other diluents 
between stages (such as carbon dioxide) may also be considered. This allows 
lower recycle ratios and increased steam production from the reactor heat 
removal system and decreased overall reactor volumes. These advantages may 
not necessarily compensate for the increased complexity of the reactor in series 
approach and detailed studies are required to determine the most cost effective 
design approach. 

The staged introduction of recycle gas is a simple and effective method to 
decreasing the required reactor volume [177], However, this approach requires 
a very good understanding of the reactor hydrodynamics. 

Recently a multi-stage slurry reactor concept as described in the Deckwer 
text book has been proposed by Maretto, Krishna and Piccolo [178, 179]. The 
division of the reactor into 4 separate stages within the same vessel is 
recommended. Each stage requires its own independent cooling system with the 
percentage of the total duty being 33%, 31%, 25% and 11% in each of the 
respective stages from bottom to top. This approach decreases the uncertainty 
involved in scale-up and allows large scale reactors to be constructed without 
prior knowledge of the effect of scale-up on dense phase mixing. This is an 
important advantage for newcomers to the field of FT reactor technology. 
However, it may result an unjustified increase in cost due to the more complex 
reactor and cooling system design. For example, a reactor with a height of 32 m 
and a diameter of 8 m has an L/D ratio of 4 and the actual dense phase 
dispersion may not differ significantly from the recommended 4 mixing cells in 
series. This would then avoid the need to divide the column up into discrete 
compartments, each with its own cooling system and it should be possible to 
use a single steam drum for temperature control. 

Furthermore, the muti-stage approach was not analysed with the 
possibility of using tail gas recycle. As a result it was concluded that the inlet 
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superficial gas velocity should be restricted to 30 cm/s. However, the target 
overall conversion can be achieved by adding recycle and increasing the gas 
velocity to say 40 cm/s and as a result the reactor productivity is increased. As 
mentioned earlier, the target fresh feed conversion is the result of an 
optimisation exercise and may be less than the 95% chosen for this analysis, but 
it should be at least 90%. A fair comparison can only be made if the number of 
mixed cells in series required to model the dense phase behaviour is known. 
This is definitely more than a single mixed cell for large scale baffled slurry 
bubble columns of commercial interest. 

Many FT reactor designs assume that the reactants in the syngas will be in 
stoichiometric balance (for example, the multi-stage reactor design discussed 
above). However, it is well known that the selectivity to the desired 
hydrocarbon products can be improved for cobalt catalyst if the syngas is 
slightly rich in carbon monoxide [180]. This will result in a lower target 
reactant conversion due to the excess CO but this is compensated by an 
increased selectivity to useful products. This is the subject for a further 
optimisation study that requires the reactor model to predict product 
selectivities simultaneously with the reactant conversion prediction. This is 
discussed in more detail in Chapter 5. After many years of comparison of model 
predictions with actual industrial data, Sasol can confidently use such models to 
determine optimum reactor designs for any desired reactor scale. 

4. FLUIDIZATION FUNDAMENTALS AND THE SASOL ADVANCED 
SYNTHOL (SAS) REACTORS 

Gas-solid fluidization finds wide application in the chemical industry. At the 
Sasol 2 and 3 plants in Secunda, dense phase turbulent fluidized bed reactors 
called Sasol Advanced Synthol (SAS) reactors are used to convert Syngas to 
liquid fuels and chemicals. This section covers the fundamentals of fluidization 
both in general terms and as they relate to the SAS reactors. Topics discussed 
include the relationship between bed pressure drop versus gas velocity, powder 
classification in terms of Geldarf s powder classification diagram, fluidization 
regimes, fluidization regime transitions due to changes in powder classification, 
entrainment and the basic principles of cyclone and dipleg operation. This 
section is based on a paper presented by Sookai at the Industrial Fluidization, 
South Africa (IFSA 2002) Conference [181]. The standard text book on 
fluidization engineering is the book by Kunii and Levenspiel [118]. 

4.1 Powder classification based on fluidization properties 

The effect of particle size and density on the fluidization behaviour of a 
particular powder is best described by Geldart’s powder classification diagram 
shown in Fig. 29 [182]. 
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Figure 29 Geldart’s powder classification diagram 

According to this diagram particles are classified as being in either group 
A, B, C or D, depending on the particle and fluid density difference, and the 
mean particle size. Each group exhibits unique fluidization characteristics 
which forms the basis for distinguishing between groups. The group 
classification can therefore be used to identify the general “package” of 
fluidization characteristics of a particular powder without having to do 
experiments. For example, if a powder falls in group C then it would be known 
that these powders are cohesive, difficult to fluidize and are prone to gas 
channelling. However, if a powder has a group A classification, then it would 
be known that these powders display good fluidization properties, are easily 
aeratable, have a high dense phase voidage and limited bubble growth. Further 
characteristic fluidization properties are summarised in Table 11 [183]. 

The SAS reactors utilize a reduced and promoted iron oxide Geldart group 
A powder catalyst. However, depending on the process conditions, the group 
classification could potentially change. For example, the loss of fines can cause 
the powder to change to a group B classification or the accumulation of fines 
can cause the powder classification to change to group C. It will be shown later 
how this potential change in powder classification influences reactor operation. 
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Table 11 

General fluidization characteristics of Geldart group A, B, C and D powders 


Increasing particle size -» 

Group 

C 

A 

B 

D 

Typical solids 

Flour, 

Cement 

Cracking catalyst 

Building sand, 
table salt 

Crushed 
limestone, 
coffee beans 

Most obvious 
characteristic 

Cohesive, 
difficult to 
fluidize 

Bubble free range of 
fluidization 

Starts to 
bubble at min. 
fluidization 
velocity 

Coarse solids 

Bed expansion 

Low when 
bed 

channels, 
can be high 
when 
fluidized 

High 

Moderate 

Low 

De-aeration rate 

Initially 

fast, 

exponential 

Slow, linear 

Fast 

Fast 

Bubble properties 

No bubbles, 
channels 
and cracks 
present 

Bubble splitting and 
re-coalescence 
predominate. Bubble 
grow to a maximum 
size. Large wake 

Bubble 
growth, no 
limit on size 

No known 
upper size, 
small wake 

Solids mixing 

Very low 

High 

Moderate 

Low 

Gas backmixing 

Very low 

High 

Moderate 

Low 

Slug properties 

Solid slugs 

Axisymmetnc slugs 

Axisymmetric 

and 

asymmetric 

Horizontal 
voids, solid 
and wall slugs 


4.2 Fluidization regimes 

For fixed process conditions and particle properties, a fluidized bed 
operates in a particular fluidization regime. A fluidization regime transition can 
therefore occur in two ways, namely, (1) by changing the particle properties and 
(2) by changing the process conditions for example, the gas velocity. For 
simplicity the effect of gas velocity on fluidization regime transitions will be 
discussed here, but it will be shown later how a change in particle properties 
can also cause fluidization regime transitions. 






158 



Figure 30 Schematic diagram of the SAS reactor showing internals and the variation of 
solids concentration with reactor height 

Initially, as gas is first introduced into the bed of particles at a low velocity, it 
percolates through the void spaces between the particles. This is the fixed bed 
regime and particles display little or no movement. As the gas velocity is 
increased, the particles begin to move apart and the bed begins to expand, until 
a velocity is reached where the friction forces are balanced by the weight of the 
particles. At this stage the bed is just fluidized and the gas velocity at which this 
occurs is termed the minimum fluidization velocity (Umij. Synthol catalyst, 
which has a wide particle size distribution, does not display a distinct Umf. In 
this case the term full support velocity (Ufs) or complete fluidization velocity 
(Ucfj [184, 185] is used. This is the minimum velocity at which the bed is 
completely fluidized and is characterised by a bed pressure drop that is 
approximately equal to the weight of the bed (Fig. 31). 

In Fig. 24, the curve ABCD shows schematically what happens to the bed 
pressure drop as the gas velocity is increased from zero for a narrow particle 
size distribution powder. Curve DCA shows what happens when the gas 
velocity is decreased after the bed has been fluidized. 
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Increasing gas velocity 


Figure 31 Schematic diagram showing the relationship between bed pressure drop and gas 
velocity for a narrow and wide particle size distribution powder 


As can be seen for a powder having a narrow particle size distribution, the 
minimum fluidization velocity is clearly observable. This should be compared 
to curve AD which represents the bed pressure drop versus gas velocity for a 
powder having a wide particle size distribution (eg. Synthol catalyst). In this 
case a distinct Umf is not observable. When the gas velocity is increased from 
zero, it will be noticed from Fig. 31 that curve ABCD is followed, and this 
shows that the pressure drop initially increases above that required to fluidize 
the bed (point B). The reason for this is that the powder is initially compact and 
in order to fluidize the powder, it is necessary to overcome both the weight of 
the bed and the compaction forces. Once the bed is fluidized, the dense phase 
can be easily ‘deformed’ hence there is no further increase in bed pressure drop 
with gas velocity. The bed pressure drop begins to decrease as the entrainment 
rate increases and the fluidization regimes change to the transport regime. 
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As shown in Fig. 32, increasing the gas velocity above Umf causes the bed 
voidage (s) to increase and this is reflected in an increase in the bed expansion. 
This is called the particulate regime and is of significance because in this 
regime the bed has the highest density whilst still maintaining fluid-like 
conditions. It will be shown later why this regime is important for dipleg 
operation. A further increase in gas velocity sees a fluidization regime transition 
to the bubbling regime. In this regime the bed consists of two phases namely a 
dense phase (mainly catalyst) and a bubble phase (mainly gas). The bed voidage 
increases further and the bubbles induce solid circulation, which makes the 
bubbling bed better mixed than the dense phase fluidised bed. 

The powder group, reactor diameter, and particle and gas properties will 
determine the commencement of bubbling and the size of bubbles. For example, 
group A powders are known to have a high dense phase voidage and limited 
bubble growth. For these powders, it has been shown that an increase in fines 
causes an increase in the dense phase voidage while an increase in gas velocity 
causes an increase in bubble voidage [184, 186]. Since conversion occurs 
predominately in the dense phase, group A powders are therefore ideal for 
catalytic reactors. 

While in the bubbling regime, an increase in gas velocity causes larger 
bubbles to form that move through the bed faster, which enhances the solids 
circulation rate. A further increase in gas velocity sees a further fluidization 
regime transition form the bubbling regime to the turbulent regime. In the 
turbulent regime distinct bubbles begin to disappear and the bed consists rather 
of regions of high density and low density particle clusters that dart to and fro. 
The bed is now in a high state of mixing and the entrainment of particles from 
the bed increases considerably, but a distinct bed surface is still visible. A 
further increase in gas velocity sees a transition to the transport regime, which 
consists of fast fluidization and dilute phase flow as shown in Fig. 32. In fast 
fluidization a distinct bed surface is not visible and solids have to be re¬ 
circulated to maintain a fast fluidised ‘bed’. Reactors operating in this regime 
are known as Circulating Fluidized Beds (CFB). In dilute phase flow all 
particles are suspended and transportable and hence this regime is found in 
catalyst conveying applications. 

4.3 Potential changes in powder classification during fluidized bed 
operation 

A Geldart group A powder, for example, will display the fluidization 
characteristics of that group during operation (see Table 9). However, it is 
possible for a group A powder to change to either a Group B or C powder 
depending on the process conditions and the extent to which the particle 
properties change in situ. A group A powder can potentially change to a group 
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B powder as a result of the loss of fines, hence resulting in a coarser particle 
size distribution. Once the powder classification changes to group B, the 
powder then displays the characteristic fluidization properties associated with 
group B powders. Similarly it is also possible for a powder having a group A 
classification to change to one having a group C classification. This change can 
be brought about by the accumulation of fines, or by a decrease in particle 
density. Once the change has occurred, the powder will display the 
characteristic fluidization properties associated with group C powders. These 
changes in powder classification can cause fluidization regime transitions. 

4.4 Potential changes in fluidization regimes due to changes in powder 
classification 

When a powder undergoes a change in powder classification, the 
characteristic fluidization properties of the powder also changes. This can 
potentially change the fluidization regime during operation. For example, if 
under normal conditions a group A powder is operating in the particulate 
regime, a powder classification change to group B can result in the fluidization 
regime changing from particulate to packed bed flow and eventual de¬ 
fluidization. This occurs because a characteristic property of group B powders 
is that it de-aerates fast and does not display a particulate regime of fluidization. 
The other potential fluidization regime transition of interest can occur when a 
group A powder changes to a group C powder. In the fluidized state the group 
A powder may have been operating in the turbulent regime. When the powder 
classification changes to group C, the fluidization regime can potentially change 
to the fast fluidization regime. This change occurs because the accumulation of 
fines causes the bed density to decrease and it may decrease to such an extent 
that the bed becomes transportable, hence a transition to the transport regime. It 
will be shown later how these potential changes apply to the SAS reactors. 

4.5 Entrainment 

The terms entrainment, elutriation and canyover are often used 
interchangeably to describe the ejection of particles from the surface of a 
fluidized bed and their removal from the unit in the gas stream. Although there 
is no general agreement concerning the mechanisms by which entrainment 
occurs, bubbles (or gas voids) clearly have an important role to play. Particles 
are ejected into the freeboard either when the bubble ‘bursts’ at the bed surface 
or through the wake of the bubble. The entrainment rate of material from the 
bed depends on the rate at which bubbles “burst” at the bed surface, the bubble 
size, solids properties and in some cases the carrying capacity of the gas. 
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4.6 Cyclone and dipleg operation 

The entrained solids are usually recovered in the reactor by passing the gas 
and solids through cyclones before the gas leaves the reactor. To improve the 
recovery efficiency of solids, several stages of cyclones could be used in series. 
However, in the SAS reactors single stage cyclones are used [187]. In the 
cyclones, the solids are separated from the gas by centrifugal forces. The 
separated solids flow down the cone of the cyclone and return to the reactor via 
the diplegs. During the separation process there is a pressure drop, which, 
results in the pressure inside the cyclone being less than the freeboard pressure. 
It is essential that there is a pressure recovery in the dipleg to return the solids 
to the reactor. This requires a fluidized head of solids as shown in Fig. 33. 

As the solids flow down the dipleg the solid level builds-up and the 
pressure at the base of the dipleg increases. When this pressure is greater than 
the freeboard pressure, the trickle valve opens, causing the solids to flow out 
into the freeboard. Thus, the solids flow out of the dipleg is governed by the 
pressure balance shown in Fig 33. 


^Gas out 



Figure 33 Schematic diagram showing the cyclone and dipleg 
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The pressure head developed by the fluidized solids in the dipleg depends 
on the catalyst properties as shown by the equation in Fig. 33. The flow 
coefficient (which varies between 0 and 1) depends on the fluidization 
properties of the catalyst. For example group A powders which have good flow 
properties will have a flow coefficient close to 1 whereas a group C powder will 
have a much lower flow coefficient. It will be shown in the next section (using 
the SAS reactor as an example) how this phenomenon can affect the dipleg 
operation. 

4.7 The Sasol Advanced Synthol reactors 

At the Sasol 2 and 3 plants in Secunda, dense phase turbulent fluidized 
bed reactors called Sasol Advanced Synthol (SAS) reactors are use to convert 
Syngas to liquid fuels and chemicals. At present there are five 8m diameter and 
four 10.7m diameter reactors being utilized. The fluidization related scale-up of 
these reactors is discussed elsewhere [188]. With reference to Fig. 30, the 
operation of the SAS reactors can be described briefly as follows. The gas 
enters at the bottom of the reactor and passes through a grid plate or gas 
distributor and fluidizes the catalyst bed (which operates in the turbulent 
fluidization regime). The gas distributor serves to distribute the gas evenly 
throughout the catalyst bed thus preventing preferential flow patterns and 
stagnant regions. It also acts as a support for the catalyst bed during bed slumps 
(no gas flow). In the fluidized bed, Fischer-Tropsch and side reactions occur, 
which results in a host of gaseous products. These reactions are exothermic, 
hence cooling coils are present in the reactor to remove heat (by generating 
steam in the coils). This together with the rapid mixing in the fluidized bed 
results in isothermal conditions. The product gas leaves the bed carrying some 
catalyst particles with it (entrainment). Therefore, before leaving the reactor, the 
gas passes through the cyclones where the entrained solids are separated from 
the gas. Solids collected in the cyclones are returned to the reactor via the 
diplegs. 

It was noted earlier that in addition to gas velocity changes a fluidization 
regime transition can also occur as a result of a change in the particle density 
and size distribution. In the SAS reactors this transition is potentially possible 
because the Boudouard reaction, which is a side reaction to the Fischer-Tropsch 
reaction, results in the formation of free carbon [189]. The lay-down of this 
carbon on the catalyst improves the flow properties of the catalyst but it also 
lowers the bulk density of the catalyst and can lead to an increase in the fines 
fraction. This change in particle properties causes an increase in the bed 
voidage and if allowed to continue uncontrolled can result in a fluidization 
regime transition from the turbulent regime to the transport regime (fast 
fluidization). This must be avoided because the uncontrolled bed expansion and 
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transport of catalyst causes the cyclones to block followed by a reactor shut 
down. An on-line (used) catalyst removal and (fresh) catalyst addition policy 
was implemented to maintain the fluidized bed density of the SAS reactor 
within certain limits to prevent the above occurrence. 

For the successful continuous operation of the SAS reactors it is essential 
to maintain the pressure balance which causes catalyst to flow out of the dipleg 
into the reactor. Since the pressure build-up in the dipleg provides the principle 
driving force for solid circulation, it is essential to maintain a fluidization 
regime in the dipleg that maximises this pressure recovery. To achieve this, a 
Geldart group A catalyst operating in the particulate regime is required in the 
dipleg. With Synthol catalyst the change in powder properties could cause a 
powder classification transition from group A to group B. Because a group B 
powder de-aerates very rapidly (see Table 11), the flow regime in the dipleg can 
quickly change from dense phase flow to eventual de-fluidization. This would 
cause a reduction in the pressure recovery and can lead to eventual de¬ 
fluidization of the catalyst in the dipleg, causing the dipleg to block and 
eventually the reactor has to be shut down. 

If the catalyst properties change such that there is a transition from group 
A to group C (e.g. through the accumulation of fines) the flow properties of the 
catalyst will also change. This would result in a lower flow coefficient and 
hence a higher catalyst level will be required in the dipleg to ensure that the 
necessary pressure recovery is established. The residence time of catalyst in the 
dipleg is increased and hence the risk of blocking the dipleg is also increased. 
To reduce the risk of the above potential dipleg blockages it is essential to 
provide constant aeration to the dipleg. 

From the material presented in this section it should be clear that a proper 
understanding of the fundamentals of powder classification and the factors that 
influence fluidization regime transitions is important. This knowledge can be 
used to avoid potential problems in the operation of a fluidized bed. Operational 
procedures can be put in place to control the particle properties thereby 
ensuring sustained and successful commercial-scale fluidized bed operation. 

5. DESIGN AND SCALE-UP OF FLUIDIZED BED FT REACTORS 

An overview is provided of the most important considerations for the design 
and scale-up of catalytic fluidized bed reactors. Modem reactors used for high 
temperature Fischer-Tropsch synthesis are pushing the size and gas velocity 
limits for turbulent fluidized bed reactors operating at high pressures. Based on 
this experience, the recommended design and scale-up approach is explained. 
This overview is extracted from a paper by Steynberg at the Industrial 
Fluidization, South Africa (IFSA 2002) Conference [190]. 
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The considerations for the design of catalytic fluidized bed reactors are in 
many cases different from those for fluidized reactors involving the processing 
of solids. Ideally for catalytic reactors the solids properties can be selected to 
give the best performance. If the solids properties change with time then an 
approach of on-line catalyst renewal may be adopted to keep the solids 
properties approximately uniform. 

Typically the use of a fluidized bed is desirable because the chemical 
reactions are highly exothermic and high heat transfer coefficients are 
achievable with heat removal pipes in these reactors. 

For optimum catalyst performance, small catalyst particle sizes are 
preferred. This avoids intra-particle concentration and temperature gradients 
and allows more effective use of the catalytic material. Typically the particle 
sizes will be less than 150 microns and the powder will be a type A powder 
according to the well-known Geldart classification [183] (See Fig. 29). 

Fluidized bed reactors using a Geldart type A catalyst can be described 
using the two-phase model [99, 191]. This model divides the fluidized bed into 
bubbles and the expanded solids phase known as the dense phase (See Fig. 34). 



Bubble phase 


Dense phase 


Gas inlet 


Figure 34 Two-phase model for fluidized bed 

It is easier to predict the performance of type A solids with scale-up than 
the larger Geldart type B/D catalyst. A Fischer-Tropsch reactor using a type 
B/D catalyst was operated in Brownsville, Texas by Hydrocarbon Research 
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Inc.. The reactor performance was found to be significantly worse than the 
smaller scale units. This has been ascribed to a decrease in dense phase voidage 
with increasing column diameter [ 192] resulting in poor catalyst to gas contact 
(see Fig. 35). A further problem at Brownsville was the formation of fine 
carbon rich particles during synthesis referred to as ‘bug dust’. This essentially 
resulted in a mixture of type C and type B solids and was no doubt particularly 
problematic for the ceramic filters used for gas-solids separation. 



Figure 35 Influence of diameter on (dense phase ) voidage [192] 


It is well known that an increase in the level of fines in the type A catalyst 
will increase the dense phase voidage [186]. The appropriate definition of fines 
may differ depending on the particle density. For the relatively dense Synthol 
catalyst the fraction less than 22 microns is classed as ‘fines’. For less dense 
catalysts it may be appropriate to use up to 44 microns as the upper size limit 
for ‘fines’. See Fig. 36 for an example of the influence of the fines fraction on 
the dense phase voidage. 

























Rnes Fraction 

Figure 36 Influence of fines fraction on dense phase voidage at different pressures [193] 

While good gas-catalyst contact is desirable, the dense phase voidage can 
be too high resulting in a decline in performance. This is because less catalyst 
can be accommodated in a given reactor volume and more gas will backmix 
with the solids resulting in lower reactant conversions. There is thus an 
optimum fines content in the catalyst particle size distribution. 

5.1 Determination of voidage 

It is necessary to determine the ‘voidage’ or space occupied by the gas in 
the fluidised bed in order to determine the amount of catalyst that can be 
accommodated in a given reactor volume. It is now well known that the volume 
occupied by bubbles depends on the column diameter for small diameter 
columns but is relatively constant at a given gas velocity for column diameters 
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greater than Im [186], For large-scale columns, bubbles typically occupy about 
10% to 20% of the bed volume so the amount of catalyst in the reactor is 
mainly determined by the dense phase voidage, which may exceed 70% [193], 
Besides the fines fraction mentioned previously, the other parameter that 
influences the dense phase voidage is the gas density [193], The dense phase 
voidage can be determined for the catalyst powder in question using relatively 
small scale equipment but it is important to cover the applicable range of gas 
densities. Dense phase voidage is also influenced by particle shape and 
experimental verification is still recommended rather than the use of published 
correlations. 

It is a relatively simple matter to determine the dense phase voidage in a 
large-scale commercial reactor from a differential pressure measurement across 
a section of the bed if the bubble fraction, Cb, and particle density are known. 
For a fluidized bed of height H, the bubble fraction is determined by: 


dh 


( 22 ) 


The value for (j) becomes constant for columns larger than Im in diameter. 
There is a region of higher gas hold-up, which is dependant on the gas 
distributor design, up to about one metre above the gas distributor. At higher 
elevations a stable bubble size is typically attained. As the gas density 
increases, ds will decrease and 0 will increase so that Sb remains approximately 
constant [194] at a given gas velocity. For a Fischer-Tropsch reactor the value 
of 0 may be as high as 5. However, measurement of Cb by a bed collapse 
experiment may be easier than finding the average bubble size, de, or the 
bubble rise coefficient, 0 . 

Newton and Johns determined de by measuring the number of bubbles 
using an X-ray imaging technique [195]. Using the Darton bubble growth 
model [104], Ellenberger and Krishna [101] derived the following equation to 
predict the bubble fraction (also referred to as bubble hold-up or dilute phase 
voidage): 






[h- + h,y 


for H))h’ 


(23) 


where a is a constant in the Darton bubble growth model, ho is a parameter 
determining the initial bubble size at the gas distributor and h* is the height 
above the gas distributor where the bubbles reach their equilibrium size. 
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Werther [196] proposed that for columns with diameters, Dj, smaller than 
Im, ^ = (^oCDxf". 

5.2 Gas and catalyst mixing 

Typically the superficial gas velocity, u, is much larger than the dense 
phase velocity, Udf, so most of the through flow of gas is by way of the bubbles 
and these can usually be considered to be in plug flow. It is the mixing 
behaviour of the dense phase that is of most interest. One way to characterise 
the dense phase mixing is with an axial dispension model. It has been found that 
the axial dispersion coefficient can be correlated with an expression of the form 
[197]. 

Dax = constant D |- (24) 

Where Vb is the bubble rise velocity and Dj is the column diameter. The 
bubble velocity depends only on the gas velocity for columns larger than Im in 
diameter. 

For large diameter columns it is inevitable that the dense phase will be 
highly backmixed. This is desirable from the point of view of attaining a 
uniform temperature profile but it becomes difficult to achieve high per pass 
gas conversions. This is even more of a problem when a reaction product has a 
negative impact on the reaction rate. This is the case with the water product 
from Fischer-Tropsch synthesis with an iron catalyst. High overall conversions 
may be attained by means of tail gas recycle or tandem reactors, or both, after 
water has been removed from the tail gas by cooling and condensation. If the 
reactor is designed with recycle and lower per pass conversions, then the design 
is much less sensitive to assumptions made with regard to mixing in the 
fluidized bed. In this case the assumption of plug flow for the gas phase and 
complete mixing for the dense phase is sufficient. 

5.3 Mass transfer 

In small scale fluidized beds, using small bed heights, the bubbles will 
probably not have grown to their equilibrium size and wall effects may 
constrain the maximum bubble size. Bubbles also move faster in small diameter 
eolumns. As a result the mass transfer between the bubbles and the dense phase 
is poorer in large commercial units compared to small-scale reactors. 

The mass transfer for type A powders has been ascribed mainly due to 
cross flow so ignoring cloud boundary effects and diffusion, mass transfer is 
described by [198, 199]: 


kga = 7.14 U(if/db 


(25) 
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This is the main reason for the great deal of attention paid to 
characterisation of dense phase velocity and bubble size in the academic world. 
Research relating to bubble columns [113] has highlighted the need to consider 
the effect of the frequent bubble coalescence and break up. This tends to cause 
the effective bubble diameter to be much smaller than the actual average 
diameter. This results in significantly higher mass transfer predictions. It has 
also been stressed that the dense phase velocity may be significantly higher than 
the minimum fluidization velocity and that the dense phase velocity depends on 
the gas velocity, the mean particle size and the fines fraction in the solids [184]. 
Other physical properties such as particle shape and density also play a role. 

5.4 Conversion prediction 

With the assumptions of plug flow for the bubbles and perfect mixing in 
the dense phase, the following equation can be derived to predict conversion, %, 
[199]: 
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where v is the fraction of the total gas which flows up the reactor in the form of 
bubbles. For high capacity reactors it is often acceptable to set v =1 so that 
the expression simplifies to: 
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(29) 


where km represents a reaction rate expression (m^ reactant converted per kg of 
catalyst per second); pb is the bulk density and s is the total voidage in the 
fluidized bed. 

At this point it is impossible to overemphasise the importance of 
determining the correct value for the reaction rate constant and a suitable rate 
equation. 

The overall conversion depends on the relative success of the catalyst 
researchers in increasing km and the fluidization experts in optimising the 
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relative values for NTU and e. The bed height must also be sufficient to 
accommodate the heat removal pipes. 

It will further be noted that all scale-up risk is essentially eliminated if the 
demonstration reactor has a diameter of about Im or more. This was confirmed 
by Sasol with scale-up from a 3fl diameter demonstration reactor to 5m, 8m and 
then 10.7m diameter reactors. 

5.5 Practical considerations for the gas distributor design 

The basic design concept is to use orifices to create sufficient pressure 
drop to evenly distribute the gas and avoid backflow. Quality control in the 
construction of the gas distributor is very important to avoid problems 
associated with gas maldistribution. It is also important that the pressure drop is 
still sufficient at the minimum flow turndown case, which is usually the total 
recycle case. 

For many applications the avoidance of stagnant zones may be critical 
since this may lead to hot and cold regions with a variety of adverse effects. In 
the case of Fischer-Tropsch synthesis, this may lead to the progressive blockage 
of the gas distributor. For this reason it is desirable to design the gas distributor 
in a way that allows the backmixing dense phase to sweep catalyst from 
potential areas of laydown. This sweeping action improves with scale-up but 
may become so severe that the effect on the gas inlet jets needs to be 
considered. 

Any form of valve design should generally be avoided since they are 
generally costly, ineffective and decrease the reactor on-stream factor. The gas 
inlet system must therefore be capable of tolerating some solids backflow 
during an interruption of the feed flow and these solids should then be easily 
returned to the bed on re-start. 

A recent article by Pell [200] gives good guidance for the design of gas 
distributors. 

5.6 The influence of internals 

The cooling pipes will generally have a positive impact when scaling-up 
since they will to a certain extent dampen the relationship between reactor 
diameter and dense phase backmixing. It is unwise to rely on this dampening 
effect in the design of the reactor. In general, vertical cooling pipes will have 
minimal effect on the design of large-scale reactors but can have a significant 
effect for column diameters less than Im. 

5.7 The design of solids separation equipment 

Both filters and cyclones may be considered for the solids gas separation. 
For filters, the gas flow and density determine the filter area required while the 
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catalyst entrainment flux will determine the interval between blowbacks. 
Blowback system reliability may be critical. Cyclones are less expensive than 
filters and are potentially more reliable, if properly designed, due to the absence 
of moving parts. Erosion and dipleg blockages are common cyclone problems. 
Accurate prediction of solids entrainment flux is also vital for effective cyclone 
design. The method of Briens et al [201] is recommended to predict the 
entrainment flux. The use of single stage cyclones with dipleg purge gas is 
recommended for best reliability. Unlike filters, cyclones can never entirely 
avoid solids losses and it is not possible to retain entrained particles smaller 
than 5 microns. 

It is easily possible to write an entire book on the proper design and 
maintenance of solids separation devices. It is important to choose an 
experienced equipment supplier and to ensure that there is good communication 
with the supplier so that your application characteristics and all possible 
operating modes are well understood. Proper inspection of the installed 
equipment prior to commissioning is also vital. Consultation with experienced 
operators or consultants is also recommended. 

5.8 Gas velocity limits 

There is a maximum velocity for which a stable fluidized bed can be 
maintained. This maximum velocity decreases as the pressure or gas density 
increases. According to published maps of acceptable operating velocity (See 
for example Fig. 37), the Sasol Advanced Synthol (SAS) reactors now operate 
very close to this maximum velocity. 

The validity of these maps has not been verified at Sasol for gas densities 
equivalent to the 25 bar operating pressure used in the SAS reactors. Sasol will 
no doubt be pushing the gas velocity limits for future reactor designs. 

To summarize, the reactor design steps are as follows: 

1) Set a safe gas velocity upper limit. 

2) Determine the bed height required to attain the conversion target. 

3) Check that there is sufficient bed volume for cooling surfaces. 

4) Consider all operating cases especially the minimum possible particle 
density. 

5) Calculate the catalyst entrainment rate. 

6) Consult solids separation vendors. 
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Figure 37 Unified flow regime map [202] 


6. DESIGN AND SCALE-UP FOR MULTI-TUBULAR FIXED BED 
FT REACTORS 

6.1 Text book teaching 

In contrast to slurry phase reactor design for the FT-synthesis, no standard 
text books deal specifically with fixed bed reactor design for the Fischer- 
Tropsch synthesis. Chapter 11 of the well-known book “Chemical Reactor 
Analysis and Design” by G.F. Froment and K. B. Bischoff [203] deals with 
design of Fixed Bed Catalytic Reactors in a fundamental way without making 
specific reference to the FT-synthesis. 

The low temperature FT-synthesis differs from typical fixed bed reactor 
processes such as ethylene oxide synthesis, carbon monoxide methanation, 
methanol synthesis, maleic anhydride synthesis, because a significant part of 
the FT-product is a liquid at the reaction conditions. As a consequence, the 
fixed bed reactor operates in a trickle flow regime with the synthesis gas - and 
the liquid product streams flowing co-currently downwards in the reactor. 
Typical volumetric liquid productivity is however such that the superficial 
liquid velocity is well below 1 mm/s (without liquid recycle), which ensures 
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operation far from the trickle flow-pulsed flow transition as illustrated in Fig. 
38. The effect of the liquid on hydrodynamics relative to ‘dry’ fixed bed 
operation is therefore small. The main effect is a somewhat increased pressure 
drop and slightly enhanced heat transfer, see Section 1.4 below. 



Ul (m/s) 


Figure 38 Flow map of trickle flow-pulsed flow regime transition in trickle bed reactors. 
Composed from Iliuta et al. [204], using representative physical properties for the LTFT 
synthesis and a particle diameter of 1.5 mm (sphericity factor = 0.85). 

A major effect of the presence of the liquid is that the catalyst particle 
pores are liquid-filled due to capillaiy forces. Since the diffusion coefficients of 
the gaseous reactants hydrogen and carbon monoxide in this liquid medium are 
orders of magnitude lower than in the gas phase and pressure drop 
considerations dictate catalyst particle sizes to be 1 mm or larger, serious 
diffusion limitations occur in the fixed bed FT synthesis [205]. 

Keeping the above mentioned effects of the presence of a liquid in mind, 
the book of G.F. Froment and K. B. Bischoff [203] can serve as a valuable basis 
for design of fixed bed reactors for the low temperature Fischer-Tropsch 
synthesis. 

6.2 Reactor modelling 

One of the main advantages of the multi-tubular fixed bed reactor is that it 
provides modular scale-up from one representative tube on a pilot scale. Pilot- 
plant work is therefore relatively cheap and one can rely for an important part 
on experimental data for proper commercial design. Nevertheless, reactor 
modelling is indispensable in arriving at a thorough optimized commercial 
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design, accounting properly for the combined action of heat removal, pressure 
drop, diffusion limitations and intrinsic kinetics. 

Froment and Bischoff [203] discuss the various fixed bed reactor models 
in detail. Two main classes of models can be distinguished, i.e. pseudo- 
homogeneous models and heterogeneous models. The first class supposes 
physical and thermal equilibrium between the bulk gas phase and the catalyst 
particle surface, whereas the second class accounts for concentration - and 
temperature differences between bulk gas phase and catalyst particle surface as 
a results of inter-particle mass - and heat transfer resistances. Within each class 
of models, one- and two-dimensional sub-models exist with an increasing 
degree of complexity as axial mixing, radial mixing and intra-particle gradients 
are taking into account. Since the liquid-filled pores and particle sizes > 1 mm 
guarantee relatively low volumetric reactions rates in the fixed bed FT- 
synthesis, inter-particle mass - and heat transfer resistances are insignificant 
and pseudo-homogeneous models can be used. Typically applied particle sizes 
(> 1 mm), tube diameters (1-2 inch), tube lengths (6 - 12 m) and superficial 
gas velocities (> 0.2 m/s) also imply that the Bo numbers are large enough to 
justify the assumption of plug-flow (no axial mixing). 

Depending on the tube diameter, a one-dimensional model may suffice 
otherwise radial mixing has to be taken into account. There are substantial 
negative effects resulting from excessively high temperatures (high methane 
selectivity, carbon make and damage to expensive catalyst) so strict temperature 
control is necessary to avoid temperature excursions. This is much more a 
concern for Co-based catalysts than for Fe-based catalysts. Lower mean 
temperatures and narrower tubes are therefore applied for Co catalysts, radial 
temperature gradients are relatively small and a (pseudo) one-dimensional 
model suffices for reactor design purposes. Less stringent temperature control is 
necessary for Fe-based catalysts. Cheaper reactors with fewer, wider tubes 
operating at increased temperatures are therefore applied for Fe-based catalysts, 
e.g. the Arge reactors in Sasolburg that use 2” diameter tubes. Radial 
temperature gradients are then significant and homogeneous 2-dimensional 
models are needed to guarantee a reasonably accurate prediction of the reactor 
performance. As discussed above, intra-particle diffusion limitations need to be 
taken into account in both models. Wang et al. [206] recently reviewed 
modelling of the fixed-bed Fischer-Tropsch synthesis and concluded that the 
number of studies reported in open literature is rather restricted. As an 
omission, the modelling work of De Swart [113] is not referred to by Wang et 
al. Table 12 below summarizes Fischer-Tropsch fixed bed modelling studies. 
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Table 12 

Overview of modelling studies available in the public domain on the LTFT-synthesis in 
multi-tubular fixed bed reactors. 


Reference 

Type of model 

Catalyst 

Tube 

diameter 

Atwood and 
Bennet [170] 

Heterogeneous one-dimensional 
Intra-particle diffusion limitations 
taken into account via analytical 
expression for effectiveness factor 

Fe-based 
dp = .. mm 


Bub et al. [171] 

Pseudo-homogeneous two- 
dimensional. 

Effect of liquid on heat transfer and 
pressure drop neglected, insignificant 
pressure drop. 

No intra-particle diffusion limitations. 

Fe-MnO 
dp = 2.9 mm 

20 mm 

Jess et al. [172] 

Pseudo-homogeneous two- 
dimensional 

Effect of liquid on heat transfer and 
pressure drop neglected, insignificant 
pressure drop. 

Intra-particle diffusion limitations 
accounted for by using lumped 
kinetics 

Fe (ARGE- 
Lurgi- 

Ruhrchemie) 
dp = 2.5 mm 

41-90 

mm 

Wang et al. 

[169] 

Heterogeneous one-dimensional 

Effect of liquid on heat transfer and 
pressure drop neglected 

Rigorous single particle model 
embedded to account for intra-particle 
diffusion limitations. 

Fe-Cu-Zn 

32-80 

mm 

De Swart [107] 

Heterogeneous one-dimensional model 
Effect of liquid on heat transfer and 
pressure drop taken into account. 
Intra-particle diffusion limitations 
taken into account. 

Co, 

dp = 2mm 

50-60 
mm * 


* Estimated from shell diameter and number of tubes (6.2 m, 8000 tubes) 


Remarkably, only De Swart studied the LTFT-synthesis over a Co 
catalyst, despite its commercial relevance for GTL processes (Shell’s SMDS 
process, [14]). This study is also most comprehensive in taking the effect of the 
trickling liquid flow on heat transfer and pressure drop into account. The study 
of Wang et al. is the only study which accounts for the effect of intra-particle 
diffusion limitations on product selectivity. All other studies ignore - or 
consider the effect of intra-particle diffusion limitations on Co conversion only, 
while it is known from SasoTs commercial experience that the effect on 
selectivity is at least as pronounced. Considering the above discussion, a 
successful FT reactor model for modem multi-tubular fixed bed reactors: 
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• is allowed to be of (pseudo) homogeneous class 

• can be either one-dimensional (low axial temperature gradients, narrow 
tubes: Co) or two-dimensional (large axial temperature gradients, wide 
tubes: Fe) 

• should embed some type of single particle model to account for the effect of 
diffusion limitations on productivity and selectivity. 

6.3 Diffusion limitations 

Commercial Sasol experience teaches that FT fixed bed reactor 
technology suffers from significant diffusion limitations for practical catalyst 
particle diameters (1-3 mm). The occurrence of diffusion limitations results in 
a reduced productivity but also, even more important, in a worsened selectivity 
(more methane, lighter product, less olefins), the latter due to a lower effective 
syngas pressure and an enrichment of H 2 relative to CO inside the particle 
[207]. Post et al. [205] studied quantitatively the effect of diffusion limitations 
in the Fe- and Co-based low temperature Fischer-Tropsch synthesis for particle 
sizes ranging from 0.22 - 2.6 mm. They showed that the effectiveness factor 
rii- i, defined as the ratio between the actual FT-rate and the FT-rate at bulk gas 
phase conditions, can be estimated with a reasonable accuracy from the 
following analytical expressions using pseudo-first order kinetics in hydrogen. 


fpr - mj. 


(30) 
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Within this framework of equations, q. r represents the hydrogen consumption 
rate and the carbon monoxide consumption rate or the -CFl 2 - formation rate. 
The effective liquid phase diffusion coefficient of H 2 is related to the bulk 
liquid phase diffusion coefficient and the catalyst particle geometry via: 

=-D, 

T 


( 33 ) 
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Post et al. [205] found this effective diffusion coefficient to be typically 
in the range 1 x 10'^ - 2 x 10'^ m^/s, which is said to correspond with s/x values 
of 0.2 - 0.4. As mentioned above, it is however as important to consider the 
effect of diffusion limitations on selectivity. Especially for the governing 
reaction kinetics over Co-catalysts, the effect of diffusion limitations on 
selectivity will occur before a noticeable effect on productivity is observed. Fig. 
39 shows the effectiveness factor ppr as a function of the ‘equivalent’ slab 
thickness rp eq for various values of the pseudo first-order rate constant kps.pr- 
Here, rp eq is defined as: 


with: 

A = particle surface exposed to the bulk gas phase (m^) 

V = particle volume (m^) 

The equivalent slab thickness rp,eq for a sphere with radius rp equals rp/3. Fig. 39 
is also valid for non-spherical catalyst particles, egg-shell type of catalyst 
particle, hollow cylindrical particles. Spherical egg-shell type of catalysts with 
radius rp and an active catalyst layer of 0.2 times tp have an equivalent slab 
thickness rp,eq of 0.5 x rp/3. 

Further improvement can be obtained for hollow cylindrical particles with 
a similar active catalyst layer (= wall of cylindrical particle). For such particles, 
the equivalent slab thickness rp^eq is equal to 0.25 x rp/3 since the particle surface 
area exposed to bulk syngas is doubled by the hollow nature of the particles. 

As can be seen from Fig. 39, applying these types of catalyst particles will 
results in a strong increase of the effectiveness factor when operating under 
serious diffusion limitations. The typically small catalyst particle size of 1 - 3 
mm for LTFT complicates the manufacture of mechanically strong, hollow 
cylindrical catalyst particles (walls of only a few hundreds microns) and, 
therefore, egg-shell type catalyst particles are likely to be more practical for the 
LTFT-synthesis. 

It is necessary to keep in mind that the hold-up of active catalyst phase in 
the packed catalyst bed decreases when applying egg-shell - and hollow 
cylindrical type of catalyst particles. In the above example, this fractional 
volume is ca. 0.5 x (1 - Sb) for both the egg-shell - and the hollow cylindrical 
catalyst particles relative to (1 - Sb) for regular catalyst particles. The overall 
effect of applying these types of catalyst particles on the volumetric reactor 
productivity is therefore marginal, since the volumetric reactor productivity is 
proportional to the product of the effectiveness factor and the hold-up of the 
catalyst phase. 
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rp,eq (mm) 

Figure 39 Calculated effectiveness factor, tift, as a function of the equivalent slab thickness 

for various value of the pseudo-first order rate constant of Eq. 34 [203]. Data used: 

effective H 2 diffusion coefficient = 1 O'* m^/s 

partial H 2 pressure in gas bulk phase = 23 bar 

Henry coefficient of H 2 = 750 bar 

molar liquid volume of pore liquid = 6 x 10'* mVmol 

The main incentives for using such special catalyst particles in the LTFT 
synthesis are therefore: 

(i) to minimize the usage of precious metals (Pt, Rh, Pd) in the catalyst 
formulation 

(ii) to obtain enhanced heat removal to the tube wall (see also section 6.5.1 
below) and reduced pressure drops over the packed bed by applying 
larger effective particle sizes without excessively reduced effectiveness 
factors. 

6.4 Effect of recycle 

The effect of recycle has been discussed by Sie and Krishna [15]. Without 
recycle there is a strong radial temperature profile in the region near the inlet, 
since in this region the reaction rates are high because of the high partial 
pressures of the reactants. Further down the reactor tubes, rates are much lower 
as reactants are depleted and as a consequence radial temperatures are more 
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even. The tube and catalyst dimensions have to be designed to cope with the 
temperature peaks so it follows that the larger part of the tube is over-designed. 

More even axial profiles of reactant concentration and temperature are 
obtained when the conversion is restricted to say 30% per pass. If unconverted 
gas is recycled to enhance the overall conversion then gas velocities will be 
higher. The higher gas velocity has a beneficial effect on the effectiveness of 
heat removal. The Arge process derives its advantage over the earlier 
‘Mitteldruck’ process from the application of gas recycle in combination with 
higher temperature and pressure. An enhancement of reactor capacity by a 
factor of 25 and a reduction of the cooling area by a factor of 12 was the result. 
The amount of catalyst and steel was lowered by a factor of about 7 [211]. 

An improvement of radial heat conductivity and heat transfer to the wall 
can not only be obtained by increasing the linear gas velocity in a gas-solid 
fixed-bed multi-tubular reactor, but also by operating in the presence of liquid 
[204, 212]. In the case of a Fischer-Tropsch reaction producing a relatively 
heavy product, the reactant stream is initially a gas that changes to a gas liquid 
mixture in the flow direction as condensable product is produced. In this 
situation, the effectiveness of heat removal will be lowest in the inlet region 
where the reaction rates are highest. By adding liquid, one can ensure that the 
whole tube including the most critical part operates in a trickle-flow mode, 
instead of only the bottom part. 

6.5 Design equations 
6.5.1 Heat transfer 

The overall heat transfer coefficient in an equivalent pseudo-homogeneous 
one dimensional models follows from: 


1 ^ ^ ^ A 
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For a proper design, the heat transfer resistances of the tube wall and at the 
outside of the tubes are negligible. Numerous design equations exist for the heat 
transfer coefficient at the tube wall and the effective radial conductivity of the 
packed bed. Recommended design equations are: 
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(37) 


The static thermal conductivity of the packed bed, depends among others 
on the thermal conductivity of the wax-filled catalyst particles and can be 
approximated with a reasonable accuracy from correlations as given among 
others by Froment and Bischoff [203], The static contribution to the heat 
transfer coefficient at the tube wall, a^o, depends on the catalyst particle 
properties, but also in a more complicated way on the voidage at the tube wall, 
the ratio of the particle diameter and the tube diameter and the absolute particle 
diameter. No consistent design equations are available to our knowledge for a^ Q 
and, when relevant, experimental determination is therefore recommended. 

As can be seen from Eq. (36) and Eq. (37), heat transfer to the tube walls 
for a given tube diameter can be seriously enhanced by increasing the 
superficial gas velocity and by increasing the catalyst particle diameter. Further, 
the production of liquid product also contributes increasingly from tube top - to 
tube bottom to enhancement of heat transfer via the second term between the 
inner brackets in Eq. (36). If desired, this positive effect can be improved by 
recycling liquid product to the entrance of the tubes, resulting in an increased 
average Rei, number. This however imposes the technical challenge to distribute 
the recycle liquid evenly to all the thousands of tubes. 


6.5.2 Pressure drop 

The pressure drop can be calculated from the classic Ergun equation for 
packed beds: 
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dz 

with: 
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P = pressure (Pa) 

dp,sp= equivalent spherical particle diameter (m) 

= particle shape factor (-) 

Pg = gas viscosity (Pa s) 

Pg = gas density (kg m'^) 

Ug = superficial gas velocity (m s'') 


(38) 


Since increasingly more liquid product is formed along the packed bed in 
the LTFT synthesis, the pressure drop will be somewhat higher than predicted 
from Eq. (38). This can become especially significant in case of recycling liquid 
product to the tube entrance to enhance heat transfer. Among others, Iliuta et al. 
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[168] give a detailed correlation to estimate the contribution of the liquid flow 
to the pressure drop. 

6.6 Recommended design approach 

In designing multi-tubular fixed bed reactors for the LTFT synthesis, one 
has to optimize the volumetric reactor productivity while meeting the following 
constraints: 

(i) reasonable per-pass syngas conversion 

(ii) a good product selectivity 

(iii) no excessive pressure drops over the catalyst bed 

(iv) no excessive temperatures within the catalyst bed (catalyst 
deactivation, deteriorated selectivity) 

(v) proper temperature controllability 

Jess et al. [209] give as an important criterion for proper temperature control 
that the gradient ATmaxATcooi> representing the increase of the maximum 
temperature in the reactor per single degree of temperature increase of the 
cooling medium (generally: evaporating water), is smaller than 5. 

To achieve an optimal design, the tube diameter, the catalyst particle 
diameter and the operating conditions (pressure, temperature and superficial gas 
velocity) can be varied. There is a big incentive to maximize the tube diameter 
to reduce reactor costs and to simplify reactor construction. The design is not an 
easy task since there is a compromise between the conflicting effects of catalyst 
particle diameter and operating conditions on the various constraints. For 
example, small catalyst particles favour a high utilization of the catalyst 
particles. This is desired in terms of obtaining a maximal volumetric 
productivity and good product selectivity. However, undesired side results of 
applying small catalyst particles are increased pressure drops, increased 
maximum temperatures and reduced temperature controllability (the latter two 
due to increased volumetric heat production and decreased heat transfer rates). 

In general, high superficial gas velocities are needed to enable high 
volumetric reactor productivity while ensuring proper temperature control. As a 
consequence of a high superficial gas velocity, the syngas conversion per pass 
is only moderate for standard tube lengths and a significant gas recycle over the 
reactor is needed for high overall syngas conversions. Another reason to restrict 
the syngas conversion per pass is to avoid to high water partial pressures that 
may cause catalyst deactivation. Whenever gas recycle is mentioned in a 
Fischer-Tropsch reactor context it goes without saying that the gas is first 
cooled to condense water (and hydrocarbon liquids) before it is recycled. 

Sending the combined tail gas of more parallel multi-tubular reactors 
(after cooling and liquid condensation and separation) to a shared second stage 
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multi-tubular reactor, as applied by Shell in their Bintulu plant, is an important 
concept. This way, high overall syngas conversions (> 90 %) can be obtained in 
combination with high reactor productivity and a good product selectivity. To 
obtain similar high overall syngas conversions in a single stage of parallel 
reactors requires excessively high gas recycles, penalizing the reactor 
productivity (reduced throughput of fresh syngas feed) and the product 
selectivity (lower syngas pressures due to dilution with inerts and products). 
Since the manufacturing of syngas is the most expensive step in FT-based 
processes, the importance of high overall syngas conversions is self-evident. 

From the above discussion, it is clear that pilot plant trials with a single 
representative tube and reactor modelling are indispensable for the design 
procedure. 

NOMENCLATURE 

Cd drag coefficient, dimensionless 

db diameter of bubble, m 

Dax axial dispersion coefficient, m^/s 

Dt column diameter, m 

g gravitational acceleration, 9.81 m s'^ 

h height above the gas distributor, m 

K, parameter determing initial bubble size, m 

h height at which bubbles attain their equilibrium size, m 

H fluidized bed height, m 

kga mass transfer coefficient, s'' 

ki.a volumetric mass transfer coefficient, s'' 

kn, pseudo first order reaction rate constant, mVkg cat.s 

M interphase momentum exchange term, N/m’ 

NRU number of reaction units, dimensionless 

NTU number of transfer units, dimensionless 
p system pressure. Pa 

r radial coordinate, m 

t time, s 

u velocity vector, m/s 

U superficial gas velocity, m s'' 

Udf dense phase velocity, m s'' 

Vb bubble rise velocity, m s'' 

Vb(r) radial distribution of bubble velocity, m s'' 

Vi fr) radial distribution of liquid velocity, m s'' 

reactor volume, m^ 

Vbo bubble rise velocity at low superficial gas velocities, m s'' 

Vl( 0) centre-line liquid velocity, m s'' 

catalyst mass, kg 

Zcs Zenz size number, dimensionless 

Zov Zenz velocity number, dimensionless 
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Greek: 

a constant in the bubble size correlation of Durton, dimensionless 

s total gas hold-up (voidage), dimensionless 

Sb fractional bubble hold up, dimensionless 

V fraction of total gas flow in fluid bed which flows u[ the reactor in the form of 

bubbles, dimensionless 
p density of phase, kg m-3 

Pb bulk density, kg/m^ 

Pp particle density, kg/m^ 

Pf fluid density kg/m^ 

p viscosity of fluid phase. Pa s 

a surface tension of liquid phase, N m-1 

(j) Werther rise velocity constant, dimensionless 

X fractional conversion of reactant, dimensionless 

A [3p/ /4gpf(pp- Pf)]'''’, m 

(jo [4gpf (pp- Pf)/3pf^] m/s where Pf = fluid viscosity, k/m s 

Subscripts: 

b referring to bubbles 

G referring to gas 

L referring to liquid 

T tower or column 

k,l referring to phase k and 1 respectively 


Umr Minimum fluidization velocity m/s 

Ufs Full support velocity m/s 

Ucf Complete fluidization velocity m/s 

Pfb Freeboard pressure kPa 

Pc Pressure above solids level in dipleg kPa 

APsoiids Pressure recovery in dipleg kPa 

psoiids Fluidized/aerated density of solids in dipleg kg/m^ 

g Gravitational constant m/s^ 

s Overall bed voidage dimensionless 

a Flow coefficient dimensionless 
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Chapter 3 

Chemical concepts used for engineering purposes 

M. E. Dry 

Catalysis Research Unit, Department of Chemical Engineering, 

University of Cape Town, Rondebosch, 7701 , South Africa 

1. STOICHIOMETRY 

The term stoichiometry is commonly used to describe the way in which the 
components in a chemical reaction combine to form products. Thus in the case 
of the Fischer-Tropsch process the stoichiometry is primarily concerned with 
the ratio of consumption of hydrogen and carbon monoxide and in some cases 
also carbon dioxide. In this context, the H2 to CO consumption ratio (or simply 
the consumption ratio); the H2 to CO usage ratio (or simply the usage ratio) and 
the stoichiometric ratio (in the absence of CO2 reaction) are synonyms. The 
simple terminology of the usage ratio is preferred in this text. 

When CO2 is a reactant, the stoichiometric ratio i.e. the ratio in which 
reactants are consumed, will involve CO2. The H2 to CO usage ratio may still be 
of interest but it is then no longer synonymous with the stoichiometric fatio. 

The chemistry taking place in a Fischer-Tropsch reactor is complex but 
can be simplified into the following chemical reactions: 


methane 


C 0 + 3H2-^ CH4 + H2O 

(1) 

heavier hydrocarbons 

nCO + 2nH2 -> (-CH2-)„ + nH20 

(2) 

alcohols 

nCO + 2nH2 C„H2n+ 2O + (n - 1 ) H2O 

( 3 ) 

water gas shift (WGS) 

C0 + H20^C02+H2 

( 4 ) 
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For the present discussion it is assumed that the desired products are the 
heavier hydrocarbons so that the predominating reaction is reaction ( 2 ). It must 
be kept in mind though that this reaction is a simplification of reality and that 
the ratio of consumption of carbon monoxide and hydrogen may vary 
significantly depending on the extent of the other reactions shown and the 
secondary reactions. 

The water gas shift (WGS) reaction, reaction ( 4 ) above, may have a 
profound effect on the usage ratio. For the best cobalt catalysts, the extent of the 
WGS reaction is negligible and this reaction may then be treated as a one way 
reaction producing a small amount of carbon dioxide. In this situation carbon 
dioxide is typically treated as a carbon containing product. At the other 
extreme, the use of iron catalysts at the upper end of the operating temperature 
range results in the water gas shift reaction approaching equilibrium. In this 
situation, carbon dioxide is best treated as a reactant. The direction of the WGS 
reaction depends on the prevailing gas composition. 

At one extreme with cobalt catalysts, the usage ratio is determined 
primarily by reaction ( 2 ) with a significant influence from reaction (1). The 
usage ratio is typically between 2.06 and 2.16 depending on the extent of 
methane formation; the olefin content m the longer chain hydrocarbons and die 
slight water gas shift activity. 

At the other extreme, when the WGS reaction is in equilibrium, the 
combined usage ratio of hydrogen and carbon monoxide for the Fischer- 
Tropsch and water gas shift reactions together, is a moving target that depends 
on the feed gas composition. Although methanation (reaction ( 1 )) tends to be 
more prevalent in these circumstances, the role of the WGS reaction is best 
explained by examining equation ( 4 ) together with the main reaction of interest 
i.e. equation ( 2 ). Dividing equation ( 2 ) by n and adding to equation ( 4 ) gives the 
most important equation that affects the usage ratio when there is a net 
formation of carbon dioxide: 

2 CO + H2 - CHz- + CO2 ( 5 ) 

In this case the usage ratio is 0 . 5 . As will be seen later, this is a good match 
with the synthesis gas composition produced by high temperature coal gasifiers. 
Consider now the reverse shift reaction i.e. 

C02 + H2-^ CO + H2O (6) 

Adding this reaction to reaction ( 2 ) gives; 


C02 + 3H2-^ -CH2- + 2H2O 


( 7 ) 
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It is now necessary to consider carbon dioxide as a reactant and both 
equation ( 2 ) and equation ( 7 ) must be considered to determine a stoichiometric 
ratio. Thus when carbon dioxide consumption occurs and the reactants are in 
stoichiometric balance, two hydrogen molecules are consumed by each CO 
molecule and three hydrogen molecules are consumed by each CO2 molecule 
when making ‘CH2’ product. When the reactants are in stoichiometric balance, 
then the ratio (H2)/ ( 2 CO + 3CO2) known as the Ribblett ratio, equals 1 . 

By examining various possible combinations of equations ( 2 ) and ( 7 ), it 
will be seen that the H2 to CO usage ratio may vary from 2 with no CO2 in the 
feed to infinity with no CO in the feed. However, the case with no CO2 in the 
feed is likely to cause CO2 to be a product rather than a reactant so that the 
usage ratio will then drop below 2 . 

Considering the idealized case of carbon as a feedstock which is gasified 
to produce syngas which subsequently undergoes Fischer-Tropsch synthesis, 
the overall equation may be represented as follows: 

2 C + ‘/s O2 + H2O ^ - CH2 - + CO2 (8) 

If more H2O is used in the gasifier to increase the ratio of H2 to CO in the 
syngas to make water in the Fischer-Tropsch reactor then there is a dual cost 
penalty of vaporizing water for the gasifier and condensing water after the 
Fischer-Tropsch reactor. The amount of CO2 produced in the process of making 
the hydrocarbon product is not changed by adding water to both sides of 
equation ( 8 ). In fact the energy required to split the water molecule in the 
gasifier may have to be provided by ‘burning’ carbon to CO2 so that excess CO2 
is produced over the stoichiometric requirements of equation ( 8 ). Neglecting 
energy considerations, the stoichiometric balance dictates that the best possible 
carbon efficiency when converting carbon to hydrocarbon products is 50 %. 

Considering the idealized case of methane as a feedstock, the overall 
reaction for the most efficient reformer design may be represented as follows: 

CH4 + '/2O2 -CH2- + H2O ( 9 ) 

This ideal partial oxidation process is never achieved due to the need to add 
some steam for practical reasons (See Chapter 4 ) and the need for energy to get 
the reactants to the operating temperature of the reformer. Furthermore, the 
WGS reaction is typically close to equilibrium at the exit of the methane 
reformer inevitably producing some carbon dioxide. If the Fischer-Tropsch 
catalyst does not have reverse WGS activity to consume this carbon dioxide 
then carbon will be wasted unless it is recycled to a reformer (or sent to a 
separate reformer). These concepts will be revisited in later chapters. A non- 
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shifting Fischer-Tropsch catalyst can nevertheless be used to produce an 
efficient design for a plant using a methane feedstock since the benefits of using 
a shifting catalyst may be cancelled by other considerations. 

A further point of interest is that the stoichiometric requirement for high 
temperature Fischer-Tropsch (HTFT) is almost identical to that used for the 
production of methanol from syngas. For methanol production the 
stoichiometric ratio (also called the stoichiometric number) is sometimes 
expressed in the form: 

(H2- CO2)/ (CO+CO2) = 2 

It is clear that this can be rearranged to Ribblett Ratio = 1 by dividing both sides 
by 2 and adding CO2 to both the numerator and the denominator. 

In future, the most efficient reformer designs are likely to use some of the 
waste heat from the oxygen fired reformer outlet gases to drive endothermic 
steam and/or CO2 reforming reactions. This approach will be equally applicable 
for all processes converting methane to Fischer-Tropsch products or methanol. 
This is discussed in more detail iu Chapters 4 and 5. 

2. CONVERSION 

Conversion performance relates to the consumption of reactants rather than the 
appearance of products. From the previous section on stoichiometry, it is clear 
that stoichiometric considerations may affect the relative amounts of the 
reactants that are consumed. It was also pointed out though that in all cases the 
rate of consumption of CO+H2 is independent of the extent of the WGS reaction 
since CO and H2 are on opposite sides of the equation: 

C0 + H2 0^C02+H2 

Another useful concept is to express conversion in terms of the rate of 
consumption of CO+CO2. This approach is valid even if CO2 is produced rather 
than consumed. Conversion expressed in this way is also independent of the 
extent of the WGS reaction since CO and CO2 are on opposite sides of the 
equation. This approach has the further advantage that the calculated amount of 
carbon consumed can be directly equated to the amount of carbon in the 
products. In order to calculate the amount of carbon in the products from the 
CO+H2 conversion it is necessary to know the ratio of carbon to hydrogen and 
oxygen in the products. This is imfortunately different for various product 
selectivity scenarios. 
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For a non-shifting catalyst the small amoimt of CO2 formed may be treated 
as a product. In this case the CO conversion can be directly equated to the 
amount of carbon in the ‘products’. 

In this book the term ‘kinetics’ is generally applied to the equations used 
to describe the rate of consumption of reactants and is thus related to the 
prediction of conversion performance. 

3. SELECTIVITY 

Having calculated the consumption of reactants, it is also necessary to describe 
the way in which the resulting products are distributed. The way in which the 
products are distributed is termed the selectivity performance. 

A ‘light’ product distribution will generally have less long-chain 
hydrocarbons and more short-chain hydrocarbons than a ‘heavy’ product 
distribution. 

It is convenient to express product selectivities as % carbon selectivities. 
For example the carbon selectivity of propylene will be: 

moles propylene produced x 3 x 100 % 
total moles of carbon converted 

The calculation of the total moles of propylene produced is then as follows: 

CO + CO2 in the feed gas x % CO + CO2 conversion x propylene selectivity 

3 X 100 

and similarly for the other components. 

It may be desirable to express selectivities as a mass % of the total 
products. Moles are easily transferred to mass using the component molecular 
mass. Carbon selectivities and mass selectivities produce similar numbers 
because the hydrocarbons are made up of ‘CH2’ building blocks with a 
molecular mass of 14 so that the mass of the component is directly proportional 
to the carbon number of the component. The exceptions are the methane and 
low molecular mass alkane selectivities and especially the selectivities of the 
oxygenated compounds. 

4. SYNTHESIS GAS COMPOSITION AND THE FT REACTIONS 

The production of purified synthesis gas (syngas), which is suitable as a feed 
gas to the FT reactors, is a major cost factor. Whether coal or methane is used 
as raw material, syngas can account for up to about 70 % of both the capital and 
operating cost, depending on the complexity of the overall downstream plant. 
Hence, it is very important that the conversion of the syngas to hydrocarbon 
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products in die FT reactors is as efficient and as complete as possible i.e. that as 
much as possible of the reactants (CO, H2, and CO2) are consumed to provide 
useful products. The selectivity of the FT reaction should be controlled so as to 
minimise the production of undesired products such as methane. 

In order to achieve the above objectives the syngas composition should 
match the usage ratio of the FT reactions. The usage ratio will depend on the 
overall product selectivity, which in turn depends on several other factors 
(Chapter 5 ). The effect of selectivity on the H2 to CO usage ratio is illustrated in 
Table 1 for a few typical FT products. 


Table 1 

Usage ratio ofFT reactions 


FT product 

Reactions 

H2 to CO usage ratio 

CH4 

C0 + 3H2->CH4+H20 

3 

C2H6 

2CO + 5H2 -> C2H6 + 2H2O 

2.5 

Alkanes 

n CO + (2n+l)H2— >Cn H(2n+2) n H2O 

(2n+l)/n 

Alkenes 

n CO + 2n H2 —^ CnH2n + n H2O 

2 

Alcohols 

n CO + 2n H2 —> Cn H(2n+i) OH + (n-1) H2O 

2 


For all alkenes and alcohols the usage ratio is 2 . 0 , irrespective of chain 
length, but for alkanes the usage ratio decreases with increasing chain length. 
The extent to which the water gas shift reaction (WGS) occurs over the FT 
catalyst used is also important. For a cobalt catalyst, which has little or no WGS 
activity, the overall Hz to CO usage ratio under typical FT syntheses conditions 
is between 2.05 and 2 . 15 . 

When precipitated iron based catalysts are used at low temperatures, the 
Hz to CO usage ratio is lowered due to the simultaneous water gas shift (WGS) 
reaction. For an iron based catalyst operating in a fixed bed reactor at about 
225 °C the Fl2 to CO usage ratio is approximately 1 . 65 . For iron catalysts 
operating at higher temperatures, e.g. at 340 °C, in fluidised bed reactors the 
WGS reaction is rapid and goes to equilibrium. This means that in practice CO2 
can also be converted to FT products via the reverse WGS reaction: 

CO2 + H2 ^ CO + H2O 

followed by the normal FT reaction. For CO2 conversion the H2 usage ratio is 3 
for alkene formation, 4 for CH4, etc. Thus for iron catalysts operating at high 
temperatures a high percentage conversion of all the reactants can be achieved 
provided that the Ribblett ratio H 2 /( 2 CO + 3CO2) is about 1 . 05 . It should be 
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noted that in order to produce one unit of ‘CH 2 ’ three units of the sum of (H 2 + 
CO) is required irrespective of the route via which the ‘CH 2 ’ is produced. 

2H2+ ICO ^ ‘CH 2 ’ + H 20 
IH2 + 2 CO ^ ‘CH 2 ’ + C 02 
3H2 + CO2 ^ ‘CH2’ + 2H2O 
SCO + H2O ^ ‘CH2’ + 2CO2 

The formation of CO 2 via the WGS reaction is not necessarily a waste of 
syngas as the sum of (H 2 + CO) remains unchanged. Note that if CO 2 formation 
is a waste of CO then H 2 O must be a waste of H 2 . 

The rates of the FT reaction will be affected by the partial pressures of 
hydrogen and of carbon monoxide in the syngas fed to the reactor. Using the 
kinetic rate equations presented later, it can be calculated that for iron catalysts 
the rate at the reactor entrance will be lower by a factor of about 1.3 if the 
H 2 /CO ratio of the feed gas is lowered from 3 to 1.4. At the 50% conversion 
level the factor by which the rate is lowered increases to about 3.5. For the same 
two feed gas compositions, if a cobalt catalyst is used the factors by which the 
FT rates are lowered are about 2 and 4.3 respectively. In other words the 
reaction rate is more sensitive to H 2 /CO ratio for cobalt catalysts than it is for 
iron catalysts. 

5. CONVERSION AND SELECTIVITY EVALUATION 

As stated in Section 4, because of the high cost of syngas production, it is 
important that the syngas be efficiently utilised. This requires that the 
conversion of the components of the syngas that can be converted to FT 
products is high and also that the selectivity of desired products is maximised. It 
might appear that the ideal situation would be that the composition of the 
syngas fed to the FT reactors should match the overall FT usage ratio of the 
reactants in order to achieve maximum utilisation of the syngas. It must, 
however, be borne in mind that, in practice, additional hydrogen is always 
required in several of the downstream product work-up operations (see Chapter 
6). Thus it may be convenient that there is some excess of hydrogen in the FT 
synthesis loop from which the required hydrogen can be extracted. When using 
cobalt catalysts, which have little or no watergas shift (WGS) activity, the I-I 2 to 
CO usage ratio does not change with increasing FT conversion levels. Iron 
catalysts, however, are active for the WGS reaction, and when using these 
catalysts at the lower temperatures the overall usage ratio decreases as the 
conversion increases (see Chapter 4) and so this also should be borne in mind. 
When using iron catalysts at the higher temperatures it is in any event very 
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desirable to have excess hydrogen in the FT reactor in order to minimise carbon 
deposition on the catalyst (see Chapter 7 ). 

As a measure of the FT conversion activity the %(CO+H2) or the 
%(C0+C02) moles converted over the reactor can be used. Note that the extent 
or direction of the WGS reaction does not affect the molar sum of either CO 
plus H2 or of CO plus CO2 leaving the reactor. In general the use of 
%(C0+C02) may be preferred for the following reasons: 

When, as is normally practised, there is excess hydrogen present in the FT 
reactor then it is theoretically impossible to attain a high %(CO+H2) 
conversion. This is not the case for the %(C0+C02) conversion. In this case the 
%(C0+H2) conversion will not be related in a simple way to the total amount of 
the hydrocarbons produced (or to the selectivity of the products for which there 
are different C to H ratios). When the FT selectivity is calculated on a carbon 
atom basis then the amount of carbon atoms converted to FT products is 
required. In this case there is a direct link between the molar %(C0+C02) 
conversion and the calculation of the selectivity. 

The FT selectivity can be calculated on a mass, carbon atom or molar 
basis. Since commercially the products are sold on a mass or volume basis the 
molar selectivity of the FT process is of little practical interest. For instance, to 
produce one mole of a high molecular mass wax would require the conversion 
of a very much larger amount of syngas than diat required for one molecule of 
methane and so molar selectivity gives a distorted picture of syngas utilisation. 
For practical FT plants the bulk of the products are alkenes, alkanes, 
oxygenated hydrocarbons and, if the operating temperature is high, some 
aromatics and naphthenes. Consequently there is little difference between 
calculating the selectivity on a mass or carbon atom basis. From a theoretical 
point of view the selectivity on a carbon atom basis is preferred and all the 
selectivity data presented is on this basis. It should be borne in mind that for 
some low molecular mass products there can be a big difference between mass 
selectivity and carbon selectivity, e.g. for ethane (molecular mass 28 ) and acetic 
acid (molecular mass 60 ), both containing two carbon atoms per molecule. 

The FT products are commonly analysed by gas chromatographic (GC) 
techniques and the results are calculated as mole percentages. As discussed 
previously the selectivity, on a carbon atom basis is easily calculated. By way 
of example, the fractional selectivity of butene produced in the FT reaction 
would be: 

(moles butene produced x 4 )/ (total moles of CO and CO2 converted). 

Table 2 shows the values for the percentage carbon atom selectivities for some 
typical commercial FT catalysts. 
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Table 2 

FT product spectra (pressure 2MPa) 


Catalyst 

Reactor Type 

Temperature °C 

Cobalt 

Slurry 

220 

Iron 

Slurry 

240 

Iron 

Fluidized 

340 

% Selectivities (C atom basis) 

CH4 

5 

4 

8 

C2H4 

0.05 

0.5 

4 

C2H6 

1 

1 

3 

C3H6 

2 

2.5 

11 

C3H8 

1 

0.5 

2 

C4H8 

2 

3 

9 

C4H10 

1 

1 

1 

C5-C6 

8 

7 

16 

C7-160“C 

11 

9 

20 

160-350°C 

22 

17.5 

16 

+ 350“C 

46 

50 

5 

Total water soluble oxygenates*’ 

1 

4 

5 

ASF alpha value*^ 

0.92 

0.95 

0.7 


*1 alcohols, aldehydes, ketones and acids dissolved in the water phase. 

*2 ASF; Andeison Schulz Floiy, probability of chain growth. 

6 . PRIMARY AND SECONDARY FT REACTIONS 

The FT synthesis produces a wide range of hydrocarbon and oxygenated 
products. The formation of the various products appears to be controlled by 
mechanistic and kinetic factors and the product spectra are very different from 
what would be expected from thermodynamic considerations. Tillmetz [ 1 ] 
calculated that if a gas with a H2/CO ratio of 1.0 were to go to complete 
equilibrium at 0.1 MPa and at a typical FT temperature then the main products 
would be methane, carbon dioxide and graphite and the amounts of higher 
hydrocarbons would be negligible. Similar calculations were presented by von 
Christoffel [ 2 ] for 600 K, 1.6 MPa and a gas with an initial H2/CO ratio of 2 . 0 . 
In Table 3 the results are compared with the actual selectivities typically found 
over iron catalysts under similar operating conditions. To facilitate direct 
comparison both sets of data have been normalised to 100 mass units of 
methane. It is clear that the FT reactions under normal operating conditions are 
nowhere near thermodynamic equilibrium, the observed Cz and higher products 
are produced in huge quantities relative to thermodynamic expectation. 
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Table 3 

Relative mass values of predicted product selectivities at 600K and 1.6 MPa 


[21 and those observed in actual FT reactors (iron catalyst) 

Predicted* 


Typical observed** 


(No carbon deposition) 


CH 4 

100 

100 

C 2 H 4 

1 X lo’ 

40 

C 2 H« 

5.6 X 10'^ 

40 

C 3 H 6 

6 X 10 '® 

120 

C 3 H 8 

1.2 X lO"* 

20 

C5H,2 

8 X 10'*“ 

20 

C 2 H 5 OH 

1.8x 10-’ 

20 


*1 Both sets of data normalized to 100 mass units of CH 4 


In Table 4 the typically obtained ratios of various FT products are 
compared with the calculated values assuming the relevant reactions went to 
thermodynamic equilibrium at the actual partial pressures of H 2 , H 2 O, and CO 2 
at the reactor exit. 

For the reaction class (A) Table 4 shows that whereas the alkenes should 
theoretically be virtually completely hydrogenated to alkanes they are in fact 
the dominant hydrocarbons produced. This indicates that alkenes must be 
primary FT products and that, if it occurs, their subsequent hydrogenation over 
iron catalysts in the gas atmosphere prevailing in the FT reactors must be slow. 
Even with cobalt catalysts, which are much more active for hydrogenation 
reactions than iron the alkenes exceed the alkanes for the lower molecular mass 
hydrocarbons (see Table 2). Thermodynamically the hydrogenation of ethene 
should be more complete than that of propene and in line with this it can be 
seen (from Table 4) that the observed alkene to alkane ratio for Cz is indeed 
lower than for C3. From C5 to Q thermodynamics predicts that the ratio of 
alkene to alkane decreases somewhat, but at higher carbon numbers there 
should be little further change in the alkene to alkane ratio. In practice the 
observed ratios, although still much higher than predicted, do decline with 
increasing carbon number and only at very high carbon numbers do the ratios 
fall to low levels. For the data in Table 4, case (A), the hydrogen partial 
pressure was 0.6 MPa. At 510 K and at the much higher hydrogen partial 
pressure of 4.5 MPa in a FT reactor operating with an iron catalyst the alkene to 
alkane ratio shifts with carbon number as follows: 

Carbon No Alkene /alkane ratio 
C3 1.4 

CIO 0.8 

C20 0.3 

C30 0.0 
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Table 4 

Product ratios observed compared to thermodynamic equilibrium predictions 


React Reactions 
-ion 

Class 

Temp. 

(K) 

Ratios 






Expected at 
Equilibrium 

•1 

Typical 

Observed 

•2 

A 

C 2 H 4 + H 2 C 2 H 6 

600 

C 2 H 4 /C 2 H 6 

5.9 X 10'' 

2 


C 3 H 6 + H 2 C 3 H 8 

600 

C 3 H 6 /C 3 H 8 

1.7 X 10'^ 

8 


C 5 H 10 + H 2 <-> C 3 H 12 

600 

C 5 H 10 /C 5 H 12 

1.3 X 10'^ 

7 


C 10 H 20 + H 2 ■<-> C 10 H 22 

600 

C 10 H 20 /C 10 H 22 

1.1 X lO'^ 

6 


C 20 H 4 O + H 2 C 20 H 42 

600 

C20tWC20B42 

1,1 X 10'^ 

3 

B 

C2H4+H20-«-> C 2 H 5 OH 

600 

C 2 H 5 OH/C 2 H 4 

0.0027 

0,0045 



510 


0.024 

1.2 

C 

C 2 H 5 OH + H 2 <-> C 2 H 6 + 

600 

C 2 H 5 OH/C 2 H 6 

3.6 X 10'^ 

0.6 


H 2 O 





D 

C 2 H 5 OH + H 2 O 

610 

CH 3 COOH/ 

0.14 

0.14 


CH 3 COOH + 2 H 2 

510 

C 2 H 5 OH 

0.0009 

0.26 

E 

C 2 H 5 OH CH 3 CHO +H 2 

600 

CH 3 CHO / 

0.22 

0.21 



510 

C 2 HJOH 

0.0028 

0,27 

F 

I-C 5 H 10 I-C 4 H 8 

600 

3Me I-C 4 H 8 / 

1.4 

0,17 




l-CsHio 



G 

2 CH 3 COOH 

600 

C 3 H 6 O/ 

5.6 X lO'* 

1.9 X 10" 


CH 3 COCH 3 + CO 2 + H 2 O 


(C 2 H 4 O 2 )' 



H 

CH 3 COCH 3 + H 2 

610 

iC 3 H 70 H / 

0.2 

0.2 


2 -C 3 H 7 OH 

510 

C 3 H 6 O 

7 

0,1 

I 

C 7 H 14 C 7 H 8 + 3 H 2 

600 

C7H8/C7H,4 

2000 

0.15 


*1 At the relevant partial pressures at the reactor exit *2 Iron based catalysts in all cases. 


Table 5 also shows the shifts for several different reactor types and catalysts. 

If ethene is deliberately added to the syngas fed to a FT reactor operating 
at 600 K with an iron catalyst, about 50% of the added ethene is hydrogenated 
to ethane [3]. However, if the liquid oil produced is recycled to the reactor at a 
ratio of (two recycled oil) to (one oil produced per pass) then there is hardly any 
change in the alkene content of the oil. If, however, an excess of octene is 
added (about 40 added to 1 normally produced) then about 15% of the added 
octene is hydrogenated to octane. Thus overall it can be concluded that the 
higher the molecular mass of the alkenes added to the feed gas the less likely it 
is to be hydrogenated in a secondary reaction. The explanation for these 
observations is provided in Chapter 8. (Note that in the absence of syngas, e.g. 
when an alkene is added to hydrogen flowing through the FT catalyst bed the 
alkene is extensively hydrogenated or hydrocracked, depending on the 
operating temperature.) 
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The situation, however, for the growing primary FT species on the catalyst 
surface is different. The higher the carbon number of these growing species the 
longer the time these species have spent linked to the catalyst surface sites and 
hence the greater the likelihood that these chains are more ‘fully hydrogenated’ 
species. This is in any event in keeping with thermodynamic expectations. 
Other factors may play a role but this is discussed in more depth in Chapter 8. 


Table 5 

FT hydrocarbon isomers 


Catalyst 

Temperature °C 

Cobalt 

220 

Iron 

240*^ 

Iron 

340*^ 

C 5 "Ci 2 Cut 
% Alkanes 

60 

29 

13 

% Alkenes 

39 

64 

70 

% Aromatics 

0 

0 

5 

% Oxygenates 

1 

7 

12 

Cl3-Cl8 Cut 
% Alkanes 

95 

44 

15 

% Alkenes 

5 

50 

60 

% Aromatics 

0 

0 

15 

% Oxygenates 

low 

6 

10 

C24"C35 Cut 
% Alkenes 

Low 

10 


C 4 Cut 
% 1 -butene 



74 

% Me-l-propene 

- 

- 

8 

Ce Cut 
% 1-hexene 



58 

% Me 1 pentenes 

- 

- 

24 

Cio Cut 
% 1-decene 



38 

% Me 1 nonenes 

- 

- 

20 


*1 Slurry bed operation (LIFT), *2 Fluidized bed operation (HTFT) 


For reaction class (B), Table 4 the observed ratio of etiianol to ethene is 
higher than predicted from thermodynamics at both the temperatures Usted. 
This indicates that alcohols are not formed by the hydration of alkenes in 
secondary reactions. The reverse, the de-hydration of alcohols to alkenes, is 
however possible. The data for reaction (C) shows that at the hydrogen pressure 
in the reactor the ratio of ethanol to ethane is very much higher than expected. 
From cases (B) and (C) it thus appears that the alcohols too are primary FT 
products. 

For reactions (D) and (E) it can be seen that ethanol, acetic acid and 
acetaldehyde are in diermodynamic equilibrium at 600 K and so these two 
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interrelated reactions do take place. (This is confirmed by the experimental 
finding that when ethanol, acetaldehyde or ethyl acetate is added individually to 
the syngas being fed to an iron catalyst, additional amoimts of the other two 
compounds are always found m the exhaust gas, i.e. the three compounds are 
readily inter-convertible.) At the lower temperature of 510 K, however, the 
ratios observed in normal FT synthesis are much higher than the expected 
ratios. This implies that acetic acid is not formed by subsequent oxidation of the 
primary ethanol by water, nor is acetaldehyde formed by de-hydrogenation of 
ethanol. The reverse, i.e. the hydrogenation of acetic acid or of acetaldehyde to 
form ethanol is, however, feasible. So it appears that aldehydes and acids too 
may be primary products. 

It is well known that the FT hydrocarbons are predominantly linear. In 
accordance with this, the data for reaction (F) show that the ratio of branched to 
linear pentane is much lower than expected from thermodynamics. The reason 
is presumed to be that the FT mechanism favours the formation of linear 
products over the formation of branched products even though both may be 
primary reactions (see Chapter 8). In addition, the secondary isomerisation of 
the linear primary alkenes or alkanes is very probably a slow reaction at the 
normal FT temperatures. The branches are predominantly methyl branches. The 
degree of branching increases with the operating FT temperature. When using 
iron catalysts at high temperatures, e.g. at 320 °C, the degree of branching 
increases as the carbon number of the product increases [4]. When using iron 
catalysts for the production of waxes, i.e. at lower temperatures, e.g. at 220 °C, 
the degree of branching decreases with increasing chain length but as the 
temperature was increased beyond 220 °C the degree of branching increased 
[5]. 

Ketones and iso-alcohols only appear in the products in significant 
amounts when the FT process is carried out at higher temperatures. This could 
be because their formation as primary products is a slow process or that they are 
in fact secondary products. From the data presented for reaction (G), the 
ketonisation of acetic acid does seem to be feasible under FT conditions. This 
concept is apparently supported by the fact that as the FT synthesis temperature 
is increased from 310 to 380 °C (see Table 6) the acid selectivity decreases and 
the ketone selectivity increases up to about 360 °C after which it also decreases 
at higher temperatures [3]. The latter decrease could be due to the 
hydrogenation of the ketones to iso-alcohols. When acetic acid is deliberately 
added to the syngas fed to an iron catalyst at about 340 °C a large amount of 
additional acetone is produced. When feeding additional ethanol to the reactor, 
there was also a marked increase in acetone production [3]. As reaction (D), 
Table 4, is at thermodynamic equilibrium at 610 K then adding ethanol to the 
feed should increase the production of acetic acid and ketonisation of the latter 
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could account for the increase in acetone production. Analyses of all the 
ketones present in the FT products shows that they are predominantly methyl 
ketones (e.g. methyl ethyl ketone, methyl pentyl ketone, etc). Also the dominant 
acid formed is acetic and the amount of higher molecular mass acids rapidly 
declines with increasing carbon number. It therefore follows that if ketonisation 
of this mixture of acids takes place then the methyl ketone would emerge as the 
dominant isomer for each carbon number ketone. 

For reaction (H) it can be seen diat at 610 K the hydrogenation of acetone 
to iso-propanol appears to have proceeded to equilibrium, but at the lower 
temperature of 510 K the ratio iso-propanoFacetone is much lower than 
expected. This suggests that the hydrogenation of the acetone was slow at the 
lower temperature and so this may indicate that iso-alcohols are secondary 
products. 

Table 6 

Influence of temperature on a Fe catalyst in HTFT operation [3] _ 

Temp Selectivity % (C atom basis) Gasoline cut analysis CsHFCsHg 

(°C) ratio 


Water soluble chemicals 



CH 4 

Alcohols 

Ketones 

Acids 

Br 

Number' 

% 

Aromatics 


310 

10 

2.3 

0.4 

0.3 

109 

4 

6 

330 

14 

2.3 

0.8 

0.4 

94 

8 

10 

350 

17 

1.6 

1.1 

0.2 

92 

10 

9 

360 

20 

1.1 

1.3 

0.2 

93 

13 

8 

370 

23 

0.8 

1.2 

0.1 

88 

18 

6 

380 

28 

0.5 

0.8 

0.1 

85 

26 

4 


1 The bromine number is an indicator of the amount of alkenes present 


Below about 500 K the production of aromatics over iron catalysts is 
virtually zero but as can be seen from the results presented in Table 6 the 
aromatic content of the gasoline produced increases with temperature and at 
about 650 K the gasoline cut contains about 25% aromatics. As aromatisation is 
a highly endothermic reaction the increase in aromatics with increasing 
temperature is according to expectation. Note also that the Bromine Number (a 
measure of the alkene content) of the gasoline decreases as the aromatics 
increase. This could be in part due to the secondary hydrogenation of the 
alkenes and in part to their conversion to the thermodynamically much more 
stable aromatics. It is probable that alkenes and aromatics are formed on the 
catalyst surface from common precursors. The thermodynamically unfavoured 
mono-alkyl benzenes predominate and fliis fits the concept that aromatics are 
formed by linkage between the first and sixth carbon atom of the carbon chain 
followed by dehydrogenation to the aromatics. Note that in the gasoline cut 
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there are also significant amounts of unsaturated ring compounds present which 
fits the proposed route to aromatics. The aromatics in the gasoline cut are 
predominantly C 7 to about Cio aUcyl benzenes. Of the aromatics only about 1% 
is benzene which is in line with the known fact that the rate of aromatisation of 
hexane is very much slower than for C7 and higher hydrocarbons. In Table 4, 
reaction (I), it can be seen that the thermodynamically expected ratio of toluene 
to heptene is very much greater than that obtained under FT conditions. 
Recycling the FT oil fraction to the reactor did not increase the aromatic content 
of the oil produced. If aromatisation was a secondary reaction then it could be 
expected that recycling of the oil would increase the aromatic content. It is thus 
possible that the formation of ring compounds and aromatics are primary 
reactions, which only occurs very slowly at 600 K. (Note that commercial 
reforming of gasoline is practised at about 800 K.) 

At the hydrogen pressures existing in FT reactors the hydrocracking of 
longer chain hydrocarbons to shorter chain hydrocarbons is thermodynamically 
favourable but in practice the FT process at about 230 °C can make huge 
amounts of very long chain hydrocarbons, e.g. see Table 2. The ‘hard wax’ 
fraction (BP > 500° C) contains linear alkanes with carbon numbers well over 
100. All this suggests that secondary hydrocracking hardly occurs, if at all. 

It has been reported that with Ni/Co/Si 02 catalyst hydrocracking was only 
observed when the FT conversion levels were very high [ 6 ]. Craxford found 
that wax hydrocracking was a slow reaction when CO was present [7]. Over Ru 
catalysts it was concluded that chemisorbed CO inhibited the hydrocracking of 
the FT products. Investigators at Sasol found that when the light oil produced 
over Fe catalysts at about 330 °C was recycled to the FT reactor there was no 
overall loss in oil production, nor was there any change in the molecular 
composition of the oil [3]. Thus there was no evidence of hydrocracking even at 
this high temperature. If, however, oil was passed over the same catalyst at 330 
°C in the presence of only hydrogen then extensive hydrocracking took place. 

Overall, it can thus be concluded that under normal FT conditions, using 
normal FT catalysts, minimal, if any, hydrocracking occurs. This probably is 
because once the primary hydrocarbons have de-sorbed from the catalyst 
surface they cannot readily re-adsorb as explained in Chapter 8 . The only 
significant exception is ethene. Patents and theories that claim extensive re¬ 
adsorption of olefins should be viewed with scepticism. As will be explained in 
more detail in Chapter 8 , the key to predicting the non-oxygenated FT product 
distributions is an understanding of the process of desorption from the catalyst 
surface. 
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7 . FT PRODUCT DISTRIBUTIONS 

Whatever the operating conditions the FT reaction always produces a wide 
range of hydrocarbon and oxygenated hydrocarbon products. Methane, which is 
an imwanted product, is always present and its selectivity can vary from as low 
as about 1% up to 100%. (The latter selectivity is obtained when using a 
strongly hydrogenating catalyst like nickel metal at high temperatures.) At the 
other end of the product spectrum the selectivity of long chain linear waxes can 
vary from zero to over 70%. Ruthenium operating at about 170 °C produces 
waxes with carbon numbers in the polyethylene range. The same catalyst at say 
400 °C will produce mainly methane. The intermediate carbon number products 
between the two extremes are only produced in limited amounts. Thus it seems 
not to be possible to produce, on a carbon atom basis, more than about 18% Ci, 
about 16% C3 , about 42% gasoline/naphtha (C5 to 200 “C BP) and about 20% 
diesel fuel (200 to 320 °C). 

The spread in carbon number products can be varied by altering the 
operating temperature, the type of catalyst, the amount or type of promoter 
present, the feed gas composition, the operating pressure, or the type of reactor 
used. Whatever the process conditions there is always a clear interrelationship 
between all of the products formed. Fig. 1 illustrates this relationship between 
the lower molecular mass hydrocarbons produced with a fused iron catalyst 
operating at about 330 °C, and Fig. 2 shows the relationship between the higher 
molecular mass hydrocarbons produced over a precipitated iron catalyst 
operating at about 225 °C. (‘Hard wax’ is the hydrocarbon fraction boiling 
above 500 °C.) Fig. 3 shows how the selectivity of some different C 2 
compoxmds varies with the methane selectivity. Considering only the alcohols 
produced it is also found that they range from methanol to high molecular mass 
linear primary alcohols and the relationships between them are similar to those 
illustrated in Figs. 1 and 2. The same holds for the aldehydes and acids. 

For over eighty years the detail, on a molecular level, of the FT reaction 
has been a very controversial matter and several mechanisms, and variations 
thereof, have been proposed. The mechanistic proposals are discussed in 
Chapter 8. There is no doubt that the mechanism is of intriguing scientific 
interest. However, there is no convincing evidence to date that, based on the 
‘correct’ mechanism, a catalyst has been developed that will markedly improve 
the three crucial factors of the FT process, namely, the lifetime, the activity and 
the selectivity of the products. This then remains as a challenge to those 
involved with catalyst R&D. 



Selectivity 
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CH 4 selectivity 

Figure 1 Hydrocarbon product selectivilies relative to the methane selectivity 



Figure 2 Selectivity for product distillation cuts relative to the hard wax selectivity 
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Figure 3 C 2 product selectivities relative to the methane selectivity 


Common to all the proposed mechanisms is the assumption that chain 
growth occurs by a stepwise procedure and it is this aspect that will be dealt 
with here. The reaction sequences that are presented here should not necessarily 
be taken as support for one or other mechanism but rather to see whether they 
match up with the production of the wide range of products that are observed in 
practice. 

For the sole purpose of explaining the hydrocarbon product selectivity let 
it be assumed that the basic building blocks, or ‘monomers’, of the FT reaction 
are the ‘CH 2 ’ units which are chemisorbed on the catalyst surface. The reaction 
sequences that could occur are illustrated in Fig. 4. 

A ‘CH 2 ’ unit can either react with hydrogen to yield methane which will 
then desorb from the surface or it can link up with a another ‘CH 2 ’ unit to form 
an adsorbed ‘C 2 H 4 ’ species. The latter unit now has three options. It can desorb 
to yield ethene, or it can be hydrogenated to produce ethane, or it can link up 
with another ‘CH 2 ’ monomer to produce an adsorbed ‘CsHg’ unit. The first two 
options are chain termination actions and their combined likelihood can be 
taken as the probability of chain ter min ation whereas the third option would be 
the probability of chain growth, a (alpha). The reaction sequences can continue 
and thus hydrocarbons ranging from methane to high molecular mass waxes are 
produced, the higher the value of alpha the longer the hydrocarbon chains. In 
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the steady state the concentration on the catalyst surface of each CnH 2 n species 
should be constant. If the probability of chain growth is a then the probability 
of chain termination is (1- a). According to this mechanism, the selectivity to 
methane must differ from that predicted by the chain growth probability a 
because it is not formed by the insertion of a ‘CH 2 ’ species but rather by the 
creation of this species. Also methane can only terminate as a paraffin while 
higher hydrocarbons can terminate as either olefins or paraffins. 

Initiation: 


CO 


*H2 

CO -► CH2 + H2O 


Chain growth and termination: 

+ H2 

CH2 -— CH4 

+ CH2 

C2H4 C2H4 C2H6 

+ CH2 

C3H6—^ C3H6 —— C3H8 

I +H2 


etc. 


Figure 4 
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One useful approach is to distinguish between chain initiation and chain 
propagation. Even if chain initiation is started with both a single carbon atom 
initiator and a double carbon atom initiator (e.g. from re-adsorbed ethylene), the 
probability of chain growth for all higher carbon number species will still 
exhibit a constant chain growth probability if there are no other chain initiators. 
This will be explained in more detail in Chapter 8 . 

If it is assumed that the probability of chain growth is independent of 
chain length then the entire hydrocarbon product spectrum can readily be 
calculated for values of alpha from zero to one. The result of such calculations 
is illustrated in Fig. 5. 



Figure 5 Product selectivity as a function of chain growth probability 

These calculations show, as observed in practice, that between the two 
carbon number extremes all the product cuts go through maxima as the 
probability of chain growth increases. Comparing Fig. 5 with Figs. 2 and 3 it is 
seen that there is in fact a reasonably good agreement regarding the maximum 
amounts of the intermediate products that can be formed. One clear exception is 
for the C 2 products. Fig. 5 predicts a maximum of about 30% whereas in 
practice, over iron catalysts at least, the number never exceeds 20%. The 
apparent misfit of the probability of chain growth of the C 2 species relative to 
that of the C 3 and higher species is observed not only with iron catalysts but 
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also with cobalt [ 8 , 9] and with ruthenium catalysts [ 8 , 10]. Some examples of 
the Cl to C 4 selectivities are given in Table 7. For the high methane selectivity 
(50%) case the C 2 selectivity is higher than the C 3 and C 4 selectivities but lower 
than the Ci selectivity, all of which is as expected from Fig. 5. Except for the 
one low methane selectivity (2.7%) case over an iron catalyst the C 2 selectivity 
for the remaining cases is lower than both the C] and the C 3 selectivities. This is 
not expected from Fig. 5. 


Table 7 

Examples of measured Ci to C 4 product selectivities 


Catalyst 

Fe 

Fe 

Fe 

Co 

Co 

Ru 

Ru 

Cl 

2,7 

11.0 

50 

12 

8.4 

3.7 

14.8 

C 2 

3.6 

10.8 

17 

2.1 

1.9 

1.2 

3.5 

C 3 

4.6 

14.3 

12 

3.0 

4.7 

4.4 

3.8 

C 4 

5.2 

12.5 

6 

3.8 

4.0 

3.8 

3,8 


Notes: 

All selectivities in C atom %. 

Sasol data include hydrocarbons and oxygenates. 


The mathematical equation depicting the stepwise chain growth concept 
was developed by Herrington [11], Anderson [12] and earlier by Flory [13]. 
Assuming alpha to be independent of chain length the equation is: 

Log(Wn/n) = n log a + constant 

where, Wn is the mass fraction of the species with carbon number n. From the 
slope of the plot of log (Wn/n) against n the value of a is obtained. These plots 
are often referred to as ASF (Anderson, Schulz, Flory) distribution plots. It is 
usually found that over the carbon number range from 3 to about 12 the plots 
are linear which confirms that over this range the probability of chain growth is 
constant. With iron catalysts operating in the commercial HTFT gasoline 
operating mode there is only one alpha value, aj which is about 0.7. When 
considerable amounts of waxes are also produced then it is usually found that in 
vicinity of carbon number 12 the ASF plots shift to yield another straight line 
with a lower slope which translates to a higher chain growth probability ( 02 ) in 
the C 20 + wax carbon number range. With iron catalysts operating in the 
commercial LTFT wax producing mode the 0.2 is typically 0.95 at the start of 
run. This double alpha effect is observed for both iron and for cobalt catalysts. 
It could be argued that there are not really two separate distinct alpha values, 
rather the value of alpha slowly increases with chain length [14] (See Fig. 6 ). 

Under FT conditions the waxes are in the liquid state and so the pores of 
the catalyst are presumably filled with a vapour/liquid emulsion. It has been 
postulated that when liquids are present inside the catalyst pores the higher 
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molecular mass products would have longer residence times within the catalyst 
particles. This could lead to re-adsorption of the primary alkenes and thus result 
in further chain growth, i.e., the probability of chain growth is increased. This 
process is referred to as alkene re-incorporation. 

The more severe the drffusional restriction the longer the residence time of 
these long chain olefins and so the more likely their re-adsorption. However for 
chain growth to occur CO is also required at the relevant sites and this will not 
occur if the diffusion restrictions are too ‘severe’. Thus an optimum diffusional 
situation is required for a high long chain hydrocarbon selectivity. Based on this 
concept Exxon developed an ‘egg shell’ cobalt catalyst for high performance in 
the FT reaction [26]. 

Workers at Shell have also studied olefin re-adsorption by comparing the 
FT product spectrum over a cobalt foil and Co supported on SiOi. On the foil 
they found that olefin hydrogenation was the main secondary reaction which 
depended on chain length. This is in keeping with the commonly observed fact 
that the olefinity of FT products decreases with increasing chain length. In the 
case of the foil there was only a single alpha value. On the Co/Si02 catalysts, 
however, continued chain growth was the main secondary reaction of re¬ 
adsorbed olefins which was chain length dependent and the ‘double alpha’ 
effect was observed [56, 57]. 

With regard to the concept of alkene re-incorporation as an explanation of 
the double alpha phenomena it should be pointed out that iron catalysts appear 
to produce somewhat longer chain waxes than do cobalt catalysts. This could be 
due to the fact that Fe produces more alkenes than Co and thus there is a higher 
probability of re-incorporation of alkenes in the case of Fe catalysts. There is, 
however, disagreement about the factors that control residence times and alkene 
re-incorporation [24, 41, 42, 43, 44, 45, 46]. Three different reasons have been 
put forward to explain the longer residence times of the longer chain products 
inside the catalyst particles, viz., slower diffusion rates, higher solubility in the 
liquid phase and stronger physisorption of the longer chain products. These 
aspects have been discussed elsewhere [46], 

It could be argued that the higher the molecular mass of the products the 
slower would they diffuse out of the catalyst particles. The longer the residence 
times the greater the likelihood that the primary alkenes will be hydrogenated to 
alkanes. This possibility would contribute to the finding that the longer the 
chain length the lower the alkene/alkane ratio of the products. In apparent 
support of this postulate it is found that when the same precipitated iron catalyst 
is used under identical FT conditions in a slurry and in a fixed bed reactor the 
same carbon number distributions are found. However, the alkene/alkane ratios 
are clearly higher for the slurry bed products [17, 23], It should be noted that 
the actual size of the catalyst particles used in the slurry bed reactor is much 
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smaller than that used in the fixed bed reactor. Thus the residence time in the 
fixed bed catalyst particles would be much longer which could result in a 
greater degree of secondary hydrogenation of the alkenes. 

For alkene secondary hydrogenation to occur, the alkenes must be re¬ 
adsorbed onto the catalyst. The hard wax selectivities for the two reactor types, 
however, are the same. The question then arises that, if the longer residence 
times of the products in the larger fixed bed catalyst particles explains the 
higher degree of hydrogenation, why does this then not also lead to higher chain 
growth probabilities? 



Figure 6 ASF plot 

In the Fig. 6 example the value of a i is 0.84 and a 2 is 0.93. The point for 
the C 2 product invariably falls below the linear ASF plot and so, as previously 
pointed out, is out of line with prediction. Quite often the methane point falls 
well above the linear line, especially in some cases when cobalt catalysts are 
used. The implications are that the chain growth probability for the ‘CH 2 ’ 
surface specie is lower, and that of the ‘C2H4’ specie is higher, than for the 
higher carbon number surface species. It is possible that an isolated methylene 
unit (CH2) on the catalyst surface is more likely to be hydrogenated to methane 
than are the adsorbed alkenes to be hyrogenated to alkanes. The lower than 
expected C 2 production, i.e. the higher probability of chain growth, may be due 
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to the likelihood that an adsorbed methylene group can attach itself to an 
adsorbed ethene specie from either side of the latter. For C 3 and higher adsorbed 
alkene species, the methylene group, for steric hindrance reasons, can attach 
itself to the alkene specie more readily from one side than from the other [15], 
These concepts are depicted in Fig. 7. This would result in a higher probability 
of chain growth for the adsorbed ethene species and thus in a lower probability 
of chain termination than that of the higher carbon number adsorbed alkene 
species. 



CH2 


An isolated CH^ group is readily converted to 

CH, 


CH2-- H2C-CH2 --CH2 



An adsorbed unit can readily be 

attacked from either side by adsorbed CH^ 
units 


CH2 H2C-CHCH2R 



The adsorbed alkene imit can be attacked by an 
adsorbed CH^ unit more readily from the one 
side than the other. 


Figure 7 

Alternatively, or in addition, it has been demonstrated diat ethene itself 
can incorporate into growing chains on the cobalt catalyst surface [16, 17] and 
this effectively increases its probability of chain growth. It should, however, be 
noted that ethene incorporation over iron catalysts does not readily occur and 
despite this the C 2 selectivity misfit is still present. When compiling ASF 
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distribution plots it should be bom in mind that not only the hydrocarbon 
products should be considered but also the oxygenated products as well. For 
instance, of the alcohols, aldehydes and acids the C 2 compounds are produced 
in much larger amounts than the C3 and higher compounds in each of the 
oxygenated types (see Table 10). If it is accepted that all the ketones are formed 
by ketonisation of the acids then all the acetic acid involved in these reactions 
should also be included in the C 2 fraction. If these C 2 oxygenates are not 
included in the total C 2 compounds then the C 2 point will fall even lower with 
respect to the linear portion of the ASF plot. On the other hand if taking all of 
the above into consideration acmally brings the total C 2 ’s in line as regards the 
ASF plot then the foregoing assumption that the adsorbed ethene species have a 
higher probability of chain growth, and of course the proposed explanations of 
this, could fall away. 

Earlier studies reported that, as for hydrocarbons, there was a regular 
relationship between alcohols. The distribution curves for alcohols were similar 
to those of the (n+1) hydrocarbons [6]. However, whereas (on a carbon atom 
basis) ethanol always seems to be the major alcohol produced, the peak for the 
hydrocarbons can shift from C3 to C4 to C5 etc depending on the probability of 
chain growth. When the FT operating conditions and the catalyst are geared at 
producing larger amounts of alcohols and alkenes it is found that when all the 
alkanes, alkenes and alcohols are evaluated separately the probabilities of chain 
growth (tti) are fairly similar. By way of example all three would be 0.64 ± 
0.03. The similarity suggests that the mechanisms by which alkenes and 
alcohols are produced are very probably the same except for the chain 
termination reaction step. It should be noted that under mild FT conditions, 
where secondary reactions are minimal, the alkenes are predominantly linear 1- 
alkenes and the alcohols are linear primary alcohols. Similarly, the aldehydes 
and acids too are linear. The chain growth reaction sequence for these 
compounds too could be the same as for alkenes and alcohols, except again for 
different chain termination steps. 

The explanation for the double alpha phenomenon is discussed in more 
detail in Chapter 8 but it may be observed at this point that it appears to be 
related to the chain length dependant solubility in the liquid FT product. It may 
also be observed that for a stand alone Fischer-Tropsch catalyst it is never 
observed that az is less than ai. This can only happen if a second catalytic 
function is introduced into the FT reactor. This has never been achieved in 
practice without an unacceptable increase in methane selectivity. 

In summary then, the ASF plots are useful to describe FT product 
selectivities but adjustments are required to predict the lower ethylene 
selectivity and higher methane selectivity that are usually observed as well as 
the duel a values observed for reactors that contain a liquid phase. 
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It will be useful to understand the reasons for the higher methane 
selectivity if this can lead to an intervention that decreases the production of 
this unwanted product. For HTFT where ethylene is a significant product, 
which is wordi the cost of recovery, it is desirable to find ways to increase the 
ethylene selectivity. Given that the deviation from ASF theory differs for 
different catalysts, this may be possible. 

Another question that arises is the che m ical nature of the ‘monomer’ that 
adds on to the linear growing hydrocarbon chain attached to the surface. Clearly 
the very first reaction is the chemisorption of CO on to die catalyst surface. 
Does it, as such, insert into the growing chain, and is subsequently 
hydrogenated to CH 2 , or does the CO first dissociate to C and O atoms on the 
surface and the C then hydrogenated to CH 2 which then inserts into the growing 
hydrocarbon chain? In the case of the latter concept the adsorbed O atoms could 
react with hydrogen to form water which certainly is the main ‘by-product’ of 
the FT reaction. From a thermodynamic point of view, however, the reaction of 
the surface O with CO to form CO 2 is the more favourable reaction. In spite of 
this little or no CO 2 is produced over cobalt catalyst at their normal FT 
operating temperatures. Either CO decomposition does not occur on the catalyst 
surface or the actual rate, due a big difference in activation energy, of hydrogen 
reacting with the oxygen atoms is much faster that that of CO reacting with the 
oxygen atoms. When only CO is passed over reduced cobalt or over reduced 
iron catalysts at about 220 °C the metal carbides are formed and CO 2 is 
produced, i.e., CO decomposition does occur on both metals. (The reaction is 
known as the Boudouard reaction.) 

2CO C + CO 2 

However, in the presence of syngas, i.e. CO and H 2 , cobalt is not carbided 
and so even if the Boudouard reaction does occur to some extent the carbon 
produced is hydrogenated to ‘CH 2 ’. In the case of reduced iron catalysts the iron 
is converted to carbide in the presence of syngas at 220 °C, but once the 
carbiding process is completed no further carbon build-up takes place. At high 
FT temperatures, e.g. 330 °C, after completion of the carbiding process the 
deposition of carbon continues and so ‘free’ carbon accumulates on the catalyst. 
This means that at the higher temperature carbon deposition rate, whether by 
the Boudouard reaction or by the decomposition of chemisorbed CO, exceeds 
its removal rate by hydrogenation. 

On the assumption that it is unlikely that die FT chemical reaction 
processes over cobalt and iron catalysts are different the question then arises 
why cobalt catalysts produce little or no carbon dioxide whereas iron catalysts 
do always produce carbon dioxide as well as water? A probable explanation of 
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this is that whereas iron is an active catalyst for the water gas shift (WGS) 
reaction cobalt is not. Note that for iron catalysts at low temperatures the WGS 
is far from equilibrium because there is much more water present than CO 2 . 
This observation supports the concept that water is the primary product and 
carbon dioxide is the result of the subsequent WGS reaction and not the result 
of CO reacting with free O atoms on the catalyst surface. It could be argued that 
this casts doubt on whether the adsorbed CO molecule does in fact dissociate to 
C and O atoms on the catalyst surface under FT conditions although the 
preceding observations about carbiding and carbon deposition does support the 
CO dissociation concept. 

Various possible reaction sequences required to form the ‘monomer’ are 
depicted in Fig. 8. Figs. 9, 10 and 11 show various possible chain growth and 
chain termination reactions which may account for the formation of the various 
primary FT products. In several of the reaction steps the involvement of surface 
oxygen atoms is depicted. These atoms could be the result of reversible 
dissociation of adsorbed CO, CO 2 or H 2 O. 

CO <-> C + O [This is the initial reaction in Figure 8(b)] 
CO 2 CO + O 

H 2 O 2H + O 

In the case of Fig. 9 where CO insertion is depicted as the initial step in 
further chain growth it is also possible that CO insertion is in fact a ‘chain 
stopping’ step and that subsequent reactions lead to the three primary 
oxygenated products as depicted in step (b). This could therefore mean that 
after CO insertion has occurred (i.e. step (b) or (c) in Fig. 9) then continued 
chain growth does not readily occur. If CO insertion is indeed the route to the 
formation of the oxygenated products then the selectivity of these products 
would be increased by having a high CO coverage on the catalyst surface. 
Higher temperatures are likely to enhance the rate of decomposition of adsorbed 
CO to C and O atoms and this would result in lower surface coverage by CO. 
Thus operating at lower temperatures should enhance alcohol selectivity. The 
data in Table 6 do show that the alcohol and acid selectivities did indeed 
increase as the temperature was lowered. 

In view of the apparent correlation of acid selectivity with the partial 
pressure of carbon dioxide (see Section 9.3.1), reaction (d) represents a possible 
alternative route to acid formation. This is of course very speculative as the 
apparent link between CO 2 and acids may be coincidental and not real. 

Note that the illustrations should be seen as possible overall reaction 
sequences and do not necessarily depict the actual chemical structures of the 
various surface complexes. Note also that in Fig. 8 that the three ‘monomers’ 
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are chemically interrelated and so a mixture of all three further reaction 
sequences depicted in Figs. 9 to 11 could be taking place. In the latter Figs, 
when hydrogen is involved in the reactions the hydrogen is presented as two 
atoms of H, but they could equally well be represented by activated hydrogen 
molecules. Should the formation of the CH 2 monomer proceed via the reaction 
sequence depicted in Fig. 8(d) this may be the explanation why H 2 O and not 
CO 2 is the primary product. Carbon dioxide formation would then be accounted 
for by the subsequent WGS reaction. This could explain why cobalt catalysts, 
being inactive for the WGS, make little CO 2 , while iron catalysts, which are 
active for the WGS, can make copious amounts of CO 2 . 

As previously mentioned the hydrocarbon chains produced in the FT 
process are predominantly linear but as the synthesis temperature is raised the 
amount of branched chain hydrocarbons produced increases. The branches are 
predominantly methyl branches and mono- di- and tri-methyl etc. branched 
hydrocarbons are produced at the higher temperatures. The formation of methyl 
branches could be a primary surface reaction as depicted in Fig. 10(d), but if the 
rate of this reaction sequence is slow relative to that of Fig. 10(c) then this 
would explain why the hydrocarbon chains are predominantly linear. It is of 
interest to note that the amount of 2-methyl-1-alkene produced is less than the 
amounts of 3-(or 4-) methyl-1-alkene produced (see Table 9) From 
thermodynamics the expected ratio of 3-methyl-1-pentene to 2-methyl-1- 
pentene is 0.14 at 327 °C, whereas the observed ratio is about 2. So once again 
it appears that mechanistic and kinetic aspects determine the FT product spectra 
and not thermodynamics. 

8, SELECTIVITY AT TYPICAL COMMERCIAL CONDITIONS 

Irrespective of the operating conditions or of the type of catalyst used the FT 
process always produces a wide range of products. The products can consist of 
a mixture of linear and branched alkenes, dienes and alkanes, aromatics, 
saturated and unsaturated ring compounds and oxygenated products such as 
alcohols, aldehydes, ketones and carboxylic acids. In practice the actual spectra 
of products can vary widely. The control of the spectra will be dealt with in 
Section 9. Table 2 shows the carbon number distribution of some typical FT 
processes. For low temperature (about 200 to 240 °C) operations in fixed or 
slurry bed reactors the hydrocarbons range from methane to long chain hard 
waxes. The low temperature Fischer-Tropsch (LTFT) processes are usually 
geared at maximum wax production, while the high temperature (HTFT) 
operations are geared at the production of low molecular mass alkenes and 
liquid products in the gasoline (primarily) and diesel fuel range. 
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An important selectivity issue is the combination of values for alpha and 
operating conditions that will result in the formation of a liquid phase in the FT 
reactor. This would make it impossible to operate in the two phase mode used 
for the HTFT operation. It was postulated by Caldwell [ 18] that reactors will be 
prone to waxmg if the ASF plot intersects the vapour/pressure plot. At 220 C, it 
was calculated that this will occur if alpha exceeds 0.653. The theoretical 
explanation was provided by Caldwell and van Vuuren [19]. At 280 C it has 
been calculated that waxing will occur if alpha exceeds 0.71 [20]. It is clear that 
the HTFT reactor that operates with an alpha value of about 0.7 is close to the 
practical upper limit for operation in a two phase fluidized bed. 

Table 5 shows the breakdown of the various types of compounds present 
iu several different liquid product fractions. Table 8 gives the alkene to alkane 
ratios of several carbon number products obtained over different catalysts at 
different temperatures. From Table 8 it can be seen that the HTFT operation at 
340 °C produces more alkenes than the LTFT operations. Also, under similar 
operating conditions and in the same type of reactor, the iron catalyst produces 
more alkenes than the cobalt catalyst. In all cases the alkenes are predominantly 
linear 1-alkenes. The branched hydrocarbons are predominantly mono-methyl 
isomers. In the case of the HTFT process the degree of branching tends to 
increase with carbon number and the number of di- and tri-methyl branches per 
molecule also increases with carbon number. For the LTFT operations the 
hydrocarbons are predominantly linear. 


Table 8 

Ratios 1-alkene/n-alkane 


Catalyst 

Co 

Fe(a) 

Fe (a) 

Fe (b)*' 

Fe (b)*" 

Fe(c) 

Reactor 

Slurry 

Slurry 

Fixed bed 

Fixed 

Fixed bed 

Fluidized bed 

Type 




bed 



Temp (°C) 

220 

230 

230 

240 

240 

340 

Entry 

H 2 /CO ratio 

1.9 

1.9 

1.9 

2.0 

5 

5 

Carbon 







Number 



Ratios 1-alkene/n-alkane 


C 2 

0.05 

0.4 

0.2 

0.5 

0.2 

1.5 

C 3 

1.4 

3.9 

1.2 

1.5 

0.5 

6.5 

C 4 

1.4 

3.2 

0.9 

1.2 

0.3 

7 

Cs 

1.0 

2.1 

0.9 

1.0 

0.2 

7 

Cio 

0.9 

2.0 

0.8 

0.4 

0.1 

6 

Ci5 

0.4 

0.2 

0.05 

0.1 

0 

2 

* 1 No recycle of tail gas (TG) 

*2 TG recycled 





(a) precipitated 

(b) sintered 

(c) fused 
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For the HTFT case the percentage of aromatics increases while that of the 
alkenes and oxygenated products decrease with increasing carbon number 
(Table 5). For the LTFT processes the products contain no aromatics. The 
alkene/aUcane ratios depend on the type of catalyst used and on the operating 
conditions (Table 8 ). Comparing the cobalt and iron [Fe (a)] catalysts, both 
operating in slurry beds under fairly similar conditions, it can be seen that the 
cobalt catalyst produces a much more saturated product, i.e. the aUcene/alkane 
ratios are lower. This is not unexpected as cobalt is a much more active catalyst 
for hydrogenation reactions. The two precipitated iron catalysts [Fe (a)] used in 
the slurry and fixed bed reactors were identical except for the average particle 
size, the latter being much larger than the former. Table 8 shows that for the 
iron catalyst in the fixed bed reactor the alkene/alkane ratios were clearly lower 
than for the same catalyst in the slurry reactor. Two factors could be involved in 
the explanation of this difference: 

(1) The residence time of the products will be longer in the larger catalyst 
particles and hence the possibility of secondary hydrogenation of the primary 
alkenes to alkanes will be greater. 

(2) Due to diffusion effects the ratio H 2 /CO increases as the syngas penetrates 
into the porous catalyst particles and, for iron catalysts, the water gas shift 
reaction may also increase the hydrogen content. 

The larger the catalyst particles are the greater is the increase in the 
average H 2 /CO ratio inside the particles. Thus the fixed bed reactor, having 
much larger particles, produces a more saturated product. The effect of the 
H 2 /CO ratio on the alkene/alkane ratios is demonstrated by the two runs with 
catalyst Fe (b), a sintered iron catalyst, both nm in fixed bed reactors but having 
different H 2 /CO ratios. The catalyst Fe (c) was a typical catalyst used in the 
HTFT process at 340°C and, as mentioned previously, large amounts of alkenes 
are produced. (The preparation of the various iron catalysts is described in 
Chapter 7.) 

Table 9 shows the distribution of linear and methyl- branched alkenes in 
the C 4 , C 5 and Ce cuts produced over iron catalysts at about 340°C. The 2- 
methyl isomers are lower than the 3-methyl or 4-methyl isomers. Possible 
reasons for this are discussed in Chapter 8 . As the carbon number increases the 
percentage of the 2 -methyl isomer as well as its ratio, relative to the 1 -alkene, 
decreases. 

The amount of oxygenated hydrocarbons produced with iron catalysts 
depends on the type of catalyst and the process conditions used (see Tables 10 
and 11 ). 
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Table 9 


C 4 , Cs and Ce alkene isomers (HTFT 340“C) 

Cut 

Isomer 

Mass % 

Relative ratio 

C 4 

1 -butene 

74 

1.00 


2-Me-propene 

8 

0.11 

C 5 

1 -pentene 

66 

1.00 


2-Me-l-butene 

6 

0.09 


3-Me-1-butene 

11 

0.17 

C 6 

1 -hexene 

58 

1.00 


2-Me-1-pentene 

4 

0.07 


3-Me-1-butene 

10 

0.17 


4-Me-l-butene 

10 

0.17 


Table 10 

Typical composition of water soluble oxygenated products with iron catalysts 


Compound 

LTFT* 

230°C 

HTFT^ 

340“C 

Non-acid chemicals 


Mass% 

Ethanal (acetaldehyde) 

0.5 

2 

Propanal 

0.1 

0.5 

2 Propanone (acetone) 

4 

23 

2 Butanone (MEK) 

0.3 

6 

Methanol 

24 

0.5 

Ethanol 

45 

40 

1 Propanol 

13 

12 

2 Propanol 

1 

5 

1 Butanol 

5 

4 

2 Butanol 


1 

2 Me 1 Propanol 


1 

Acids (mass % distribution) 
CH3COOH 


70 

C2H5COOH 


16 

C3H7COOH 


9 

Acid content of water (mass %) 

0.4 

1.2 

1 Precipitated iron catalyst 

2 Fused iron catalyst 




The percentage oxygenates of the total FT products is higher for the HTFT 
process than for the LTFT process. However, for the various cuts (the low 
molecular mass oxygenates dissolved in the condensed water phase and in the 
hydrocarbon fractions) the percent of primary alcohols of the total alcohols is 
higher for the LTFT fixed bed process than the HTFT fluidized bed process. Of 
particular note is the big difference in the methanol selectivity, the LTFT 
process having a much higher selectivity than the HTFT operation (Table 10). 
For the ketones, iso-alcohlols and acids the situation is reversed in that the 
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HTFT process makes more of these than the LTFT process. This is in keeping 
with the discussions in Section 6, namely that at the higher temperatures more 
of the acids are converted to ketones and more of the ketones are hydrogenated 
to iso-alcohols. Of the alcohols, aldehydes and acids produced the most 
abundant species on a carbon atom basis are the C 2 compounds, namely, 
ethanol, acetaldehyde and acetic acid. The most abundant ketone produced is 
acetone. 

Under normal commercial FT operating conditions the amount of 
oxygenated compounds produced is low relative to the amount of hydrocarbons, 
especially so in the case of cobalt because it is a more active hydrogenating 
catalyst than iron. At low temperatures, e.g., at about 170 °C, cobalt can, 
however, produce large amounts of oxygenates [6, 21]. 


Table 11 

Oxygenates in the naphtha and diesel cuts 


Cut 


LTFT 

Fixed Bed*^ 
230°C 

HTHT 

Fluidized Bed*^ 
340°C 

Naphtha 

Total Oxygenates*' 

7 

12 


% Alcohols 

88 

44 


% Ketones 

8 

42 


% Acids 

4 

14 

Diesel 

Total Oxygenates** 

6 

10 


% Alcohols 

94 

58 


% Ketones 

5 

28 


% Acids 

1 

14 


Carbon atom basis of total FT products 
Precipitated iron catalyst 
Fused iron catalyst 


9. FT SELECTIVITY CONTROL 

In Section 7 it was pointed out that selectivity on a carbon atom basis, is 
essentially a function of the probability of chain growth, a (alpha). Control of 
the product selectivity will therefore to a large extent be determined by the 
factors that influence the value of alpha. The main factors are the temperature of 
the reaction, the choice of metal catalyst used, the chemical and stractural 
promoters added to the catalyst, the gas composition and, more, specifically, the 
partial pressures of the various gasses in contact with the catalyst inside the 
reactors. Overall, by manipulating these factors a high degree of flexibility can 
be obtained regarding the type of product and the carbon range thereof. 
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9.1 The influence of operating temperature 

Irrespective of the type of metal catalyst used, whether iron, cobalt, nickel 
or ruthenium, raising the FT operating temperature shifts the spectra to lower 
carbon number products. Desorption of growing surface species is one of the 
main chain termination steps and since desorption is an endothermic process 
higher temperatures should increase the rate of desorption which would then 
result in a shift to lower molecular mass products. Putting it in another way, 
thermodynamically the formation of methane is much more favoured than the 
formation of higher molecular mass products at all FT operating temperatures. 
Therefore one should expect that as the temperature is raised, and the rates of 
all reactions subsequently increase, the situation should move towards that 
predicted by thermodynamics. 

As the temperature is increased the system becomes more hydrogenating 
and so the ratio of alkenes to alkanes decreases, again as expected from 
thermodynamics. Probably for the same reasons the selectivity of the alcohols 
and of the acids decrease as the temperature is raised (see Table 6). The degree 
of chain branching increases as the temperature is raised, as one would expect 
from thermodynamics. 

Tables 6 and 12 illustrate the influence of temperature on the commercial 
Sasol HTFT and LTFT processes respectively. Bear in mind that, as can be seen 
from Figures 1 and 2, the methane and the hard wax selectivities are good 
indicators of the overall product spectra. For both processes the overall 
selectivity shifts to lower molecular mass products and the alkene to alkane 
ratios decrease. In the LTFT process no aromatics are formed. For the HTFT 
process the amount of aromatics increases as the temperature is raised. As 
previously discussed note the inverse relationship between ketones and acids 
(Table 6) which agrees with the suggestion that ketones are formed from the 
ketonisation of acids (see Section 6). Note, however, that above 360 °C the 
ketones decrease again, probably due to hydrogenation to iso-alcohols and/or to 
alkanes, as one would expect from thermodynamics. 


Table 12 

Influence of temperature on an iron catalyst in LTFT operation [3] 


Temperature 

°C 

Hard wax selectivity* 

C atom % 

% Alkenes in diesel cut 

213 

47 

45 

227 

34 

39 

237 

24 

33 

247 

17 

40 


1. Hard wax is that fraction with BP > 500°C. 
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Cobalt catalysts are more active for hydrogenation reactions than iron 
catalysts and thus the products with cobalt are more saturated (see Tables 2 and 
5). The methane selectivity also increases more rapidly with increasing 
temperature than is the case with iron catalysts. Early studies with cobalt 
catalysts found that when operating at low temperatures (165 °C) large amounts 
of oxygenates were formed, the oil fraction contained about 40 % oxygen 
containing compounds, while at 200°C only 1% was present [21], [22], At low 
temperatures, about 170 °C, ruthenium catalysts produce very high molecular 
mass waxes (in the polyethylene range) [23, 24], whereas at high temperatures, 
about 400 °C, only methane is produced. Of the group VIII metals ruthenium is 
in fact the most active methanation catalyst [25]. Similarly nickel produces wax 
at low temperatures and only methane at high temperatures. (Most commercial 
methanation catalysts are nickel based.) 

9.2 Catalyst metal type and promoters (chemical and structural) 

Only the four metals, iron, cobalt, nickel and ruthenium have been found 
to be sufficiently active for application in the FT synthesis. The relative cost of 
these four metals is shown in Table 13. Note that the raw material used in the 
preparation of iron based FT catalysts is either scrap iron, steel works mill scale 
or iron ore of suitable purity, all of which means that the iron source is cheap 
relative to the alternative metals. While nickel was used in the early German 
investigations [6, 21] it was found to make too much methane at low synthesis 
pressures while at high pressures, where the methane production was lower, 
volatile nickel carbonyls were formed, i.e. nickel was lost from the reactors. 
The use of nickel was therefore abandoned. The price of ruthenium is very high 
and also the fact that the amount available is insufficient for large-scale 
industrial application rules it out as a viable option. This leaves only cobalt and 
iron as practical catalysts. 

Table 13 

Approximate relative cost of metals active for FT _ 


Fe' 

1 

Ni 

250 

Co 

1000 

Ru 

48000 


1 Fe as scrap metal 

9.2.1 Promotion of cobalt catalysts 

Because of the high cost of cobalt the use of bulk cobalt catalysts (as 
employed in the pre-World war II FT plants) is not viable. It is important that 
the cobalt be supported on a suitable high area porous material under conditions 
that yield well dispersed, i.e. small cobalt crystals, thus resulting in a high 
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exposed surface area per unit mass of cobalt metal. As discussed separately in 
this book, the cobalt crystals need to be larger than a certain minimum size as 
those smaller than the minimum are converted to inert oxide under normal FT 
conditions [26-30], 

Unlike iron catalysts, cobalt based catalysts in general do not appear to be 
very sensitive to the chemical nature of promoters or supports. The early 
German studies with cobalt supported on kieselguhr showed tiiat when 
operating at atmospheric pressure, promotion with alkalis such as potassium 
carbonate increased the selectivity of wax. However at pressures above 1.5 
MPa, which is in any event preferred for industrial FT plants, the effect of alkali 
promotion was minimal [6]. Different investigators have reported conflicting 
results regarding the influence of promoters on the performance of cobalt 
catalysts. This could be due to different catalyst preparation techniques and /or 
different FT test conditions used. 

At Sasol the effect of adding, individually, small amounts of the oxides of 
Cr, Mg, K and Th to an alumina supported Co catalyst was investigated. The FT 
reactions were studied at 1.8 MPa and about 220 °C and it was concluded that 
none of the additives had any beneficial effects [31]. 

Iglesia studied the FT performance of cobalt supported on different 
oxides, namely AI2O3, SiOa and Ti02, at 2.0 Mpa and 200 °C [26]. A good 
correlation was found between the FT activity and the amount of metal area 
available. However, on the basis of unit metal surface area all three catalysts 
had the same activity, i.e. the same turn over frequency. It can therefore be 
concluded that the oxide supports had no chemical promoting effect. 

Exxon found that the addition of low levels of mthenium not only 
increased the rate of reduction of cobalt supported on either silica or on titanium 
oxide, but also increased the FT activity as well as the selectivity towards 
higher molecular mass hydrocarbons [32]. 

Goodwin reported that while Ru promotion of cobalt supported on 
alumina did enhance the rate of reduction and did increase the FT activity it had 
no effect on selectivity [33]. (The FT tests were carried out at 0.1 MPa, which 
was much lower than that used by Exxon.) Adding 1% Re to an alumina 
supported Co catalyst also was reported to enhance the FT activity without 
affecting the selectivity. The effect on titania or silica supported catalysts was, 
however, less marked [34]. 

The researchers at Trondheim reported that promoting alumina or silica 
supported cobalt with Pt enhanced reducibility as well as the FT activity 
without affecting the selectivity. The FT tests were carried out at 0.1 MPa, 
200°C and a H 2 /CO ratio of 7 [35]. It has been reported that the FT activity and 
the selectivity of silica supported cobalt was enhanced by lanthanum oxide [36] 
as well as by zirconium oxide [37] 
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Work carried out by Fischer in the 1930’s showed that for precipitated 
cobalt supported on kieselghur addition of Cr 203 or AI 2 O 3 resulted in lower FT 
activities while the addition of MgO, MnO or ZnO had little or no effect on the 
FT performance [21]. 

For more information about the effects of various promoters and supports 
on the selectivity of cobalt catalysts see Chapter 7. 

9.2.2 Promotion of iron catalysts 

Contrary to cobalt catalysts, iron based catalysts are significantly affected 
by the chemical nature of promoters or supports. For all iron catalysts the 
promotion with the optimum amount of alkali, such as potassium salts, is vital 
for satisfactory FT activity as well as the required selectivity. Because the 
strong alkaline salts of K and Na have such a dominant influence on the FT 
selectivity it is debatable whether other promoters or supports present in the 
catalyst formulation have, in their own rights, any marked influence on 
selectivity. The presence of other compounds, whether added or present as 
impurities, can however have a marked influence on the effectiveness of the 
alkaline promoter. Thus if there is any silica present the alkali can react with it 
to form alkali-silicates which will be less basic (alkaline) than the ‘free’ alkali, 
e.g. as KOH or K 2 CO 3 and hence the ‘basicity’ of the working iron surface 
would be lowered. Similarly the alkali could interact with acidic supports such 
as alumina to form less basic aluminates. Even if the supports or other high area 
promoters added do not chemically interact at all with the alkali they will 
effectively dilute the alkali in that the alkali will not only be distributed on the 
iron surface but also on the surface of the other components. Overall it means 
that the amount of alkali that has to be added in order to attain the required 
basicity of the iron surface needs to be adjusted to take into account the 
chemical nature and the surface areas of the other components present. 

By way of example, the effect of various promoters on the performance of 
the two types of iron based catalysts used at Sasol is presented below. The 
catalyst used in the LTFT systems in the fixed and in the slurry bed reactors 
consist of co-precipitated Fe and Cu oxides which is then supported/bound by 
silica gel. A base stock of this material was used to study the effects of various 
promoters. In one series of tests the base stock was impregnated with equivalent 
amounts of different potassium salts and the FT performance of these catalysts 
then compared [3]. It was found that the carbonate, hydroxide, nitrate, fluoride, 
borate, oxalate, silicate and permanganate all yielded similar performances. The 
chloride, bromide, sulphate and sulphide salts all yielded lower activity 
catalysts. The poor performance of the later two salts was expected in view of 
the known fact that sulphur containing compounds are strong poisons for iron 
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catalysts. In contradiction to the above results Hammer [38] reported that 
neither KCl nor KBr resulted in inferior catalysts. 

In another series the same Fe/Cu/silica base stock was impregnated with 
equivalent amounts of the Group I alkalis, namely, Li, Na, K and Rb as the 
nitrates. The catalyst promoted with K had the highest FT activity. Equating the 
activity of the K catalyst to 100 units the activity of the Na and Rb catalysts 
were both about 90 units while that of the Li catalyst was much lower at about 
40 units. As was expected from the relative basicities of the alkalis the wax 
selectivities increased in the order, Li, Na, K and Rb. The lower activity of the 
Rb case may possibly have been due to the fact that it produced a very high 
molecular mass wax. This wax, being present in the narrow catalyst pores, 
might have slowed up the diffusion rate of reactants and of products in and out 
of the catalyst particles and thus resulted in lower FT reaction rates. In another 
way of comparing Na with K promotion two catalysts were prepared as 
described in Chapter 7, but instead of using potassium water-glass, sodium 
water-glass was used as the means of adding the silica. The two catalysts, 
containing the equivalent amounts of alkali promoter were then tested for their 
FT performance. The activity of the Na- promoted catalyst was about 25% 
lower and the wax selectivity was about 20% lower than that of the K-promoted 
catalyst. 

Table 14 illustrates the marked influence of the amount of potassium 
promoter on the activity and the selectivity of precipitated iron catalyst in the 
LTFT process [3]. Two sets of results are shown, one for unsupported Fe/Cu 
catalysts and the other for the supported Fe/Cu/silica catalysts. The well known 
shift to higher molecular mass hydrocarbons, i.e. higher chain growth 
probability, with increasing alkali is reflected by the increase in the hard wax 
selectivity. Note also the increase in the selectivity of the oxygenated 
compounds, namely the acids and alcohols. It has been reported previously that 
as the alkali level is increased the activity increases up to a certain level and 
then decreases at higher alkali levels [6]. In Table 14 this peak in activity was 
only observed in the unsupported series. In the supported series the alkali levels 
were apparently all beyond the peak level and thus the activity in this series 
decreased with further alkali additions. (In later studies it was confirmed that at 
lower alkali levels the activities were also lower.) As the wax selectivity 
increases with increasing alkali the average chain length of the waxes increases 
as previously discussed. This probably results in slower diffusion rates inside 
the wax-filled pores which results in lower overall reaction rates. 

Table 15 shows the influence of changing the type and the amount of 
support material [3]. Two sets of data are presented. In the one set various 
individual supports were evaluated. The other set all contained the same amount 
of silica support, but in addition different individual other supports were also 
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incorporated into the catalyst. (Note that kieselguhr is a natural form of silica of 
marine origin while the ‘Si02’ was added as K-water-glass as described in 
Chapter 7.) 

As discussed previously, it should be noted that the results presented in 
Table 15 should be compared with caution since the key promoter, K 2 O, was 
not necessarily at the optimum level for each different catalyst formulation. For 
a thorough comparison the alkali level should have been varied for each catalyst 
type and the best cases then compared. Nevertheless the impression gained 
from Table 15 is that using different supports, or incorporating different 
supports in addition to the ‘standard’ silica support, did not result in any marked 
improvement, relative to the standard silica supported catalyst, in either the wax 
selectivity or FT activity. Whether any of the other supports would improve the 
long-term stability of the catalyst is another matter, but this was not evaluated. 


Table 14 

Influence of alkali content on synthesis performance of precipitated iron catalysts [3] 


Catalyst type 

K 2 O level” 

Hard wax 
selectivity'’ 

Water analysis wt% 

Alcohols Acids 

Activity” 

Unsupported Fe 203 

0 

5 


<1 

26 


1.0 

34 


3 

47 


1.6 

41 


8 

50 


2.0 

53 


12 

53 


3.0 

63 


19 

40 

Silica supported Fe 203 

12 

18 

2.5 

0.2 

112 


16 

20 

3.0 

0.3 

109 


21 

30 

3.4 

0.3 

85 


24 

38 

2.0 

0.5 

83 


32 

44 

2.0 

0.7 

75 


a. relative quantities 

b. wt% of hydrocarbon product boiling above 500°C 


For the HTFT process (320 to 350 °C) Sasol to date uses catalyst prepared 
by fusing (melting) suitable iron oxides together with the required promoters 
(see Chapter 7). In this kind of catalyst, as is the case for typical ammonia 
synthesis catalyst, structural promoters such as the oxides of aluminium, 
magnesium or titanium is added to increase the surface area of the reduced 
catalyst. In addition these promoters minimise subsequent loss of surface area 
as the result of sintering with time on stream [3]. However, since diffusion 
control is involved in the overall FT kinetics, surface areas above a certain 
min i mu m probably do not result in increased activity. As for precipitated 
catalysts the added structural promoters and other compoimds that may be 
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present can have a significant influence on the effectiveness of the vitally 
important chemical promoter, namely, K 2 O. Higher surface areas coupled with 
a fixed amount of alkali amounts to a lower surface basicity, i.e. a lower 
percentage of the surface iron atoms associated with the alkali promoter 
molecules. If the structural promoters or other compounds present, such as 
silica, chemically interact with the alkali then the basicity of the alkali could be 
lowered. The influence of additional silica on the FT performance of the 
catalyst is shown in Table 16. 

Table 15 

Influence of different supports on synthesis performance of precipitated iron catalysts [3 ] 


Catalyst 

SiOi 

Additional'* 

KjO" 

Activity** 

Wax 


g/100 Fe 

support/g 



Selectivity'’ 



(lOOg Fe) ‘ 




Unsupported Fe-Cu 

0 

0 

0.6 

34 

25 

Fe-Cu-CraOs 

0 

24 

2.0 

31 

30 

Fe-Cu-MgO 

0 

32 

3.6 

16 

13 

Fe-Cu-MgO 

0 

68 

3.2 

28 

10 

Fe-Cu-AlaOa 

0 

23 

3.0 

35 

10 

Fe-Cu-AI 2 O 3 

0 

100 

12 

18 

34 

Fe-Cu-SiOj^ 

24 

0 

10 

45 

34 

Fe-Cu-ZnO 

0 

30 

2 

40 

12 

Fe-Cu-Si 02 -Ca 0 

24 

10CaO° 

10 

38 

31 

Fe-Cu-Si02-Cr203 

24 

10 Cr203 

10 

42 

30 

F e-Cu-Si 02 -Ki es elguhr 

24 

20 

10 

31 

29 



Kieselguhr 




Fe-Cu-Si02-Al203 

24 

IOAI 2 O 3 

10 

41 

25 

Fe-Cu-Si02-V205 

24 

10 V 2 O 5 

10 

41 

31 

Fe-Cu-Si 02 -Th 02 

24 

10-ThO2 

10 

47 

31 

Fe-Cu-Si 02 -Mg 0 

24 

lOMgO 

10 

30 

30 

F e-Cu-Si 02 -T i 02 

24 

I0TiO2 

10 

43 

30 

Fe-Cu-Si 02 ‘' 

24 

0 

10 

45 

34 


a. Added in addition to the standard amount of Si 02 

b. Relative quantities 

c. Standard reference catalyst 


Table 16 

Synthesis performance of promoted fused catalysts. Si 02 varied with alkali content fixed. 
Fluidized bed at 320°C fSI _ 


Alkali Type 

Si02/Alkali 
molar ratio 

CO + CO 2 
conversion % 

CH 4 selectivity 

C 3 HJC 3 H 8 

ratio 

Na20 

0.6 

86 

13 

2.8 


2.1 

83 

13 

2.4 


4.2 

81 

13 

3.1 

K 2 O 

0.8 

85 

10 

6.1 


4.2 

78 

27 

0.9 
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For both the alkalis, Na and K, as the silica level was increased the activity 
of the catalysts decreased, but more so in the case of the potassium promoted 
catalyst. In the case of the sodium promoted catalyst the influence of the silica 
on the selectivity was not really evident. However, for the stronger alkali 
(potassium) the silica markedly increased the methane selectivity and decreased 
the alkene to alkane ratio, both shifts indicating that the catalyst had become 
more hydrogenating because of the effective lowering of the basicity of the 
catalyst. A tentative reason for the smaller effect of silica on the performance of 
the sodium promoted catalyst is as follows. The sodium ions are capable of 
going into solid solution in the magnetite phase (see Chapter 7) and so not all of 
it will be associated with the silica in the final reduced catalyst. Since neither 
the silicon nor the potassium ions can go into solid solution in magnetite they 
will react to form silicates and so the basicity of the catalyst surface will be 
lowered. 

Table 17 shows the effect of increasing the alkali levels on the FT 
performance of fused/reduced catalysts at high temperatures (330 °C) in 
fluidized bed reactors. 


Table 17 

Synthesis performance ofpromoted fused magnetite catalysts. Amounts and types of alkalis 
varied. Fluidized bed operation at 330 °C [3] _ 


Alkali 

Amount of 
alkali 
(relative 
units”) 

Activity 

CO + CO 2 
con vers io 
n% 

CH 4 

selectivity' 

Water 

acids 

selectivity' 

NAC 

selectivity'*’' 

C 3 H 6 /C 3 
Hg ratio 

KjO 

0 

63 

41 

0.05 

0.3 

0.2 


1.75 

90 

20 

0.2 

1.7 

3 


2.1 

90 

15 

0.3 

2.6 

5.7 


2.65 

92 

13 

0.5 

3.4 

7.6 


3.4 

94 

12 

0.7 

3.8 

11 


3.95 

93 

10 

0.8 

4.0 

12 

Na20 

0 

63 

41 

0.05 

0.3 

0.2 


2.3 

78 

15 

0.15 

2.7 

1.8 


4.5 

85 

13 

0.2 

2.0 

2.3 


6.8 

84 

14 

0.2 

2.5 

2.0 


9.1 

87 

16 

0.2 

2.7 

1.7 


a. Alkali levels all expressed on molar basis. 

b. NAC = Non Acid Chemicals (alcohols and ketones) in water phase. 

c. All selectivities, % carbon atom. 
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For both alkalis the activity increases and the selectivity shifts to higher 
molecular mass products (as indicated by the decreasing methane selectivity), to 
more oxygenated products (acids, alcohols and ketones) and to higher ratios of 
alkenes to alkanes. Clearly, the effect of the stronger alkali, potassium, is much 
more pronounced than that of the weaker sodium. It also appears that beyond a 
certain level addition of more sodium has little further effect on the catalyst’s 
performance. 

Table 18 shows that when the fused/reduced catalysts are used at low 
temperatures (200 °C) in fixed bed reactors the FT activity decreases with 
increasing potassium promoter, as was observed for the precipitated/silica 
supported catalyst also operated at the lower temperature (see Table 14 and the 
related discussion). 


Table 18 

Synthesis performance of fused magnetite promoted with a fixed amount of AI2O3 and 
varying amounts of K^Q. Fixed bed operation at about 200 °C. [3] _ 


K2O content (relative units) 

Activity (relative units) 

0 

64 

0.4 

60 

0.8 

55 

1.1 

50 

2.6 

29 


It has been reported that the manner in which the potassium promoter was 
added to the catalyst used in a fluidized bed, whether by impregnation or as 
loose powder, had little effect on the performance of the catalyst in the FT 
reaction [39]. Investigations at Sasol revealed similar results. When potassium 
silicate was separately finely ground and the powder then added to a finely 
ground alkali-free fused magnetite the FT performance of this mixture was very 
similar to that of the catalysts prepared in the normal way. (Fusing the 
magnetite together with the promoters and then grinding the ingots to the 
required particle size distribution). 

These results are not really surprising when the microscopic investigations 
reported in Chapter 7 are considered. It was found that essentially all the 
potassium in normally fused catalysts was present in the separate silicate glass 
inclusions and after milling a large portion of these inclusions was present as 
separate particles, i.e. the normal catalyst was in any event a heterogeneous 
mixture. It was also demonstrated that when alkali-free catalyst was loaded into 
a reactor and run for a few days the expected poor FT selectivity was observed. 
When some powdered potassium silicate was then added to the running reactor 
the selectivity of the catalyst the next day had improved markedly and was very 
similar to that of the catalyst prepared in the normal way. It appears therefore 
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that under FT conditions the alkali silicate migrates over the surface from 
particle to particle. It nevertheless seems doubtful if this would result in a 
perfectly uniform distribution of the alkali over the iron surface and if this 
assumption is correct there is room for improvement regarding this aspect. 

The following speculation is offered as an explanation of the observed 
effects of potassium promotion on the activity and selectivity shifts when the 
amount of alkali promoter is increased. The presence of potassium on the 
surface of reduced iron has been shown to increase the heat of chemisorption of 
CO [40, 41]. It is therefore expected that alkali promotion would increase the 
amount of CO adsorbed on the surface of the iron catalyst and consequently the 
surface coverage by the FT ‘monomer’ (e.g. ‘CH 2 ’) would be higher. Alkali 
being a strong base could act as an electron donor thus strengthening the bonds 
of the adsorbed CO and ‘CH 2 ’ units with the surface Fe atoms. The rate of the 
FT reaction may equate to the rate at which the monomers react, e.g. insert into 
the surface hydrocarbon chains. If the presence of alkali not only increases the 
strength of the carbon to metal bond in the case of the adsorbed monomer, but 
also does the same for the carbon to metal bond of the growing hydrocarbon 
chains, this would mean that the probability of desorption of the chains would 
be lowered (i.e. the probability of chain growth would increase). This would 
mean that as long as there is an ample amount of adsorbed monomers present 
on the surface both die rate of the FT reaction would increase and the selectivity 
would shift to higher molecular mass products. 

At higher alkali coverage, however, the surface could be predominantly 
occupied by growing hydrocarbon chains and the coverage by monomers would 
be relatively lower. This would mean that chain growth would still continue, 
but at a lower rate because of the low availability of monomers, i.e. the rate of 
the FT reaction would decrease but the shift in selectivity to longer chain 
products would continue to increase. If CO insertion is the route to the 
formation of oxygenated products (see Fig. 9) and alkali increases the amount 
of CO adsorbed on the catalyst surface then this could explain why alkali also 
increases the selectivity of oxygenates. 

The strength of adsorption of hydrogen on iron is known to be weaker 
than that of CO. If alkali does increase the coverage of the catalyst surface by 
growing chains and monomers there would be fewer vacant site available for 
the adsorption of hydrogen. The system therefore would be less hydrogenating 
and this could explain why alkali promotion increases the ratio of alkenes to 
alkanes (see Table 17). 

9.3 Gas composition, partial and total pressures 

Considering any of the various possible reaction sequences illustrated in 
Fig. 4 and in Figs. 8 to 11 it could be argued that the higher the CO partial 
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pressure the higher the catalyst surface coverage by adsorbed monomers will 
be, whatever the chemical make-up of these monomers are. 


(a) CO as monomer: 

CO 

CO(gas) -- 


(CO ads) 


(b) CH 2 as monomer: 

free C 


CO 


t 

c 

1+2H 

CH2 


CO 2 
? I +CO 
+ O 

\ +2H 


H2O 


(c) CHOH as monomer: 


CO 


+2H 


HCOH 


(d) The three monomers could be interlinked: 

CO +2H HCOH +2H CH 2 +H 2 O 


Figure 8 Possible Monomers 
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CO as monomers (CO Insertion) 


(a) Cj compounds 


CO 


+ 2 H 


(b) Cj compounds 
CH2 CO 

i + I - 


(c) Chain Growth 
R 

CH + CO 


CH3OH CH4 

I + 2 H [ + 2 H 

HCOH CH2+H2O 


CH3CHO 
desorb y* 


C2H6 

I+ 2 H 


CH2 CH3 CH 3 

C—O +2H CH —O + 2 H CH + H2O 

-*\/ — V — I 

1 +H 20 1 + 2 H 1 “^ 

CH 3 COOH C2 Hs OH C2H4 

R 



etc. as for C 2 
compounds above 


(d) Alternative route to acids ?? 


R 


CH 


R 


CH 



+ 2 H 


RCH2 COOH 


Figure 9 CO as Monomer 
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CH^ as monomer 

2 


(a) compounds 

CH3OH 

1 (0+2H) 



CH2 CH4 


CH3COOH 

(b) C2 compounds 

C2H4 

t +20 


1 desorb 

CH3 

CH2 CH2 

H2C—CH2 

+0 

+ - 

- \/ 

\ +2H 
C2H6 

CH -► 

i 

1 

1 +(2H+0) 
C2H5OH 

(c) Chain Growth 


CH3CHO 


R 

CH 


+CH2 


R 


HC —CH2 

\/ 


etc. as for C 2 
compounds above 


(d) Chain branching 
R 

HC—CH2 ^ 



R 


R 

C—CH3 


+ CH2 H2C 


RCCH2 


I 

C —CH3 

/ 

\+H2 

RCHCH 3 


CH3 CH3 


Figure 10 CHaas Monomer 
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CHOH as monomer 


(a) C| compounds 


CH3OH 
I +2H 
HCOH 


+2H 


CH 4 
I +2H 

CH2 + H 2 O 


(b) Cj compounds 


CH2 HCOH 

+ I — 


+0 


CH3COOH 


CH3 CHO 
I desorb 
CH3 

I 

HC —O 

\/ 

1 + 2 H 
C2H5OH 


C 2 H 4 

desorb 


+ 2 H 


CH 3 


CH + H2O 


+2H 


C2H6 


(c) Chain Growth 
R 

HCOH 
CH + I 



etc. as for C 2 
compounds above 


Figure 11 HCOH as Monomer 
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The higher the coverage by monomers the higher the probability of chain 
growth is expected to be. Two key steps leading to chain termination are 
desorption of the chains to yield alkenes and hydrogenation of the chains to 
yield alkanes. The lower the partial pressure of CO the lower the surface 
coverage by monomers and thus the higher the probability of desorption, i.e. of 
chain termination. The higher the partial pressure of hydrogen is the higher is 
the probability of chain termination by hydrogenation. Overall it could be 
argued that the higher the ratio H 2 /CO the higher the probability of chain 
termination and thus the higher the selectivity of methane and the lower 
molecular mass hydrocarbons. 

In an operating FT system the actual situation on the catalyst surface is 
probably more complex as the surface coverage by CO and H 2 could also 
depend on competition for vacant surface sites by other gases such as CO 2 and 
H 2 O. As CO chemisorption is much stronger than H 2 chemisorption it is likely 
that the partial pressures of CO 2 and of H 2 O will have a greater negative effect 
on the amount of hydrogen adsorbed than on the amount of CO adsorbed. The 
selectivity would then not simply be dependent on the simple ratio H 2 /CO but 
on a more complex ratio, for example, such as 

PnaXPco*’ + + Ph2o‘^)- 

The actual partial pressures of the gases in contact with the catalyst at 
various positions along the catalyst bed will depend on several factors. The 
main contributing factors are the following; the composition and flow rate of 
the fresh feed gas; the H 2 to CO usage ratio of the FT reaction; the difference 
between the feed ratio and the usage ratio; the extent of conversion; the extent 
to which the water gas shift (WGS) reaction occurs and the amoimt of the exit 
gas (tail gas) that is recycled to the reactor. Recycling tail gas is a common 
practice as it results in higher overall conversion of the fresh feed and for fixed 
bed reactors it is required to assist with heat removal. Typically recycle is 
necessary because the per pass conversion is limited to avoid excessively high 
water partial pressures in the reactor. 

For cobalt based catalysts the extent of the WGS reaction is almost 
negligible. Iron catalysts, however, are active WGS catalysts and so this can 
have a significant effect on the composition of the gas inside the reactor. At the 
lower temperatures, 210 to 240 °C, the rate of the WGS reaction is slow but 
nevertheless some CO 2 may be produced or consumed depending on the feed 
gas composition. At higher temperatures, above 300 °C, the WGS rapidly 
proceeds to equilibrium. In practice this means that when the conversion of CO 
via the FT reaction is high, i.e. the partial pressure is low, the reverse WGS 
reaction occurs, producing CO, which then reacts further in the FT reaction. By 
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this means CO 2 is effectively converted to FT products. So it often occurs that 
CO 2 is produced at the entrance of the reactor and consumed near the exit. 

9.3.1 Iron based catalysts 

Using the Sasol pilot plants the influence of various total and partial 
pressures and of gas compositions on the FT selectivity was investigated. 
Typical industrial iron based catalysts used in the LTFT and HTFT processes 
were used. The operating temperatures were fixed at those used in the 
commercial processes. Tables 19 and 20 give the results for the LTFT and 
HTFT studies respectively. For the LTFT tests precipitated/supported iron 
catalyst was used and for the HTFT tests fused catalysts were used (then- 
preparations are described in Chapter 7). 

Table 19 


Reaction over fixed bed precipitated iron catalyst, 225°C [3] 



Reactor entry pressure bar abs. 

H 2 /CO 

ratio 

Selectivity % C atom 

Diesel 
alkenes % 


Total 

PC02 

Ph2 

Pco 


Hard 

wax 

NAC“ 

Acids" 


A 

7.8 

0.08 

4.34 

2.28 

1.9 

33 

1 

0.006 

39 


14.7 

0.15 

8.19 

4.31 

1.9 

31 

- 

0.012 

37 


18.1 

0.18 

10.08 

5.30 

1.9 

34 

1.3 

0.014 

40 


21.5 

0.21 

11.97 

6.30 

1.9 

32 

1.2 

0.018 

35 

B 

11.4 

0.66 

5.91 

2.35 

2.5 

18 

3.1 

0.21 

15 


27.6 

1.39 

14.07 

5.87 

2.4 

18 

3.8 

0.55 

17 

C 

27.7 

1.24 

14.3 

6.40 

2.2 

22 

4.0 

0.55 

22 


27.5 

4.05 

12.8 

6.10 

2.1 

23 

4.0 

0.62 

25 

D 

28 

3.78 

16.6 

2.79 

7.3 

13 

3.4 

0.1 

7 


28 

1.52 

13.3 

3.63 

3.7 

22 

2.6 

0.2 

14 


28 

2.00 

12.1 

5.58 

2.2 

32 

2.1 

0.3 

27 


28 

1.38 

9.96 

5.37 

1.9 

37 

2.1 

0.3 

31 


28 

1.52 

10.8 

10.8 

1.0 

48 

9.5 

0.2 

52 


a. Water soluble non-acidic products (mainly alcohols) 


b. Water soluble acidic products 
Operating Modes; 

A - Near differential (high fresh feed flow, no recycle, low % conversion) 

B - Recycle/fresh feed ratio 1.26; H 2 + CO conversion 60% (on fresh feed basis) 

C - Recycle/fresh feed ratio 1.1; H 2 + CO conversion 50% 

D - Recycle/fresh feed ratio about 2. High conversion levels 

For the results shown in Table 19, the same catalyst was used in all cases. 
In series A and B the fresh feed gas composition was the same throughout. The 
linear gas velocities were the same in all cases. 

From Table 19, sets A and B, it can be seen that for the LTFT process 
when the H 2 /CO ratio of the feed gas is kept constant, increasing the total 
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pressure from about 0.8 to about 2.8 MPa has little or no effect on the hard wax 
selectivity. Separate experiments were carried out at 2.6, 4.0 and 6.0 MPa, once 
again at fixed H 2 /CO feed gas ratios, and confirmed that even at these higher 
pressures the wax selectivities remained constant. (In all the test runs the 
residence times of the gases in the reactor were kept constant by suitable 
adjustments of the gas flows.) From the correlation shown in Fig. 2 it follows 
that the total pressure has no effect on the overall hydrocarbon carbon number 
distribution. 



From Table 19, sets A and B and the detail in set D, it appears that the 
wax selectivity is controlled by the H 2 /CO ratio of the gas entering the reactor. 
In another separate set of runs the reactor entry partial pressure of H 2 was varied 
from 0.6 to 2.3 MPa, that of CO from 0.25 to 1.14 and that of CO 2 from 0.01 to 
0.33 MPa. The correlation between the H 2 /CO ratio at the reactor entrance and 
the hard wax selectivity is shown in Fig. 12 [42]. It is therefore clear that all 
that is required to control the hydrocarbon selectivity distribution is to control 
the H 2 /CO ratio of the total feed gas to the reactor. As would be expected the 
alkene content of the hydrocarbon cuts decreases as the H 2 /CO ratio increases 
(see diesel alkene % in Table 19). With some exceptions it appears that as the 
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H 2 /CO ratio increased the alcohol selectivity increased. Over the entire pressure 
range studied, from 0.8 to 6.0 MPa, the acids appear to increase with increasing 
total pressure and the CO 2 partial pressure appears to be a significant parameter. 

In general agreement with the above results, earlier studies at the US 
Bureau of Mines [43] found that, over iron lathe turnings as catalyst, the 
selectivity shifted to lower molecular mass products and the alkene content of 
the products decreased as the H 2 /CO ratio of the feed gas was increased. 


Table 20 

Reaction over fluidized bed promoted fused iron catalysT, 320 °C [3] 


a 

Reactor entry pressure (bar abs.) 

H2/CO 

ratio 

Selectivity % C atom 

C2H4/ 

CiH* 

ratio 

Activity** 


Total 

Pc02 

Pco 

Ph2 

Ph20 


CH4 

NAC' 

Acids*^ 



A 

9.4 

1.1 

0.90 

3.86 

0.04 

4.3 

26 

1.4 

0.20 

0.24 

48 


12.9 

1.45 

1.17 

5.17 

0.04 

5.2 

19 

1.7 

0.29 

0.26 

68 


14.5 

1.52 

1.31 

5.66 

0.04 

5.3 

17 

1.9 

0.34 

0.25 

80 


18.0 

1.86 

1.58 

7.31 

0.04 

5.8 

15 

2.3 

0.47 

0.45 

94 


21.5 

2.00 

1.93 

9.66 

0.04 

5.9 

11 

3.5 

0.81 

0.67 

120 

B 

10.8 

0.85 

1.02 

4.27 

0.04 

4.2 

18.3 

2.0 

0.2 

0.5 

54 


20.8 

1.50 

1.95 

8.53 

0.04 

4.4 

13.8 

3.5 

0.6 

1.2 

106 


40.8 

2.82 

3.58 

14.2 

0.04 

4.0 

10.5 

4.1 

1.1 

1.2 

207 


60.8 

3.79 

5.26 

24.6 

0.04 

4.7 

6.8 

6.8 

1.7 

1.3 

315 


75.8 

4.55 

6.70 

30.7 

0.04 

4.6 

5.5 

7.1 

1.9 

0.9 

375 

C 

18.0 

1.03 

1.65 

7.24 

0.04 

4.4 

19 

1.5 

0.2 

0.28 

98 



2.20 

1.31 

7.45 

0.04 

5.7 

15 

2.3 

0.47 

0.45 

96 



3.10 

1.31 

7.17 

0.04 

5.5 

9 

2.6 

0.63 

0.34 

98 



5.10 

1.03 

8.07 

0.04 

7.8 

8 

3.3 

1.3 

1.0 

97 

D 

20.8 

0.67 

1.79 

9.84 

0.04 

5.5 

12 

3.5 

0.6 

1.3 

107 



0.92 

1.80 

9.62 

0.72 

5.3 

12 

3.2 

0.7 

1.6 

105 



1.20 

1.83 

10.0 

1.40 

5.5 

12 

3.2 

1,0 

2.0 

98 



1.57 

1.84 

10.3 

2.79 

5.6 

11 

5.9 

3.2 

2.0 

83 


a. Sets A and C are for medium basicity and B and D for high basicity catalysts 

b. Moles (CO + CO 2 ) converted per hour 

c. Water soluble non-acidic products 

d. Water soluble acidic products 

e. The linear gas velocities were the same in all cases 

Table 20 shows the results for four sets of experiments carried out with 
fused iron catalysts in fluidized bed reactors at about 320 °C (HTFT process). 
In sets A and B the total pressures were increased. The recycle ratios (ratio of 
fresh feed flow to recycled tail gas flow, the latter after knock-out of the water 
and oils) were kept constant and the total feed flow was increased in proportion 
to the increase in total pressure. The gas linear velocity, and hence the residence 
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time inside the reactor, was thus maintained constant. In set C additional CO 2 
was added to the feed gas and in set D additional water was added. Contrary to 
the findings for the LTFT operations (see Table 19 and Fig. 12) there was no 
correlation between the total feed H 2 /CO ratio and the hydrocarbon selectivity 
as represented by the methane selectivity (see Fig. 1 for the correlation between 
methane and the various hydrocarbon selectivities). For set C, where additional 
CO 2 was added to the feed gas, the methane selectivity in fact decreased despite 
the increase in the H 2 /CO ratio. Whereas for the LTFT process the total pressure 
had no apparent effect on the hydrocarbon selectivity, for HTFT it clearly 
shifted to higher molecular mass products, i.e. to lower methane selectivities, as 
the total pressure was increased (see sets A and B in Table 20). 

Note again that the methane selectivity decreased with increasing pressure 
despite the tendency of the total feed H 2 /CO ratio to increase. So again it is 
clear that the simple ratio of hydrogen to carbon monoxide does not control the 
overall hydrocarbon selectivity. In sets A, B and C it can be seen that as the 
CO 2 partial pressure increased the methane selectivity decreased and thus it 
appears that the latter pressure is also somehow involved in determining the 
hydrocarbon selectivity. 

As observed for the LTFT operation, the acid selectivity increased with 
increasing pressure and again it appears that the CO 2 partial pressure is 
involved. The non-acid water soluble chemicals (NACs , mainly alcohols and 
ketones) also increased with pressure. Likewise the alkene to alkane ratios (as 
depicted by the ethene to ethane ratios in Table 20) in general also increased 
with pressure and again the CO 2 pressure appears to be involved. In general 
agreement with all of the above, earlier work by Anderson [44] found that over 
fused iron catalysts increasing the pressure resulted in an increase in the 
average molecular mass of the products as well as an increase in the yield of 
oxygenated products. 

Table 21 shows the results for a series of runs carried out with a ‘low 
basicity’ fused catalyst in the HTFT operation. The partial pressures are those 
of the total feed gas to the reactor before any reactions have occurred. Three 
different ‘selectivity factors’ are included in the table. As can be seen the 
correlation of the methane selectivity with the ratio of l/Pco2 is poor. The 
correlation with the H 2 /CO ratio is reasonable, but of the three factors the ratio 
Ph 2 °^^/(Pco + 0.7Pco 2) is the best. The latter correlation is shown in Figure 13. 
This selectivity factor also correlated well with the methane selectivity for 
‘medium’ and for ‘high’ basicity fused iron catalysts. 
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Figure 13 HTFT low basicity 

From the previous discussion regarding surface coverage by CO and H 2 it 
could be expected that besides the partial pressure of CO 2 the partial pressure of 
H 2 O should also influence the selectivity. Using the partial pressures at the 
stage where half of the conversions had taken place so that the partial pressures 
of water were significant it was found that the factors: 

Ph2'’'''/(Pco+1.3Ph2o) 
and Ph 2 °^^/(Pco +0.7Pco2 + 0-6Ph2o) 

also correlated with the selectivity but they were not an obvious improvement 
on the factor Ph 2 °'^^/(Pco + 0.7Pco2) at the reactor entrance. 

It has, however, been found that when different amounts of catalyst are 
loaded in a reactor and the feed gas composition and flow are kept constant 
(which results in different percentage conversions) the selectivities do not 
change much, despite the change in the gas composition along the reactor 
length. The value of the selectivity factor used in Fig. 13 does indeed change as 
the gas moves through the reactor and so an improved factor is required. 
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Table 21 

Low basicity catalyst. Recycle operation, 320°C [3] 


CH4 PH2 MPa 

selectivity 

PCO MPa 

PC02 P“h2/(Pco 

MPa + .7Pco2) 

H2/CO 

ratio 

1/PC02 

36 

0.708 

0.216 

0.261 2.30 


3.3 

3.8 

41 

1.81 

0.335 

0.18 2.52 


5.4 

5.6 

42 

1.047 

0.242 

0.103 3.22 


4.3 

9.7 

47 

0.819 

0.147 

0.068 4.89 


5.6 

14.7 

49 

1.09 

0.162 

0.073 4.79 


6.7 

13.7 

55 

0,984 

0.116 

0.057 6.39 


8.5 

17.5 

57 

0.51 

0.029 

0.131 7.00 


17.6 

7.6 

71 

1.23 

0.082 

0.007 12.12 


15.0 

14.2 

73 

1.28 

0.068 

0.002 15.33 


18.8 

500 

Note: Partial pressures at reactor entrance. 




Three different factors were considered, namely, 






Phi'^'^^/CPco + O.TPcoa), 






Ph2°’^^/(Pco + 1-3Ph2o) 






and Ph 2 '' 

’/(PcO +0-7 PcO 2 + b.6PH2o)- 



Table 22 






Comparison of selectivity factors along catalyst bed*‘ 




ca, 

Bed 


Selectivity Factors 




Select 

Position 







Ph2"V(Pco+.7Pco2) 

P (Pco+1 • 3Ph2o) P (Pco+' 7Pco2+-6Ph2o) 


Entrance 

1.12 

1.25 


1.09 

21 

Middle 

1.51 

1 24 


1.16 


Exit 

2.36 

1.13 


1.25 


Entrance 

0.73 

0.86 


0.71 

12 

Middle 

1.04 

0.70 


0.75 


Exit 

1.95 

0.58 


0.79 


Entrance 

0.27 

0.37 


0.27 

7 

Middle 

0.28 

0.28 


0.27 

*1 T , 

Exit 

0.28 

0.22 


0.27 


*' In all cases the partial pressures are those after the WGS has proceeded to equilibrium. 
Pressures are in bar abs. 


It was found that the values, although somewhat different, of all three 
factors at the reactor entrance (after WGS equilibrium, but before any FT 
reaction) correlated equally well with the overall hydrocarbon selectivity. The 
values of these factors at the entry, half conversion and exit positions in the 
reactor for three separate FT runs, which had different methane selectivities, are 
shown in Table 22. As can be seen the factor in which CO, CO 2 and H 2 O were 
included in the denominator, on the whole showed the least amount of variation 
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with catalyst bed depth. This factor may therefore be preferred because it best 
matches the observation that the selectivity does not change much with extent 
of conversion in the reactor. 

Table 23 and Fig. 14 show the correlation between this factor and the 
methane selectivity for a catalyst with a ‘medium basicity’. Table 24 and Fig. 15 
show the correlation for a ‘high basicity’ fused iron catalyst. As can be seen 
from the latter two figures there appears to be a satisfactory correlation between 
the ‘preferred’ selectivity factor and the methane selectivity, and consequently 
with the overall hydrocarbon selectivity. 

From the slopes of the plots of Figs. 13 to 15 it appears that as the basicity 
of the catalyst increased the gas composition, i.e., the selectivity factor, had a 
smaller effect on the overall selectivity. In view of the strong influence of the 
alkali content of the iron catalyst on the selectivity this finding is not surprising. 
Overall, by suitable manipulation of the gas composition and of the basicity of 
the iron catalyst the methane selectivity can be varied from about 5 to 80%. 



Entry Ph^°-“ / (Pco + O.TPco, + O.BPh^q) 


Figure 14 HTFT medium basicity 
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Figure 15 HTFT high basicity 


Table 23 

Medium basicity catalyst . Recycle ope ration, 320 °C [3] 


CH4 

selectivity 

PH2 

MPa 

PCO 

MPa 

PC02 

MPa 

-^ J 

PH20 

MPa 

P-“h 2 / 

(Pco +- 7 Pc 02 + • 6 Ph 2 o) 

' H2/CO 
ratio 

8 

0.752 

0.172 

0.428 

0.075 

1.80 

4.37 

12 

0.724 

0.248 

0.186 

0.022 

2.38 

2.92 

15 

0.731 

0.158 

0.186 

0.034 

2.99 

4.63 

17 

0.566 

0.131 

0.152 

0.026 

3.43 

4.32 

17 

0.607 

0.2 

0.159 

0.019 

2.73 

3.04 

18 

0.6 

0.179 

0.124 

0.017 

3.19 

3.35 

19 

0.71 

0.172 

0.09 

0.015 

3.76 

4.13 

19 

0.517 

0.117 

0.145 

0.026 

3.63 

4.42 

22 

0.993 

0.166 

0.069 

0.017 

4.45 

5.98 

22 

0.738 

0.166 

0.062 

0.011 

4.29 

4.46 

24 

0.966 

0.138 

0.034 

0.010 

5.92 

7.00 

27 

1.014 

0.131 

0.028 

0.009 

6.44 

7.74 


Notes: Entrance partial pressures after WGS, before FT. For all runs total feed consists of 
fresh feed plus recycled tail gas (after water and oil knock-out). 


In practical commercial operations the water content of the total feed gas 
to the reactors is low and so in the case of the HTFT process the ‘preferred’ 
selectivity factor at the reactor entrance (before any reaction occurs) simplifies 
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to Ph2*/ (Pco + bPco2)- For the ‘high basicity’ catalyst the correlation between 
this simplified factor (at the reactor entrance) and the methane selectivity is 
shown in Fig. 16. The correlation appears to be as satisfactory as that shown in 
Fig. 15 and so for practical day to day control of the selectivity of the 
commercial reactors this simpler factor can be used. 



Entry (Pco+ 0.7PcoP 


Figure 16 HTFT high basicity 

Fig. 17 shows the plot of methane selectivity against the H 2 /CO ratio (see 
Table 24) at the reactor entrance. The plot clearly confirms that, unlike for the 
LTFT process, the simple ratio cannot be used to predict the selectivity of the 
HTFT process. 
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Table 24 

High basicity catalyst, recycle operation, 335 °C 


CH4 

selectivity 

PH2 

MPa 

PCO 

MPa 

PC02 

MPa 

PH20 

MPa 

P-"hz/ 

(Pco + •7 Pc 02 + -fiPuzo) 

H2/CO 

ratio 

22.1 

1.155 

0.145 

0.006 

0.002 

6.89 

8.0 

20.8 

0.49 

0.098 

0.049 

0.008 

6.10 

5.0 

18.3 

0.427 

0.102 

0.085 

0.015 

4.74 

4.2 

17.7 

1.159 

0.164 

0.023 

0.006 

5.65 

7.1 

15.0" 

1.322 

0.104 

0.207 

0.094 

3.51 

12.7 

14.5 

0.931 

0.184 

0.051 

0.01 

4.35 

5.1 

13.8 

0.853 

0.195 

0.15 

0.024 

3.06 

4.4 

13.7 

0.964 

0.19 

0.056 

0.01 

4.21 

5.1 

13.5 

1.345 

0.112 

0.234 

0.1 

3.21 

12.0 

13.4 

1.175 

0.296 

0.01 

0.001 

3.43 

4.0 

11.4 

1.148 

0.064 

0.277 

0.159 

2.93 

17.9 

10.9 

1.766 

0.366 

0.117 

0.021 

2.50 

4.8 

10.8 

1.129 

0.241 

0.162 

0.025 

2.79 

4.7 

10.5 

1.422 

0.358 

0.282 

0.035 

1.89 

4.0 

7.1" 

0.914 

0.171 

0.672 

0.134 

1.35 

5.3 

6.8 

2.46 

0.526 

0.379 

0.061 

1.51 

4.7 

6.5" 

0.766 

0.183 

0.903 

0.124 

1.05 

4.2 

5.5 

3.073 

0.67 

0.455 

0.071 

1.28 

4.6 


Notes: Entrance partial pressures after WGS, before FT. 


a. Fresh feed consisted only of CO 2 and H 2 . 

For all runs total feed consisted of fresh feed plus recycled tail gas (after water and oil knock¬ 
out). 
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For both the commercial LTFT and HTFT processes it has been shown 
that a satisfactory correlation between the gas composition inside the reactor 
and the product selectivity can be established. The actual situation inside the 
individual catalyst particles, however, may be more complex. Under normal FT 
conditions die catalyst pores are at least partly filled with liquid waxes and 
other high molecular mass products. The solubility in, and the rates of diffusion 
of the different gases through, the liquid phase will be different and hence their 
actual concentration at the catalyst surface sites could be significantly different 
fi-om those in the gas phase. This does, however, not negate the fact that the gas 
composition outside the catalyst particles can be used to manipulate the overall 
product selectivity. 

9.3.2 Cobalt catalysts 

Studies with cobalt catalysts showed that when the feed gas H 2 /CO ratio 
was lowered the spectrum shifted to higher molecular mass products and the 
alkene and the alcohol content increased [6]. Tests at Ruhrchemie with a 
Co/Ni/ThOa/Mn/Kieselguhr catalyst yielded similar results [6] and later studies 
with a Co/ThOi/Kieselguhr confirmed this trend [43, 45]. In general therefore 
cobalt catalysts react to changes in the H 2 /CO ratio in the same way as do iron 
catalysts in the LTFT process (200 to 240°C). On increasing the operating 
pressure from 0.1 to 1.5 MPa the wax selectivity increased [9, 46]. In a more 
recent study with an alumina supported Co catalyst the above pressure effect 
was confirmed. It was found that as the pressure was increased, at fixed 
residence time, the wax selectivity increased from virtually zero at 0.2 MPa to 
about 60% at 4.0 MPa. The light gas selectivity decreased and lined out at about 
13% [47]. This effect of pressure over Co catalysts is unlike that observed with 
Sasol commercial alkali promoted precipitated iron catalysts in the LTFT 
process which showed the same high wax selectivity as the pressure was 
increased. As a matter of interest Pichler reported that when the pressure over a 
ruthenium catalyst was increased up to 100 MPa the wax selectivity increased 
markedly, virtually into the lower end of polyethylene range [23]. For an 
alumina supported Ru catalyst it was found that the dominant factor controlling 
the wax selectivity was the CO partial pressure [8]. 

When the feed gas consisted of CO 2 and H 2 earlier studies found that over 
Co, Ni and Fe catalysts methane was the main product whereas at the same 
temperature and pressure these catalysts produced large amormts of liquid 
products when CO and H 2 was the feed gas [48-50]. These results were recently 
confirmed over both silica and alumina supported Co catalysts operating at 
210°C and 2.4 MPa [51]. In these experiments the conversion of CO 2 was as 
high as for the CO runs. A possible reason for the high methane selectivity 
obtained with CO 2 could be the very poor water gas shift (WGS) activity of Co 
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which would result in very high H 2 /CO ratios in the catalyst bed. In an attempt 
to increase the WGS activity of a silica supported, Pt promoted, Co catalyst, 
MnO was incorporated into the catalyst but this failed to produce the desired 
result. Operating at 190°C and 1.0 MPa, the methane selectivity was 95% when 
feeding CO 2 /H 2 while with CO/H 2 the methane selectivity was 10% [52]. Note 
that when operating with iron based catalysts at the higher temperature of about 
330 °C a feed gas consisting of CO 2 /H 2 produces a product spectrum similar to 
normal syngas (see Table 24). The reason for this is of course that alkali 
promoted Fe at high temperatures is a very active WGS catalyst and so the 
carbon dioxide is readily converted to CO and thus the normal FT process takes 
place. 

9.4 Production of oxygenated products 

From previous discussion it is clear that alkenes probably are primary FT 
reaction products. Because of the ratios in which alkenes and alcohols are 
produced it is apparent that the formation of alcohols does not occur via the 
hydration of the primary alkenes. In fact the opposite, namely the dehydration 
of alcohols to form alkenes is thermodynamically possible. The probability of 
the latter occurring is supported by observations in Sasol pilot plant runs carried 
out under conditions of high alcohol selectivity (about 50% in the oil fraction). 

It was found that with time on stream the alcohol selectivity declined 
while that of the alkenes increased and that of the alkanes remained virtually 
constant. With time on stream the percent conversion of syngas also declined, 
i.e. the partial pressure of water vapour inside the catalyst bed declined. This is 
in keeping with the observed shifts with time on stream, as the rate of alcohol 
dehydration to alkenes should increase with decreasing water partial pressure. 
Overall then it appears that alcohols too are primary FT products and it could 
even be possible that at least some, if not all, of the alkenes are formed by 
dehydration of these primary alcohols. 

Possible reaction sequences resulting to the formation of oxygenated 
compoimds (alhohols, aldehydes and acids) are discussed in Chapter 8. In the 
Sasol pilot plant runs mentioned above the oil fraction typically contained about 
50% alcohols and about 20% alkenes. This is not at all unique to the iron 
catalysts or to the operating conditions employed in these tests. Previous studies 
with a cobalt catalyst operating under mild conditions (160 to 175 °C) reported 
that the oil produced contained 40% alcohols [22]. The same workers found that 
when the same cobalt catalyst was operated at 200 °C the oil only contained 1% 
alcohols. Pichler found that with cobalt catalysts only small amounts of 
oxygenates were produced at atmospheric pressure whereas at 12 bar, 175 °C, 
1.0 H 2 /CO feed gas to an alkali promoted Co/kieselguhr catalyst the 195 to 250 
°C oil fraction contained about 30% alcohols [21]. 
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It should be borne in mind that cobalt is a much more active catalyst than 
iron carbide for hydrogenation reactions, but despite this, large amounts of 
alcohols can be formed over cobalt catalysts under mild conditions. This 
suggests that also for FT over cobalt catalysts alcohols are primary products. 

In earlier studies carried out in Germany it was found that operating with 
iron catalysts at 220 °C produced an oil fraction containing 45% alcohols [53]. 
The so called ‘SynoT process operated with alkali promoted fused iron catalyst 
at about 20 bar and 190 to 220 °C at high space velocities with a fed gas having 
a H 2 /CO ratio of about one. The 180 to 260 °C oil fraction contained about 65% 
alcohols, 25% alkenes, the balance being aldehydes, ketones, esters and acids 
[21]. In other studies it was found that lowering the temperature from 250 to 
230 °C resulted in a decrease in the alkene content and a sharp increase in the 
alcohol content of the FT products [21]. Increasing the pressure from 12 to 50 
bar decreased the alkene content but increased the alcohol content of the oil 
products [21]. Note from the two forgoing findings that there appears to be an 
inverse relation between alkenes and alcohols as was observed in the observed 
shifts with time on stream for the Sasol tests mentioned above. 

Studies at the U. S. Bureau of mines showed that nitriding alkali promoted 
iron catalysts increased the FT activity as well as the alcohol selectivity [54]. 
The overall selectivity, however, shifted to lower molecular mass products. 
Increasing the operating pressure (up to 10.3 MPa) on nifrided iron catalysts 
was found to increase both the average molecular mass of the products as well 
as the alcohol selectivity [55]. 

Thus overall it can be concluded that the production of alcohols is 
favoured by operating at relatively low temperatures, high space velocities and 
high pressures. The high space velocity, i.e. short residence time in the catalyst 
bed, should minimise the conversion of the primary formed alcohols to other 
products such as alkanes and alkenes. Regarding the requirement of high 
pressure it can be presumed that both the CO and H 2 partial pressures need be 
high as the former will enhance the CO insertion step and the latter will 
enhance the subsequent hydrogenation to produce the alcohol (e.g. see Fig. 9). 
The increased alcohol selectivity at lower temperatures could also be related to 
the concept that CO insertion is the route to alcohol formation. At the lower 
temperatures the coverage of the surface by CO molecules would be higher 
because the likelihood of decomposition to C and O atoms would be less. 
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1. INTRODUCTION 

The technology used to prepare the synthesis gas used for Fischer-Tropsch 
synthesis can be separated into two main categories, gasification and reforming. 
The use of these terms is not unambiguous, see Section 3.1. Gasification is the 
term normally used to describe processes for conversion of solid or heavy liquid 
feedstock to synthesis gas, while reforming is used for conversion of gaseous or 
light liquid feedstock to synthesis gas. Some technologies, particularly high 
temperature partial oxidation, can be used for a whole range of feeds and the 
literature may then refer to ‘gasification’ to include methane reforming. In a 
recent text book on the topic of gasification by Higman and van der Burgt [1], 
the term ‘gasification’ includes what is classified here as adiabatic oxidative 
reforming. The reader is advised to consult this book [ 1 ] for both more detailed 
description of gasification technologies and a broader description of applications 
that do not involve Fischer-Tropsch (FT) synthesis. 

Future FT synthesis units may include the co-production of electrical 
power, so an understanding of the issues relating to power generation is also 
relevant to the application of FT technology. Even without power export, FT 
technology applications require large scale power generation for in-house use. 

The most common feeds used to prepare synthesis gas for FT synthesis are 
coal, which is rich in carbon, and natural gas, which is rich in methane. The term 
‘carbonaceous’ feed is commonly used and this implies any carbon containing 
feed material. Other feedstock examples are coal bed methane, heavy oils, 
bitumen and petroleum coke (petcoke). In general, the feed will become more 
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desirable as the hydrogen content increases. The reasons for this are explained in 
Chapter 5. 

It is usually better to convert carbonaceous liquids directly to refined products, 
for example by some type of hydroprocessing technology, rather than by 
conversion via synthesis gas. Gaseous hydrocarbons are already valuable 
products if they can be piped to nearby consumers. Only remotely located gas is 
considered for large-scale conversion to liquid fuels. However, smaller scale 
applications for the production of high value chemicals are common wherever 
natural gas is found. Coal conversion is more expensive than natural gas 
conversion but may be worthwhile if the coal price is low enough and if both 
electricity and higher value hydrocarbon products are co-produced with liquid 
fuels on a large scale. 

2. SYNTHESIS GAS PREPARATION VIA REFORMING 
2.1 Introduction 

The synthesis gas preparation section is an important part of the entire GTL 
complex. It is the most expensive of the three process sections (synthesis gas 
preparation, FT synthesis, and product work-up), and it is responsible for the 
largest part of the energy conversion in the plant. The design of the synthesis gas 
preparation unit is, therefore, critical for the economics of a GTL project. 
However, as explained in Chapter 5, the design of the synthesis gas section 
depends critically on factors outside the section itself, ultimately of course on 
the feedstock characteristics and the desired product slate. The product slate will 
determine the choice of type of FT synthesis (HTFT, LTFT, iron or cobalt-based 
catalyst, type of synthesis reactor, etc.) and the operating conditions in the 
chosen synthesis unit, and this will in turn determine the desired characteristics 
of the synthesis gas. The feedstock characteristics will then, together with the 
desired product gas, dictate the choice of synthesis gas technology to be applied. 
When the feedstock is natural gas or similar, the choice will be between various 
forms of reforming and gasification technologies and combinations thereof 

Without going into details it is noted that with respect to desirable synthesis 
gas characteristics, mainly two situations exist: 

A. The FT synthesis catalyst has, in addition to its activity for the FT synthesis 
reaction, also activity for the shift reaction. CO 2 is thus a reactant, and the 
desired synthesis gas composition is similar to that of methanol synthesis gas. 
It may be characterised by the so-called stoichiometric number (SN) or 
module M = (H 2 - C02)/(C0 + CO 2 ) or by the so-called Ribblett ratio R = 
H2/(2C0 + 3 CO 2 ). For stoichiometric gas for production of hydrocarbon 
products with H/C = 2.0 (or of methanol), M = 2R = 2.0. 
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B. The FT synthesis catalyst has no activity for the shift reaction. CO 2 is 
essentially inert, and the synthesis gas composition is best characterised by 
the H 2 /CO ratio, which should ideally be somewhere between 2.0 and 2.2 
depending on the overall H/C ratio in the product. However, the H 2 /CO ratio 
actually required depends on catalyst characteristics and may differ from the 
ideal value. 

In both situations, the ideal synthesis gas has a low content of inerts, 
mainly CH4 and N 2 , and a high CO/CO 2 ratio. Some claim that a high content of 
inerts, e.g. N 2 from synthesis gas preparation processes using air, is beneficial, 
since it assists in controlling the temperatures in the FT synthesis reactors. 
However, this argument is false. By proper design of the synthesis reactors, 
satisfactory temperature control can be achieved without dilution with inerts. 
Furthermore, a high content of inerts in the synthesis gas excludes internal and 
external recycle of tail gas, and this leads to undue restrictions in the 
optimisation of overall process schemes, especially when energy export from the 
GTL complex is undesirable. 

In order to identify the optimum overall layout of the synthesis gas section, 
extensive integration studies involving intimate knowledge about synthesis gas 
technology and technology for FT synthesis and product work-up are required. 
The result of such studies will in most cases be that the synthesis gas section 
will have to process not only fresh feedstock, but also considerable amounts of 
gas recycled within the complex, with properties which are determined by the 
design of the other sections of the plant. This means that changes in e.g. 
operating parameters in one section will have an influence on the conditions for 
design of other sections, and this of course significantly complicates the studies. 

It is not the purpose of the following sections to discuss the specific 
integrated solutions, which may result from studies for specific situations. This 
will be discussed in Chapter 5. Rather, this chapter will present technologies for 
conversion of natural gas to synthesis gas by various forms of reforming. 
Furthermore, the possible process schemes obtainable by combinations of the 
technologies will be described. 

The technologies to be discussed are: 

• Final feed gas purification 

• Adiabatic prereforming 

• Fired tubular and heat exchange steam reforming 

• Adiabatic, oxidative reforming 

• Other technologies such as CPO (Catalytic Partial Oxidation) and CMR 
(Ceramic Membrane Reforming). 
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An impressive amount of literature is available on the various types 
reforming. Examples discussing several different technologies and containing 
further references may be found in [2-9]. 

2.2 Feedstock purification 

2.2.1 Feed gas characteristics and purification requirements 

The feedstock for a GTL facility may be natural gas or associated gas. In 
both cases the primary feedstock may be treated in gas treating units to remove 
and recover higher hydrocarbons (NGL or LPG) and, when relevant, by gas 
sweetening to reduce high concentrations of CO 2 and/or S compounds. Gas 
treating technology is considered to be outside the scope of this section. 
Typically, the normal, treated feed will be lean with a high CH4 content. 
However, the upstream treating units may fail, and it will in most cases be 
necessary to design the synthesis gas preparation unit in such a way that it can 
absorb significant changes in feed composition without adverse effects in 
downstream units. 

Typical feed gas specifications are shown in Table 1. 

Table 1 

Typical feed gas specifications 


Natural Gas Associated Gas 



Lean 

Heavy 

Lean 

Heavy 

N 2 , vol% 

3.97 

3.66 

0.83 

0.79 

CO 2 , vol% 

- 

- 

1.61 

1.50 

CH 4 , vol% 

95.70 

87.86 

89.64 

84.84 

C 2 H 6 , vol% 

0.33 

5,26 

7.27 

6,64 

C 3 +, vol% 

- 

3.22 

0,65 

6.23 

Max. total S, vol ppm 

20 

20 

4 

4 

Hydrogen sulphide, vol ppm (typical) 

4 

4 

3 

3 

COS, vol ppm (typical) 

2 

2 

n.a. 

n.a. 

Mercaptans, vol ppm (typical) 

14 

14 

1 

1 


The most important impurities to be considered in the feedstock 
purification unit are H 2 S and other S compoimds, since these compounds are 
poisons for downstream catalysts, both in the synthesis gas preparation section 
and in the FT synthesis section. In most actual cases details about type and 
concentration of individual S compounds will not be available or, if they are 
given, they will often be unreliable and prone to variations over time. However, 
it must be expected that organic S compounds such as COS, mercaptans, and 
also heavier compounds such as sulphides, di-sulphides and thiophenes may be 
present in low concentrations - perhaps too low to allow detection, but still high 
enough to be harmful to catalysts. 
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Other impurities, e.g. solids, moisture, and certain trace components such 
as Hg may be present in the raw feedstock. Removal of such impurities is 
considered part of gas treating. N 2 and CO 2 are often present in minor quantity. 
N 2 will generally be an inert with no detrimental effects other than the resulting 
dilution of the sjmthesis gas. Trace amounts of N compounds such as NH 3 and 
HCN may be formed in the reactors in the synthesis gas preparation section and 
may have to be removed from the synthesis gas before it is passed to the FT 
S 3 aithesis section. The effects of a content of CO 2 are significant and must be 
taken into account as described in the following paragraphs. Halogens such as 
organic Cl compounds or HCl are generally not present in typical feeds to GTL 
plants. If they are present they must be removed to a very low level since they 
may otherwise cause problems (catalyst poisoning and corrosion) in downstream 
units. Oxygenates may also be present in the feed, e.g. methanol added to the 
natural gas to avoid hydrate formation. Oxygenates may also be present in 
recycle gases originating from other sections of the plant. 

There is no absolute value for the acceptable concentration of S compounds 
in the purified gas. However, for certain types of downstream catalysts, both in 
the synthesis gas preparation section and in the FT synthesis section, very low 
concentrations, preferably single digit ppb, are necessary to ensure acceptable 
lifetime. It may be noted that it is not a trivial task to determine S concentrations 
at these levels. First of all sampling is difficult, because most surfaces may 
adsorb and later desorb S compounds depending on the gas phase 
concentrations. Special materials and procedures are required to obtain a 
representative sample of the gas. Surveys of available analytical methods for 
analysis of total S concentration and concentration of individual S compounds in 
gases may be found in [10, 11]. With the methods described, the detection limit 
is about 10 ppb for individual S compounds and down to 2 ppb for total S 
content. 

The main problem in final gas purification is thus to remove essentially all 
S compounds - type and concentration uncertain and variable - from the feed to 
a concentration in the purified synthesis gas that is preferably below the 
detection limit, using standard analysis equipment, of a few ppb. 

2.2.2 Principles of gas desulphurisation 

The typical process concept for desulphurisation of natural gas and similar 
feedstock is a two-step process based on hydrogenation of organic S compounds 
(and Cl compounds if they are present) and subsequent adsorption/absorption of 
H 2 S (and HCl). This process concept has been used industrially for decades and 
is well documented in the literature, see e.g. [12 - 14]. A typical layout for 
desulphurisation of gas with a relatively high S concentration is shown in Fig. 1. 
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The feedstock is mixed with a small amount of hydrogen or hydrogen-rich 
gas, preheated to 350-400°C, and passed to a first reactor containing a 
hydrogenation catalyst, typically based on cobalt and molybdenum (CoMo) or 
nickel and molybdenum (NiMo). After the hydrogenation reactor the gas passes 
to two S absorbers in series, both typically containing zinc oxide (ZnO), which 
absorbs the HaS formed in the hydrogenation reactor. In special cases, e.g. when 
the feed contains high concentrations of CO 2 and very low concentrations of S 
compounds, a special absorption material may be required downstream the ZnO. 
If organic Cl compounds are present in the feed, HCl will be formed in the 
hydrogenator. The HCl can react with ZnO and form ZnCla. At normal operating 
conditions in the S absorber, ZnCla will sublimate and deposit on downstream 
catalysts or heat transfer surfaces. Therefore, HCl should be removed by a 
special absorbent, normally an activated alumina, placed in a vessel between the 
hydrogenator and the first S absorber. 

Variations of the process concept shown in Fig. 1 may be used. In the 
simplest case, only one vessel is used with a top layer of hydrogenation catalyst 
and a bottom layer of ZnO. In other cases, the hydrogenation reactor is followed 
by only one S absorber. In special cases, a last layer of an absorption material 
with high chemisorption capacity may be installed in the bottom of the last S 
absorber or in a separate vessel after the last S absorber. In the layout shown in 
Fig. 1, valves and piping are installed so that the first S absorber can be isolated 
for change of ZnO as needed while the plant is running. In an alternative layout 
with two S absorbers, valves and piping are installed so that the vessel with 
fresh ZnO will always be the last of the two absorbers (‘Swing operation’). This 
arrangement is not well-suited for cases with stringent requirements for 
purification, since some sulphur will always be absorbed on piping etc. upstream 
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the absorber, and part of this sulphur will, after a ‘swing’, he passed to 
downstream catalysts. 

Other processes such as cold absorption of S compounds on iron oxide or 
molecular sieves have been used to desulphurise natural gas before processing in 
e.g. ammonia and hydrogen plants, see e.g. [15, 16], However, these processes 
can not provide the very high purity required in GTL applications; they will not 
be considered in the following text. 

2.2.3 Reactions in the hydrogenator 

The conversion of organic S-compounds over the hydrogenation catalyst 
depends on hydrogenolysis (addition of hydrogen over the S-C bond) by 
reactions such as: 


R-SH + H2=RH + H2S (1) 

R-S-Ri + 2H2 =RH + Ri H + H2S ( 2 ) 

R-S-S-Ri + 3H2 =RH + R,H 4 - 2H2S ( 3 ) 

C 4 H 8 S (tetrahydrothiophene) +2H2 = C 4 H 10 + H2S ( 4 ) 

C4H4S (thiophene) + 4H2 = C4H,o + H2S ( 5 ) 

R-C 1 +H 2 =RH + HC 1 (6) 


All these reactions have very large equilibrium constants in the temperature 
range relevant for desulphurisation reactors, see [13]. This means that full 
conversion is achievable for all types of organic S compounds, if sufficient H 2 is 
present. If no or too little H 2 is present, the S compounds may react by thermal 
decomposition forming olefins and H 2 S. For some compounds this may happen 
at temperatures prevailing in the preheaters upstream the hydrogenation reactor. 
This is undesirable, and H 2 should therefore preferably be added before 
preheating. It may be added that the same tendency can be seen for 
dehydrogenation of hydrocarbons. As an example. Fig. 2 shows the equilibrium 
concentration of butene in n-butane as function of temperature with and without 
the presence of H 2 . It is seen that significant concentrations of olefins may be 
formed at high temperature in H 2 -free gas. 

The hydrogenolysis reactions are generally first order with respect to the S 
compound and between zero and first order with respect to H 2 [13] The reaction 
rate differs significantly for the different types of S compounds with sulphides 
(R-S-Ri) and thiophenes being the most difficult to convert followed by di¬ 
sulphides and mercaptans. 
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Figure 2 Equilibrium concentration of butene in n-butane at 30 bar g 

Oxygenates such as methanol may react with HiS in the hydrogenator to 
form organic S-compounds such as mercaptans and sulphides: 

CH3OH + H2S = CH3SH + H2O ( 7 ) 

2 CH 3 SH = (CH3)2S + H2S ( 8 ) 

If the temperature is too low, the rate of conversion of the organic S 
compounds may be too low, and some mercaptans or sulphides may pass 
unconverted through the hydrogenator. At sufficiently high temperature, 
practically complete conversion to H 2 S (and COS) will be ensured. 

Carbon oxides and carbonyl sulphide (COS) interact with H 2 and steam 
according to the following reactions: 

COS + H 2 O = CO 2 + H 2 S (9) 

CO + H 2 O =C02 + H 2 (10) 

Both these reactions will generally be at equilibrium after the hydrogenator. 
The equilibrium constants are shown in Fig 3. 
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Figure 3 Equilibrium constants for COS hydrolysis and the shift reaction 

In total a potentially rather complicated situation exists. However, as 
indicated above it may be expected that all the reactions (1) - (10) are active in 
the hydrogenator and reach a close approach to equilibrium. Calculations show 
that if this is the case, then the concentration of organic S compounds other than 
COS will be below 1 ppb at all temperatures below about 450°C. The 
equilibrium concentration of COS may be quite high, especially at high 
temperature and high CO 2 concentration. 

2.2.4 Hydrogenation catalysts 

The catalysts used for hydrogenolysis of the organic S compounds are 
based on either cobalt molybdate (CoMo) or nickel molybdate (NiMo). The 
catalysts are prepared by impregnation on high surface area carriers, usually 
alumina. The catalysts supplied by leading catalyst suppliers such as Haldor 
Topsoe, Siidchemie and Johnson Matthey are all of this type, although 
differences obviously exist in formulation and shape. 

The active phase in the operating catalyst is the so-called Co-Mo-S or Ni- 
Mo-S phases. The Co-Mo-S phase - and the corresponding Ni-Mo-S phase - is 
not a well-defined compound. Rather “it should be regarded as a family of 
structures with a wide range of Co concentrations, ranging from pure M 0 S 2 up 
to essentially full coverage of the M 0 S 2 edges by Co” (cited from p. 32 in [17], 
an authoritative review of hydrotreating catalysts and catalysis). 

The hydrogenation catalysts are manufactured and supplied normally in the 
oxide state and must be converted to the sulphided state to gain full activity. 
This sulphidation will normally take place by exposing the catalyst as delivered 
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to the normal operating conditions in the plant, i.e. the sulphur for the 
sulphidation is supplied by the feed and at the concentration at which it is 
available. 

The degree of sulphiding and thereby the catalyst activity depends on the 
amount of sulphur present in the feedstock used for sulphiding and during 
normal operation. At high concentrations of sulphur in the feedstock, the 
sulphiding is rapid and complete and the activity is at a high and constant level. 
When the sulphur concentration in the natural gas is low, the amount of the 
active Co-Mo-S phase in the catalyst will decrease and the catalyst activity is 
likewise lower. The sulphidation will also take a long time, in extreme cases 
several months. In such cases the sulphidation may be accelerated and enhanced 
by addition of an easily decomposed S-compound (usually di-methyl-di- 
sulphide, DMDS) to the feed until full sulphidation has been achieved. 

If the S content in the feed is constant and low, the stable S concentration 
in the catalyst and thus the activity will be low. The reduced activity is normally 
not a problem as long as the low sulphur content in the feedstock is constant. 
However, if the organic sulphur content suddenly increases, the catalyst may not 
convert these compounds sufficiently for a short period (days) due to 
insufficient activity. After a few days of operation at high S concentration the 
hydrogenation catalyst will be fully sulphided and the slip of organic sulphur 
goes down. In cases where such variations are foreseen, problems may be 
avoided by addition of a sulphur compound e.g. DMDS to the feed in periods 
with very low S concentration. 

2.2.5 Reactions in the sulphur absorber 

After the hydrogenation reactor the gas will, as explained above, mainly 
contain S in the form of HiS. Any Cl will be present as HCl. If CO 2 is present in 
the hydrocarbon feed, significant amounts (several hundred ppb) of COS may 
also be present. Other S compounds may be present only in low ppb 
concentrations in the product gas from a well functioning hydrogenator. 

In the absorption vessel, H 2 S reacts with ZnO according to: 

ZnO + H2S =ZnS + H20 (11) 

The equilibrium constant for this reaction is shown in Fig.4. 

In addition to the bulk phase reaction with H 2 S the ZnO also has some 
activity for reaction (9), COS hydrolysis, and for reaction (10), the shift reaction. 
Absorption of H 2 S will cause the COS hydrolysis (9) to proceed to full 
conversion, and COS will thus be completely removed by ZnO operating at the 
proper temperature. Finally, a certain capacity for chemisorption of H 2 S must be 
taken into account when considering the performance of ZnO in the absorption 
vessel. 
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Figure 4 Equilibrium constant for reaction (II) 

If the feedstock contains carbon dioxide, the reverse of the shift reaction 
(10) will cause the steam content in the gas to increase considerably. The 
increased steam content will have an impact on the equilibrium for absorption of 
H 2 S on the ZnO, reaction (11). Fig. 5 shows, as an example, the equilibrium 
content of HiS as function of temperature over ZnO at a CO 2 content in the 
feedstock of 5% and varying H 2 concentration. 



5% H 2 
3% H 2 
2% H 2 


300 320 340 360 380 400 420 440 


Temperature "C 


Figure 5 Equilibrium H 2 S, 5% CO 2 in natural gas 
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Fig. 6 shows, for the case with 3% Ha in the feed, the concentrations of CO, 
CO 2 and Ha in the equilibrated gas. It is seen that significant amounts of CO 
may be formed. The possible formation of carbon in downstream equipment due 
to this presence of CO must be taken into account in the design, see [18]. 



Temperature, °C 

Figure 6 Equilibrium concentrations of CO, CO 2 , and Ha; 3% Ha and 5% COa in the feed 

From the above it is obvious that there are two ways to reduce the 
equilibrium level of hydrogen sulphide and CO over ZnO in cases where COa is 
present in the feed: 

• By reducing the temperature in the HDS section 

• By reducing the Ha recycle 

It is noted that the temperature has a greater impact on the equilibrium 
sulphur content on ZnO than the amount of hydrogen recycle. 

However, as previously discussed, both the hydrogen recycle and the 
temperature play a vital role with regard to the performance of the HDS section. 
If the hydrogen recycle is reduced, the reaction rate on the hydrogenation 
catalyst is decreased, and there is a risk that organic sulphur starts to leak. If the 
temperature is decreased, the hydrogenation reaction rate is again reduced, and 
the sulphur absorption efficiency of the ZnO becomes lower. Furthermore, the 
risk for leakage of organic S compounds from the hydrogenator increases at low 
temperature, and the ability of ZnO to absorb these compounds decreases with 
decreasing temperature. 
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The sulphur uptake in a zinc oxide reactor ideally consists of various zones 
as illustrated in the Fig. 7. 



Figure 7 Ideal sulphur profile in a zinc oxide bed 

Fig. 7 shows the situation at one particular time. The fronts will gradually 

move through the ZnO bed towards the outlet, and eventually breakthrough will 

occur. 

Five distinct zones may be identified: 

• Zone 1: Bulk saturated. The zinc oxide in this zone is fully saturated with 
sulphur. The gas phase concentration is constant and equal to the feed gas 
concentration. 

• Zone 2: The bulk absorption front. The zinc oxide has capacity for absorbing 
the sulphur. The sulphur is transported through the catalyst pellets by means 
of solid diffusion and pore diffusion until full saturation is achieved. The gas 
phase concentration drops to the bulk equilibrium level as determined by 
reaction (10) and (11), as described above. 

• Zone 3: Chemisorption saturated. The surface of the zinc oxide is covered 
with sulphur. The gas phase concentration is constant at the bulk equilibrium 
level. 

• Zone 4: The chemisorption front. In cases with low concentration of H 2 S and 
high concentration of CO 2 , zone 4, the chemisorption front will develop. The 
H 2 S, which escapes zone 2 due to equilibrium according to reaction (11), will 
be chemisorbed on the fresh catalyst. The gas phase concentration drops to a 
very low level. In theory, H 2 S and COS are removed to sub ppb levels. 

• Zone 5: Fresh ZnO. No reactions occur. 
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If the H 2 S concentration in the feed is ‘high’, and when CO 2 is absent or 
present in low concentration only, the bulk absorption front will move faster 
than the chemisorption front, which will then not be visible. There will be only 
one absorption front, and the gas phase concentration will drop directly from the 
inlet concentration to the outlet concentration which will in the ideal case 
correspond to the unmeasurably low chemisorption equilibrium. In such cases 
the bulk absorption determines the design of the absorption vessel, and the ideal 
absorption material has the highest possible absorption capacity per volume. 

However, in cases where low (single digit ppm or lower) concentrations of 
H 2 S (+ COS) and high CO 2 concentrations (several vol% are not uncommon in 
natural gas) are present in the feed, calculations may show that the 
chemisorption front moves faster than the bulk absorption front at normal 
operating conditions and with normal quality ZnO absorption material. In such 
cases the operating temperature may be reduced to the lowest acceptable level 
(to decrease the equilibrium concentration of H 2 S according to reaction (11)), 
and a ZnO with highest possible chemisorption capacity (highest possible 
surface area per volume) may be selected. If this is not enough, a special 
absorption material with high chemisorption capacity, e.g. based on Cu, may be 
installed downstream the ZnO to ensure efficient removal of H 2 S. 

H 2 S appears to absorb on ZnO according to a ‘core-shell-modeT or 
‘shrinking-core-modeT, see e.g. [19]. However, new research, (see e.g. Ref 
[20]), as well as industrial feedback indicates that this simple model can not 
adequately describe all situations. Deviations from expected profiles are 
sometimes seen, especially at low S concentration and high CO 2 concentration 
in the feed. 

The shrinking-core-model assumes that H 2 S (and COS) is absorbed as soon 
as it meets a clean ZnO surface, and that it is subsequently removed from the 
surface by solid state diffusion. This means that a partly saturated particle will 
consist of a ‘shell’ of ZnS surrounding a ‘core’ of ZnO. ZnS has a higher molar 
volume than ZnO, and the conversion of ZnO to ZnS (reaction (11)) will 
therefore cause an expansion of the solid phase. If the initial porosity of the 
unconverted ZnO is too low, the volume expansion may lead to closure of the 
pores so that the unconverted ‘core’ becomes inaccessible, and full conversion 
in zone 1 becomes impossible. 

2.2.6 S Absorption materials 

As mentioned in the preceding paragraphs ZnO is the universal S 
absorption material in modem desulphurisation units. Leading catalyst suppliers 
such as Haldor Topsoe, Siidchemie, and Johnson Matthey each have their own 
products with specific properties. ZnO will normally be supplied in the form of 
extmded cylindrical pellets consisting of almost 100% pure ZnO. In order to 
ensure highest possible absorption capacity per volume installed absorption 
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material, the highest possible bulk density is normally desired. However, as 
mentioned above, a certain porosity is required to ensure proper functioning of 
the material, and this limits the achievable bulk density. 

In certain situations it may be desirable to optimize not the bulk absorption 
capacity, but the chemisorption capacity. In such cases the bulk density and 
consequently the S-content at full saturation will be lower. It may also, in certain 
applications, be advantageous to add promoters to the ZnO, e.g. alumina to 
enhance the ability to absorb COS directly (see e.g. [21]) or Cu or similar metals 
to increase the chemisorption capacity and/or to add hydrogenation activity to 
the material. 

2.3 Steam reforming 

Steam reforming of hydrocarbons is the dominating process for the 
manufacture of hydrogen especially for refineries. The typical feedstock ranges 
from natural gas and LPG to liquid fuels including naphtha and in some cases 
kerosene. Steam reforming is often used in combinations with various oxygen or 
air-blown partial oxidation processes for production of synthesis gas for 
ammonia, methanol and various petrochemical products. In recent years steam 
reforming is also seen as an option for converting the primary feed into a gas 
suitable for a fuel cell. In this case, the choice of the steam reforming technology 
depends on the type of fuel cell. 

Steam reforming by itself is not the preferred technology for production of 
synthesis gas for the large-scale GTL applications. Large-scale steam reformers 
have a poor economy of scale compared to processes based on partial oxidation 
and air separation. Furthermore, large heat input is required and steam reforming 
produce gases with an H 2 /CO ratio well above the desired value of about 2. 
Processes based on adiabatic oxidative reforming are therefore in general 
preferred for the Syngas Generation Unit (SGU) in a GTL plant. 

In spite of the above steam reforming plays a role in optimised GTL plants. 
The steam reforming reactions also take place in adiabatic oxidative reforming 
reactors. Stand-alone steam reformers may also be used in an optimised GTL 
plant in the form of adiabatic prereforming or heat exchange reforming. The 
latter may also in some cases be used for revamp of existing facilities to boost 
the capacity. Finally, tubular reforming provides a means for pure hydrogen 
production for example for the hydrodesulphurisation or hydrocracking units in 
an optimised GTL facility or for adjustments of the composition of hydrogen 
lean synthesis gas produced by partial oxidation. 

Steam reforming is carried out in several different types of reactors in a 
GTL facility. Each of these is optimised for a specific application. The main 
types of reactors include: 
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• Adiabatic prereformers 

• Tubular or primary steam reformers 

• Various types of heat exchange reformers 

The fimdamentals of the steam reforming reactions are described in the 
following Section 2.3.1. This is followed by a description of the characteristics 
of the above mentioned three types of reactors in Section 2.3.2-4. In Section 
2.3.5 the catalysts used in the reactors are described along with the reaction 
mechanisms and the typical reasons for catalyst deactivation. 

2.3.1 The reactions 

Steam reforming converts hydrocarbons into hydrogen and carbon oxides. 
The key reactions involved are given in Table 2 along with the enthalpy of 
reaction and an expression for the equilibrium constants. 


Table 2 

Key reactions in steam reforming 


Reaction 

Std. Enthalpy of Reaction 
(-AH»8>kJ/jnoI) 

Equilibrium Constant 
InKp = A + B/T *’ 

A B 

1.CH4 + H20i= CO + 3 H 2 

-206 

30.420 

-27,106 

2. CH 4 + CO 2 si 2CO + 2 H 2 

-247 

34.218 

-31,266 

3, CO + H 2 O CO 2 + Hj 

41 

-3.798 

4160 

4. CnH,„+ iiHaO -> nCO + (n + y)H 2 -1175**> 



*) Standard state: 298K and 1 bar. 

**)For«-C7Hi6 




Reaction (1) in Table 2 is the steam reforming of methane. The reaction 
results in gas expansion, and high temperature and low pressure are needed to 
give high equilibrium conversions. The conversion of methane at various 
process conditions is depicted in Fig. 8. High values of the steam-to-methane 
ratio in the feed are required to give high conversions especially at elevated 
pressure. 

Steam can be partially substituted by carbon dioxide to perform CO 2 
reforming (reaction (2) in Table 2). This reduces the H 2 /CO ratio in the product 
gas, which in some cases may be more economical, especially if a source of 
low-cost carbon dioxide is available. Steam (and CO 2 ) reforming is always 
accompanied by the water gas shift reaction (reaction (3) in Table 2) which is 
generally fast and may be considered in equilibrium at most conditions. 

The methane steam reforming reaction is strongly endothermic as 
illustrated by the high negative value of the standard enthalpy of reaction. The 
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heat required to convert a 1:2 mixture of methane and steam from 600°C to 
equilibrium at 900°C is 214 kJ/mole CH 4 at 30 bar. 

Reaction (4) in Table 2 is the steam reforming of higher hydrocarbons 
(hydrocarbons with two or more carbon atoms). This is also a highly 
endothermic reaction, which may be considered irreversible at all conditions of 
practical interest. 



Figure 8 Steam reforming and methane conversion (0/C: ratio of steam to methane in the 
feed gas). 

2.3.2 Adiabatic prereforming 

Adiabatic prereforming has during the last 20 years become an integrated 
step in modem synthesis gas production. Adiabatic gasification of naphtha was 
already known during the first part of the 1960’s for production of town gas and 
substitute natural gas, see [22-24]. These applications are mainly of historical 
interest. Today adiabatic prereforming is used widely in the chemical process 
industry. Adiabatic prereforming is well established in the ammonia and 
methanol industries, for hydrogen production in refineries, and for the 
production of synthesis gas for a variety of other chemicals [ 22 ]. 

The adiabatic prereformer converts higher hydrocarbons in the feedstock 
into a mixture of methane, steam, carbon oxides and hydrogen according to the 
reactions in Table 2. 

All higher hydrocarbons are quantitatively converted by reaction (4) 
assuming sufficient catalyst activity [22]. This is accompanied by the 
equilibration of the exothermic shift (3) and methanation (the reverse of 
methane steam reforming ( 1 )) reactions. 
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2.3.2.1 Reactor characteristics and operating conditions 

The operating conditions in an adiabatic prereformer depend on the type of 
feedstock and the application. The typical inlet temperature is between 350°C 
and 550°C. The selection of the operating conditions is in many cases dictated 
by the limits of carbon formation on the catalyst. For a given feedstock and 
pressure, the adiabatic prereformer must be operated within a certain 
temperature window. The formation of a whisker type of carbon will occur 
above the upper temperature limit. Operation below the lower temperature limit 
may result either in a polymeric type of carbon formation (gum) or lack of 
sufficient catalyst activity. The formation of carbon on the catalyst is further 
discussed in Sections 2.3.2.2 and 2.3.5.3. 

The overall prereforming process is often exothermic for heavy feedstock 
such as naphtha. In Fig. 9 the temperature profile for a prereformer with naphtha 
feed in a hydrogen plant is shown. For lighter feedstock such as LPG and natural 
gas the overall reaction may be endothermic, thermoneutral, or exothermic [22, 
25]. In Fig. 10 the temperature profile with natural gas feed at high steam-to- 
carbon (H 2 O/C) ratio in an ammonia plant is illustrated. 



Relative Distance in Catalyst Bed 


Figure 9 Temperature profile of an adiabatic prereformer with naphtha feed [22], H20/C=3.5. 
P=26 bars. The movement of the temperature profile with time is due to catalyst 
poisoning by sulphur (see Section 2.3.5.2). 
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Figure 10 Temperature profile of an adiabatic prereformer with natural gas feed in a 1600 
MTPD ammonia plant [22]. H20/C=2.8 P=35 bars. The movement of the 
temperature profile with time is due to catalyst poisoning by sulphur (see Section 
2.3.5.2). 

The reactor is an adiabatic vessel with specially designed catalysts typically 
based on nickel. The low operating temperature requires a catalyst with high 
surface area to obtain sufficient activity and resistance to poisoning especially 
by sulphur. The optimal shape of the catalyst particle depends on the specific 
application and on the plant capacity. In many cases catalyst particles of a 
cylindrical shape in a size of 3-5 mm are used [22]. This particle provides a 
large surface area for access of the gas into the pore system. The pressure drop 
over the prereformer is often low (<0.4 bars) for small or medium-scale plants 
even with such particles giving low void. For large-scale plants, a shape- 
optimised catalyst will be an advantage and particles in the form of rings or 
large cylinders with axial holes are usually the preferred choice for minimum 
pressure drop and high activity [22]. 

Deactivation of the prereformer catalyst may take place during operation. 
The cause is typically sulphur but sintering and other poisons may also play a 
role as discussed in Section 2.3.5. The deactivation of the catalyst can be 
observed as a progressive movement of the tenperature profile as illustrated in 
Fig. 9 and Fig. 10. The resistance to deactivation is an important aspect in the 
design of adiabatic prereformers. 

The assessment of the performance of an adiabatic prereformer during 
operation is used to determine the actual rate of deactivation and the optimal 
time for changing the catalyst [25]. This can be done by monitoring a number of 
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parameters. It is important to follow the content of higher hydrocarbons as an 
increase in concentration may indicate loss of activity. The approach to 
equilibrium of the methane steam reforming reaction at the reactor exit is also a 
parameter, which can be used to monitor the performance. The approach to 
equilibrium is expressed by a temperature difference defined as: 


Tr = T(exit catalyst) - T(Qr), = 


P P 

* CO^ Hi 

P P 

■* CH4 HjO 


( 5 ) 


in which T(Qr) is the equilibrium temperature corresponding to an equilibrium 
constant equal to the reaction quotient Qr. 

The approach to equilibrium and the content of higher hydrocarbons in the 
prereformer exit are generally close to zero and constant throughout the 
operation period of the prereformer. In many cases a graphical deactivation plot 
is used to assess the performance of the prereformer [25]. The deactivation plot 
shows the length of the reaction front as a function of operation time. The 
method is illustrated in Fig. 11. 




Figure 11 Graphical deactivation plot for performance prediction [25], 

a) Estimation of length of reaction front, Z 90 from temperature profile. 

b) Deactivation plot. 


The temperature difference between the outlet and the inlet is calculated. 
The axial position (zgo) at which 90% of the temperature difference has been 
obtained is plotted versus time. A steep slope indicates a high rate of 
deactivation. The inverse slope of the deactivation plot is known as the 
resistance number defined as the amount of feed required to deactivate 1 g of 
catalyst. A large resistance number indicates slow deactivation. 
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2.3.2.2 Adiabatic prereformers in GTL applications 

Adiabatic prereforming is a key element in an optimised design of the 
synthesis gas generation unit (SGU) in a GTL plant. In Fig. 12 the typical 
installation of an adiabatic prereformer in an SGU based on autothermal 
reforming in a GTL plant is illustrated [26]. The natural gas is mixed with steam 
and a minor amount of hydrogen. The resultant mixture is fed to the adiabatic 
prereformer after desulphurisation and preheating to the desired reactor inlet 
temperature. The effluent from the prereforming step is further preheated, mixed 
with a C02-rich gas and fed to the autothermal reformer [26]. 


S-Removal Pre- Fired Autothermal Steam 

reforming Heater Reformer Production 


Process 



Steam 

Export 


Synthesis 

Gas 


Figure 12 Typical layout of the syngas generation unit with adiabatic prereformer in a GTL 
plant [26]. 

The removal of the higher hydrocarbons from the natural gas in a GTL 
plant has several advantages. A higher feed temperature to the autothermal 
reformer can be applied without the risk of thermal cracking in the preheater 
coil. A higher feed temperature reduces the oxygen consumption in a GTL plant 
(per unit of Fischer-Tropsch product) and improves the carbon efficiency. A 
temperature profile for an adiabatic prereformer operating at low H 2 O/C ratio is 
given in Fig. 13 [26]. 
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Figure 13 Temperature profile in adiabatic prereformer during pilot plant operation. 
H 2 O/C = 0.4 [26]. 


A GTL plant is operated at a low H 2 O/C ratio for optimal process 
economics. Operation at low H 2 O/C ratio involves the risk of formation of 
carbon on the catalyst in the prereformer. Carbon may form either from methane 
or higher hydrocarbons as illustrated below; 

CH4 <0- C + 2H2 (6) 

CnHm nC + ‘/ 2 mH 2 (7) 

The selection of the catalyst and the operating conditions of an adiabatic 
prereformer in a GTL plant are often dictated by the limits of the above 
reactions. The limits of reaction (6) may in principle be determined from 
thermodynamics. Carbon will form if the gas shows affinity for carbon 
formation after establishment of chemical equilibrium of the methane steam 
reforming and shift reactions [22]. The risk of carbon formation by reaction (6) 
is most pronounced in the reaction zone where the temperature is highest. In the 
evaluation of the potential for carbon formation the correct equilibrium constant 
should be used as described in Section 2.3.5.3. 

Carbon formation from higher hydrocarbons is an irreversible reaction that 
can only take place in the first part of the reactor with the highest concentration 
of C 2 + compounds. Carbon may form even if thermodynamics predict no affinity 
at equilibrium The criterion for carbon formation can be described as a kinetic 
competition between the carbon forming and steam reforming reactions. A 
thorough kinetic analysis, both with fresh catalyst, and towards end-of-run at 
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each point in the reactor, is required to accurately evaluate this criterion. In 
general the limits for carbon formation from reaction (6) are approached with 
reduced ratio of steam to higher hydrocarbons and with increased temperature 
[22, 27], 

The knowledge of the carbon limits is imperative for optimal design. 
Examples of pilot plant experiments at low pressure performed to gather 
information about these limits are given in Table 3. Post-test analysis indicated 
that the carbon formation could be ascribed to reactions (5) and (6) [22]. 


Table 3 

Adiabatic prereforming at low H 2 O/C ratio [22] 


Experiment 

A 

B 

C 

D 

H 2 O/C 

0.40 

0.25 

0.13 

0.25 

Inlet temperature, °C 

455 

395 

400 

430 

Pressure, Mpa 

0.8 

1.0 

1.0 

0.9 

Carbon formation 

No 

No 

Yes 

Minor 


2.3.2.3 Modelling of adiabatic prereformers 

The use of mathematical models is an invaluable tool in the design and 
optimisation of adiabatic prereformers. The chemical conversion versus time can 
be determined by combining reaction kinetics, pore diffusion, pressure drop, and 
effects of catalyst deactivation and poisoning [22]. 

No radial concentration gradient exists in a prereformer due to its adiabatic 
nature. A one-dimensional axial model is thus sufficient to simulate the 
temperature and concentration profile. Simulation of (pre)reformers may be 
carried out by heterogeneous and pseudo-homogeneous models, see sec. 2.3.3.2. 
The heterogeneous model is based on intrinsic kinetics. This model takes into 
account the pore diffusion inside the catalyst particle and the transport 
restrictions across the film on the external surface. Accurate representations of 
the conditions inside the catalyst particle may be obtained. However, these 
models are mostly used for development of novel catalysts and catalytic systems 
and for detailed investigations of deactivation phenomena [22]. For design 
purposes, pseudo-homogenous models are often used. 

The prereformers often operate in the diffusion-controlled regime, which 
validates the use of pseudo-homogenous models. The pseudo-homogeneous 
model does not take into account the difference in temperature and concen¬ 
tration between the catalyst particle and the bulk gas phase. The transport 
restrictions are implicitly taken into account by the use of effective reaction rate 
expressions. 

The pseudo-homogeneous model may be expressed as given below (for one 
reaction, [22]): 
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( 8 ) 


dT 


u p c = (- 


AH)r„ 


( 9 ) 


_dp^ 2%Us (-JO) 

^ gdp,v 

The parameters of significance for the model equations (8-10) are: 

Us = superficial velocity 

rv = effective reaction rate, volume basis 

Pg = gas density 

Cp = heat capacity 

AH = heat of reaction 

f = fiiction factor 

g = acceleration of gravity 

dp, V = equivalent particle diameter 

P = pressure 

T= temperature 

C: molar concentration 

Z: axial distance 

In Fig. 14 [22] calculated and experimental temperature and conversion 
profiles are given for a pilot plant experiment at low H 2 O/C ratio. The good 
agreement illustrates the validity of the use of pseudo-homogeneous models. 
The simulation of the concentration and temperature profiles may be coupled 
with detailed models for catalyst deactivation and carbon formation. 

The conversion profile in an adiabatic prereformer is largely determined by 
the kinetics of the steam reforming of the higher hydrocarbons [22]. The rate of 
reaction can typically be represented by a power law kinetic expression. An 
example for steam reforming of ethane is given in the following [27]: 

r = 2.2 X 10^ exp (-9100/T) p^5ti,Pi?2oPH2 (11) 


The numerical value of the reaction order with respect to steam decreases 
with increasing temperature. For heavier components than ethane the reaction 
order with respect to hydrocarbon may decrease [27]. The reaction orders may 
depend considerably on the type of catalyst. 
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Figure 14 Temperature and conversion profiles for prereforming of natural gas, 

H 2 O/C ratio = 0.40, P = 8 bar. Measured data: x - temperature; 

□ - CH 4 concentration, • - C02 concentration; o - C 2 + concentration. Calculated 
profiles are shown as dashed lines. [ 22 ]. 


2.3.3 Design of steam reformers 

Steam reforming is, in industrial practice, mainly carried out in reactors 
referred to as steam reformers, which are essentially fired heaters with catalyst- 
filled tubes placed in the radiant part of the heater. The process may also be 
carried out in reactors referred to as heat exchange reformers. These are 
essentially heat exchangers with catalyst-filled tubes. Heat exchange reformer 
design is discussed in Section 2.3.4. Abundant literature is available on steam 
reforming and design of steam reformers. Examples are [4, 27-34]. Reference to 
older literature may be found in [3]. 
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Steam reforming is a mature process [27]. The first industrial steam 
reformer was installed at Baton Rouge in Louisiana, USA, by Standard Oil of 
New Jersey and commissioned in 1930. Six years later a steam reformer was 
commissioned at ICI, Dillingham, UK. During the fifties, metallurgical 
developments made it possible to design reformers for operation at elevated 
pressures. This improved the energy efficiency of the overall process, because 
higher pressure facilitates the heat recovery and results in savings in compression 
energy in ammonia and methanol plants. In 1962, two tubular reformers 
operating at around 15 atm and using “high molecular weight hydrocarbone” as 
feed were commissioned by ICI. Less than five years later, a Topsoe reformer 
was operating at 40 atm. 

Already at this time, the basic types of reformers (see below) had been 
developed and industrialised [28], and all later developments have, in spite of 
major improvements in performance and cost, not basically changed the designs. 

The tubular reformer is an energy converter [27], since most of the energy 
input for many processes is added via the reformer with the hydrocarbon feed 
and the fuel (often the same hydrocarbon). The energy is transferred into hot, 
steam-containing synthesis gas, and hot flue gas. The synthesis gas is 
subsequently processed further and converted into products by mainly 
exothermic reactions, releasing more heat. The latent heat of the process streams 
and of the flue gas must be recovered to achieve high energy efficiency, and this 
requires tight integration of the reformer with other parts of the process. 

2.3.3.1 Mechanical design 

The main elements in the design of a steam reformer furnace are: 

• Tube and burner arrangement 

• Inlet and outlet systems 

• Tube design 

• Burner characteristics 

Tube and Burner Arrangement 

Tubes and burners shall ideally be arranged in the furnace box in such a 
way that adjustment and control of temperature and heat flux along the tube 
length can be obtained. 

Reformers are designed with a variety of tube and burner arrangements. 
Basically there are four types of reformers as illustrated in Fig. 15 [4, 27, 29, 
30]: 
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Radiant Wall Top Fired Bottom Fired Terrace Wall 


Figure 15 Tube and burner arrangements [4] 

The radiant wall or side fired reformer contains tubes mounted in a single 
row along the centreline of the furnace. In larger installations, two such furnaces 
are erected side by side with common inlet and outlet systems and with common 
fuel supply, flue gas duct, and waste heat section. Burners are mounted in 
several levels in the furnace walls, and the flames are directed backwards 
towards the walls. The tubes are heated by radiation from the furnace walls and 
the flue gas and to a minor extent by convection. The flue gas leaves the furnace 
at the top so that the flow of process gas and flue gas is counter-current. The 
most important supplier of reforming technology based on the side fired design 
is Haldor Topsoe [3, 4, 27-34]. A cross section of a typical side fired reformer 
for CO production (high outlet temperature), (Topsoe design) is shown in Fig. 
16 [4]. 

The top fired reformer features of a furnace box with several rows of 
tubes. Burners are mounted in the furnace ceiling between the tube rows and 
between the tubes and the furnace wall. From the burners, long flames are 
directed downwards, and the tubes are heated by radiation from the flames and 
the hot flue gas and by convection. The flue gas leaves the furnace box at the 
bottom, so that the flow of process gas and flue gas is co-current. The top fired 
reformer design is used by e.g. Howe Baker [35,36], KBR [28], Lurgi [37,38], 
Technip/KTI [39], and Uhde [40]. 

A photo of a large reformer (for H 2 production) is shown in Fig. 17 [34]. 
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Figure 16 Cross section of side fired reformer 

The bottom fired type has easy access to the burners and gives an almost 
constant heat flux profile along the length of the tube. Since the tubes are hot in 
the bottom a substantial margin is required on the tube design temperature 
limiting the outlet temperature. The bottom fired design is today considered 
outdated. It was used in the past by e.g. Exxon and Chemico, and it may still be 
seen in small-scale plants from e.g. Caloric [41]. 

The terrace wall fired type reformer is a modification of the bottom fired 
type, having slightly lower tube wall temperatures. Problems can arise at the 
‘pinch point’ in the middle of the furnace where the tubes are subject to both 
radiation from the burners and to enhanced convection from the flue gas. The 
terrace wall fired design is used by Foster Wheeler [42]. 






















286 



Figure 17 Photo of Topsoe Reformer [34] 

Inlet and Outlet Systems 

Inlet and outlet system shall be designed to allow thermal expansion of the 
hot parts without any risk of excessive stresses. 

Gas Inlet 

The feed gas to the reformer is normally distributed to the individual 
reformer tubes from an inlet header through so-called ‘pigtails’. The design will 
depend on the type of tube support and on the temperature of the feed gas. 
Typical designs are shown in Fig. 18 [4, 29]. 

For reformers designed for traditional inlet temperatures the inlet hairpin is 
connected to the top of the reformer tube. The hairpin is designed to absorb the 
thermal expansion of the catalyst tube and the thermal expansion of the inlet 
header. Due to the flexibility of the hairpin it can easily be swung aside to give 
free access to the catalyst tubes for loading or unloading of the catalyst. 

In cases where preheat of the gas inlet temperature is high, the inlet hairpin 
may be connected to the side of the reformer tube. By means of insulation inside 
the top of the reformer tube this design will bring down the temperature of the 
flange assembly to a level where tightness can be ensured. This type of reformer 
will normally have conditions for the reformer tubes where spring support 
arrangements are needed in order to avoid bending of tubes. 

Gas Outlet 

The gas outlet system should in all cases be flexible enough to withstand 
the thermal expansion and contraction during start-up and shutdown as well as 
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during normal operation. The outlet system connecting the catalyst tubes to the 
manifolds is critical in most reformer designs. A considerable number of failures 
in manifolds/pigtails have been reported, and therefore a thorough analysis of 
stress in these areas is important. 



Figure 18 Typical design of gas inlet systems 

Two main types of outlet systems are illustrated in Fig. 19 [4, 29]. 



Cold Collector 



Hot Subcollector and Cold Transfer Line 


Figure 19 Typical designs of gas outlet systems [4] 
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In the cold collector system the reformed gas is introduced direct from the 
individual tubes to the transfer line which is located outside the furnace. In this 
system, special devices are required for connecting the hot parts to the cold 
collector. Different versions of this concept are used by Haldor Topsoe [4], 
Lurgi [37, 38], and Uhde [40], 

In the subcollector system, groups of catalyst tubes are connected through 
pigtails or hairpins to hot subcollectors, and the subcollectors are joined to the 
main collector. In relatively small reformers, the pigtails may be connected 
direct to the transfer line. The pigtails are designed to relax thermal stress. This 
concept is dominating in reformers designed for Tow’ outlet temperatures 
(below about 900°C). 

Tube Design 

A steam reformer may contain up to about 1000 high alloy steel tubes filled 
with catalyst. The outer diameter is typically 100 - 180 mm, the tube wall 
thickness is 8 - 20 mm, and the heated length may be 10 - 14 m. The traditional 
materials used for reformer tubes were HK 40 (25 Cr 20 Ni) or IN 519 (24 Cr 24 
Ni Nb) [29, 43, 44]. However, the demand for better creep rupture properties led 
to the development of new alloys with greater strength. The development in the 
strength of reformer tube materials is illustrated in Fig. 20 [44]. 



Figure 20 Creep rupture strength for different reformer tube materials [44] 
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Today, the preferred tube materials are the so-called ‘microalloys’, 
typically 25 Cr 35 Ni Nb Ti [43], The other types of materials will only be used 
in cases where the strength of the microalloys cannot be used fully, as there is a 
lower limit for the wall thickness of the tubes. 

Reformer tubes are normally designed according to the ‘remaining life 
assessment’ technique, API-530 [45], for an average lifetime before creep 
rupture of 100,000 hours. The main parameters in the design are the design 
pressure; the design temperature and the creep rupture strength of the material 
used. However, the determination of these parameters can be ambiguous, and 
each reforming technology licensor applies in-house procedures to determine the 
parameters and to introduce necessary design margins. 

The calculation of the design temperature is demanding since it requires 
detailed understanding of the heat transfer. This includes heat transfer to the 
individual tube by radiation from the furnace internals including furnace walls 
and neighbouring tubes as well as heat transfer by convection from gas to tube 
wall, by conduction through the tube wall, and by convection from the inner 
tube wall to the catalyst and the reacting gas. Secondly, an xmderstanding of 
reaction kinetics, catalyst ageing, and heat and mass transfer (radial and axial) in 
the catalyst bed, etc. is required. The interplay between catalyst, reacting gas and 
reformer tube is also essential for the prediction of the limits for carbon 
formation. 

Burner Characteristics 

Reformer burners are a speciality product supplied by a few companies 
only. For descriptions, reference is made to [46-49]. Originally, burner 
developments were mainly directed towards control of the radiation heat transfer 
by control of flame shape and combustion intensity. Lately, environmental 
issues (NOx control) have become a major concern, and this has to some extent 
changed the combustion characteristics. CFD modelling of the furnace side 
including correct simulation of the combustion is important in the analysis of the 
effect of this development on reformer design and performance. 

2.3.3.2 Modelling of the reformer 

Simulation of Furnace Chamber 

Tubular steam reforming is a complex interaction of heat transfer and 
coupled chemical reactions [27]. The heat released by the burners is transferred 
via radiation and convection to the reformer tubes. The heat passes through the 
tube walls by conduction and is transferred to the catalyst bed by convection and 
radiation. At the same time, a network of chemical reactions creates temperature 
and concentration gradients in the radial direction of the tube and around and 
within the porous catalyst particles. 
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An ideal model should be able to simulate the reformer performance on the 
basis of the individual burner duties, the feed stream characteristics, the properties 
of the catalyst and the reformer geometry. 

Early simulations of the process gas side in tubular reformers were generally 
imcoupled from the furnace box by assuming an outer tube wall temperature 
profile or a heat flux profile. These profiles were established or checked by 
feedback from measurements in industrial plants and monotube pilot plants. It 
should be pointed out, however, that measurements of tube wall temperatures are 
difficult [50]. Pyrometric methods involve conplex corrections because of 
reflections from furnace walls and flames. The correction is largest at the coldest 
position of the tube at the reformer inlet, where reaction conditions at the same 
time are most complex. Thermocouples welded into the tube wall give more exact 
information but their life may be limited. Shadowing effects in the tube row cause 
another uncertainty. The extent of this distortion increases with decreasing tube 
pitch. 

Tube Side 

One-dimensional pseudo-homogeneous models are adequate for studying 
reformers at non-critical conditions and for simulation of the over-all 
performance. They are, however, insufficient for reformers operating close to 
carbon limits. For such cases a more detailed analysis of the local phenomena in 
the reformer is required. 

Radial temperature and concentration profiles are included in two- 
dimensional pseudo-homogeneous models, whereas the gradients in and around 
the catalyst pellets are neglected. 

Such models are generally plug flow reactor models with detailed kinetic 
schemes considering 2D axi-symmetric radial temperature and concentration 
gradients within the tube. Heat transfer is calculated as an effective radial 
conductivity within the bed and a film heat transfer coefficient at the tube wall. 
The main parameters are the reaction kinetics and parameters in the heat transfer 
and the pressure drop equations. Such data are proprietary parameters, and 
generally quite difficult and costly to establish. However, it must be 
remembered that the usefulness of even the most sophisticated models is not 
better than the accuracy by which the relevant parameters are known. 

Haldor Topsoe’s proprietary, in-house process model is described in Refs. 
[30, 51]. The parameters in this model were determined by experiments in a full- 
size monotube reformer PDU (Fig. 21) [4, 51] and validated against a large 
amount of industrial data. 
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Figure 21 Tubular reformer Process Demonstration Unit (PDU) [4] 

An application of this model is shown in Fig. 22 [51], which shows a 
comparison between calculated and measured axial catalyst bed temperatures at 
measured outer tube wall temperatures. 

Temo«ratur« 


•c 



Figure 22 Measured and calculated axial temperature profiles from run in PDU [51] 
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The data are from an experiment carried out on the monotube PDU at a low 
steam to carbon ratio of 1.18 but also with a low average heat flux of 50,500 
kcal/mVh on the inner tube surface. It is seen that there is a good agreement with 
the measured temperature data. Similar agreement has been obtained in 
simulations of a large number of data sets, and the mathematical model is 
therefore used in the design of both heat exchange type reformers and tubular 
reformers, without fiuther adjustments of the parameters. 

Reaction Kinetics 

The properties of steam reforming catalysts and fundamental aspects of their 
behavior in the reactor (reaction mechanism and mechanism of carbon formation 
and S poisoning) are discussed in Section 2.3.5. Detailed discussions of the 
reaction kinetics of the reforming reactions may be found in [27, 33]. In the 
following text only some main points are highlighted. 

The activity of a reforming catalyst depends mainly on the nickel surface 
area. The nickel crystals will sinter quickly at high temperature. This may be 
partly prevented by a stable micropore system because the nickel particles may 
hardly grow larger than the pore diameter of the support. 

The activated chemisorption of methane is usually considered to be the rate- 
determining step in steam reforming. Likewise, there is general agreement on first 
order kinetics with respect to methane, but the impact of steam and hydrogen on 
the rate is conplex. The kinetics depends on the temperature range and the 
catalyst corrposition. The rate of the shift reaction is much faster and it can be 
assumed to be at equilibrium in all positions of the reformer. 

For normal steam reforming catalysts, the utilization of the activity, i.e. the 
effectiveness factor, is far less than 10% because of transport restrictions. The 
mass transport restrictions are related mainly to pore diffusion, whereas heat 
transfer restrictions are located in the gas film. The strong endothermic reaction 
results in a temperature drop of ca. 5-10°C over the gas film. This means that the 
activity is roughly proportional to the external surface area, and that there is in 
the normal case a surplus of activity in the reformer tube. The surplus of activity 
can be used in more advanced reformer designs with only thin layers of active 
catalyst material e.g. for honeycomb catalysts having low pressure drop or even 
in designs with the catalyst supported directly on the heat transfer surfaces. 

Physical Properties 

The catalyst support material must be stable under the process conditions 
and under the conditions prevailing during start-up and shutdown of the plant. In 
particular, the conditions during upsets may become critical. Degradation of 
catalyst may cause partial or total blockage of some tubes, resulting in the 
development of ‘hot spots’, ‘hot bands’ or totally hot tubes. Carbon formation 
may cause similar problems. 



293 


The catalyst particle size and shape should be optimized to achieve 
maximum activity and maximum heat transfer while minimizing the pressure 
drop. The high mass velocities in steam reforming plants (40,000 - 70,000 kg 
m'n') necessitate a relatively large catalyst particle size to ensure a low pressure 
drop across the catalyst bed; but the particle size is limited by the requirement for 
effective packing. The pressure drop depends strongly on the void fraction of the 
packed bed and decreases with particle size. 

Also, the particle size has a certain impact on the heat transfer eoefficient. 
The optimum choice is a catalyst pellet with high void fraction and high external 
surface area. Fig. 23 shows an optimized catalyst shape, the 7-hole catalyst. 



Figure 23 Steam reforming catalyst. Topsoe R-67 R-7H. 

To summarize, the effective catalyst activity is a complicated function of the 
particle size and shape and the operating conditions. A high intrinsic catalyst 
activity is still important to control tube wall temperatures, in particular in those 
parts of the reformer having a high heat flux. 

Heat Flux and Activity 

The acceptable maximum heat flux in reformer tubes is dictated by 
mechanical and metallurgical constraints rather than by the catalyst activity. 
Present catalysts could work at average heat fluxes twice the present maximum if 
the heat flux profile could be controlled [34]. However, deactivation of the 
catalyst or unsuitable flux profile may result in overheating of tubes. 

Most commercial catalysts have a surplus of catalyst activity. This means 
that apart from the inlet of the reformer tube, the gas composition is, at all 
positions in the tube, not far from equilibrium at the average catalyst temperature. 
In other words, the slope of the temperature profile is the ‘driving force’ for the 
reaction, and the reaction proceeds as fast as the required heat can be supplied 
through the tube wall. 
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The slope may become very high in the upper part of top fired reformers or 
in the bottom of bottom fired or terrace wall fired reformers, or if the catalyst 
looses activity, e.g. by poisoning or aging. In such cases the reaction rate may not 
be able to follow the rate of heat input, and the temperatures of the gas and the 
tube wall and also the approach to equilibrium will increase. 

It is evident from the above that lack of catalyst activity will cause high 
temperatures both in the gas and in the tube material. The advantage of high 
catalyst activity (and the disadvantage of an unsuitable flux profile) is illustrated 
in Fig. 24 [30] which shows calculated tube wall temperatures in a top fired 
reformer for various relative catalyst activities in the upper half of the reformer 
tube. It is seen that loss of activity in the upper part of the tube may lead to 
significant overheating of the tube. 

Tube Wall 
Temperature *C 



Tube Length % 

Figure 24 Tube wall temperatures in top fired reformer at various catalyst activity levels (TF) 
in the upper 50% of the tube. 

Modelling by CFD 

CFD (Computational Fluid Dynamics) is becoming a preferred tool for 
modelling and simulation of steam reformers. Results obtained by simulation of 
top fired furnaces have been reported in e.g. [53, 54] and, of a terrace fired 
furnace in [55] and of a side fired furnace in [56]. 

It is emphasised that these descriptions at best show status in 2002. 
Developments in CFD modelling are rapid, and more comprehensive and 
accurate models are being elaborated. 

At Haldor Topsoe numerous experiments have been performed on a full 
size PDU. Some of the experiments have been performed in order to provide 
data for the verification of computational models, including a CFD model. The 
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PDU contains a single full size catalyst-filled tube located in the centre of the 
furnace. The furnace has 5 burner rows. 

Qualitatively the behaviour of the PDU resembles that of industrial 
reformers. However, the temperature distribution in the furnace is more 
homogeneous in the PDU than in industrial reformers. This is due to the smaller 
number of tubes per unit volume. Furthermore, there are no shadowing effects 
due to the presence of other tubes. 

Fig. 25 compares the calculated outer tube wall temperature to the 
measured temperature in one rim in the PDU. The outer tube wall temperature 
agrees well with the measured temperature. The small deviation (less than 10 
degrees) is well within the measurement accuracy. 

Fig. 26 shows for the same run the outer tube wall heat flux calculated by 
the CFD model and the in-house process model. It is seen that the furnace model 
accurately predicts the transferred duty, but that the predicted heat flux profiles 
deviate slightly. 


Outer tube temperature [K] 



Distance from top [m] 

Figure 25 Calculated and measured outer tube wall temperature Measured Outer Tube Wall 
Temperature [56] 
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Figure 26 Heat flux calculated by CFD and by in-house process model [56] 

2.3.4 Design of beat exchange reformers 

Basically, a heat exchange reformer is a steam reformer where the heat 
required for the reaction is supplied predominantly by convective heat exchange. 
The heat can be supplied from a flue gas or a process gas - or in principle by any 
other available hot gas. In the following, the various types of heat exchange 
reformers are discussed on the basis of source of heat and mechanical concept. 

When the heat and mass balance on the process (catalyst) side only is 
considered, there is no difference between heat exchange reforming and fired 
tubular reforming, where the heat transfer is predominantly by radiation. This 
means that all process schemes using heat exchange reforming will have 
alternatives where the function of the heat exchange reformer is performed in a 
fired reformer. The process schemes differ ‘only’, in the amount of latent heat in 
flue gas and/or process gas and in the way this heat is utilised. 

Models for design and simulation of heat exchange reformers are 
combinations of models for steam reformer catalyst tubes (as described in 
Section 2.3.3.2) and models for convective heat transfer (as used in design and 
simulation of normal gas/gas heat exchangers). 

2.3.4.1 Types of heat exchange reformers 

Three different concepts for heat exchange reformer design have been 
commercialised by various companies. The three concepts are illustrated in Fig. 
27. 
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Figure 27 A: Concept with ‘straight-through’ tubes; 

B: Concept with bayonet tubes; 

C: Concept with mixing of heating gas and product gas before heat exchange. 

Type A and B in Fig. 27 can be used with all types of heating gas, whereas 
type C can only be used when the desired product gas is a mixture of the heating 
gas and the product gas from the catalyst in the heat exchange reformer. 


Flue Gas Heated Heat Exchange Reformers 

These heat exchange reformers are stand-alone reformers, and their 
function is similar to normal fired reformers. Two designs by Haldor Topsoe 
A/S, HER [57, 58] and HTCR [59, 60] are examples of this category. As seen in 
Fig. 28, the HER consists of a number of concentric cylinder shells around a 
centrally placed burner, while the HTCR as shown in Fig. 29 features a bundle 
of bayonet tubes and a burner in a separate chamber. 




Figure 28 Tops 0 e Heat Exchange 
Reformer (HER) [57] 


Figure 29 Topsoe Convection 
Reformer (HTCR) [59] 
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Also others, e.g. KTI [61] have developed heat exchange reformers with 
bayonet tubes. (It may be argued that reformer concepts with bayonet tubes are 
partly gas heated reformers (see below) since the process gas is cooled by heat 
exchange with the catalyst bed, thus providing part of the heat required for the 
reforming reaction. However, bayonet tubes and similar concepts are in this 
context only considered as special reformer tube designs). 

BP is promoting a so-called ‘Compact Reformer’ in co-operation with 
Kvaemer [62]. It is according to the definition above somewhat doubtful 
whether this is actually a Heat Exchange Reformer. One piece of equipment 
contains a reformer feed heating/flue gas cooling heat exchanger, a combustion 
chamber, and a S 3 mthesis gas cooling/air and fuel heating heat exchanger. In the 
combustion chamber, reformer tubes are embedded in “a sea of flames”, 
apparently created by controlled injection of preheated fuel into preheated 
combustion air. Flame impingement on tubes is mentioned as taking place by 
design. 

Chiyoda have developed a reformer design based on regenerative burners 
developed by NFK, the so-called HICOT technology [63]. Although this design 
is not strictly speaking a heat exchange reforming unit, it competes for the same 
market as heat exchange reformers. 

The potential application for large scale GTL and methanol production of 
the above described types of heat exchange reformers may be doubtful because 
stand alone steam reforming seems unsuitable for such applications. 

Heat Exchange Reformers Heated by Process Gas 

Reformers heated by process gas are normally called Gas Heated 
Reformers. They may be classified in two types depending on the process 
concept, see Fig. 27. One type, which may be referred to as GHR or ‘Two-in, 
two-out’ (both type A and B in Fig. 27 are of this type), can in principle be used 
in both series and parallel arrangements. (See below under Process Concepts). 
The other type (type C in Fig. 27), which may be called GHHER or ‘Two-in, 
one-out’, can only be used in the parallel arrangement. 

GHR or ‘two-in, two-out’ 

Synetix (now Johnson Matthey) have commercialised two types of heat 
exchange reformers. The first, referred to as GHR, uses bayonet tubes. It was 
used in the so-called Leading Concept Ammonia (LCA) process, where the 
GHR is used in combination with an air-blown secondary reformer. Two NH 3 
plants based on this concept were started at Sevemside in England in 1988 [64], 
and a copy of one of the Sevemside ammonia plants has later been built for 
Mississippi Chemicals in Yazoo City, USA. The GHR design has later been 
used in combination with an 02 -blown secondary reformer in the so-called 
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Leading Concept Methanol (LCM) process, which was used in a 200 MTPD 
Methanol Research Plant for BHP in Australia, started in 1994. 

Synetix have commercialised a second generation heat exchange reformer 
called Advanced Gas-Heated Reformer (AGHR) [65], This new design replaced 
the original GHR design in the methanol research plant in Australia in 1998. The 
AGHR uses ‘straight-through’ tubes with two tube sheets and with a special 
sliding seal on each tube at the hot end. 

Toyo claim in a paper describing a process for large-scale production of 
DME [66] that they have commercialised technologies for autothermal 
reforming and heat exchange reforming, and a sketch is shown of a so-called 
TAF-X Reactor. No details are given of the commercial experience. The reactor 
is a ‘two-in, two-out type’ heat exchange reformer with two tube sheets at the 
top and a floating head at the bottom. There are bellows shown at the top of each 
tube and at the bottom between the floating head and the outlet flange. 

GIAP, the State Institute for Nitrogen Industry of the former Soviet Union, 
developed a gas heated reformer design called the TANDEM reformer [67]. The 
design was implemented in an ammonia plant based on Oz-blown autothermal 
reforming of natural gas in Grodno, Belarus. The TAhJDEM reactor is a “two-in, 
two-out” design, and the process concept in Grodno was a ‘two-step reforming 
with GHR’, see Section 2.3.4.2. 

GHHER or ‘two-in, one-out’ 

In a GHHER, the heating gas and the reformed gas from the catalyst bed in 
the heat exchange reformer are mixed in the equipment and leave through one 
exit after having supplied heat to the reforming reaction. The principle is 
illustrated in Fig. 27C. Haldor Topsoe’s GHHER [68], is of this t^e. The 
GHHER technology has been successfully demonstrated in a large industrial 
installation in co-operation with Sasol in South Africa, where it has operated at 
demanding conditions in parallel with an 02 -blown autothermal reformer [68]. 

Air Products are promoting the ‘Enhanced Heat Transfer Reformer’ 
(EHTR) [69]. The concept is promoted in co-operation with Technip/KTI and 
seems to be what KTI has earlier referred to as ‘post-reforming’. The EHTR has 
been commercialised as revamp of a H 2 plant, operating in combination with the 
existing fired tubular reformer. 

M. W. Kellogg (now KBR) has commercialised the Kellogg Reformer 
Exchanger System (KRES) technology. KRES is based on a ‘two-in, one-out’ 
heat exchange reformer design operating in combination with an air or 02 -blown 
autothermal reformer. It has been used for revamp of ammonia plants. The 
KRES reactor has a bimdle of open ended catalyst tubes and baffles on the shell 
side. Reactor design, process concept, and operating experience have been 
described in some detail in e.g. Ref [70]. The possible application in production 
of MeOH syngas is discussed in Ref [71]. 
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Uhde have developed and commercialised a so-called Combined 
Autothermal Reformer (CAR [72]). The first - and only - industrial size 
application, a demonstration facility in Chemco s.p. Strazske in Czechoslavia, 
was started in 1990. CAR is a combination of a ‘two-in, one-out’ type heat 
exchange reformer with a POX reactor. 

2.3.4.2 Process concepts 

Heat exchange reformers heated by process gas are of course always 
installed in combination with another reformer, which may be a fired tubular 
reformer or an air or 02-blown secondary or autothermal reformer. Evidently, a 
significant number of possible combinations exist. If there is more than one 
feedstock, as e.g. in GTL plants, where recycled tail gas from the synthesis may 
be used as additional feed to adjust the gas composition, the number of possible 
process concepts increases further. The use of a prereformer may also be 
considered, also increasing the number of possible process concepts. In the 
following, an attempt is made to describe systematically the possible 
combinations of heat exchange reformers with either a fired tubular reformer or 
a secondary or autothermal reformer. Only cases with one feed are considered. 
This feed will most often be natural gas. The cases may be divided into two 
main types, series and parallel arrangements. 

Series Arrangements 

In series arrangements, all the process feed gas passes through first a heat 
exchange reformer and then through a second reformer, and the product gas 
from the second reformer supplies heat to the heat exchange reformer. The 
second reformer in the series arrangement may be a fired tubular reformer (Fig. 
30). This process concept has been referred to as ‘Gas Heated Prereforming’. 


Feed 


Steam 


3 




SMR 




GHR 


Figure 30 ’Gas Heated Prereforming’: Fired tubular reforming (SMR) and Gas Heated 
Reformer (GHR) in series arrangement 
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Alternatively, the second reformer may be an air or 02 -blown secondary 
reformer (Fig. 31). This concept, which is often referred to as GHR, is 
equivalent to two-step reforming and could be called ‘two-step reforming with 
GHR’. (In two-step reforming, a fired tubular reformer is operated in a similar 
way in series with an air-fired secondary reformer for production of NH 3 
synthesis gas or with an O^-blown secondary reformer for production of 
synthesis gas for methanol or FT synthesis). 


Steam 



Figure 31 ‘Two-step reforming with GHR’: Autothermal reformer (ATR) and Gas Heated 
Reformer (GHR) in series arrangement. 


Natural Gas 



Figure 32 ‘Combined Reforming with GHR’: 

Autothermal reformer (ATR) and Gas Heated Reformer (GHR) in series 
arrangement with partial by-pass of feed over the GHR. 
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There is an alternative where only part of the feed passes through the GHR, 
while the rest is bypassed direct to the secondary reformer (Fig. 32). This could 
be called ‘Combined Reforming with GHR’. 

The operating conditions (e.g. S/C ratio) may in these concepts be limited 
by the steam reforming in the GHR, whereas the final gas composition will be 
determined by the exit conditions from the secondary reforming. 

Parallel Arrangements 

For obvious reasons, the ‘two-in, one-out’ concept can only be used in 
parallel arrangements, i.e. process arrangements, where the feed gas is split into 
two streams. One goes direct to a conventional reformer, while the other goes to 
a gas heated reformer heated by the outlet gas from the conventional reformer or 
by the mixed outlet gases from the two reformers. In parallel arrangements, 
either the GHR or ‘two-in, two-out’ design or the GHHER or ‘two-in, one-out’ 
design can be used. With a GHR, it is in principle possible to produce two 
different product gases, whereas the GHHER for obvious reasons allows only 
production of one product gas, the mixture of product gases from the two 
reformers. The heat exchange reformer may be coupled with a tubular reformer 
or with an air or 02-blown autothermal reformer. Operating conditions (S/C 
ratio) in the two reformers may be different; final gas composition is determined 
by the exit conditions from the two reforming catalyst beds. The four possible 
schemes are shown in Fig. 33-36. 


Pre- S.MR GHR 

reformer 



Product 
Gas I. 

Product 
Gas 2. 


Figure 33 Tubular reformer (SMR) and Gas Heated Reformer (‘Two-in, two-out’, GHR) in 
parallel arrangement 
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Natural Gas 



Figure 34 Autothermal reformer (ATR) and Gas Heated Reformer 
(‘Two-in, two-out’, GHR) in parallel arrangement 


Pre- SMR GHHER 
reformer 



Figure 35 Tubular Reformer (SMR) and Gas Heated Reformer (‘two-in, one-out’, GHHER) 
in parallel arrangement 
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Steam 



Figure 36 Autothermal Reformer (ATR) and Gas Heated Reformer 
(‘two-in, one-out’, GHHER) in parallel arrangement 

2.3.4.3 Metal dusting 

In all process concepts using heat exchangers heated by process gas, the 
problem of avoiding metal dusting corrosion on the heat transfer surfaces is a 
challenge. Metal dusting is a carburisation phenomenon, which may occur on 
metal surfaces at specific conditions, especially characterised by temperatures in 
the range 400 - 800°C and contact with a gas with high carbon activity. Metal 
dusting is well known in the process industry, but unfortunately it is not (yet) 
completely understood. It results in loss of material, in some cases as ‘metal 
dust’, a mixture of metal, carbides, and/or carbon. In severe cases the material 
wastage can be very fast, leading to catastrophic failure of equipment. 

Very significant efforts have been imdertaken, especially in recent years, in 
order to clarify the mechanism and causes of metal dusting and to identify 
means to cope with the challenge. Reviews of the status of knowledge with 
comprehensive literature surveys are given in Refs. [73] and [74]. 

On alloys protected by oxide layers, e.g. stainless steels and Ni-based 
alloys, metal dusting involves breakdown of the protective oxide layer, transfer 
of carbon into the base alloy, formation of internal carbides, and disintegration 
of the matrix. The metal particles generated by the disintegration of the Fe- or 
Fe-Ni-matrix act as catalysts for carbon formation resulting in coke growing 
from the corrosion pit [75]. The mechanism on Fe and Fe-Ni-based alloys seems 
to be different causing different visual appearance of the corroded metal and 
different types of corrosion products. Full understanding and agreement 
concerning the mechanism and the kinetics of the attack has not been achieved 
[74, 75]. The role of gas composition, temperature, and pressure is understood in 
some detail, but the knowledge is not sufficiently detailed to allow reliable 
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prediction of the risk of metal dusting on different alloys at different conditions 
and of the progress of possible attack. Studies of metal dusting are therefore 
empirical, and experimental work is difficult because of the demanding 
conditions required, and because significant time lag is sometimes seen before 
an attack takes place. Also the surface condition of the metal and its history may 
have an influence on the susceptibility for attack. Efforts to improve the 
understanding are ongoing, see Refs. [73, 74] and for more recent studies see 
Refs. [76-78]. 

Metal dusting can be prevented by addition of sulphur to the process gas 
[74], by proper choice of construction materials [79], or by application of 
protective coatings [80], especially by AI 2 O 3 by so-called alonising [81] or 
aluminising [82]. Equipment can be designed to avoid ‘dangerous’ temperatures, 
special surface treatments including pre-treatment with air or steam at high 
temperature may be advantageous, while other treatments such as traditional 
pickling should if possible be avoided. But in spite of these possibilities, metal 
dusting will remain a challenge in the design of processes and equipment until 
the ultimate materials or protection methods are developed, and a complete 
understanding of the phenomena is acquired. 

2.3.5 Steam reforming catalysts 

The optimal steam reforming catalyst depends to some extent on the 
application. In an adiabatic prereformer a high activity and a high surface area 
are desirable to increase the resistance to deactivation and poisoning. The 
activity is not as important in primary reformers and heat exchange reformers as 
the reactor design and volume is typically determined by heat transfer and 
mechanical criteria. In these cases the catalyst activity is normally much higher 
than needed. Instead the catalysts are designed for maximum heat transfer and 
minimum pressure drop. However, in all cases the catalyst should ensure 
equilibrium conversion throughout its lifetime and sufficient resistance to 
carbon formation and poisoning. 

In the following text the typical properties and types of steam reforming 
catalysts are described. This is followed by sections on sulphur poisoning and 
carbon formation. Finally, in Section 2.3.5.4 various fundamental aspects and 
mechanisms of steam reforming catalysis are outlined. 

2.3.5.1 The steam reforming catalysts 

Most steam reforming catalysts are based on nickel as the active material. 
Cobalt and noble metals also catalyse the steam reforming reaction but are 
generally too expensive to find widespread use, although both Ruthenium and 
Rhodium have higher activity per metal area than nickel [27, 83]. A number of 
different carriers including alumina, magnesium-aluminium spinel, and zirconia 
are employed. In Fig. 37 a steam reforming catalyst is shown on a nano-scale. 
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Figure 37 Nickel supported on a MgAl 204 spinel carrier. Recorded at SSO^C and 7 mbar of 
hydrogen using the insitu electron microscope at Haldor Topsoe A/S. 

The intrinsic activity of the catalyst is proportional to its nickel surface 
area. The catalyst consists of a huge number of small nickel particles on the 
ceramic carrier. The active surface area may be calculated from Eq. (1) when the 
average nickel particle diameter, dm and the Ni-loading Xwi (g/ms) are known: 




6800X,. 


( 1 ) 


Eq. (1) applies to spherical nickel particles. An: is the nickel surface area in 

mV‘- 

The catalyst should be optimized for the given application as mentioned 
above. A key criterion for designing a catalyst for a heated reformer is to 
maximize the heat transfer at low pressure drop. A high heat transfer coefficient 
may reduce the tube wall temperature and thereby minimize the required wall 
thickness. The high heat transfer is not needed for a prereformer catalyst due to 
the adiabatic nature of this reactor. In all cases the catalyst should be optimized 
for low pressure drop and high strength. 

2.3.5.2 Deactivation by sintering and poisoning 

Catalysts in a reforming reactor may lose activity for a number of reasons. In 
all cases the design of the reactor must be made to take into account the effect of 
progressive deactivation during the catalysts lifetime. 

Sintering is loss of surface area of the active species of the catalyst. The 
mechanism for sintering is migration and coalescence of nickel particles on the 
carrier surface [84]. Sintering is a complex process influenced by several 
parameters including chemical environment, catalyst structure and composition. 
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and support morphology. Factors that enhance sintering include high tenperature 
and high steam partial pressure [84], 

Steam reforming catalysts are susceptible to sulphur poisoning. At steam 
reforming conditions, all sulphur conpounds are converted into hydrogen 
sulphide, which is chemisorbed on the nickel surface: 


FI 2 S Nisurface ^ Nisurface“S 3" H 2 (2) 

Sulphur forms a well-defined stmcture with a S:Ni stoichiometry of 
approximately 0.5 corresponding to a sidphur uptake of 440 mg S per m^ of Ni 
surface. The maximum sulphur uptake on a reformer catalyst is proportional to the 
nickel surface area and inversely proportional to the extent of sintering. Formation 
of nickel sulphide only takes place at much higher sulphur levels than normally 
experienced in a reformer. 

The fiaction of the nickel surface area covered with sulphur at equilibrium 
(the sulphur coverage, 0s) depends on temperature and the Ph 2 s/Ph 2 ratio [22, 27, 
30, 85]: 

Gs = 1.45-9.53T0'^-T+4.17T0-^-T-ln Ph 2 s/Ph 2 (3) 

This expression is not valid for 6s close to zero and close to one. 



Figure 38 Equilibrium Ph 2 s/Ph 2 ratio as a function of the sulphur coverage. 

The inserted figure gives the sulphur profile in a strongly sulphur poisoned catalyst 
pellet 


In Fig. 38, Ph 2 s/Ph 2 the ratio at equilibrium is plotted as a function of the 
sulphur coverage for three different temperatures. The equilibrium partial pressure 
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of H 2 S is extremely low at the lower tenperature. This means that any sulphur in 
the feed will be quantitatively withheld in an adiabatic prereformer, thus protecting 
downstream catalysts against sulphur poisoning. 

The poisoning by sulphur takes place as shell poisoning due to pore diffusion 
restrictions as indicated in the insert of Fig. 38. The average coverage of the 
particle will be much lower than in the shell and it may take years before the 
chemisorption front has moved to the centre of the particle [22]. 

Sulphur is a severe poison for any reforming catalyst [86]. The intrinsic 
activity of a catalyst decreases rapidly with the sulphur coverage as expressed 
below: 

R^(es) = RV (i-Qs)' (4) 

Where Rgp (9s) and R% are the specific reaction rates for sulphur poisoned and 
sulphur free catalyst, respectively. 

Other poisons include silica and alkali metals. Silica may substantially reduce 
the activity of the catalyst by acting as a pore mouth poison [25]. The alkali metals 
reduce the reaction rates in some cases by orders of magnitude. 

2.3.5.3 Carbon formation 

Steam reforming involves the risk of carbon formation. Three types of 
carbon are in general considered in steam reforming reactors as shown in Table 
4 and Fig. 39 (see also Section 2.3.2.2). 


Table 4 

Overview of the routes to carbon formation in a reformer 



Critical Parameters 

Characteristics 

Effects 

Whisker carbon 

Low H 2 O/C 

Low H20/C„Hn, 
High! 

Dissociation of hydro¬ 
carbons at the nickel 
surface and formation 
of a carbon whisker at 
the backside of the 
nickel crystal. 

No immediate deactiva¬ 
tion but mechanical dis¬ 
integration of the cata¬ 
lyst and increased AP 

Pyrolytic carbon 

HighT 

Low activity 
(sulphur poisoning) 
High partial pressure 
ofC„H„ 

Non-catalytic cracking 
of higher hydrocarbons 
to form carbon on 
catalyst and tube 

Carbon formation in 
tube and on catalyst. 
Formation of “hot 
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Figure 39 Electron microscopy pictures of whisker carbon (a), pyrolytic carbon on a ceramic 
carrier b), and encapsulating carbon (c). CnHm; Higher hydrocarbons 
(hydrocarbons with two or more carbon atoms) 

Whisker carbon is the most destructive form of carbon formed in steam 
reforming over nickel catalysts. It may be formed from higher hydrocarbons or 
from methane in equilibrated gas if the overall H 2 O/C ratio is too low as 
described in Section 2.3.22. Carbon whiskers grow by the reaction of 
hydrocarbons at one side of the nickel particle and nucleation of carbon as a 
whisker on the other side of the nickel particle as shown schematically in Fig. 
40. 

The carbon whisker has a higher energy than graphite [87]. This means that 
operation at conditions at which thermodynamics predict formation of graphite 
may be feasible without carbon formation of the catalyst. The carbon limit also 
depends upon the crystal size of the nickel particle. Smaller nickel crystals are 
more resistant towards carbon formation as demonstrated by the data in Fig, 41. 

The temperature of the onset of whisker carbon formation was 
approximately 100”C higher for the catalyst with small nickel crystals (around 7 
nm) than for that with large crystals (around 100 nm). 

Pyrolytic carbon results from the exposure of higher hydrocarbons to high 
temperatures. Reddish zones known as ‘hot bands’ on the walls of tubular 
reformers are in many cases the result of pyrolytic carbon formed by cracking of 
higher hydrocarbons often if the catalyst in the top part is deactivated due to 
sulphur poisoning. The temperature of the tubes at the point of carbon formation 
increases because pyrolytic carbon thermally isolates the tubes and encapsulates 
the catalyst pellets resulting in no activity and no consumption of the supplied 
heat. 

Encapsulating carbon (gum) may be formed in reforming of heavy feeds 
with a high content of aromatic compounds. The rate of gum formation is 
enhanced by low temperatures and high final boiling point of the hydrocarbon 
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mixture. Encapsulating carbon is a thin CHx film, which covers the nickel 
particles and leads to deactivation of the catalyst bed. 


CH4 



Figure 40 Schematic illustration of the process by which carbon whiskers are formed at the 
nickel particle during steam reforming. 



Figure 41 Relative weight increase as a function of the temperature for two catalysts with 

different nickel crystal size but the same nickel surface area and reforming activity 
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2.3.5.4 Fundamental aspects of the steam reforming reaction 

Fundamental understanding of the reforming process is very important as a 
guide and as inspiration for new directions in catalyst developments. For 
example, insight into the mechanism of carbon prevention by promotor addition 
may lead to new and better promoters. In the following text, a consistent picture 
of the reforming reaction at the atomic level is given. The description has 
emerged from DFT (Density Functional Theory) calculations and insitu electron 
microscopy [88-90]. 

The full potential energy diagrams of the reforming reaction on two 
different nickel surfaces, Ni(lll) and Ni(211) were calculated, and the 
structures involved in the first four reaction steps for both surfaces are shown in 
Figs. 42 and 43. 

The energetics of the full reforming reaction are shown in Fig. 44. This 
figure shows the energies of the intermediates on the nickel surface and 
activation barriers separating the intermediates along the reaction path. Steps are 
much more reactive than the close packed surface. However, all intermediates 
are also much more strongly bound at steps than on terraces resulting in more 
free active sites at terraces. There are therefore (at least) two different reaction 
channels, one with a low activation barrier, which is associated with steps, and 
another associated with terraces. 



Figure 42 Calculated structures of intermediates and transition states for all elementary 

processes in the transformation of methane into adsorbed carbon and hydrogen on 
a Ni(l 11) surface [89]. 
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Figure 43 Calculated structures of intermediates and transition states for all elementary 

processes in the methane activation reactions on the step sites of a Ni(211) surface 
[89], 



Figure 44 Calculated energies along the reaction path for steam reforming on the Ni(l 11) and 
Ni(211) surfaces. The corresponding structures are shown in Figs. 42 and 43. All 
energies are given relative to a situation in which all reactants are in the gas phase 
far from the clean surface [89]. 


It is clear from Fig. 44 that adsorbed atomic carbon is much more stable at 
the steps than at the terraces. Consequently, steps are better nucleation sites for 
earbon than terraees. When carbon atoms cover step sites, a graphene layer 
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(single graphite layer) can grow from the step, as illustrated in Fig. 45. In Fig. 
44, the energy of a graphene layer on a Ni(l 11) surface is included as a dashed 
line. Because this line is below the energy of the most stable form of adsorbed 
carbon on the surface (at the step), there is a driving force for graphene 
formation. After a graphene island is nucleated, the growth may continue by 
transport of carbon atoms to the island. The graphene may eventually cover the 
whole crystallite. New layers may nucleate at the step by pushing the already 
formed layer(s) further out. It is therefore assumed that carbon formation is 
initiated by formation of graphene islands on a nickel surface. 

Recently, carbon formation on a supported nickel catalyst was observed by 
insitu electron microscopy. Fig. 46 shows the initial formation of carbon; the 
formation of the first graphene layers and how the nickel particle is pushed away 
from the carrier surface. There is an extra small energy gain associated with the 
formation of graphite-like layers associated with the weak interlayer interaction. 

The carbon atoms are so much more stable at a step than on the flat (111) 
surface that it is energetically advantageous to form new steps as observed in 
Fig. 46. New nucleation sites can therefore be formed spontaneously during the 
steam reforming process, and the system has the freedom to rearrange the nickel 
particles to best form graphene layers. 



Figure 45 Illustration of a graphene island nucleated from a step on a Ni(l 11) surface. 

These arguments suggest that the availability of step sites is important both 
for a high turnover rate and for graphite formation. This raises the question of 
where promoters such as potassium are located on the surface during the 
catalytic reaction. DFT calculations show potassium was most stable as -K-O-K- 
O- rows along the steps. Thus, the major carbon-preventing effect of this 
promoter may be to block the steps and hence remove the nucleation sites for 
graphite formation. Addition of the promoters should decrease the activity of the 
catalyst and the decrease should be determined by the promoter coverage at the 
steps. 
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Figure 46 Image sequence of the initial carbon formation on a Ni/MgAl 204 catalyst. 

Drawings are included to guide the eye in locating the positions of mono-atomic Ni step 
edges at the C-Ni interface. The images are acquired in situ with CH 4 :H 2 = 1:1 at a total 
pressure of 2.1mbar with the sample heated to 536°C. 

The promoters need not cover all step sites to prevent nucleation of carbon, 
because a graphene island of a finite size is needed for it to be stable. The 
addition of less than an almost complete step coverage will lead to a fraction of 
the steps being completely covered while the rest are free and open for 
synthesis. The inhibition of carbon formation will work as long as the promoter 
is present in sufficient quantities at the steps. If the chemical potential of carbon 
is high enough, the promoter may be displaced from the step and graphite 
formation will start. The promotion will therefore appear as a shift in the 
tolerance towards higher hydrocarbons. Kinetic experiments indicate that 
promoters may also work via enhanced absorption steam and spill over to the 
active metal surface on catalysts containing “active” magnesia and alkali [27]. 
This was reflected in the negative reaction orders of steam obtained for these’ 
catalysts. It has also been shown by isotopic exchange experiments that 
magnesia-based catalysts are more active for steam dissociation than alumina 
supported catalysts. This observation possibly explains the huge difference in 
the resistance towards carbon formation between these two supports [89]. 

2.4 Adiabatic oxidative reforming 

In adiabatic oxidative reforming the heat for the reforming reactions is 
supplied by internal combustion. This is in contrast to fired tubular reforming 
(Section 2.3.3) and heat exchange reforming (Section 2.3.4), where the heat is 
supplied by heat exchange from an external source. Initially it may be worth 
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considering: ‘What are the benefits of using adiabatic oxidative reforming rather 
than steam reforming processes such as fired tubular reforming?’ 

The product gas fi'om a reforming process may be referred to as raw 
synthesis gas. It consists of a mixture of H2, CO, CO 2 , H2O, and CH4 at 
equilibrium with respect to the steam methane reforming reaction and the carbon 
monoxide shift reaction. It will further contain any inerts such as N 2 and Ar, 
which have been introduced to the process. 

In steam reforming, where the hydrocarbon feed is reacted with steam 
alone, the composition of the raw synthesis gas is governed by the steam 
reforming reaction and the shift reaction only. When an oxidant is used to 
supply heat for the reforming reactions by internal combustion, additional 
reactions are introduced, see Section 2.5. The overall reaction is adiabatic, 
meaning that there is no exchange of heat with the surroundings except a very 
limited heat loss, and the composition of the raw synthesis gas can be predicted 
by a heat and mass balance over the reactor. It should be noted that the 
combustion reactions are all irreversible. At the conditions applied (high 
temperature and addition of an under-stoichiometric amount of oxidant), all 
oxygen will be consumed, because this is the limiting reactant. 

The raw synthesis gas is often characterised by the ratio between H 2 and 
carbon oxides, specifically by the so-called stoichiometric number (SN) or 
‘module’ M = (H 2 - C02)/(C0 + CO 2 ) or by the Ribblett Ratio R = H2/(2CO + 3 
CO 2 ), see Section 2.1. 

With CH4 as the reactant, steam reforming alone will produce a gas with a 
module of 3.0 (or a Ribblett Ratio of 1.5). This makes it possible, by full recycle 
of CO 2 from the raw synthesis gas back to the steam reformer, to produce 
hydrogen and carbon monoxide in a ratio of 3. This concept is often used in so- 
called HYCO plants, where both H 2 and CO are products [91].]. Alternatively, 
CO may be converted to CO 2 utilising the water gas shift reaction, producing a 4 
to 1 mixture of H 2 and CO 2 . By removal of CO 2 (and other undesired 
components in e.g. a PSA unit), pure H 2 may then be produced. This is the 
dominating process in H 2 production [60]. 

Adiabatic oxidative reforming will produce raw synthesis gas with different 
composition. Fig. 47 [92] shows as an illustration the values of the module M 
and the H2/CO ratios, which can be obtained by autothermal reforming of CH4 
using O 2 as the oxidant. 

It is seen that the use of an oxidant has brought the gas composition closer 
to desired values, which are a value of M close to 2.0 for methanol, DME and 
high temperature FT synthesis, and a H 2 /CO ratio close to 2.0 for low 
temperature FT synthesis with Co catalyst. Means for final adjustment of the 
synthesis gas composition will be described in the following text: 
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s/c 

Figure 47 M and H 2 /CO in raw gas from ATR 

There are of course also other advantages (and disadvantages) related to the 
use of an oxidant as additional reactant in reforming reactions. The main 
advantages are related to economics of scale - much larger single stream units 
are possible with adiabatic oxidative reforming than with steam reforming - and 
to size of equipment - adiabatic oxidative reformers are very compact units 
compared to fired reformers. Furthermore, reformer tube materials limit the 
outlet temperature from fired reformers to a maximum of about 950°C, while the 
adiabatic oxidative reforming processes easily exceed 1000°C. This makes 
higher conversion of the feed possible, even at low steam to carbon ratio. 

The main disadvantage of adiabatic oxidative reforming, especially with O 2 
as oxidant, is that it requires an oxygen source. Oxygen plants are expensive, 
and the associated investments constitute a major part of the total investments in 
a synthesis gas generation unit. However, the advantages usually outweigh this 
disadvantage, especially for the very large capacities required for FT synthesis 
units and for modem ‘mega’-methanol plants. 

2.4.1 Process concepts 

The process concepts for adiabatic oxidative reforming may be split into 
three categories considering the type of chemical reactions taking place in the 
reactor: 

• homogeneous reactions 

• heterogeneous reactions 

• combination of homogeneous and heterogeneous reaction 
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Furthermore, oxidative adiabatic reforming processes may be characterised 
by the type of feed. If the feed comes directly from a desulphurisation unit or 
from a prereformer, and the reactions are carried out homogeneously without the 
aid of a reforming catalyst, then the oxidative adiabatic reformer is referred to as 
a gasification or partial oxidation unit. If the reactions are carried out 
heterogeneously on one or several catalysts, they are referred to as catalytic 
partial oxidation (CPO). If they are initiated by homogeneous reactions, e.g. in a 
burner, and completed by heterogeneous catalysis, then the reactor is called an 
autothermal reformer (ATR). If the feed has been partly reformed in a fired 
tubular reformer, the ATR reactor is most often called a secondary reformer. 
Secondary reformers are almost always based on a combination of homogeneous 
reactions (combustion) followed by catalytic conversion. 

Finally, the processes based on adiabatic oxidative reforming may be 
characterised according to type of oxidant Here, the split is between processes 
based on the use of air or enriched air in one group and the use of oxygen in 
another group. 

There is also the possibility to integrate the process layouts with a heat 
exchange reformer, where the heat of the gas leaving the adiabatic oxidative 
reformer is used to perform reforming of the feed for the oxidative reformer or 
of a separate feed stream. Such process schemes are described in Section 
2.3.4.2. 

Descriptions given of the various process concepts and their principal 
characteristics and applications are given in the following. A survey is shown in 
Table 5. 



Table 5 



Secondary 
Reformer 
_(Air) 

Secondary 

Reformer 

(O 2 ) 

Autothermal 

Reformer 

(02) 

Autothermal 

Reformer 

(Air) 

PDU 

(O 2 ) 

PDU 

(Air) 

Bumer/Mixer Type 

Burner 

Burner 

Burner 

Burner 

Mixer 

Mixer 

Hydrocarbon Feed 

Process gas ' 

Process gas ** 

Natural gas 

Natural gas 

NG/diesel 

NG/diesel 

CH 4 content, dry mole% 

10-15 

10-40 

85-100 

85-100 

85-100 

85-100 

CnHm content, dry mole% 

None 

None 

1-10 

1-10^^ 

1-10 

1-10 

Oxidant Feed 

Air 

Oxygen/steam 

Oxygen/steam 

Air 

Oxygen/ 

Air 






Enriched air 


Process Gas Temp. °C 

770-830 

750-810 

350-650 

350-650 

<200 

<AIT 

H 2 O/C ratio, mole/mole 

2.5-3.6 

1.5-2.5 

0.4-3.5 

2-4 

0-2 

<2.0 

Feed Ratio 







Gas/oxidant, mole/mole 

3-4 

7-12 

1-3 

0.5-1.0 

1-4 

1-5 

Flame Temp. °C 







Peak 

-2000 

-2500 

2500-3500 

2200-2500 

_ 


Adiabatic 

-1200 

1200-1500 

1300-2100 

1200-1500 



Catalyst Temp. °C 







Exit 

970-1020 

950-1020 

850-1100 

1000-1100 

750-1300 

750-1200 

Typical products 

Ammonia 

Methanol 

Hydrogen/ 


Syngas for 

Fuel Cells 


synthesis gas 

synthesis gas 

Carbon monoxide 


FT synt. 

Syngas for 



Hydrogen 

Syngas for FT synt. 



FT synt. 


j Naphtha and LPG feed can also be converted directly in an autothermal reformer 

For natural gas. In case of naphtha and LPG feed, approx 100% CnHm and no methane contents 
For natural gas. In case of diesel, 100% and no methane contents 
Preheat depends on the auto-ignition temperature of the fuel 
High H 2 O/C ratios quench the reactions 

^ For the reaction: CH4 + 3/2O2 CO + 2H2O + Q. Higher hydrocarbons react by similar reaction scheme. 
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2.4.1.1 Processes based on homogeneous reactions, 
gasification or partial oxidation (POX) 

Production of the synthesis gas based on homogeneous reactions alone is 
referred to as gasification or partial oxidation (POX). The oxidant and the 
hydrocarbon feedstock is mixed in a reactor, where they are allowed to react 
homogeneously at very high temperatures typically 1300-1400°C. The resulting 
gas is quenched or cooled by steam production, and carbonaceous by-products 
like soot are removed by washing. This formation of carbonaceous by-products 
has an influence on the carbon efficiency. 

As mentioned in Section 2.1, gasification is a versatile process which can 
convert a wide range of feedstocks to synthesis gas. Especially the entrained 
flow gasification technologies have been adapted to operation on liquid or 
gaseous feed. Both Shell and Texaco have supplied technology for natural gas 
conversion by gasification for decades, and lately Lurgi is also promoting a 
multi-purpose gasification process (MPG) which is available in a version 
adapted for operation on natural gas feed. The information available in the open 
literature about these technologies is scarce. However, some information can be 
foxmd as follows: The Shell process: Refs. [93-95]; The Texaco process: Refs. 
[96-98]; The Lurgi process: Refs. [99,100]. 

When operating on gas, the gasifiers will most often be in the boiler mode, 
where the product gas from the gasifier is cooled by steam production in a 
boiler, which is specially designed to tolerate the aggressive process conditions 
and the presence of soot. The exit temperature from the gasifier is high, typically 
1300-1400°C, to minimise soot formation and ensure close to complete 
conversion of the feedstock. 

Typical operating conditions for a gas gasification unit are shown in Table 
6. The feedstock is assumed to be light natmal gas; the product gas is in 
equilibrium with respect to the steam reforming reaction, but equilibrated with 
respect to the shift reaction at a lower temperature, about 1125°C - the reaction 
runs homogeneously backwards at the highest temperatures in the cooling unit. 
The H 2 /CO ratio in the product gas is slightly below 2.0; lower values can be 
achieved by recycle of CO 2 , while steam additions (beyond small amovmts 
added for burner cooling) can not be tolerated due to increased soot formation. 
In GTL applications tail gas (C02-rich) may be recycled to the gasifier to 
improve carbon yield. If this is done, the gas production in the POX unit must be 
supplemented by gas production in a steam reformer as in the Shell Middle 
Distillate Synthesis process [93-95]. In the Shell Bintulu GTL plant, each 
gasifier has a capacity corresponding to about 3000 b/d FT products. However, 
Shell claim that the gasification units may be scaled up to about 8000 b/d for 
new projects [95]. Similar capacities are quoted for the Lurgi MPG process. 
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Table 6 


Oxygen/NG Ratio, mol/mol 

0.55-0.65 

H 2 O/C Ratio, mol/mol 

0-0.15 

Exit Pressure, kg/cm^g 

25 - 40 ‘ 

Exit Temperature, °C 

Exit Gas Characteristics 

1300- 1400 

H 2 /CO Ratio 

1.6-1.9 

CO 2 /CO Ratio 

0.05-0.1 

CH 4 Content, mol% 

0.1 


Higher pressure is feasible, but probably not relevant for GTL 


2.4.1.2 Processes based on heterogeneous reactions, 
catalytic partial oxidation (CPO) 

The production of synthesis gas based only on heterogeneous catalytic 
reactions is normally referred to as CPO (catalytic partial oxidation). The 
oxidant and the hydrocarbon feedstock are premixed in a mixer before the feed 
enters the catalytic bed. The catalyst bed consisted, in older designs, of an 
ignition catalyst followed by a reforming catalyst. In some modem versions, 
only one catalyst is employed, and ultra short residence time is used. The risk of 
auto-ignition limits the preheat temperature, which results in a higher 
consumption of oxidant. The process is reported to be able to handle a wide 
range of feedstocks including heavy aromatic-containing hydrocarbons like 
diesel. However, for GTL applications the feed will of course be natural gas. 

CPO with air as oxidant has been promoted for GTL applications by 
Syntroleum [101]. However, as for other adiabatic oxidative reforming 
processes, the use of air has also in this case severe disadvantages, and the 
process has not been used in practice. Conoco is developing a process 
apparently based on CPO with oxygen as the oxidant [102, 103]. The process 
has been developed to the demonstration stage, but only scarce information has 
been made available in the open literature. CPO is further described in Section 
2.6.1. 


2.4.1.3 Processes based on combined homogeneous and heterogeneous 
reactions. 

autothermal reforming (ATR) and secondary reforming 

Processes in which the reactions are initiated homogeneously, e.g. in a 
burner, and completed heterogeneously in a catalyst bed are called autothermal 
reforming (ATR) or secondary reforming. 

ATR 

In ATR, the feed goes directly from desulphurisation or from a prereformer 
to the adiabatic oxidative reformer. ATR is used mainly with O 2 as oxidant. 
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although it has in the past been used with air or enriched air for production of 
NHj synthesis gas [3]. (In order to make a stoichiometric NH 3 synthesis gas 
(H 2 /N 2 = 3.0) by ATR with enriched air, 30 - 40 vol% O 2 is required in the 
oxidant). 

As shown in Fig. 47, it is not possible to produce synthesis gas for 
production of methanol, DME or FT synthesis directly by autothermal reforming 
of pure feed. It is necessary either to adjust the composition of the gas by 
removal of carbon oxides or by addition of H 2 (for methanol synthesis gas and 
similar) or by addition of carbon-rich gas (for low temperature FT synthesis). 
The carbon-rich gas may be recovered or imported CO 2 or carbon-rich tail gas 
from the synthesis. However, the advantages of ATR are such that it has, 
especially after development of processes operating at steam to carbon ratios 
below 1 . 0 , become the preferred route to synthesis gas for these syntheses, 
especially for very large capacities [ 8 , 26, 104-106]. 

Two concepts for large-scale production of methanol with synthesis gas 
production by ATR are shown in Fig. 48 and 49 [104]. 


Autothernial Shift 


Methanol 



Figure 48 Methanol production by ATR and CO 2 removal [104], 


The two process concepts differ mainly in the way the composition of the 
raw synthesis gas is adjusted in order to match the requirements of the methanol 
synthesis. As mentioned above and shown in Fig. 47, the raw synthesis gas from 
an ATR is lean in H 2 . Typical values of the module M are 1.7-1.8, whereas a 
value slightly above 2.0 is preferred for methanol (and HTFT) synthesis. 
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Oxygen 



In Fig. 48, the module is adjusted by removal of CO 2 . The natural gas 
feedstock is desulphurised and saturated with steam to a steam to carbon ratio of 
0.6 - 1.0. The mixed feed is passed to a prereformer and, after preheating to a 
high temperature, to the ATR, which operates at an outlet temperature of 
typically 1050°C and an outlet pressure of 30 - 40 bar g. Higher outlet pressure 
is possible [106], but not advantageous at very low steam to carbon ratio due to 
the resulting increase in CH 4 leakage in the synthesis gas. 

In Fig. 49, the gas composition is adjusted by addition of hydrogen. The 
hydrogen is recovered from the tail gas from the methanol (or HTFT) synthesis 
loop. Apart from this the process scheme and the operating conditions are 
similar to the scheme and conditions in Fig. 48. 

Production of synthesis gas for low temperature FT synthesis by ATR is 
illustrated in Fig. 50 [26]. 

This process has after careful analysis of alternatives been chosen by Sasol 
and others as the most economically attractive process for this purpose. As a 
consequence it will be employed in the large GTL units under realisation in 
Qatar and Nigeria and in future GTL plants considered by Sasol and their 
partners [107]. 
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Figure 50 Typical process flow diagram for synthesis gas production for GTL 

The process scheme is quite simple. The natural gas feedstock is 
desulphurised, and process steam is added to a steam to carbon ratio of 0.6. The 
mixture of feed and steam is passed to a prereformer and further, after mixing 
with carbon rich tail gas from the FT synthesis and preheating, to the ATR. Here 
it reacts with O 2 to form a synthesis gas with the desired composition. Heat is 
recovered from the synthesis gas by production of high pressure steam, and the 
gas is cooled for removal of H 2 O, before it is passed without compression to the 
synthesis section. 

Although simple in principle, the process offers significant challenges. One 
is the size of equipment, piping, valves, etc. For production of 34,000 bbFd of 
FT products, about 1.5 million Nm^/h of synthesis gas will be produced in just 
two ATR reactors. For future projects, even larger reactors are contemplated. 
Another challenge is the risk for metal dusting corrosion in downstream 
equipment, see Section 2.3.4.3. 

Design of the ATR reactor and the mixer burner is treated in Section 2.5. 

ATR may, as fired tubular reforming, be combined with heat exchange 
reformers in a number of process schemes. Such schemes are described in 
Section 2.3.4.2. 
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Secondary reforming 

Air-blown secondary reforming is the dominating process for manufacture 
of synthesis gas for NH 3 production from natural gas and naphtha [3], A typical 
process scheme is shown in Fig. 51 [108]. 

The process concept is used by all important suppliers of technology for 
NH 3 production. Natural gas is desulphurised, mixed with process steam, and 
passed to a fired tubular reformer, the ‘primary reformer’. The product gas from 
the primary reformer is reacted with air in the secondary reformer to produce the 
raw synthesis gas, which is processed further by shift conversion, removal of 
CO 2 , and methanation to give the final synthesis gas, a 3 to 1 mixture of H 2 and 
N 2 with small amounts of inerts, mainly CH 4 and Ar. The amount of air added to 
the secondary reformer is adjusted to give the correct ratio of H 2 and N 2 in the 
synthesis gas. Variations of the process scheme exist, see [3]. 

The secondary reformer is a refractory lined vessel with a mixer/bumer 
(normally a multi-nozzle design), a combustion chamber, where homogeneous 
reactions take place, and a bed of Ni-based reforming catalyst, where the shift- 
and reforming reaction are equilibrated by heterogeneous reaction on the 
catalyst. 

In a modem NH 3 plant, the steam to carbon ratio at the inlet of the primary 
reformer is in the range 2.5 - 3.5, the pressure at the outlet of the secondary 
reformer is 25 - 35 bar g, and the outlet temperatures from the primary and 
secondary reformers are 750-850°C and 950 - 1()50°C, respectively. 


Desulphurization Reforming Shift 

Process Steam 



Figure 51 Complete ammonia plant [108] 
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Use of enriched air as oxidant in the secondary reformer has been suggested as a 
revamp option [109] in combination with a fired reformer. 

Combinations with heat exchange reformers are used in Johnson Matthey’s 
LCA process and in KBR’s KRES process. These processes are described in 
Section 2.3.4.2. Both concepts with air and enriched air are described. 

When N 2 is an undesired constituent in the synthesis gas, O 2 is may be used 
as the oxidant in the secondary reformer. This is the case in production of 
synthesis gas for methanol, dimethylether (DME), and high temperature FT 
synthesis. 

A process scheme used by Haldor Topsoe for production of methanol 
synthesis gas by so-called ‘two-step reforming’, using prereforming, fired 
tubular reforming, and 02-blown secondary reforming is illustrated in Fig. 52 
[104]. This process scheme was used in a large methanol plant in Norway [110]. 
The natural gas feed is desulphurised, and process steam is added in a saturator. 
The mixture of feed and steam is passed to a prereformer, a primary reformer, 
and an 02 -blown secondary reformer. The steam to carbon ratio at the inlet to 
the prereformer is 1.5 - 2.0, the outlet pressure from the secondary reformer is 
about 35 bar g, and the outlet temperatures from the three reformers are about 
450°C, 750 - 800°C, and 1000 - 1050°C, respectively. 



Figure 52 Methanol production by two-step reforming [104]. 
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The design of the secondary reformer is very similar to the design used in 
air-blown processes. However, the operating conditions in the secondary 
reformer are more severe than in the air fired concept, and multi-nozzle burner 
design can not be used. Instead, a design similar to the design of burners for 
autothermal reformers (see Section 2.5) is used. 

In a variation of the concept, the natural gas feed is split into two parts. One 
is added to the primary reformer, whereas the other part is sent directly to the 
secondary reformer. This concept, originally suggested by Foster Wheeler, is 
normally referred to as ‘combined reforming’. It is mainly used by Lurgi [111] 
in their process for production of methanol synthesis gas. It has also been used 
in the high temperature FT synthesis plant owned and operated by PetroSA 
(Mossgas) [112]. 

The advantage of using O 2 instead of air as oxidant is obvious. The 
presence of N 2 as an inert in the final synthesis gas is avoided. Use of air as 
oxidant has been suggested in production of synthesis gas for methanol [113] 
and FT synthesis [92,114]. However, this is not economically feasible [115], 
since the presence of large amounts of N 2 - about 50 vol% in the dry synthesis 
gas - makes recycle concepts in the synthesis gas impossible leading to low 
overall efficiency. Furthermore, compression of the large amounts of air 
required consumes more power than required for production and compression of 
O 2 in 02 -blown concepts. 

2.5 Autothermal reforming 

The autothermal reforming (ATR) process has been used to produce 
hydrogen- and carbon monoxide-rich synthesis gas for decades. In the 1950's 
and 1960’s autothermal reformers were used to produce synthesis gas for 
ammonia production and methanol [116, 117]. In ammonia plants, hydrogen 
production was maximised by operating at high steam to carbon ratios ranging 
from 2.5 to 3.5 on molar basis, while in the methanol units carbon dioxide 
removal adjusted the synthesis gas composition. In the early 1990's, the 
technology was improved and operation at much lower steam to carbon ratios 
was achieved [118]. 

In production of CO-rich synthesis gas for production of pure CO and H 2 
and CO mixtures as feed for methanol or Fischer Tropsch synthesis, operation at 
low steam to carbon ratio feed ratios are beneficial. Operation at H 2 O/C ratio of 
0.6 has been demonstrated in pilot scale [118, 132, 155] and indixstrial scale 
[119]. 

2.5.1 Chemical reactions 

ATR is a combined combustion and catalytic process carried out in an 
adiabatic reactor. A mixture of natural gas and steam is partially converted by 
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pressurized combustion at fuel-rich conditions and the final conversion of 
hydrocarbons into an equilibrated synthesis gas is made over a fixed catalyst 
bed. The overall chemical reactions taking place in the ATR reactor can be 
described by the below reactions: 

Combustion CH 4 + V 2 O 2 ^ CO + 2 H 2 O - =+519 kJ/mole (1) 

Reforming CH 4 + H 2 O CO + 3 H 2 - AH%, = -206 kJ/mole (2) 

Shift CO + H 2 O CO 2 + H 2 -AH%, = +41 kJ/mole (3) 

The ATR reactor is described in section 2.5.2. It can be divided into three zones; 

• Combustion zone 

• Thermal zone 

• Catalytic zone 

The combustion zone is a turbulent diffusion flame, where hydrocarbon 
molecules and oxygen are gradually mixed and combusted. The combustion 
reactions are exothermic and very fast, and from a global point of view it can be 
assumed progressing as ‘mixed is burnt’. Combustion in an ATR is sub- 
stoichiometric with an overall oxygen to hydrocarbon ratio of 0.55 to 0.6, but 
when simplified as a one-step model the flame zone can be described as a single 
reaction (1) of CH 4 to CO and H 2 O with an O 2 /CH 4 ratio of 1.5. Although 
simplified in a single reaction ( 1 ) above, combustion of hydrocarbons consists of 
a large number of homogenous radical reactions. Combustion chemistry is 
described in more details in Section 2.5.1.1. The local stoichiometry in the flame 
zone will vary from very fuel-lean to very fuel-rich. The core of the flame will 
have parts that are close to stoichiometric, and therefore the centre of the flame 
will be very hot as the adiabatic flame temperature for the stoichiometric 
mixture exceeds 3000‘’C. 

In the thermal zone above the catalyst bed, further conversion occurs by 
homogeneous gas-phase-reactions. These reactions are slower reactions like CO 
oxidation and pyrolysis reactions involving higher hydrocarbons. The main 
overall reactions in the thermal zone are the homogeneous gas-phase steam 
methane reforming (2) and shift reaction (3). Reactions between N 2 and 
hydrocarbon radicals, which may form by-products like HCN and NH 3 are also 
proceeding in the thermal zone. The N-chemistry in relation to sub- 
stoichiometric combustion is described in Section 2.5.1.4. 

In the catalytic zone the final conversion of hydrocarbons takes place 
through heterogeneous catalytic reactions including steam methane reforming 
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(2) and shift reaction (3). The catalytic zone is described in more detail in 
Sections 2.5.2.3 and 2.5.2.4. 

Fuel-rich combustion in partial oxidation processes involves the risk of 
incomplete combustion. Methane combustion at fuel-rich conditions is mainly 
proceeding through reaction steps with Cj-radicals as intermediates, which may 
react to soot precursors like poly-aromatic hydrocarbons (PAH) and further to 
soot particles [120]. ATR operation is soot-free at normal circumstances, and 
this is achieved through a careful burner design, by addition of small amounts of 
steam and finally by catalytic conversion of soot precursors, and therefore the 
exit gas contains no other hydrocarbons than methane. Soot formation chemistry 
is described in Section 3. Soot formation is unwanted and. It would reduce the 
carbon efficiency of the process, and soot particles would need to be removed 
from the synthesis gas. 

2.5.1.1 Combustion chemistry 

The gas phase combustion reactions between hydrocarbons (i.e. methane) 
and oxygen proceeds through radical reactions. The reaction mechanism consists 
of a large number of species (molecules and radicals) and reactions. Even for a 
simple hydrocarbon like methane a precise description includes several hundred 
reactions. The combustion chemistry of the lighter aliphatic hydrocarbons 
present in natural gas has been studied intensively during the recent years [120, 
121]. Fig. 53 shows the simplified reaction path for high temperature methane 
combustion. 

CH4 -► CH3-►-►CHO-^-^CO -► CO2 
CjHg -► C2H5 “*■ C2H4C2H2 Benzene 

PAH Soot 

Figure 53 Simplified reaction path for Ci and C 2 chemistry CH 4 combustion [118]. 

The combustion chemistry is controlled by radicals; the primary radicals 
are the hydrogen radical (H), the hydroxyl radical (OH) and the oxygen radical 
(O). A large number of hydrocarbon radicals exist as well, some of them are 
included in Fig. 53 (CH 3 , C 2 H 5 , and CHO). The hydrocarbon radicals are 
generally produced as combustion intermediates primarily by reaction between a 
molecular hydrocarbon and a radical, but it may also be formed from a 
hydrocarbon molecule alone. Examples of these types of reactions are given 
below by the reaction between methane and the hydroxyl radical (4), and the 
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reaction between ethane and a third body molecule (M) (5) forming methyl 
radicals; 

CH 4 + OH ^ CH 3 + H 2 O (4) 

C 2 H 6 + M ^ CH 3 + CH 3 + M (5) 

In combustion of hydrocarbons, the Ci chemistry is the basis for the 
reactions leading to oxidation to CO and CO 2 , while the C 2 chemistry leads to 
formation of unsaturated hydrocarbons, aromatics and soot precursors. Even in a 
methane flame with methane as the only hydrocarbon source, ethane, ethylene 
and acetylene will be formed especially in the fuel rich parts of the flame. 

The chemistry of hydrocarbon combustion can be modelled as a large 
number of elementary reactions described in detailed kinetic models. This will 
be further described in Section 2.5.3.2. 

2.5.1.2 Ignition 

The establishment of a flame, normally referred to as ignition, is a special 
part of the radical combustion chemistry. The ignition reactions involve chain 
branching and chain termination reactions. At T>1000 K the radicals H, O, OH 
become responsible for the chain branching reactions. Once the ignition is 
established the propagation reactions proceed by radical attacks on the fuel [122, 
123]. 

The ignition is often controlled by two competing reactions involving the 
oxygen molecule leading either to radical branching (ignition) or radical 
termination. The branching reaction is; 

O 2 + H OH + O (6) 

At lower temperature, this reaction may lead to formation of the peroxide radical 
instead; 

O 2 + H (+ M) ^ HO 2 (+ M) (7) 

The peroxide radical is less reactive than other radicals meaning that it has 
lower rates when reacting with hydrocarbons, and it will lead to radical 
termination through reactions with another hydrogen radical; 

HO 2 + H ^ H 2 + O 2 ( 8 ) 

The net reaction of (7) and (8) is a recombination of two hydrogen radicals 
to form a hydrogen molecule, (i.e. radical termination), while (6) reaction leads 
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to radical branching. Furthermore, the oxygen radical is very reactive and is 
likely to react in a new branching reaction; 

H 2 + O ^ OH + H (9) 

Once the flame is ignited, the process condition for the ATR process with 
temperatures in the combustion chamber above the auto-ignition temperature of 
the process gas ensures the flame stability. 

To understand more about ignition behaviour the general overview given 
by Westbrook [123] is recommended. 

Although the ATR process is a non-sooting technology, there is a potential 
for soot formation in the combustion chamber at abnormal operating conditions 
and during start-up transients. To avoid soot formation, it is necessary to have 
detailed knowledge of the mechanisms for soot formation and limits for on-set 
of soot formation. 

Soot may be formed as a by-product in all combustion processes involving 
hydrocarbons [124-126]. One of the best known flames is that of a candlelight 
with the yellowish flame. The yellowish flame is due to soot formation in the 
fuel rich part of the diffusion flame. Close to the wick, the colour of the flame is 
a darker bluish. This is where the fuel oxidation is initiated, but with insufficient 
air to allow for complete combustion. Therefore, pyrolysis reactions are allowed 
to occur resulting in fuel decomposition and formation of aromatic species 
subsequently leading to soot particles. In candlelights, the soot is oxidised as air 
is mixed with the fuel rich gas leaving the overall flame non-sooting. However, 
if the wick becomes large allowing more fuel to evaporate or if the flame is 
interacting with other flows e.g. crosswind, the temperature in the diffusion 
layer may drop, quenching the soot particles oxidation and leaving a black 
plume of soot. 

In methane combustion, reaction steps involved in formation of 
hydrocarbon radicals, aromatic species and formation of soot particles are 
schematically illustrated in Fig. 54 [126, 127]. Once aromatic species are 
formed, there is a potential for growth of the aromatic structure forming poly¬ 
aromatic hydrocarbons (PAH), and subsequently PAH clusters will lead to 
inception of soot particles. 
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! CH, Gas Phase 



Polycyclic Aromatic Condensation/ Particle Agglomeration/ 


Hydrocarbons Dehydrogenation Inception Thermal Aging 

Figure 54 Schematic representation of reaction steps involved in the soot formation in 
methane combustion, taken from [128]. 

Oxidation of PAH and soot particles are competing reactions to soot 
particle formation. Although soot is formed in the flame, it may have time to be 
oxidised making the overall flame non-sooting as observed in most candlelights. 
Limitations in the reaction pathway to soot are illustrated in Fig. 54 as dark 
zone; Benzene formation and particle inceptions. The first step is the formation 
of the initial aromatic species allowing the PAH chemistry to initiate. The 
second step is the inception of the initial soot particle. While the gas phase 
chemistry leading to the formation of the aromatic species is well understood 
[124-127], the chemistry leading to formation of PAH clusters and soot particle 
inception cannot presently be described in detail [128], 

2.5.1.3 N-chemistry 

The feed streams for an ATR also contain some inerts; the inerts are 
primarily argon from the air separation unit and nitrogen from the hydrocarbon 
source. Nitrogen is not completely inert in combustion processes. Two reaction 
mechanisms can break the nitrogen-nitrogen bond in the nitrogen molecule 
forming nitrogen oxides and hydrogen cyanide. The dominant mechanisms are 
the thermal NOx and the prompt NOx reactions, respectively, and main reaction 
steps are given below as reaction (10) and (11). 
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N2 + O — NO + N 
Nz + CHi = HiCN + N 


( 10 ) 

( 11 ) 


While the thermal NOx reaction takes place on the fuel lean side of the 
flame at elevated temperatures (above 1200°C), the prompt NOx reaction takes 
place in fuel rich areas. In the prompt NO* mechanism, therefore nitrogen reacts 
with a hydrocarbon to form amines or cyano compounds, which may react 
further to NOx- The index i denotes 1, 2 or 3 meaning that nitrogen will react 
with all Cl fuel radicals. In traditional combustion systems, e.g. furnaces and gas 
turbines, which operate with a fuel lean flame, the HjCN species will be further 
oxidized to NOx. The ATR flame is fuel rich and the fired nitrogen species will 
remain in reduced form as HjCN or NH;. 

The fixed nitrogen species formed in the flame zone will all be reduced in 
the hydrogen and fuel rich post flame zone [129-131], entering the catalytic bed 
mainly as ammonia or hydrogen cyanide. Nitrogen species will further be 
converted in the catalyst bed, and in the exit synthesis gas the nitrogen 
containing molecules will be either molecular nitrogen Nz, ammonia or 
hydrogen cyanide. The concentration of the latter two will be in the ppm range. 
The concentration will depend on the amount of nitrogen in the natural gas and 
in the oxygen. In air-blown processes more ammonia and hydrogen cyanide will 
be formed than in oxygen-blown processes. 

2.5.2 ATR process and reactor design 

The ATR reactor design consists of a burner, a combustion chamber, a 
fixed catalyst bed section, a retfactory lining, and a reactor pressure shell as 
illustrated in Fig. 55. The key elements of the ATR technology are the burner 
and the catalyst: 

• The burner provides proper mixing of the feed streams, and the fuel-rich 
combustion is taking place as a turbulent diffusion flame. Intensive mixing is 
essential in order to avoid soot formation. 

• The catalyst equilibrates the synthesis gas and destroys soot precursors. The 
catalyst particle size and shape is optimized to achieve high activity and low 
pressure drop in order to obtain a compact reactor design. 

A careful design of the process burner and combustion chamber is required 
in order to avoid excessive temperatures and formation of soot particles. Further, 
the detail design and construction of the whole ATR reactor including refractory 
and catalyst bed is of utmost importance for ensuring safe design and operation 
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of the syngas unit. Predictions and design are facilitated by reactor models based 
on use of computational fluid dynamics (CFD) and on chemical kinetics. 


Natural gas 
+ steam 


Combustion 
Chamber 


(— Oxygen 


Burner 


Catalyst 


■«— Refractory 

Pressure Shell 


I 

Syngas 


Figure 55 Illustration of an ATR reactor [taken from 132]. 


2.5.2.1 The ATR burner and combustion chamber 

The ATR process burner is a key element of the technology. The burner 
provides the mixing between the hydroearbon feed and the oxidant in a turbulent 
diffusion flame. The flame core may exceed 3000°C. It is essential to minimise 
heat transfer by thermal radiation or hot gas recirculation to the burner parts. 

In the design of the burner and the combustion chamber the following 
reaction-engineering aspects must be considered in order to ensure optimal 
reactor performance, safe operation and satisfactory equipment lifetime: 


• Effective mixing at the burner nozzles 

• Low-metal temperature of the burner 

• Soot-free combustion 

• Homogeneous gas and temperature distribution at the catalyst bed entrance 

• Protection of the refractory from the hot flame core. 

Recirculation of the reacted gas from the thermal zone to the burner can 
protect the refractory and the burner from the hot flame core and gases from the 
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combustion zone. An efficient external re-circulation will enhance the position 
of the flame core along the centreline of the combustion chamber and protect the 
refi-actory fi-om the hot flame core [134], The temperature of the gas circulating 
along the walls and into the catalyst bed is reduced to the range 1100-1400°C hy 
the endothermic reactions proceeding in the thermal zone. 

An optimised re-circulation will also provide a homogeneous distribution 
of gas and temperature at the entrance to the catalyst bed. Inhomogeneity will 
result in larger distance to equilibrium, and the methane concentration in the exit 
gas is increased. The more even the distribution of gas to the catalyst bed, the 
better the utilization of the catalyst activity. An even flow and temperature 
distribution is obtained by proper design of the geometry of the combustion 
chamber. 

The flow velocities in the burner nozzles can be selected within large 
ranges. Highly turbulent mixing intensity of the diffusion flame is obtained with 
high velocities in the nozzle gaps. For applications with oxygen or enriched air 
as oxidant, the flame speed will be faster than for similar air flames [133]. The 
position of an oxygen flame will he very close to the burner nozzles especially at 
highly turbulent mixing intensities. A turbulent diffusion flame is in steady-state 
seen over a certain time period, but an inherent feature of the turbulent flame is 
that the flame is dynamic and changes position within short time frames. 

A process burner concept, the CTS burner [134], was developed in 1991 by 
Haldor Topsoe. CTS burners have been in successful operation since 1992 in 
both ATR reactors and oxygen-blown secondary reformers for production of a 
variety of products ranging from methanol, hydrogen, and ammonia to pure CO 
and Fischer-Tropsch products. A new and optimized version of the CTS burner 
has been developed with special focus on operation at low S/C-ratios with high 
flame temperatures. The flow patterns and mechanical design of the burner 
nozzles have been optimized by use of tools like CFD (computational fluid 
dynamics), stress-analysis with Finite Element Analysis (FEA) and real- 
environment testing in pilot scale and in full size demonstrations. 

Burners in secondary reformers and autothermal reformers operation are 
exposed to high operating temperatures. Industrial operation has from time to 
time faced problems ranging from burner wear without serious process 
implications to severe failure. However, safe operation and long burner lifetime 
has been obtained by proper design of the burner [134, 156], whereby severe 
consequences to equipment and production loss have been avoided. And 
example of a severe failure of an oxygen-blown secondary reformer refractory 
and reactor shell following a burner related incident is described by Mossgas 
[135]. Burners for high temperature reformers can be designed with a focus on 
mechanical and thermal integrity in combination with the combustion chamber 
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design [134], CFD (Computational Fluid Dynamics) can be used to predict the 
flow pattern and avoid unwanted behaviour. 

2.5.2.2 Vessel and refractory 

The reactor vessel is lined on the inside with refractory. The refractory 
insulates the steel wall of the pressure vessel from the high temperature reaction 
environment. The refractory is commonly constructed of several layers with 
different materials and insulation properties. Efficient refractory design ensures 
that reasonable low mechanical temperature design temperatures can be applied 
for the pressure shell. Typically the temperature of the reactor wall is reduced to 
100-200°C at normal operation. 

In air-blown secondary reformers it is common practise today to use a 
design with two refractory layers. In older designs a design with only one layer 
was applied, but such a design was sensitive to cracks in the refractory layers, 
which resulted in gas flow and transfer of heat to the shell and thereby in hot 
spots on the pressure shell [136]. In oxygen-blown secondary reformers and 
ATR reactors the operating conditions are more severe including a higher 
operating temperature in the combustion zone. In ATR reactors, a refractory 
design with three layers of refractory is commonly used today. The inner layer 
has high thermal resistance and stability and is typically a high density alumina 
brick layer. The installation of the refractory lining is important and involves 
skilled craftsmen. 

Transport of hot gasses from the high temperature combustion chamber and 
the catalyst bed through the refractory layers to the reactor wall is not happening 
with a good refractory design and installation. But it is a potential risk and may 
lead to increased temperatures at the reactor walls, which could develop into so- 
called ‘hot spots’”, where the design temperature of the vessel is approached or 
exceeded. The risk of gas bypass through the refractory is especially high in the 
combustion chamber where the temperature is highest, and at the catalyst bed 
where the catalyst bed creates a pressure drop which may force the gas through 
weak zones of the refractory. 

The outside of the reactor vessel is either non-insulated and exposed to the 
atmosphere or covered in a water jacket. In non-insulated designs a thermal 
sensitive paint is applied on the reactor sxuface. Such paint allows visual 
monitoring and inspections for colour changes indication increased temperature 
in case of hot spot development. With a water jacket it is more difficult to detect 
hot spots, but this can be done to a certain degree by monitoring the increased 
evaporation rate from the water jacket. 
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2.5.2.3 Catalyst bed 

The hydrocarbons are only partly converted in the combustion chamber, 
and the gas leaving the combustion chamber contains a significant amount of 
methane and traces of other hydrocarbons. In the catalytic zone the final 
conversion of methane and other hydrocarbons takes place. The reactions are 
heterogeneous steam reforming reactions (see Section 2.5.1) over the fixed 
catalyst bed. The methane steam reforming reaction is endothermic, and the 
temperature will decrease from typically 1200-1300°C at the inlet to the catalyst 
bed to approx 1000°C at the exit of the catalyst bed. The catalyst bed operates 
adiabatically with only a small heat loss to the surroundings. The gas 
composition is ideally in total equilibrium when the catalyst has sufficient 
activity. But the gas distribution to the catalyst bed and especially the 
temperature and homogeneity of the inlet gas composition will affect the 
average product gas composition. 

A layer of protecting tiles is often placed on top of the catalyst bed to 
protect it fi-om the very intense turbulent flow in the combustion chamber. The 
radiation from the flame and the circulation velocities in the combustion 
chamber require that the tiles have a high thermal stability and can resist the 
thermal shocks during start-up and trips. 

The requirements for the catalyst include; 

• high thermal stability 

• sufficient activity to reach equilibrium 

• low pressure drop to avoid bypass of gas through the refractory 

The preferred catalyst for autothermal reforming is a nickel based 
reforming catalyst. The catalyst is exposed to high operating temperatures and 
the nickel metal is subject to a high degree of sintering resulting in a low 
intrinsic catalyst activity. 

It is also a requirement for the support for the nickel catalysts that it has a 
high thermal stability to achieve sufficient strength at the high operating 
temperatures. In ATR and secondary reformers carriers of both alumina (a- 
AI 2 O 3 ) and magnesium alumina spinel (MgAl 204 ) are used. Spinel has higher 
melting point and in general higher thermal strength and stability than the 
alumina based catalysts. 

The shape of the catalyst pellet is an important design parameter for the 
catalyst bed. The pressure drop should be kept low in order to reduce the risk of 
bypass around the catalyst bed through the refractory. Bypass would have the 
consequence that flow through the refractory layers transports heat into the 
refractory layers, which could increase temperature on the pressure shell and 
result in an increased risk of local hot spots., see section 2.5.2.2. A shape 
optimised catalyst e.g. seven-axial holes with low pressure drop should be 
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selected [134]. In shape optimization, a pellet shape with high catalyst pellet 
activity can be selected. The optimal loading of the catalytic fixed bed may 
consist of several layers of different types of catalysts. 

2.5.2.4 Catalyst deactivation in ATR operation 

Generally an ATR catalyst is robust with a high thermal stability and not 
prone to deactivation. However, some deactivation may occur, mainly due to: 

• sintering 

• sulphur poisoning 

• fouling by ruby deposition leading to AP increase 

Sintering proceeds as in all steam reforming catalysts, see Section 2.3.5.2. 
However, the activity of the catalyst in ATR service is rapidly reduced due to 
the high operating temperatures, and after this initial sintering only minor further 
deactivation is expected due to sintering. 

The main poison for the catalyst in ATR operation is sulphur. Sulphur is a 
well-known poison on the nickel based steam reforming catalyst, as described in 
Section 2.3.5.2. Sulphur originates from impurities in ppb levels in the feed 
streams that remains in the hydrocarbon feed stream after feed purification or in 
the process steam. The sulphur is adsorbed on the nickel surface as nickel 
sulphide and thereby deactivates the catalyst [28]. 

The adsorption is described by sulphur adsorption isotherm (cfi'. eqs (2) 
and (3) in Section 2.3.5.2). The sulphur coverage at lower temperatures is close 
to 90-100%. However, only a partial coverage of the nickel surface is found at 
the elevated catalyst temperatures of the ATR. At 1000°C the sulphur coverage 
can be calculated to approx 30%, when the inlet gas to the catalyst bed contains 
a low sulphur concentration. Thus, desulphurization is normally not necessary 
for a stand alone ATR unit. In GTL plants sulphur is removed upstream of the 
ATR in order to protect the prereforming catalyst and this then also protects the 
downstream FT synthesis catalyst. 

In high temperature ATR and secondary reformers, it is common to 
observe a deposition of white and pink crystals on the catalyst outer pellet 
surface. The crystals are mixtures of alumina and chromium-alumina spinel. The 
latter is also known as the ruby with a piuple colour. Ruby formation is not a 
poisoning as such, but it reduces run time between shutdowns, because pressure 
drop over the catalyst increases and may increase the risk of formation of hot 
spots on the reactor wall. Ruby formation and deposition are well known to 
industry, but the knowledge about the mechanism of ruby formation is very 
empirical. A case history is described in Ref [137] supported by some more 
theoretical viewpoints. The primary process leading to fouling seems to be 
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transport of ‘rubies’ from the refractory and deposition in the catalytic bed. The 
‘ruby’ formation is caused by case story describes the “ruby formation” as 
evaporation of aluminium species, probably AlOOH, from the high-alumina 
bricks in the refractory. When the gas is cooled in the catalytic bed because of 
the reforming reaction, AlOOH will condense and together with impurities of 
chromium and iron deposit as rubies. The chromium and the iron come from 
construction materials upstream of the combustion chamber and the ATR 
reactor. Often ruby deposition is seen in a narrow section in the upper part of the 
catalyst bed. In such cases, only ‘skimming’ of the layer with rubies may be 
sufficient to solve pressure drop problems. 

2.5.3 Modelling 

Modelling of an ATR reactor may be done in several steps with focus on 
the different reactions zones and different levels of details. 

The modelling approaches described in the following sections include: 

• Computational Fluid Dynamics (CFD) 

• Chemical kinetic modeling 

• Combined models (chemical kinetics and flow) 

• Catalytic fixed-bed modeling. 

The combustion in the ATR combustion chamber is a complex interaction 
of combustion chemistry and fluid dynamics. Complete modelling of this 
combustion process includes detailed modelling of the gas phase radical 
reactions, flow equations (e.g. Navier Stokes), radiation and turbulence models, 
all implemented into CFD. However, due to the complexity of such models and 
the fact that the turbulent flow and the chemical reactions have different time 
scales, the mathematical problems are so complex that even with supercomputer 
access, long computing times are required. Therefore, work has been carried out 
on de-coupled models, where the variations in the flow pattern are solved 
separately from the chemistry. 

2.5.3.1 Computational fluid dynamics 

Computational fluid dynamics (CFD) is a powerful tool in design and 
performance prediction of the ATR burner and combustion chamber. CFD is 
used to calculate the flow pattern of the ATR combustion chamber and of the 
flame [134, 138]. 

Computational Fluid Dynamics (CFD) software is a general purpose fluid 
flow simulation software which makes it possible to analyse turbulent and 
laminar flow problems in arbitrary complex geometries. Use of CFD simulation 
software is widespread today for design of advanced apparatus like diesel 
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engines, gas turbines and slurry bed reactors. All applications are characterized 
by interaction between complex flow fields and chemical reaction. Various 
software packages are available among which Fluent, CFX-5 from ANSYS CFX 
and STAR-CD from CD Adapco Group are the most common. 

The first step in each CFD calculation is division of the reaction space into 
a three-dimensional grid. Each grid cell is a discrete computational cell in which 
the equations for fluid flow and chemical reaction are solved. A typical grid may 
contain from 10.000 to 100.000 cells. The next steps are selection of models for 
thermodynamic properties, chemical reaction kinetics, turbulence, and thermal 
radiation, as well as definition of boundary conditions. 

The chemical models implemented into CFD are usually relative simple, 
often only a few chemical reactions in order to maintain reasonable calculation 
times and at the same time describe the chemical conversion in sufficient details. 
For combustion processes such chemical models is a compromise as the 
combustion proceeds through numerous radical reactions as described in Section 
2.5.1.1. In some applications, the ‘mixed-is-bumt’ approximation is an 
acceptable approach in order to de-couple the fluid flow from the chemical 
reaction in the flame, as most of the combustion reactions are very fast. But in 
order to describe thermal expansion and slower reactions the use of more 
detailed chemical models is advantageous. 

The choice of a turbulence model is essential, and in some cases the simple 
k-£ model is too simple an approach, so it is necessary to include a higher order 
turbulence model, like a Reynolds stress model [138, 139]. 

Besides the fluid flow pattern and temperature distribution in the 
combustion chamber, the CFD simulation also gives information about the 
temperature on the burner nozzle parts and on the refractory surfaces. 

An example of a CFD simulation results for an ATR burner and 
combustion chamber is shown in Fig. 56. The simulation is made with CFX-4 
[140] using a 2D model assuming rotational symmetry in the combustion 
chamber. The calculation shows that a flow pattern in the combustion chamber 
with a centrally positioned flame is obtained. A good re-circulation is obtained, 
which keeps the refractory cool, provides sufficient cooling of burner parts, and 
ensures a homogeneous composition and flow at the inlet to the catalytic bed 
[134]. 
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Figure 56 Example of CFD modelling results for the combustion chamber in an ATR reactor. 
The left part show velocity vectors and the right part show temperatures. [134] 


2.5.3.2 Chemical kinetic modelling 

Chemical kinetic modelling is based on a detailed kinetic gas phase model 
in a simplified reactor, either a plug flow reactor or a perfectly stirred reactor. It 
is solved using e.g. CHEMKIN II [141]. 

Reaction schemes with the combustion chemistry of methane and ethane 
are presently well described for ambient pressure and at stoichiometric 
conditions. Detailed kinetic models describing the chemistry based on 
elementary reactions are available in the literature and some can be downloaded 
from the Internet [121], However, to adopt a model, it should carefully be 
considered what needs to be simulated and how the selected model can be 
verified for reaction conditions corresponding to those to be modelled. Since 
most of the present kinetic models have been developed based on ambient 
pressure conditions, adoption for high-pressure conditions, as is the case for an 
ATR reactor, should be done with caution. 
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Detailed chemical kinetic simulations with the CHEMKIN II software 
package [141] can be used for the simulation of the combustion chamber of the 
ATR reactor. Reaction path analyses [142] can be used to deduce reaction 
mechanisms and preferred reaction channels. Pathways in soot formation in 
methane oxidation at fuel-rich conditions were studied at atmospheric pressure 
[142], and a channel producing benzene was identified. The mechanism 
describes that benzene subsequently reacts to phenanthrene and pyrene, which 
could lead to inception of soot particles. 

The chemistry and flow interaction in the combustion chamber of an ATR 
reactor introduce a lot of complexities regarding modelling. Detailed kinetic 
models have been developed to describe the combustion of hydrocarbons [120, 
121]. However, most detailed kinetic models have focussed primarily on fuel 
lean combustion at ambient pressure. This is far from the conditions in the 
combustion chamber of an ATR reactor, where the pressure is much above 
atmospheric and the overall chemistry very fuel rich. Nevertheless, the detailed 
kinetic models have been adopted for this purpose and used to model the 
conversion in the combustion chamber with surprisingly good results [132] as 
further described below. 

Ignition may be modelled using detailed kinetic models as well, but the 
combustion models described above are typically optimised for higher 
temperatures and may not provide reliable results for auto-ignition calculations. 
However, there are more appropriate models available e.g. fi-om studies of spark 
engine knocking [143, 144], although these studies are made for air as oxidant. 
Modelling of the ignition has the purpose to predict the necessary temperature at 
start-up for the feeds to auto-ignite. Normally, the start-up conditions are 
characterized by lower temperature and possibly also lower pressure than 
normal operation, and they are therefore more critical with respect to flame 
ignition and stability. 

2.5.3.3 Combined modelling of flow and chemistry 

The complex interaction between fluid flow and chemistry in the turbulent 
diffusion flame of the ATR combustion chamber makes it difficult to apply the 
simplified models in both the detailed chemical kinetic simulations (detailed 
chemistry, simple reactor geometry) and the CFD simulation (complex reactor 
geometry, detailed fluid flow and simplified chemistry). Two solutions have 
been suggested. A reactor network consisting of plug-flow reactors and perfectly 
stirred reactors has been developed [132] as a means of including more detailed 
information about fluid flow into the detailed chemical kinetic simulations. The 
model has been further developed into CFD post processing tool [128, 148], in 
which detailed chemistry for the combustion reactions and for the PAH and soot 
chemistry is calculated in all cells of the CFD-grid. 
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A reactor flow network model consisting of a combination of plug flow 
reactors and perfectly stirred reactors was defined [145] using information from 
the CFD simulation about flow pattern and residence time in the ATR reactor at 
given conditions. Such a model has been tested with two different detailed 
kinetic models and compared with experimental measurements of the gas 
composition in the combustion chamber at the ATR process demonstration unit. 
The GRI-Mechanism, Version 2.11 (279 reactions with 49 species) [146], has 
been compared with a mechanism developed by Miller and co-workers (301 
reactions with 65 species) [147]. Both consist of reactions including H, C, O, N 
and Ar species up to C 2 hydrocarbons, but in the mechanism by Miller and co¬ 
workers, the selected reactions and species leading to formation of benzene have 
also been included. Each kinetic model is used together with the reactor model 
to describe the chemistry in the combustion chamber and to predict the 
composition of the gas entering the catalyst bed. The calculations have been 
performed with the CHEMKIN-II software packages [141]. The results of the 
experimental measurements and modelling taken from [132] are listed in Table 
7. 


Table 7 

Comparison between experimental measured concentrations and chemical kinetic modelling 
results for an ATR combustion chamber [132] 



H 2 

HjO 

CO 

CO 2 

CH 4 

C 2 H 6 

C 2 H 4 

C 2 H 2 

N 2 

Experimental 

Calculated: 

48.8 

16.0 

24.9 

3.51 

6.46 

0.0151 

0.0672 

0.0168 

0.190 

GRI-MECH Ver. 2.11 

48.7 

16.1 

24.9 

3.46 

6.62 

0.0025 

0.0137 

0.0020 

0.190 

Miller and co-workers 

48.7 

16.1 

24.9 

3.47 

6.61 

0.0027 

0.0148 

0.0025 

0.190 


This type of modelling can provide detailed information about the 
chemistry occurring in the combustion chamber, but it is at the expense of loss 
of information about the complicated flow pattern and the influence of 
turbulence on the chemistry especially in the flame. 

In order to keep the detailed kinetic models and get further details of the 
flow in the combustion chamber, a chemical kinetic post-processor for CFD 
calculations has been suggested [128, 148]. In this case the grid structure used to 
solve the CFD modelling is adapted as a reactor network consisting of perfectly 
or partially stirred reactors. The turbulence intensity may be included in the post 
processor and the reaction rates can therefore be determined either by turbulence 
or by the finite reaction rates calculated by the detailed kinetic model. This will 
especially improve the modelling of the turbulent diffusion flame, where 
turbulent mixing is controlling the reaction between hydrocarbon feed and 
oxidant. 
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Figure 57 Schematic illustration of the partially stirred reactor approach used to model 
individual cells in the detailed chemical kinetic post-processing of the 
post-processing procedure taken from [148], 

2.5.3.4 Fixed bed simulation of the catalytic bed 

Modelling of the catalyst bed of the ATR reactor is in itself a challenge. 
Simulation of the catalyst bed includes radial distribution of gas and 
temperature, gas diffusion in the gas film and catalyst pore system, 
heterogeneous catalytic reactions, and pressure drop. The catalyst bed is 
simulated by fixed bed reactor models using input from the CFD simulation with 
respect to the gas and temperatoe distribution profiles into the fixed bed. 
Although the pressure drop is the simplest part, it may nevertheless be the most 
important, since a catalyst with too high pressure drop will result in gas bypass 
through the refractory leading to hot-spots on the pressure shell. 

Fixed-bed reactor models are divided into two groups: pseudo- 
homogeneous and heterogeneous models [149]. The catalyst in an ATR is 
exposed to very high temperatures and thus a high degree of sintering. The 
catalyst performance is controlled by a combination of both film diffusion and 
pore diffusion, and relatively successful simulations were achieved with both a 
heterogeneous model [150] and with a pseudo-homogeneous model [151]. A 
key parameter in determining the necessary catalyst volume is the gas 
distribution at the entrance to the catalyst layer. In air blown secondary 
reformers, it is well-known that burners of poor design and damaged burners 
may cause an increased average methane leakage from the catalyst bed. This is a 
result of inefficient mixing in the combustion chamber leading to uneven flow 
and temperature distribution at the entrance to the catalyst bed [134]. Even with 
an optimal burner design, some gradients in temperature and concentrations are 
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observed along the radius of the reactor as a result of the mixing efficiency. 
Variations in the O/C and H/C atomic ratios along the inlet to the catalyst bed 
will result in different adiabatic equilibrium states at the exit of the catalyst bed, 
which may be seen as an increased overall approach to equilibrium which is 
caused more by mixing and gas distribution than by catalyst activity. 

2.5.4 Autothermal reforming (ATR) in GTL applications 

In the mid-1990s, Autothermal Reforming (ATR) was identified as being 
an attractive process for conversion of natural gas to liquid fuels (GTL) [152]. 
ATR has been selected as synthesis gas technology for a number of large-scale 
GTL plants for the production of synthetic fuels by Fischer-Tropsch (FT) 
synthesis (30-35,000 bbFd liquid products) [153, 154]. The preferred lay-out of 
the syngas production section is a combination of adiabatic prereforming and 
ATR, see fig. 50. The lay-out results in large flexibility for variations in natoal 
gas and in FT recycle-gas composition as well as reduced oxygen consumption 
per unit synthesis gas produced. Operation at low steam-to-carbon ratio (H 2 O/C) 
is one of the key parameters to achieve good economic performance for GTL 
applications. 

The H 2 O/C ratio of the autothermal reforming process was previously in 
the high range 1.5 - 2.5 [118]. ATR operating at low H 2 O/C ratios was 
developed by Haldor Topsoe through the 1990’s [92, 118, 132, 155], The 
breakthrough for the use of ATR technology for application in Fischer-Tropsch 
process flow schemes has been enabled by soot-free operation at low H 2 O/C 
ratios, of 0.6 and below, and by the development of new burners ensuring safe 
operation and high on-stream factors [134]. Application of ATR technology in 
mega-size plants involves aspects such as scale-up of equipment design, 
maximum size of equipment and capacity for single-line plants. In GTL 
applications, a synthesis gas with H 2 /CO ratio s 2.0 is often needed. ATR can 
produce this gas by recycling a gas rich in carbon oxides from the FT synthesis 
unit for H 2 /CO adjustment. The recycle gas with FT applications is rarely pure 
CO 2 but rather contains CO and small amounts of hydrocarbons of various 
types, e.g. paraffins and olefins. 

Operation at low H 2 O/C ratios challenges the limitations of the technology; 
soot formation must be avoided, and the process burner must have a sufficient 
lifetime without excessive burner wear and degradation at the high operating 
temperatures. 
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2.5.4.1 Industrial operation at low H 2 O/C ratio 

ATR operation at low H 2 O/C around 0.6 has become the state-of-the-art 
synthesis gas technology for Fischer-Tropsch applications. An industrial unit 
based on ATR technology for production of CO-rich sjoithesis gas has been in 
operation in Europe at H2O/C=0.6 since 2002. Two units with a combined 
production of synthesis gas of 430.000 NmVhr (H 2 +CO) will start at Sasolburg, 
South Africa, in 2004. The synthesis gas will be used for production of 
chemicals and waxes by FT synthesis (see Chapter 5, section 3.1). Large 
dedicated GTL plants will start up in 2005 in Qatar and in Nigeria in 2007 (107). 
These plants will both feature 2 synthesis gas units based on ATR at S/C=0.6 
with a combined production of about 1.5 million Nm^/hr synthesis gas. 

The first operation at industrial scale was a demonstration test in an ATR 
unit operating with approx. 20,000 Nm3/hr hydrocarbon feed gas [119]. This 
unit is one of 16 autothermal reformers owned and operated by Sasol at their site 
in Secunda, South Africa. These reforming units were originally revamped in 
1997 to use burner technology from Haldor Topsoe [156], One of the units was 
modified specifically for the demonstration run at H 2 O/C ratio of 0.6 in stead of 
the normal high ratio of 1.5 - 2.0. During the demonstration run which lasted 5 
weeks, satisfactory and stable operation at the low H 2 O/C ratio was 
demonstrated without soot formation. The demonstration test pushed the limits 
for application of the ATR technology. 

2.5.4.2 Development and demonstration at PDU-scale 

The ATR process for operation at low H 2 O/C ratios was developed 
through the 1990’s. Operating parameters were studied in a process 
demonstration unit (PDU) [118, 155] built at the pilot plant facilities of Haldor 
Topsoe, Inc., Houston, Texas in 1990 (Fig,. 58). The process demonstration unit 
was built using the same design principles as industrial units. The layout of the 
PDU-unit is shown schematically in Fig. 59. 

The ATR plant is operated with natural gas feed at a capacity 
corresponding to typically 100 - 150Nm^/hr and produces synthesis gas (CO + 
H 2 ) in the range from 250 to 450 NmVhr. The feed streams consist of natural 
gas, steam, pure oxygen (O 2 > 99.5%), hydrogen and, optionally, carbon dioxide 
and liquid hydrocarbons. At normal operating conditions, no soot formation is 
taking place, but when testing operating conditions close to and beyond the limit 
for onset of soot formation, minor amounts of soot can be formed and captured 
in the condensate. The condensate is investigated through both gravimetric and 
spectrophotometric methods. 
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Figure 58 ATR Process Demonstration Unit, Houston, Texas [132] 


Slcam 


1 





KolUr 

Firfd 

PrehcaltTs 


1 

Natural (ias 

1 

H\dro;>vn| 

1 

1 

1 




1 

1 

ssa 







Carlmn Dioxidf >u|it>t»iiiili 


Ox'kj'fn 


I 

liici 


Viitolhi-rmal Sxii^ns 
Rfff»rnu*r 


llta! Kwomtv/ 

Sxnyas ('oolin^ ( oiulvnsatf 


Figure 59 Process layout of ATR Process Demonstration Unit 


Soot-free operation and satisfactory burner performance was demonstrated 
at a H 2 O/C ratio of 0.6 in the early 1990’s [118], Similar results at H 2 O/C ratios 
down to 0.2 were obtained in later demonstrations [155], see Section 2.5.4.3. 
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2.5.4.3 ATR process performance tests related to GTL applications 

Numerous tests with varying operating parameters were performed in the 
ATR PDU in order to establish safe design background at the very low H 2 O/C 
ratio of 0.6 and below. This included the influence of variations in H 2 O/C ratio, 
temperatures, and pressure as well as the effect of feed composition such as 
content of higher hydrocarbons, CO 2 , and H 2 on the limits for soot-free 
operation. 

Limits for soot formation were studied intensively in a pilot-scale the ATR 
PDU reactor representing real-environment operation. Various operating 
conditions were tested, and the limits for onset of formation of soot particles in 
the exit condensate were identified. Tests included prereformed natural gas, 
variations in feed gas composition with different levels of C 2 + in natural gas, and 
variations in recycle gas composition, e.g. CO 2 and hydrocarbons. Tests with 
prereformed natural gas showed a larger margin to the onset of soot formation 
than with a natural gas containing higher hydrocarbons at similar operating 
conditions. Even though the prereformed natural gas implies an improvement 
with regards to the risk of soot formation in the ATR, it is still prone to form 
soot at certain operating conditions, which made it necessary to establish the 
limits and extend the models to include a wider range of feedstocks [157]. 

Explorative tests as well as tests of longer duration with steam-to-carbon 
ratios in the range of 0.2-0.6 are described in Ref [155]. The tests were made 
with the purpose of reducing the H 2 O/C ratio as much as possible without 
reaching the range of soot formation. Results from various pilot programs are 
shown in Fig. 60 [118, 155] and Table 8. 

All data represent operating conditions without soot formation, but they 
do not represent the limits of the technology. The ATR can produce synthesis 
gas within a wide range of H 2 /CO-ratio, when the H 2 O/C ratio, C02-recycle and 
exit temperatures are optimized. 
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Figure 60 Syngas equilibrium; experimental data from soot-free ATR-operation [155] 


Table 8 ATR PDU Runs [118, 155], 
ATR pilot plant demonstration runs 


TEST 


A 

B 

C 

D 

E 

Feed Ratios‘^ 
H 2 O/C 

(mole/mole) 

0,59 

0,21 

0.51 

0.60 

0.36 

CO 2 /C 


0,01 

0,01 

0.19 

0.01 

0.01 

O 2 /C 


0,62 

0,59 

0.62 

0.58 

0.57 

Product Gas 
Temperature 

(“C) 

1065 

1065 

1025 

1020 

1022 

Pressure 

(bar) 

24,5 

24,5 

27.5 

28.5 

28.5 

H 2 /CO 

(mole/mole) 

2,24 

1,96 

1.80 

2.30 

2.15 

CO/CO 2 

(mole/mole) 

5,05 

9,93 

4.44 

4.54 

6.78 

CH 4 -leakage 

(dry mole %) 

0,48 

1,15 

0.92 

1.22 

1.66 


Notes: 

1) Mole per mole of hydrocarbon C-atoms 

2) The 02 /C-ratio is approximately 5% higher than truly adiabatic reactors with same exit 


temperature. 

2.6 Other technologies 

Most or all of the technologies described in the previous section are in 
commercial use today for production of synthesis gas. However, substantial 
efforts to develop new technologies are undertaken due to the fact that the most 
capital intensive part of a GTL plant is the Syngas Generation Unit (SGU). The 
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focus of many of these developments is to reduce or eliminate the use of oxygen 
and/or reduce the size of the primary reactor in the SGU. In the following text 
the production of sjmthesis gas by Catalytic Partial Oxidation (CPO) and 
Oxygen Membrane Reforming (OMR) will be briefly described. 

2.6.1 Catalytic Partial Oxidation 

The principle of CPO is illustrated in Fig. 61. The hydrocarbon feed and 
the oxidant are mixed in an inlet zone upstream the catalyst bed. In the catalytic 
section, the mixture reacts by heterogeneous reactions (partial and total 
combustion along with the methane steam reforming and shift reactions). The 
catalyst is normally based on noble metals and the space velocity is in many 
cases very high. Catalysts in the form of pellets, monoliths, and foams have been 
used to perform the reaction. 


Oxidant 



Noble metal 
catalyst 


Hydrocarbon 
^ Feed 


Syngas 
CO, Hj, CO„ CH„ HjO 


Figure 61 CPO Principle 

The methane steam reforming and shift reactions are typically at or close to 
equilibrium at the reactor exit. It has been claimed [158] that methane reacts by 
partial oxidation according to reaction ( 1 ) below and that methane conversions 
above those corresponding to thermodynamic equilibrium of the methane steam 
reforming reaction can be obtained. 

CH 4 + ‘/ 2 O 2 ^ CO + 2 H 2 (1) 

However, in practice the products of reaction (1) will further oxidise and 
fundamental studies have shown that partial oxidation is only kinetically 
favoured at temperatures above 900°C [159]. Gas compositions indicating 
higher conversions than thermodynamic equilibrium most likely reflect the 
temperature of the catalyst [160]. 
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CPO differs from ATR especially by the fact that no burner is used. Instead 
all the chemical reactions take place in the catalytic zone. Total combustion 
takes place to some extent in the first part of the catalyst layers making the 
catalyst very hot in this region. Laboratory measurements have indicated that 
this temperature may be higher than 1100°C [161]. In order to avoid overheating 
of the gas upstream of the catalyst a thermal shield is often employed as 
indicated in Fig. 1. It should be noted that the gas temperature remains 
comparatively low as compared to the catalyst surface temperature in the inlet 
zone [161]. 

CPO has been investigated extensively for many years. Before 1992 most 
studies were carried out at moderate or low space velocities at a residence time 
of Is or above [161]. However, during the later years CPO has been carried out 
at least in the laboratory at very short contact times between 0.1 and 10 ms in 
some cases without preheating the feedstock and with no steam addition. 
Additional information regarding research, mainly of a fundamental nature, can 
be found for example in a series of papers by L.D. Schmidt and co-workers 
[159, 162-166]. 

Both air and oxygen may in principle be used as oxidant in a CPO reactor. 
An example of the use of oxygen in a CPO reactor in the laboratory is given in 
Fig. 62, illustrating that stable conversion may be obtained at elevated pressure. 
Experiments with CPO and air as oxidant have been conducted at the Topsoe 
pilot plant in Houston, Texas. Selected results at various pressures with and 
without steam in the feed are presented in Fig. 63. In all cases, the methane 
conversion corresponds closely to the equilibrium of the methane steam 
reforming reaction. 

100% 

90 % 

80 % 

70 % 

60 % 

50 % 

0 100 200 300 400 500 600 

T.O.S. (h) 

Figure 62 CPO with methane feed and oxygen as oxidant [161], P=1.5 Mpa. H2O/CH4=0.26; 
C02/CH4=0. 1 1;02/CH4=0.56 
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Figure 63 Methane conversion in CPO pilot plant experiments with air as oxidant [167] 
Table 9 


Pressure (bar) 

Auto-ignition 

Temp., (°C) 

1 

465 

4 

313 

20 

267 

40 

259 


Table 10 


Relative oxygen and natural gas consumption for CPO- and ATR-based GTL front-ends for 
production of hydrogen and carbon monoxide [26] __ 


Reactor 

S/C ratio 

Hydrocarbon feed 
temperature, reactor 
inlet (°C) 

Oxygen 

consumption 

(relative) 

Natural gas 

consumption 

(relative) 

ATR 

0.6 

650 

100 

100 

CPO 

0.6 

200 

121 

109 

ATR 

0.3 

650 

97 

102 

CPO 

0.3 

200 

114 

109 


An adiabatic pre-reformer is located upstream the ATR. CO 2 is introduced before the partial 
oxidation reactor at 200 °C in an amount to give H2/C0=2.00. 

Pressure: 25 bar abs. Oxygen temperature: 200 “C. Exit temperature: 1050 °C. 
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The presence of a flammable mixture in the inlet zone upstream the catalyst 
may in some cases make use of CPO at high inlet temperatures difficult 
especially at elevated pressures. In Table 9 the auto-ignition temperature is 
given for natural gas in air as a function of pressure. The auto-ignition 
temperatures are lower with oxygen as oxidant. For safety reasons, the inlet feed 
temperatures of the hydrocarbon feedstock and oxidant must be kept low. This 
increases the oxygen consumption as shown in Table 10. Higher oxygen 
consumption increases the ASU investment and the level of inerts in the 
synthesis gas. 


2.6.2 Oxygen Membrane Reforming 

The principle of Oxygen Membrane Reforming (OMR) is indicated in Fig. 
64. 


CH4, H2O 
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CO + HjO = CO2 + H2 


Figure 64 Principle of oxygen membrane reforming 


Very significant efforts are undertaken to develop OMR, see e.g. [169] for a 
recent overview. Air is introduced at one side of a membrane through which 
oxygen in the form of ions is transported selectively to the other side of the 
ceramic membrane. At the other side of the membrane the oxygen reacts with 
the hydrocarbon feedstock to produce synthesis gas. The concept simultaneously 
avoids the capital cost of the Air Separation Unit and a high content of inert 
nitrogen in the synthesis gas. The catalyst on the synthesis side of the membrane 
may be in the form of pellets or directly attached to the membrane itself 












353 


The membrane itself is made out of a ceramic material often in the form of 
a perovskite or a brownmillerite. The driving force across the membrane is 
proportional to the logarithm of the ratio of the partial pressures of oxygen on 
the two sides. Hence, in principle air may be introduced at ambient pressure to 
supply oxygen to the other side at elevated pressure because the oxygen partial 
pressure on the process side is extremely low. The temperature should probably 
be above 750-800°C for sufficient oxygen flux. 

The membrane material must enable a high flux probably in the range of 
more than 10 Nm^ 02 /m^ hr. The membrane should also withstand reducing gas 
on one side and air on the other. Various types of composite membranes have 
been proposed and research is also imdertaken to place a thin membrane on a 
stronger porous support. 

A key challenge in the development of OMR is the absolute pressure 
difference across the membrane. It may render the process non-economical if air 
must be compressed to ensure similar pressures on the two sides of the 
membrane. It sets great demands on the mechanical integrity of the membrane if 
ambient pressure air is used. In any case the process may be best suited for small 
or medium scale applications as the scaling factor of the membrane unit will be 
close to unity. 

3. SYNTHESIS GAS PREPARATION VIA GASIFICATION 
3.1 Introduction 

Gasification involves the reaction of a source of carbon, possibly 
associated with hydrogen, with a source of hydrogen (usually steam) and/or 
oxygen to yield a gas containing hydrogen, carbon monoxide, carbon dioxide 
and methane. Proportions of these component gases depend on the ratio of the 
reactants used and on the reaction conditions [170]. It is a versatile process 
which can be used to convert a variety of solid or liquid carbonaceous 
feedstocks into synthesis gas (syngas). 

Once the feedstock has been converted to a gaseous state, undesirable 
substances such as sulphur compounds and entrained solid particles may be 
removed fi-om the gas by a range of techniques. 

Coal gasification yields a wide variety of useful products for residential, 
utility and industrial markets [171]. Clean syngas, essentially a mixture of 
carbon monoxide (CO) and hydrogen (H 2 ), can be converted into gaseous fuels, 
liquid fuels, chemicals, electric power or a combination of these products. 

The first companies to convert coal to combustible gas through pyrolysis 
were chartered in 1912, while the first true gasifier, a Lurgi moving bed gasifier, 
was in operation by 1887. During the 1930’s, the first commercial coal 
gasification plants were constructed, followed by town gas applications in the 
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1940’s. In the 1950’s, chemical process industries started applying gasification 
for hydrogen production. Sasol is now by far the largest single user of 
gasification technology. Sasol’s first coal gasification plant was commissioned 
in 1954. Studies to generate electric power in a more efficient manner in an 
Integrated Gasification Combined Cycle (IGCC) followed in the 1970’s, and are 
still being actively pursued. At present, there is about 11 GW of gasification 
capacity in operation aroimd the world in the chemicals industry or synthetic 
transport fuels production [170] and a little over 40 GW total syngas production 
capacity [1]. Gasification can be said to be a commercially proven, mature 
technology, and furthermore, proven in combination with various downstream 
technologies [170]. 

Users of gasification technologies are seldom willing to experiment with 
new equipment, preferring proven technology [172], since gasification often 
forms a vital link in extensive flow schemes and involves rather extreme 
reaction conditions. Selecting proven gasification technology minimises the risk 
associated with the high capital investment cost for new installations. Therefore 
most of the current research, development and demonstration efforts are aimed 
towards technical and economic improvements for established technologies 
[171]. Improvements in efficiency, reliability and capital and operating cost of 
gasification are all means to the same end - cheap and ‘clean’ coal conversion 
processes. 

There is a growing realisation that the world will be dependent on fossil 
fuels for the foreseeable future to meet ever-increasing energy requirements. 
Dwindling supplies and rising prices of other fossil fuels like oil and gas are 
increasing the attractiveness of the vast remaining coal reserves. A higher 
energy demand in several countries has resulted in a re-focus on indigenous coal 
resources and available technologies for the conversion of coal into useful 
products [173]. At the same time increasing environmental pressure is 
challenging increased coal utilisation. As gasification is the cleanest coal 
technology available, there is a strong drive for its further growth. 

3.2 Possible applications for gasification processes 

There are many possible uses for coal. Gasification is a prominent coal 
conversion technology, yielding the most diverse group of products (see Fig. 1). 
Besides coal, a wide variety of other, usually low value, carbonaceous 
feedstocks can be gasified to produce fuels and chemicals. These feedstocks 
include renewable energy sources e.g. biomass, wastes e.g. paper pulp and 
municipal solid wastes (MSW) and refinery by-products e.g. petcoke and 
vacuum residues. 

Synthesis gas production through gasification was growing at a rate of 
about 10% per annum in 1983 [174]. From about 1985 to 1995 there was a 
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period of constant capacity before the growth in capacity resumed [171]. In the 
USA, the September 11-events in 2001 and the more recent political conflict 
with Iraq brought about a renewed urgency concerning energy security and 
independence. In this regard, the utilisation of the abundant coal resources in 
places such as China, India, South Africa, Australia and the USA through clean 
technologies gives new impetus to the interest in gasification technology. Many 
of the coal-fired power stations in the USA and elsewhere are over thirty years 
old and operating with typical efficiencies of 30-35%. Replacement with cleaner 
and more efficient gasification based power generation at efficiencies of about 
46% would extremely beneficial to the environment. 


COAL 


Combustion Gasification Direct Liquefaction 
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Figure 65 Different options for coal conversion and power generation. [175] 

After gas cooling and purification, pure synthesis gas is then ready for 
conversion into the numerous possible end products. The product range depends 
on the hydrogen to carbon ratio of the clean synthesis gas. Products include, 
among others, methanol, acetic acid, oxo-chemicals, liquid fuels and chemicals 
via the Fischer-Tropsch process and electric power [176]. The synthesis gas can 
also be converted into synthetic natural gas (SNG) for use in town gas and 
heating fuel applications. 

3.3 Integrated Gasification Combined Cycle (IGCC) 

The combustion of coal to generate power is the historical backbone of the 
electric utility industry. This is due to the availability, low price and security of 
supply of coal compared to other fuels, and the relative simplicity of the 
combustion process. Tightening environmental requirements result in substantial 
increases in both capital and operating cost for conventional coal-fired 
combustion plants, while adversely affecting plant efficiency and reliability. A 


3 

IGCC 



356 


combination of gasification with a combined cycle is the only coal-based 
technology that can approach the environmental performance of natural gas- 
fired systems [177], 

The IGCC plant design essentially involves two stages of combustion with 
gas cleaning between the two stages [178], A number of variations of IGCC 
plant designs exist, primarily due to differences in the selected gasifier 
technology [179] and subsequent raw gas cleaning methods. Integration of 
gasification and combined cycle facilities is achieved mainly through the plant 
steam system. IGCC technology has been proven for a variety of fuels, 
particularly heavy oils, heavy oil residues, petcokes, and bituminous coals [180]. 

The first stage of the IGCC system employs gasifiers where partial 
oxidation of a solid or liquid fuel occurs to produce a combustible gas. The 
produced gas is then cleaned to remove particulates, sulphur compounds and 
other undesirables, before being fed to a gas tiubine combustor to complete the 
combustion. The combustion turbine is normally followed by a turbine driven by 
steam generated from the hot tail gas of the combustion turbine [181]. 

IGCC systems can achieve high thermal efficiencies, which correspond to 
lower CO 2 production. Low emissions of acid rain precursors (NOx and SOx) are 
achieved [181]. The IGCC process offers several additional advantages over 
conventional coal-based power generation technology, including [182]: 

• Decreased coal consumption due to increased generating efficiency 

• Reduced land area and cooling water requirements 

• Modular construction which allows economic increments of capacity to 
match load growth 

• Potential for design standardisation due to modular construction, which 
should reduce required engineering effort, construction time and delays 
due to permitting complications for future plants 

• Greater fuel flexibility. 

It is generally accepted that IGCC is clean and efficient. Regrettably, it is 
also expensive and not entirely commercially proven. There are, however, clear 
factors favouring the selection of IGCC for future applications [177]: 

• An absence of cheap natural gas, and not enough proven (local) gas 
reserves 

• Tight emission limits 

• Higher coal prices, demanding high efficiency 

• The opportimity for co-gasification of wastes and biomass. 

High capital and operating costs remain the greatest challenge to IGCC 
implementation. Even though IGCC is at least 10 to 12% more efficient than a 
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conventional coal-fired power plant [182], the capital cost may be about 20% 
more than for a pulverised coal combustion (PCC) boiler plant [183], At present, 
operational costs are considerably more for IGCC than for PCC boiler plants, 
with operating costs for IGCC estimated at $ 7.00 - $ 9.00/MWh compared to 
$ 3.00 - S 5.00/MWh for a conventional PCC plant. Other hindering factors, 
which have to be addressed, can be summarised as follows [184]: 

• Concerns regarding long-term reliability and operability 

• Uncertain long term operating and maintenance costs 

• Few deeply capitalized and credit worthy technology suppliers 

• Few qualified and experienced operators 

• Uncertainties regarding competitive economics 

• Money lenders are strongly disposed to highly demonstrated technologies 

• Environmental and utility regulators are more comfortable with 

demonstrated technologies 

• Poor availability [177] 

• Poor operational flexibility [177]. 

Apart from the barriers listed above, another major reason why IGCC has 
yet to impact significantly on the power generation landscape is that most of the 
recent coal-fired capacity development occurred in countries such as India and 
China, where there is a particularly strong enphasis on reliability and cost, both 
still challenges to IGCC [177]. However, with the developed world once again 
moving towards coal utilisation, IGCC technology has now reached the 
commercialisation stage in the USA and EU with a number of plants already in 
operation [185]. Coal-based IGCC plants that are or were in operation up to the 
year 2000 are listed in Table 1. 

Although IGCC technology was originally conceived as a clean method of 
using coal for electricity production, it has been proposed as a solution to the 
growing problem of surplus heavy fuel oil. For example, the ISAB (Industria 
Siciliana Asfalti e Bitumi) complex in Sicily, which started up in 1998, is one of 
the largest IGCC installations in the world, and produces hydrogen and electric 
power through gasification of high-sulphur heavy liquid residues from an 
adjacent refinery [186]. The complex, which uses Texaco gasifiers, can produce 
540 MW. 

Serious operational problems have been encountered at various IGCC 
installations. One of the most crucial problems is that gas turbines are not 
always able to meet the demands set by the IGCC plant. A number of failures 
have been reported in hot gas cleanup systems, e.g. breakage of ceramic candle 
filters and stress corrosion cracking in heat exchangers [181]. Availability has 
proven to be a major challenge, but is improving with greater operating 
experience. For example. Shell reported an availability of 86 %, including 4% 
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planned outages, at the Pemis refinery in the Netherlands in 2001 [172]; an 
installation that was retrofitted for IGCC, commissioned in 1997 and runs on 
heavy residues. 


Table 1 


Commercial IGCC plants across the world 

00 

PROJECT 

CAPACITY 

OPERATION 

REMARKS 

Coolwater Plant, 
Barstow,California, 
USA 

125 MW 

Operated 1984-88 

Texaco Gasifier 
(lOOOTPD) 

Plaquemine Plant, 
Louisiana,USA 

160 MW 

In operation since 
April, 1987 

Dow (Destec) Gasifier 
(2200TPD) 

Demkolec Buggenum 
Plant, Netherlands 

253 MW 

Started operation in 
1993. 

Shell Gasifier - Initial 
problems encountered 
in Gas Clean-up 

System. Now operating 
with good availability. 

PSI Energy, Wabash 
River Plant, USA 

262 MW 

Commissioned 
November, 1995 

Destec Gasifier 

Tampa Electric Polk 
Power Plant, USA 

260 MW 

Commissioned Sep. 
1996 

Texaco Gasifier 

Sierra Pacific Pinon 
Pine Plant, USA 

100 MW 

Commissioned 1998 

KRW Gasifier 

ELCOGAS, 
Puertollano, Spain 

335 MW 

Commissioned 1998 

Prenflow, Krupp Uhde 
gasifier commissioned 
in 1998 

Schwarze Pumpe, 
Germany 

40 MW 

Commissioned 
September, 1996 

Noell KRC, 7 fixed bed 
gasifiers. 

Power/methanol 

production. 


A key development area is the integration of emission control systems for 
simplification and cost reduction. The concept of integrated environmental 
control has several dimensions [179]: (1) interactions between control methods 
for air, water and solid waste emissions, so that a reduction in one type of 
discharge does not unduly increase others, (2) the integrated use of pre¬ 
combustion, combustion and post-combustion emission control methods, and (3) 
the development of new processes for combined pollutant removal in lieu of 
separate processes for individual pollutants. 
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Texaco was once the world leader in IGCC gasification technology but 
ChevronTexaco sold this business recently (2004) to General Electric (GE). GE 
is the leading supplier of gas turbines to the power industry. Several installations 
use Texaco gasification technology for IGCC, but only one plant uses coal as 
feedstock, the Tampa Electric plant in the USA, which co-feeds coal and 
petroleum coke. 

Although the integration of systems complicates plant operation and 
control, IGCC technology has matured to the point where it is cleaner and more 
energy efficient than conventional combustion/steam station power generation 
plants. Further efficiency improvements are envisaged with more research and 
better integration. Studies are in progress to investigate the combination of 
IGCC technology with Fischer-Tropsch synthesis for the combined production 
of liquid hydrocarbons and electricity (see Chapter 5). 

3.4 Characteristics of coal important for gasification 

Coal is a polymeric substance with no repeating monomers [171]. It can be 
defined as a macromolecular gel and the concepts and techniques of polymer 
science may be applied in the study of coal. The main constituents of coal are 
hydrocarbon chains, mineral matter and moisture, while other components, e.g. 
halogens, are present in small concentrations. 

The composition and structure of coal influences the applications that a 
specific coal is suitable for. Coals are classified by rank, i.e. according to the 
degree of metamorphism in the series from lignite to anthracite [171]. Time and 
pressure gradually transform the initial biomass from lignite to sub-bituminous 
coal to bituminous coal and then to anthracite. For gasification, coal of three 
ranks are used; sub-bituminous, bituminous and lignite [188]. Lignite is also 
called brown coal, particularly in Europe and Australia. Also important for 
gasification are the coal caking properties, water content and the ash properties. 

Chemical and physical properties of coal show a large variation from 
source to source. Because these properties relate directly to gasifier behaviour, 
detailed analyses of coal are essential to predict gasification performance when a 
specific coal source or mixtures of coal soruces are to be gasified. 

Some of the tests that are usually conducted on coal sources to determine 
suitability for gasification purposes include the following: 

• Proximate and ultimate analysis 

• CO 2 gasification reactivity 

• Particle size distribution 

• Thermal fragmentation 

• Caking properties 

• Ash melting properties and ash viscosity 

• Ash composition 
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Other analyses that may also be relevant include mechanical 
fragmentation, Fischer Assay to determine tar production, total sulphur content, 
determination of the heating value of the coal, maceral composition and rank. 
The importance of the different analyses depends on the specific gasifier 
technology. For example, a Fischer Assay is more important in a fixed bed 
gasifier where tars and oils are produced as by-products, while ash viscosity is 
important in a slagging gasifier since ash will be extracted in a liquid state. 

ASTM or ISO standards exist for most of the typical analyses done to 
classify a specific feedstock. Additionally, gasification technology suppliers 
generally have a suite of in-house developed feedstock characterisation 
techniques to ensure the compatibility of a particular feedstock with their 
gasifiers. Most of that information, however, is not available in the open 
literature. 

The starting point for an understanding of the composition of the coal is the 
proximate and ultimate analysis. The proximate analysis determines the 
moisture, volatile matter, fixed carbon and ash in the coal. The methods for 
performing these analyses have been standardized by all the major standards 
institutions (e.g. ASTM, ISO, DIN, BS, and others). The standards differ in 
some details so it is important to specify the method used. 

For the ultimate analysis the percentage of carbon, hydrogen, oxygen, 
sulphur and nitrogen are determined for the hydrocarbonaceous part of the coal 
(i.e. excluding non-volatile the mineral matter and water). Higman and van der 
Biugt [1] may be consulted for guidance on the significance of the various 
standard coal analyses. 

3.5 Gasification chemistry 

Gasification is the conversion of coal or other solid or liquid carbonaceous 
feedstock (hereafter, only coal will be mentioned for simplification) to a 
combustible gas via pyrolysis and heterogeneous reactions [183]. The 
conversion is usually accomplished by partial combustion of coal in an air/steam 
or oxygen/steam mixture [189]. 

Upon entering the gasification vessel, coal undergoes several transitions as 
it moves through different temperature zones in the moving bed gasifier; 

• Drying, to evaporate moisture 

• Devolatilisation, or pyrolysis, producing gas, vaporised tars and oils and 
solid char residue 

• Gasification, or partial oxidation of the solid char and pyrolysis tars and 
gases 

• Combustion 

The mineral matter remaining from coal then exits the gasifier as ash. 
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For the moving bed type gasifiers, the different stages listed above occur in 
distinct zones. For other types of gasifiers no separate zones can be identified 
e.g. entrained flow gasifiers which operate at constant high temperatures and 
fluidized bed gasifiers which are well-mixed. 

Upon initial exposure to heat in the gasifier, coal loses its surface moisture. 
Since the drying process consumes energy, the feed moisture content has an 
influence on the thermal efficiency of the gasification process. 

Pyrolysis can be defined as the “decomposition of organic substances by 
heat” [190], These decomposition reactions commence at 350 to 400°C, 
depending on the coal properties, most specifically the rank of the coal [191]. 
Pyrolysis is a complex process, involving cracking, hydrogenation and free 
radical reaction mechanisms. As a host of feedstock and process parameters 
have an influence on the pyrolysis reactions, it is problematic to predict the 
eventual yield and composition of the pyrolysis products and difficult to fully 
understand all the process steps. 

Pyrolysis products are destroyed in most types of gasifiers, but not in the 
Sasol-Lurgi fixed bed dry bottom gasifier, where tars, pitches and phenols are 
valuable co-products from gasification. It is widely recognised that the initial 
pyrolysis step in coal conversion processes has a noteworthy effect on the yield 
and distribution of end products and emissions. 

A few examples of pyrolysis reactions follow [192]: 

Ar CH 2 CH 2 CH 2 Ar ArCH 2 CH 2 * + •CHjAr 

( 1 ) 


ArCH 2 CH 2 » + •Ar 

( 2 ) 




ArCHjCHs + HAr 


ArAr + CHz^CHz 


ArCOOH ArH + CO 2 

( 3 ) 


where Ar represents an aromatic ring compound. 

After drying and pyrolysis, gasification (or reduction) and combustion (or 
oxidation) reactions occur in the gasifier, with the exothermic combustion 
reactions supplying energy to the endothermic gasification reactions. The 
gasification process takes place in a variety of parallel and/or consecutive 
reactions. Presented in simplest form, the process can be regarded as the reaction 
of carbon with the gasifying agent [170]. 
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In an oxygen and steam fed gasifier the reactions can essentially be 
summarised as [170, 184, 193]: 

C + H 2 O -> CO + H 2 AH =119 kJ/mol ... (4), steam/carbon reaction and 
C + '/2 O 2 CO AH = -123 kJ/mol ... (5), partial oxidation. 

In addition to partial oxidation, total combustion can also occur. Partial 
combustion predominates at high temperatures, while total combustion 
predominates at lower temperatures [194]. 

Water-gas shift (WGS) and methanation reactions proceed to near 
chemical equilibrium in the case of most gasifiers: 

CO + HzO-^ CO 2 + H 2 AH = -40kJ/mol ... ( 6 ), WGS and 
CO + 3 H 2 -> CH 4 + 2 H 2 O AH = -206 kJ/mol ...(7), methanation. 

The WGS reaction can be used to manipulate the H 2 /CO ratio of the final 
syngas to a certain extent. 

Methane formation is favoured at high pressures (> 70 bar) and low 
temperatures (760-920°C) [175]. Methane content is usually higher than 
equilibrium would predict because methane is also formed during 
devolatilisation. 

The rates and degree of conversion for the various reactions involved in 
gasification are functions of temperature, pressure and the nature of the coal 
being gasified. At higher operating temperatures, the conversion of carbon to 
CO and hydrogen increases, while the production of methane, water and CO 2 
decreases [188]. 

Overall carbon conversion cannot be predicted from thermodynamic 
principles, as this is often dictated by slow reaction kinetics and diffusion 
limitations, which is a function of the specific feedstock properties (e.g. ash 
content, rank, maceral composition, etc). 

Sulphur in the feedstock reacts to produce hydrogen sulphide, carbonyl 
sulphide, and smaller amounts of other sulphur compounds, while nitrogen in 
the feedstock is converted to ammonia, hydrogen cyanide, other nitrogen 
compounds and molecular nitrogen. The presence of coal-derived nitrogen in the 
product gas is one reason why it is not essential to use ultra pure oxygen for for 
coal gasification. The percentage of the nitrogen in the coal that is converted 
into nitrogen molecules in the synthesis gas will depend on the type of nitrogen 
compoundsin the coal. It is widely accepted that SOx and NOx compounds do 
not exit the gasifier, except perhaps in trace amounts in lower temperature 
gasifiers, because a reducing atmosphere exists in the vessel. As a result sulphur 
and nitrogen is reduced to H 2 S, NH 3 etc. [170]. 
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3.6 Classification of gasifiers 

A wide variety of gasifier technologies exist. More than a 100 different 
gasification technologies can be found in the literature. These technologies are 
in various stages of development, ranging from laboratory to commercial scale. 

Gasifier designs differ primarily in the type of reactor bed selected for coal 
gasification, which is directly related to the method of contact between the solid 
and gas phases during gasification [195]. Most gasifier technologies can be 
classified into one of the following three generic groups according to the type of 
gasifier bed used [174]: 

• Fixed bed or moving bed, also known as ‘descending bed’ gasifiers [196], 
of which the Sasol-Lurgi gasifier is a prominent example. Coal flows 
counter-current with the steam and oxidant and the highest temperatures 
are reached towards the bottom of the gasifier. 

• Fluidized bed gasifiers, such as the Kellogg-Rust-Westinghouse (KRW) 
gasifier. The coal, steam and oxidant are well-mixed, leading to a more 
imiform temperature distribution in the gasifier. 

• Entrained flow gasifiers, like the Texaco and Shell gasifiers. Entrained 
flow gasifiers are plug flow reactors in which the coal and reactants move 
co-currently through the reactor. These gasifiers essentially operate using 
a flame with high and imiform temperatures throughout. 

Other gasifier types have been developed based on e.g. rotary kilns, molten 
baths or in-situ (underground) gasification, but there are no gasifiers of these 
types near to commercial application [191]. 

Gasifiers are also classified according to how carbonaceous material, steam 
and the oxidising agent are injected in relation to each other, e.g. counter-current 
or co-current. 

Another, more theoretical method classifies gasifiers according to their 
operating temperatures as either high-temperature or low-temperature gasifiers 
[188]. Low-temperature gasifiers are thermally more efficient, produce more 
methane and also produce tars. These processes have low throughput. High- 
temperature processes avoid tar production and have higher throughput. 
However to avoid low thermal efficiencies it is necessary to recover energy in a 
downstream boiler and/or power turbines, increasing operational complexity. 
Gasifiers operating at lower temperatures release the mineral content of the 
feedstock as an ash, whilst those operating at higher temperatures produce a 
molten slag which can be water-quenched to produce a hard glassy slag that is 
generally non-leachable [170]. 

It is important to note that there is not one particular gasification 
technology which will be the most economic and practical selection in every 
instance. Rather, the optimum technology selection is dependent on the specific 
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process application. The selection of a gasification process cannot be done 
without considering the supporting processes, as each gasification technology 
has its own unique set of characteristics which have separate challenges such as 
gas cleanup, by-product disposal, etc. [188]. Some of the important factors that 
have to be taken into account when selecting a gasification technology include 
the following [197, 198]: 

• Feedstock characteristics 

• Quality requirements for clean gas 

• Quality of waste products 

• Operating characteristics 

• Site-specific conditions 

• Environmental legislation 

Of the above factors, feedstock, i.e. coal, may be the least flexible factor 
for economical, geographical and political reasons and it is usually necessary to 
select the gasification technology according to the feedstock that has to be 
processed [191]. Some of the important operating parameters and 
characteristics, to illustrate the differences between types of gasifiers, are 
included in Table 2. 

The composition and maximum outlet temperature of the syngas which is 
produced by the gasifier will depend on the feedstock utilized, the steam to 
oxygen ratio and the temperature and pressure at which the gasifier is operated, 
all directly related to the type of gasifier selected [170]. Important characteristics 
of the raw gas include the methane and ammonia content, whether there are tars 
and oils present (which influence the gas cooling and cleaning sections), and 
most importantly, the H 2 /CO ratio obtained. 

Gasifier design determines the vessel’s ability to handle a particular 
feedstock. For instance, a very high ash coal cannot be processed in a slagging 
gasifier, as the energy required to slag the ash would be excessive, impacting 
negatively on the economy of the process, while caking coal cannot be 
processed in a moving bed type gasifier. Some gasifiers can handle feedstock in 
liquid form better than others. 

Other factors that influence the choice of gasifier include the ability to 
cope with a specific size particle, e.g. moving bed gasifiers cannot handle fine 
coal well, as well as the steam and oxidant requirements. 
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Table 2 


Operating parameters for generic types of gasifiers [199, 200] 



FIXED BED 

FLUIDIZED BED 

ENTRAINED BED 

Preferred feedstock 

Lignite, reactive 
bituminous coal, 
wastes 

Lignite, bituminous 
coal, cokes, biomass, 
wastes 

Lignite, reactive 
bituminous coal, 
petcokes 



<6 

<0.1 

Ash content 

No limit, for 
slagging type < 25% 
preferred 

No limitation 

< 25% preferred 

Exit gas 

temperature (°C) 

420 - 650 

920- 1050 

±1200 

Ash conditions 

Dry/slagging 

Dry/agglomerating 

Slagging 

Key distinguishing 
characteristic [192] 

Hydrocarbon liquids 
in the raw gas 

Large char recycle 

Large amount of 
sensible heat energy 
in the hot raw gas 

Key technical 
issue] 192] 

Utilisation of coal 
fines and 

hydrocarbon liquids 

Increased carbon 
conversion 

Raw gas cooling 

Well-known 

technology 

supplier 

Sasol-Lurgi 

Kellogg Rust 

Westinghouse 

(KRW) 

Texaco 


Common gasifying agents used in industrial gasifiers include a mixture of 
steam and air or oxygen, with the amount of oxygen being generally one-fifth to 
one-third the amount theoretically required for complete combustion [191], The 
choice between air and oxygen as the oxidant depends on several factors, 
including the reactivity of the feedstock, the type of gasifier used and the 
application(s) the produced gas will be used for. Oxygen-blown gasification 
delivers syngas with a heating value of 10 to 16 MJ/kg, or about one fourth the 
heating value of natural gas, compared to a heating value of less than 5 MJ/kg 
for air blown gasification [197], since the syngas is then diluted with nitrogen 
[175], The nitrogen from the air also results in greater volumes of gas to be 
treated downstream. 

Depending on the gasification application three types of syngas, with 
different calorific values, can be produced [191]: 

• Low heating value gas, with a calorific value (CV) of 3.8 - 7.6 MJ/m^. 
The applications include fuel gas for gas turbines and smelting and 
reduction of iron ore. It cannot be used as a natural gas replacement or for 
chemical synthesis due to its high nitrogen content, since this type of gas is 
obtained from certain air-blown gasifiers. 

• Medium heating value gas, with a CV of 10.5 - 16 MJ/m^. The usage of 
this type of gas includes fuel gas for gas turbines, a replacement for natural 
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gas and for chemical s 3 mthesis. Depending on the H 2 /CO ratio, this type of 
gas can be used in Fischer-Tropsch synthesis, methanation, methanol and 
ammonia production and H 2 production for refinery, fuel cell and other 
applications. 

• High heating value gas with a calorific value of more than 21 MJ/m^ This 
type of gas is mostly used as a substitute for natural gas. 

The average compositions of the exit gas for some gasifiers are reported in 
Table 3. 

Table 3 


Typical gasifier raw gas outlet gas compositions (dry basis]. 



Sasol-Lurgi dry 
bottom (fixed bed) 
[196] 

KHW 

(fluidized bed) 
[196] 

Texaco 

(entrained flow) [201] 

H 2 

38-41 

31 

26-36 

CO 

21-26 

44 

31-47 

C 02 

26-29 

18 

6-16 

CH 4 

8-10 

6 

<0.3 

H 2 /CO ratio 

1.7-2.0 

0.7 

0.7-0.9 

Heating value 
(MJ/Nm^) 

12-14 

10-12 

10- 11 


Selection of the method of cooling the hot raw gas depends on the 
composition of this gas (e.g. is there tars and oils present or not) and the 
intended application. Cooling can either be done by direct contact with the 
cooling medium (quench) or via an indirect cooling method [191, 202, 203]. 
While the quench approach is somewhat less efficient, it is also less expensive 
and more suitable for feeds with a high metal content. The indirect, or heat- 
exchange approach offers higher overall efficiency but requires a greater capital 
investment, and there is a higher risk involved [186]. 

With direct cooling, the hot raw gas is quenched with liquid or cooled 
recycle gas. The direct liquid-quench method is often used, especially in systems 
where entrained particles must be removed from the raw gas before further 
processing. The water quench approach is especially suitable where the 
hydrogen content of the syngas needs to be increased by the shift reaction, for 
example when modifying the syngas for ammonia production. Some synthesis 
gas shifting to increase hydrogen content may also be needed for methanol and 
HTFT synthesis. For these intermediate H 2 /CO ratio requirements, a 
combination of quench and waste-heat boiler cooling is possible [204]. 

If a water quench is used in power generation applications then energy 
efficiency can be improved by operating the gasifier at high pressure and 
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recovering energy from the water vapour when it passes through an expansion 
turbine together with the solids free syngas. Texaco and others have proposed 
the use of a quench IGCC design in which the gasification is conducted at a 
higher pressure of about 70 bar [205]. Additional power can then be generated 
by expansion of the clean fuel gas to about 20 bar followed by gas reheat and 
firing in a gas turbine. The gas cooling by an expander can also be used to 
provide much of the refrigeration demand of a physical absorption 
desulphurization system [206]. 

Syngas expansion is being used in two of the heavy oil IGCC plants at 
Falconera and Priolo in Italy. This approach is especially suitable for the 
integration of IGCC power generation with FT synthesis. In this case expansion 
down to about 30 bar would be followed by further clean-up and then FT 
synthesis to provide FT tail gas to a gas turbine at 20 bar. The steam produced 
by the FT reactor cooling system is integrated into the IGCC steam system. This 
approach is discussed in more detail in Chapter 5. 

For the Lurgi moving bed dry bottom gasifier design, as well as for the 
direct quench version of the Texaco gasifier, raw gas is quenched with recycled 
aqueous liquor (also known as ‘gas liquor’), resulting in the condensation of oils 
and tars and removal of particulate matter. Thereafter, the liquor is separated 
into aqueous and hydrocarbon fractions for further treatment. Quenched raw gas 
is subsequently passed through a waste heat boiler for further cooling, but only 
low quality steam can be generated as most of the sensible heat is lost during the 
quench, thus giving lower thermal efficiencies. 

For indirect cooling, a high temperature syngas cooler is used [191]. High 
pressiue steam is produced from the recovery of sensible heat. The oxygen- 
blown high temperature coal gasification processes with indirect cooling have 
significant steam raising capability in the raw gas cooling section. This allows 
for the development of clean fuel gas plants with combined steam turbine power 
generation which efficiently produce large quantities of electrical power [203]. 

High temperature gasifiers may use dry coal feed systems or coal-water 
slurry feed systems. Dry-coal fed gasifiers have the advantage over coal-water 
slurry fed gasifiers that they can operate with a minimal amount of steam and 
avoid the oxygen combustion required to provide the energy needed for the 
latent heat to vaporize the water. This implies in practice that they have a 20 - 
25% lower oxygen consumption than coal-water fed gasifiers. However, steam 
generation facilities need high quality boiler feed water while the water quality 
is a minor issue for coal-water slurries. 

The big advantage of coal-water slurry fed gasifiers is the more elegant 
method of pressurizing the coal. Lock hoppers as used in dry-coal fed gasifiers 
are costly and bulky equipment with complex valve systems that have to provide 
a gas-tight block in a dusty atmosphere [1]. Pumping a coal-water slurry is not a 
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simple matter either, but it is definitely less complex. The practical pressure 
limit for dry-pulverized coal lock hoppers is about 50 bar, wheras for coal water 
slurry pumps the pressure could, in principle, be as high as 200 bar [1], Typical 
commercial operating pressures for high pressure slurry fed gasifiers are 
between 60 and 100 bar. 

In order to compensate for virtually all drawbacks of using water slurry the 
slurry can be preheated [1]. This provides the following advantages: 

• The water has to be heated less in the reactor, and the heat of evaporation 
becomes lower at higher temperatures. 

• Atomization becomes better with hotter liquid containing feedstocks, 
increasing the accessibility of the coal for gaseous reactants, especially 
when the feedstock slurry is preheated such that the carrier flashes upon 
introduction into the gasifier. Also, the reduction in surface tension of the 
carrier liquid at higher temperature enhances atomization. 

• More reactor space becomes available for the gasification per se, which 
will increase the carbon conversion. 

• The oxygen consumption will decrease and the cold gas efficiency will 
increase. 

• The water will expand resulting in lower water requirement to maintain 
good slurry conditions. 

If the water is heated close to its critical point then the above effects will be 
most pronounced and the heat of evaporation is then minimal. Furthemore, the 
coal in the slurry is also preheated to above 300°C, a feature that is not possible 
using dry-coal feeding because the coal particles will become sticky. 

With a suitable preheat system, the efficiency of a slurry fed IGCC 
system is almost equal to that of a dry-coal fed system (49 versus 50%) [1]. 

A brief overview of the three generic gasification technologies will be 
presented in the next three sections. 

3.6.1 Fixed bed gasifiers 

Fixed bed gasifiers, have been in use since the beginning of the gasification 
industry. Somewhat confusingly, these gasifiers are sometimes also referred to 
as moving bed gasifiers. The coal moves downwards through the gasifier but the 
various zones within the gasifier are ‘fixed’ in location. These gasifiers have 
maintained a strong position in the broad range of reactor types used for coal 
gasification [189]. 

Carbonaceous feedstock enters the gasifier at the top periodically during 
operation, resulting in an essentially full gasifier at all times during normal 
operation. As coal has to enter the gasifier during operation, a coal lock hopper 
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is used to feed the coal or other carbonaceous material into the pressurised 
gasification reactor, after being pressurised itself [185, 201]. 

The feedstock is consumed as it moves downward through the bed and 
ash is removed at the bottom. A rotating grate with ash lock is employed for dry 
ash removal systems, which is absent in the case of slagging fixed bed gasifiers. 
This grate also serves as agent distributor. 

To remove entrained solid particles and condense heavy hydrocarbons (tars 
and oils) in the hot raw gas leaving the gasifier at the top, a wash cooler is 
attached to the gasifier, where the gas is scrubbed with recycled gas liquor 
(water produced when raw gas is cooled). A large amount of the sensible heat in 
the raw gas is degraded by the scrubbing step which substantially decreases the 
temperature of the scrubbed gas entering the downstream heat recovery systems. 

Fixed bed gasifiers are suitable for solid feedstocks, usually in the form of 
coarse coal particles. Coarse particles ensure good bed permeability and help to 
avoid excessive pressure drop and channel burning, both of which can lead to 
unstable gas outlet temperatures and gas composition. As coarse coal particles 
are required, this greatly simplifies feedstock preparation steps leading to 
reduced gasification cost. 

Run-of-mine (ROM) coal is typically screened at about 6 mm, resulting in 
a fine coal fraction which can be routed to steam plants or pulverised coal 
combustion units for electricity generation. The only additional coal preparation 
required in some instances is the proper blending of multiple coal sources, or the 
homogenisation of single or multiple sources, which have highly varying 
properties, to ensure stable gasifier operation. 

Pressure drop and entrained solids can limit gas throughput in certain 
circumstances. While feedstock particle size distribution (PSD) can be managed 
correctly to ensure stable gasifier operation [183], mechanical and thermal 
fragmentation during gasification could make it difficult to control the PSD at 
all times during the process. These fragmentation phenomena are determined by 
the feedstock characteristics, and high moisture content in coal has been shown 
to be largely responsible for particle size reduction due to thermal fragmentation 
when coal is exposed to the high gasifier temperatures [207, 208]. 

Co-current fixed bed gasifiers have not been able to succeed commercially 
yet, although the concept has been widely studied. Commercial fixed bed 
gasifiers are all coimter-current. Coal flows counter-current to the steam and 
oxidant feed. Cold coal comes into contact with hot ascending product gases. 
As the coal moves downward under gravity in the reactor, it passes through 
several zones which are defined according to the reactions and temperatures 
occurring at different heights in the fuel bed [209]. These are the drying, 
devolatilisation, reduction and combustion zones. These zones are somewhat 
better defined than is the case in other gasification technologies. The distinct 
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temperature zones aid the overall conversion of coal to gas [195], In the 
reduction zone mainly endothermic reactions occur and in the combustion zone 
exothermic oxidation reactions take place to supply energy to the endothermic 
gasification reactions. 

The ‘cold gas efficiency’ of a gasifier is defined as the chemical energy 
from the coal that is contained in the raw gas exiting the gasifier. Fixed bed 
gasifiers have high cold gas efficiencies. This is due to the heat exchange 
achieved in the counter-current operation which allows the gas and solid product 
streams to exit at relatively low temperatures, with the minimum of energy 
contained as sensible heat in the product gases [171]. Other advantages of the 
fixed bed type gasifier include high heating value syngas due to its high methane 
content and low oxygen consumption [175]. 

Tars and oils, formed in the pyrolysis zone at the top of the gasifier, exit 
the vessel with the raw gas. Due to the presence of these compounds in the raw 
gas, gas cleanup is more complex than for gasifiers in which condensable 
hydrocarbons are destroyed during the gasification process. To avoid deposition 
of these substances in downstream equipment, the raw gas must be quenched 
with water or gas liquor, resulting in reduced raw gas heating values. However, 
these tars and oils can be utilised as feedstocks for the production valuable 
products like coke and creosotes for wood preservation. 

The biggest challenge for fixed bed gasifiers is their limited ability to 
handle fine coal, necessitating the disposal of the portion of the run-of-mine coal 
that is too fine to be used for feed. 

A shortcoming is the strong possibility of excessive coal segregation inside 
the fixed bed gasification vessel, aggravated by broad particle size distributions. 
Segregation can lead to difficulty in maintaining uniform gas flow through the 
coal bed [195], which in turn will lead to unstable gasifier operation. This 
complexity makes scale-up to very large units difficult, so that smaller units will 
be duplicated rather than risking scale-up, even though larger units would 
provide better economic performance. Multiple units result in high maintenance 
cost, but are advantageous in that very high plant availability can be achieved, 
so that the downstream plant does not suffer due to loss of syngas production, a 
phenomenon which generally occurs in plants with a few large gasifiers. 

Another disadvantage of fixed bed gasification is the relatively high steam 
consumption. A large excess of steam is injected into the gasifier to reduce the 
bottom temperature, protecting the vulnerable mechanical ash grate from 
extreme temperatures [171, 189]. This results in lower overall efficiency, but the 
water-gas shift reaction is pushed towards higher hydrogen production, so that 
syngas with an H 2 /CO ratio directly acceptable for all Fischer-Tropsch processes 
is produced. For large scale applications such as the Sasol plants in South 
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Africa, separate steam generation plants are required to supply most of the high- 
pressure steam demand. 

There are only three commercial fixed bed gasification processes [191], 
Two of these were originally developed by Lurgi, these being the Sasol-Lurgi 
fixed bed dry bottom gasifier (dry ash gasifier) and the British Gas Lurgi (BGL) 
slagging gasifier. The other fixed bed gasifier, also a dry ash gasifier, was 
developed by BHEL (Bharat Heavy Electricals Ltd). 

For the dry ash versions, temperatures at the bottom of the bed are 
controlled below the ash fusion temperature to allow coal ash to be removed as a 
solid. As a result of the low operating temperatures that must be maintained, 
these gasifiers are suited to reactive coals like lignites [191]. For the BGL, 
bottom temperatures are high enough to allow the ash to melt and to be removed 
as a molten slag. 

There are currently 152 Lurgi dry bottom gasifiers operational throughout 
the world, most notably 97 which are operated by Sasol in South Africa, 
producing syngas which is converted to Fischer-Tropsch liquids (fuels and 
chemicals). Another significant installation is at the North Dakota Gasification 
Company in the USA, where 14 gasifiers are used to produce synthetic natural 
gas (SNG). 

For IGCC applications, there are presently three installations which gasify 
their feedstock in fixed bed gasifiers. These are at Schwarze Pumpe, where 8 
fixed bed gasifiers are used, one of which is a BGL slagging gasifier; in 
Scotland at the FIFE Energy plant where 1 BGL slagging gasifier is in operation 
[184] and in the Czech Republic, where 26 Lurgi dry bottom gasifiers have been 
in use since 1996 to produce electricity and steam. In Luenen, Germany, 5 Lurgi 
dry bottom gasifiers were in operation from 1972 to 1977, but the plant was 
decommissioned because it was not economical. 

The two main types of fixed bed gasifiers, these being the Sasol-Lurgi dry 
bottom gasifier and the BGL slagging gasifier will be described in more detail in 
the following two sections. 

3.6.1.1 Sasol-Lurgi fixed bed dry bottom gasifier 

The Sasol-Lurgi fixed bed dry bottom gasifier was originally developed 
and marketed by Lmgi. In South Africa, 97 of these gasifiers are operated by 
Sasol. In 2002 the Sasol-Lurgi joint venture was established to further develop 
and market the fixed bed dry bottom gasification technology, with Sasol and 
Lurgi each holding a 50% share in the new company. 

The Sasol-Lurgi gasifier is a pressurised fixed bed gasifier, and a 
schematic drawing is shown in Fig. 2. 
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Figure 66 Sasol-Lurgi fixed bed dry bottom gasifier [191] 

Lump coal, sized to a typical particle size distribution of 6 mm to 75 mm, 
is fed into the top of the gasifier through a lock hopper. The hopper is filled, 
sealed and pressurised and the coal is then released in the reactor. The process 
is continuous, so that the gasifier is almost filled with coal at all times. Steam 
and oxygen enter at the bottom and react with the coal as the gases move up 
through the bed. 

Due to the counter-current mode of operation, hot ash exchanges heat with 
cold incoming agent (steam and oxygen), while hot raw gas exchanges heat with 
cold incoming coal at the top. As a result, the ash and raw gas leave the gasifier 
at relatively low temperatures compared to other types of gasifiers, which 
improves the thermal efficiency and lowers the steam consumption. The Sasol- 
Lurgi dry ash gasifier consumes the lowest amount of oxygen per unit coal feed 
due to the high thermal efficiency. A water jacket cools the gasifier vessel and 
part of the steam for gasifier consumption is generated in the jacket. 
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A typical temperature profile for a Lurgi dry bottom gasifier is presented in 
Fig. 3. It can be seen that the temperature of the agent (steam/oxygen mixture) 
and the hot ash is around 300 °C, but can vary depending on the position of the 
ash bed, which is determined by the rate of ash extraction. The agent inlet 
temperature can be used to control the ash temperature. The raw gas outlet 
temperature is typically in the region of 500-600 °C, and depends on process 
parameters as well as coal properties (e.g. moisture content). 


Steam, 
oxygen 
or air 



Gas 


Gasifier 



Temperature (°C) 


Figure 67 Lurgi dry bottom gasifier and typical temperature profile [174] 


The cold gas efficiency of these gasifiers is typically about 80%, and can 
rise to 89% if liquid hydrocarbon products are included in the calculation. 

Ash is removed at the bottom of the gasifier by a rotating grate and lock 
hopper. Coal with high ash content can be gasified without severe losses in 
thermal efficiency, as the ash is not extracted in a molten state. The Sasol-Lurgi 
gasifiers have been shown to be capable of handling coal with an ash content as 
low as 6% to as high as 35% [173]. However, it is important to maintain the ash 
content as constant as possible in order to achieve stable gasifier operation, 
especially at high load conditions. 

The H 2 /CO ratio of the syngas produced is in the range of 1.70 to 2.0, 
which makes it suitable for methanol synthesis and for Fischer-Tropsch 
synthesis (see Chapter 3) without the need for water-gas shift conversion to 
adjust the ratio. 
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By-products like tars, pitches, oils and chemicals like ammonia are present 
in the exiting raw gas, and the raw gas is quenched to separate these products 
from the syngas. Approximately 85% of the tar is condensed in the crude gas 
quench, and the remainder is condensed as oils and naphtha in downstream gas 
purification units [195]. The treatment of these by-products is an added cost to 
the technology, and is regarded as a disadvantage in instances where no market 
exists for the by-products. These by-products can be recycled to the gasifiers 
and converted to additional synthesis gas. However, with very large scale 
applications such as the Sasol plants, large enough quantities of by-products are 
produce to achieve good economics of scale for the upgrading of the by¬ 
products to valuable products. Examples from the Sasol operations include the 
production of high quality anode coke from pitch, as well as creosotes, phenols 
and other valuable aromatic compounds from the tars. If the syngas is converted 
to transportation fuels, the aromatic by-products from the gasification process 
can be used as octane enhancers, since synthetic fuels contain substantially 
lower amounts of aromatics than crude oil derived fuels. 

At the Secunda petrochemical complex, Sasol operates the largest coal to 
synthesis gas conversion process in the world. Low-grade sub-bituminous coal 
with relatively high ash content is upgraded through gasification and gas 
cleaning to purified synthesis gas, which is used as feed to a Fischer-Tropsch 
conversion process for the production of fuels and chemicals. 

The first 10 fixed bed dry bottom gasifiers which were installed by Sasol in 
1954, had a coal throughput of approximately 28 tons/h and produced about 
23500 m^n/h of dry raw synthesis gas [173]. Two scaled-up versions were 
developed. The original design was first scaled up to a throughput of 54 tons/h 
of coal (producing 45500 mVh of dry raw gas). Most of the fixed bed gasifiers 
in operation today are of this type, with Sasol operating 83 of these gasifiers. A 
further scale-up to 75 tons/h of coal followed (producing 63000 m^n/h of dry raw 
gas), and one of these gasifiers is commercially operated by Sasol. The further 
optimisation of the Sasol-Lurgi gasification process is ongoing, and it is 
believed that further gains is throughput, efficiency and utility consumption are 
achievable [175]. In 2003 approximately 52 million tons of coal was mined by 
SasoTs coal mining division, of which about 40 million tons was consumed by 
two Sasol synthetic fuels plants at Secunda. About 6 million tons was consumed 
by SasoTs smaller chemical producing plant at Sasolburg, and about 3 million 
tons was exported. Approximately 70% of the total coal consumption is for 
gasification to synthesis gas by Sasol-Lurgi fixed bed dry bottom gasifiers, 
while the remaining 30%, a finer coal fraction not suitable for gasification, is 
combusted to produce steam and electric power required by the process. The 
total pure synthesis gas production from SasoTs 97 fixed bed dry bottom 
gasifiers is approximately 3.6 x 10^ mVh. 
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In addition to coal, Lurgi gasifiers can handle a variety of different 
feedstocks, e.g. at Schwarze Pumpe seven Lurgi fixed bed gasifiers are 
employed to treat solid wastes, such as plastics, sewage sludge, rubber, 
contaminated wood, paint residues and household wastes [210], However, a 
feedstock preparation step such as briquetting or pelletising may be required to 
ensure the desired feedstock particle size for optimum gasifier operation. 

3.6.1.2 British Gas Lurgi (BGL) slagging gasifier 

The BGL gasifier is a dry feed pressurised fixed bed slagging gasifier. It 
was developed by British Gas, London and Lurgi for the gasification of coals 
and cokes, and is primarily a methane and fuel gas producer [188]. It is the only 
gasifier in which gasification of large particles and vitrification of inorganic 
matter can be carried out under pressure in the same reactor [210]. The BGL can 
handle up to 40 tons per hour of coal feedstock. 

The gasifier is provided with a motor-driven coal distributor/mixer to stir 
and evenly distribute the incoming coal mixture (coarse coal, fines, briquettes 
and flux). Oxygen and steam are introduced to the gasifier vessel through 
sidewall-mounted tuyeres at the elevation where combustion and slag formation 
occur (at the bottom of the vessel). 

The coal mixture descends through several reaction zones, similar to that 
of the Sasol-Lurgi fixed bed dry bottom gasifier. Below the gasification zone, 
any remaining carbon is oxidised and the mineral matter in the coal is liquefied, 
forming slag. The slag is withdrawn through a slag tap at the bottom of the 
gasifier, quenched with water and removed by a lock hopper. 

The crude gas exiting the gasifier contains tars and oils from the 
carbonisation zone in the gasifier. The gas is scrubbed with recycled gas liquor 
to remove the condensable hydrocarbons. These are then separated by gravity 
from the liquor. The tar and oil by-products, as well as any solids which are 
entrained from the gasifier, can be recycled to the top of the gasifier, or re¬ 
injected trough the tuyeres at the bottom of the gasifier. A limited amount of 
coal fines can also be fed through the tuyeres. The cold gas efficiency of the 
BGL is about 88% [173] and It has a nominal dry gas capacity of 21 000 to 24 
000 Nm^/hr, depending on the degree of tar-oil recycle. 

High ash content, combined with a high ash melting point, will result in 
addition of a fluxing agent, so that the BGL could be costly to operate. The 
tapping temperature (1400°C) is lower than for most entrained flow gasifiers, 
and for some feedstocks, high amounts of fluxing agent have to be added to 
comply with this operating limit. The optimum slag viscosity for a BGL is 
approximately < 5 Pa.s, in comparison to < 15 Pa.s in entrained flow gasifiers 
[191]. 
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Figure 68 BGL gasifier [174, see also 177] 

3.6.2 Fluidized bed gasifiers 

Fluidized bed gasification with oxygen and steam was first done in a 
gasifier developed by Winkler [171], These gasifiers are completely mixed, 
partially cocurrent reactors. 

A fluidized bed gasifier consists of a vertical, cylindrical, refractory-lined 
vessel with cyclones above the fluidized bed that separate entrained solids from 
the outlet gas; bottom ash cooling and if required, dry fly ash removal and a wet 
gas scrubbing system [199], 

Solid, crushed dry fuels are used as feed. Reactive coals like lignites and 
brown coals are favoured as feedstock, as the relatively low operating 
temperatures make it difficult to maintain high carbon conversion without very 
high solid recycle rates. 

It is usually not desirable to have coal particles agglomerating, as it causes 
uneven fluidisation in dry ash fluidized bed gasifiers. Therefore, it is necessary 
to process coals that have a higher ash fusion temperature than the operating 
temperature of the gasifier. Mineral matter is a major constituent of the bed and 
therefore coal ash characteristics can have a large impact on the operation of the 
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gasifier [191], Highly varying ash characteristics are problematic, and the 
feedstock should be well-mixed to maintain the same characteristics as far as 
possible. Coals with a low swelling index are also preferable to avoid 
agglomeration. 

The presence of pyrite and sodium silicates formed during gasification is 
believed to be among the factors that cause agglomeration in fluidised bed 
systems. Therefore, very careful control of the gasifier operating temperature is 
required when processing coals with high alkali content. However, fi-om an 
environmental point of view, fluidized bed gasifiers are tolerant to coals with 
high sulphur content as up to 90% of sulphur in the coal feed can be retained by 
adding a sorbent, like calcium oxide. 

Dry coal particles of less than 6 mm are introduced at the bottom of the 
gasifier and then fluidised using oxidant and steam [174]. Heat exchange 
between the cool steam/oxidant feed and the hot ash discharged increases the 
thermal efficiency. Upon entering the gasifier, the solids undergo rapid heating. 
Coal particles are suspended in the gas flow and feed particles are mixed with 
particles already undergoing gasification reactions [191], so that no clear 
reaction zones can be distinguished. Because the coal is well-mixed with steam 
and oxidant more uniform and moderate temperature distributions are achieved 
than for other types of gasifiers. Unreacted entrained particles are recovered by 
cyclones for recycle to the vessel. The recycle of solids efficiently transfers heat 
to the bed material. 

Residence time for the solids is typically in the order of 10 to 100 
seconds. Ash can be discharged in dry form or as agglomerated particles, as for 
the KRW gasifier [191]. 

Fluidized bed gasifiers are usually operated at near atmospheric pressure, 
and therefore well suited for smaller capacities (approximately 20 tons per hour 
of coal) [200]. If the gasifier is operated at elevated pressures, higher gasifier 
capacities can be achieved. Operating temperatures are relatively low at around 
1000°C. At the bottom of the gasifier, where oxidising conditions prevail, the 
temperatures must be lower than the ash fusion temperature of the coal, unless 
the gasifier has an agglomerating ash removal system. 

No pyrolysis by-products are produced, as they are combusted to provide 
energy for endothermic gasification reactions. The raw gas exiting the vessel is 
essentially free of hydrocarbons heavier than methane. 

Fluidized bed gasifiers use a moderate amount of steam and oxygen during 
gasification. Due to relatively low operating temperatures, there is little thermal 
stress on the equipment. A typical temperature profile for a fluidized bed 
gasifier is presented in Fig. 5. 
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Figure 69 Fluidized bed gasifier euid typical temperature profile [174], 


At present, 21 fluidised bed gasifiers are operational, most notably 8 GTI 
U-GAS gasifiers in China, applied to produce fuel- and town gas. 

The two main contenders for fluidized bed gasifier technology are the High 
Temperature Winkler (HTW) and the Kellogg Rust Westinghouse (KRW) 
gasifiers. KRW is now known as KRW Energy Systems. These technologies 
have not been applied extensively on commercial scale due to various reasons, 
including low capacity throughput, high operating cost, low carbon conversion, 
large char recycle and ash agglomeration problems. From a recent survey 
conducted by the Gasification Technologies Council it is evident that fluidized 
bed technology is not a major contender for future applications [178]. 

Perhaps the most promising fluidized bed technology is the transport 
gasifier developed by Kellogg, Brown and Root Inc., which is currently being 
tested at the Power Systems Development Facility in Wilsonville, AL [203]. 
This type of gasifier, as well as the HTW and KRW gasifiers will be discussed 
in more detail in the following sections. 


3.6.2.1 KRW fluidized bed gasifier 

Coal, via a lock hopper, and oxidant (air) enter the gasifier at the bottom of 
the vessel via a burner, ensuring thorough mixing of coal and oxidant. 

Upon entering the vessel, coal releases volatile matter almost 
instantaneously. The volatiles bum rapidly and supply heat to the endothermic 
gasification reactions. The resultant gas forms large bubbles that rise up the 
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centre of the gasifier, causing char and sorbent (if added) in the bed to move 
down the sides of the reactor and back into the central jet [199]. 

The gasifier bed is maintained in a fluidized form by injecting controlled 
amounts of steam, air and recycled gas through nozzles in the combustion zone. 
Steam reacts with the char in the bed, converting it to fuel gas. If a sorbent like 
limestone was added to the coal upon feeding, the calcined form (CaO) now 
reacts with H 2 S released from the coal during gasification to form CaS, 
removing a portion of the sulphur gases from the raw gas before it exits the 
vessel. 

Raw product gas outlet 


t 



Coal / limestone 


Figure 70 KRW gasifier [192] 
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To remove ash, particles are recycled through the flame of the burner at the 
bottom of the gasifier, where low-melting mineral matter partially melts, causing 
particles to agglomerate [199]. The ash agglomerating zone, which is hotter than 
the main fluidized bed, makes the process distinctly different and more complex 
than conventional fluidized bed gasifiers such as the HTW (High Temperature 
Winkler) [174], where dry ash removal is done. The agglomeration allows for 
the efficient recycle of even small particles in the feed. The velocity of gases in 
the reactor is selected to maintain most of the particles in the bed and smaller 
agglomerated particles return to the bed for further reaction. 

Some of the finer particles are carried out of the gasifier, but are recaptured 
in a high efficiency cyclone and returned to the conical section of the gasifier. 
Eventually most of the smaller particles agglomerate as they become richer in 
ash and gravitate to the bottom of the gasifier. Since the ash and spent sorbent 
particles are substantially denser than the coal feed, they settle to the bottom of 
the gasifier where they are cooled and classified by a counter-flowing stream of 
recycled gas. 

The DOE and its predecessor agencies have supported development of 
KRW Energy Systems’ fluidized bed gasifier technology since 1972 when the 
design of a process development unit was first initiated under a contract with 
Westinghouse Electric Corporation [192]. This unit was completed in 1975 at 
Westinghouse’s Waltz Mill Facility in Pennsylvania. The addition of limestone 
and dolomite to the gasifier for in-bed sulphur removal was successfully 
demonstrated during the 1980’s. During this same period, numerous coal types 
were tested as feedstock to the KRW gasifier. Sasol in South Africa collaborated 
with Westinghouse to construct a demonstration unit in South Africa, but due to 
economic and other considerations the project was aborted. 

3.6.2.2 The High Temperature Winkler (HTW) gasifier 

The HTW process is a modified version of the Winkler fluidized bed 
gasification process, which was first developed in the 1920’s. 

The HTW is a refractory-lined fluidized bed gasifier with water jacket 
[174, 180]. Feed coal is crushed and dried before it is pneumatically conveyed to 
feed bins. Coal in the receiving bin is then dropped via a gravity pipe into the 
fluidised bed of ash, semi-coke and coal particles [190]. 

The gasifier is fluidized from the bottom with either air or oxygen and 
steam. These reactants are injected at two levels in the fluidized bed to maximise 
carbon conversion [177] and reduce methane and other hydrocarbon yields 
[174]. The gasifier is operated at 750 to 800 °C [174]. Operating pressure can 
vary from 1 to 3 MPa, depending on the use of the syngas produced [191]. 
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Figure 71 HTW gasifier [174, see also 177] 


A portion of ash and char is entrained in the reactor effluent. The raw gas 
passes through a cyclone to remove particulates and is then cooled [191], Solids 
that are recovered in this way are recycled to the gasifier and dry ash is removed 
at the bottom of the gasifier via a discharge screw. 

The choice of feedstock is restricted to high reactivity feedstocks like 
reactive coals, chars derived from lignite carbonisation, peat and wood. Other 
feedstock requirements are an ash melting point of above 1200°C and non¬ 
caking tendencies, as the formation of agglomerates would disrupt the 
uniformity of the fluidized bed. 

The cold gas efficiency (chemical energy from the coal that is contained in 
the raw gas exiting the gasifier) of the HTW is approximately 82%, and if the 
energy content of steam generated during gas cooling is added to the fuel gas 
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energy content, and the energy for coal drying and steam feed to the gasifier is 
deducted, the efficiency increases to 85%. 

The HTW gasifier was first developed by Rheibraun in Germany to gasify 
lignites for the production of a reducing gas for iron ore [191], and was a natural 
outflow from the low temperature process previously used. It was successfully 
applied for the synthesis of methanol from lignites at Berrenrath in Germany 
between 1986 and 1997. It was shut down at the end of 1997, because the 
process was no longer economically viable. Another plant utilising HTW 
gasification technology has been operating in Finland from 1988, producing 
ammonia from peat. A plant to study HTW technology with the aim of utilising 
it for IGCC in future plants was constructed at Wesseling in Germany in 1989. 
This 140 t coal/day plant provided operational data required to design a potential 
300 MW power plant (KoBra), but the plant was never built. There is, however, 
an ongoing project to replace 26 Lurgi moving bed gasifiers at Vresova (Czech 
Republic) with two HTW units. 

3.6.2.3 The transport gasifier 

The transport reactor is an advanced circulating fluidised bed reactor that 
can function as a combustor or as a gasifier. Ground coal, sorbent (for sulphur 
capture), air and recycled solids are mixed in the mixing zone and injected into 
the reactor. Small particles, together with multiple passes of the coal/char 
through the gasification zone result in high carbon conversion at reasonable 
temperatures. 

Gas with entrained solids moves up from the mixing zone into the riser, 
and from there into the disengager (see Fig. 8). The disengager removes a major 
portion of the solids from the gas by gravity separation. The separated solids 
flow downward through the aerated vertical standpipe. The gas stream then 
flows to the primary cyclone where additional particles are removed from the 
gas stream. These solids flow downward through a dipleg into the standpipe. 
The solids flow from the standpipe through the J-leg back into the mixing zone. 

Gasification in the transport reactor is conducted at temperatures of 870°C 
to 1000°C and at a pressure of up to 17 bar(g). 

The design is capable of very high throughputs and could lead to 
economically attractive IGCC fluidised bed designs. Further development and 
research is taking place at the Power Systems Development Facility (PSDF), 
which is specifically focused on reducing capital cost and increasing efficiency 
of an IGCC plant [178]. The transport reactor was designed to allow for scale-up 
of fluidised bed gasification technology to commercial applications, and a 
99.9% combustion efficiency, 99% sulphur removal, very low particulate 
emissions (below 1 ppm) and reliable system operation are among its successes. 
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In September 1999 the transport reactor was converted to gasification 
mode. Its viability as a gasifier was confirmed by the results that included; (1) 
production of synthesis gas with a heating value high enough to fire a 
combustion turbine, (2) stable operation and pressure drop in the HTHP filter, 
(3) stable operation of the transport reactor, and (4) control of oxygen content 
during start-ups and process upsets. 
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Figure 72 Transport reactor [191] 


3.6.3 Entrained flow gasifiers 

The entrained flow type of gasifier is the most widely used design [170]. 
These gasifiers are co-current, plug flow reactors. Finely ground feed, in the 
case of solids, or liquid feed is introduced into the gasifier along with the 
oxidant and steam or liquid water as moderator. Coal and gases flow co- 
currently at high speed. As a result, very short gas residence times are 
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experienced, and the coal has to be pulverised to ensure high carbon conversion. 
All entrained flow gasifiers are of the ash slagging type. 

A strong driver for the application of this technology is the wide range of 
feedstocks that can be accommodated [191]; including organic wastes, refinery 
by-products, solids and liquids, as well as fine coal, making this type of gasifier 
the most versatile. Entrained flow gasifiers operate at high temperatures (above 
ash slagging temperatures) to ensure high carbon conversion and syngas tree of 
tars and phenols [191]. The fact that no hydrocarbons are produced which 
require clean-up and processing, makes it a desirable technology for many 
applications [174]. Texaco has marketed its entrained gasification technology 
very successfully as add-ons to existing refineries so that heavy liquid and solid 
by-products can be processed. The synthesis gas can be applied elsewhere in the 
refinery for clean heating fuel or to supplement the hydrogen demand, and there 
are also applications where electric power is generated fi'om the synthesis gas. 

Entrained flow gasifiers can accept almost any type of coal as long as the 
coal can be pulverised to very fine particles. However, there are certain feed 
requirements linked to each type of entrained gasifier design, e.g. a minimum 
ash content is required for gasifiers with slag self-coating walls [174]. High ash 
coals are usually not economical to gasify in this type of reactor, as the energy 
required to slag the ash could raise the oxygen consumption to unacceptable 
levels. If sulphur and halogens are present in considerable quantities, the 
cooling, cleaning and ash tapping equipment may have to be constructed from 
specialised materials. Other coal requirements, which varies slightly depending 
on the gasifier design, are an ash fusion temperature of below 1400°C, a slag 
viscosity of < 15 Pa.s at 1400°C, little or no flux requirement (< 3 wt% ), a 
critical temperature viscosity and a SiOz/AlzOj ratio of about 2, which 
minimises limestone addition and avoids slag crystallisation at tapping 
temperatures [191]. 

Control of the fuel/oxidant ratio is more critical in entrained flow gasifiers 
as they have a smaller heat capacity and no inventory of process feedstock. 
Therefore, operating entrained flow gasifiers at varied load can prove difficult 
[191]. 

No reaction zones can be distinguished in the entrained flow gasifier. 
Gasification reactions typically occur at temperatures in excess of 1200°C. The 
high operating temperatures ensure high carbon conversion. Bed temperatures 
are above the ash fusion temperature, and hence the ash forms a slag. The raw 
gas usually exits the vessel above 1000°C [174]. 

The high operating temperatures have an impact on burners and refractory 
life and require the use of expensive materials of construction [191]. In Fig. 9, a 
typical temperature profile for an entrained flow gasifier is shown. 
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The outlet gas from the gasifier is free of hydrocarbons heavier than 
methane. Methane production is low due to the unfavourable thermodynamic 
equilibrium for methane formation at high temperatures. Likewise, the 
production of CO in preference to CO 2 is favourable due to the effects of low 
steam addition and high operating temperature on the water-gas shift 
equilibrium. A large amount of sensible heat is present in the raw gas leaving 
the gasifier. 
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Figure 73 Entrained flow gasifier and typical temperature profile [174], 

To maintain high thermal efficiency, the sensible heat has to be recovered 
from the raw gas, which is complicated by the possibility of molten ash 
deposition on heat transfer surfaces [195]. To limit the impact of molten ash, 
sophisticated high temperature heat exchangers have to be used to cool the 
syngas below the ash softening temperature in order to avoid fouling and control 
corrosion problems [191]. 

The entrained flow gasifier offers many advantages. These include the 
ability to handle a wide variety of coals, the elimination of tar and oil formation 
(not necessarily positive in all scenarios) and water-condensate and solid residue 
which can be easily disposed of [171]. 

One of the main disadvantages arises from the low inventory of coal in 
suspension. Due to cocurrent flow, the temperature drops from the inlet to the 
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outlet while the carbon content and reactivity decreases. It is thus difficult to 
obtain high carbon conversion, as a very large reactor would be required to 
compensate for long residence times. To keep the reactor volume within bounds, 
high temperatures are used to speed up the reaction rates, and a certain amount 
of unconverted coal is acceptable [195]. 

Some operational difficulties are experienced with entrained flow gasifiers. 
These include material limitations regarding high operating temperatures, 
limited refractory life and difficult slag control. Gasification of coal with high 
ash content can be problematic, since the ash has to be melted and therefore high 
ash content feedstock impacts negatively on the thermal efficiency and oxidant 
requirement. High ash fusion feedstock could be problematic, and a suitable flux 
may be required to achieve ash melting at acceptable temperatures in order to 
protect gasifier linings. Operation at atmospheric pressure is also a handicap 
with some of the entrained flow gasification technologies, as the produced 
syngas has to be pressurised for most applications. However, most of the 
entrained flow gasification technologies have been adapted to operate under 
pressure. 

Most commercial gasifiers in the world are entrained flow gasifiers. There 
are more than 240 entrained flow gasifiers operational in the world, and 50 more 
in the planning phase. Of the operational gasifiers, more than 50% of the 
gasifiers are Texaco gasifiers and 36% are Shell gasifiers. It is also the type of 
gasifier most favoured for IGCC applications at present, specifically Texaco 
gasifiers, which is the most popular in these installations (used in 7 IGCC 
projects up to 2001) [174]. 

3.6.3.1 Texaco gasifier 

Texaco is the world’s leading licensor of gasification technologies. The 
first gasification plant utilising Texaco gasification technology was 
commissioned in 1956, and used oil as feedstock. The first coal-based 
gasification plant of this nature was started up in 1978. There are currently 72 
commercial facilities that employ Texaco gasification technology, of which 60 
are operating and 12 are under construction or in the engineering phase. A total 
of 125 gasifiers are installed in these facilities [176], with a combined nominal 
capacity of 154 200 000 m3n/day. The technology is currently owned and 
marketed by ChevronTexaco after the merge between the Texaco and Chevron 
companies. 

The Texaco gasifier is a cylindrical pressure vessel. The upper gasification 
section is refractory-lined, while the lower part extends into a water reservoir in 
the case of the direct quench type. The reservoir acts as a slag quencher and has 
a restricted orifice through which slag from the gasification section exits with 
the raw gas [188]. 
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These gasifiers are single-stage, downward firing units. The oxidant can be 
pure oxygen, air or oxygen-enriched air [201], and enters the vessel via a 
specially designed burner. If solids like coke or coal are used as feedstocks, it is 
introduced as a pumpable slurry in water. A solid concentration in the range of 
60-70% is preferred. 

Slurryability is an important coal property to take into account. As the 
water requirement for producing a pumpable slurry increases, oxygen demand of 
the gasifier increase due to the larger quantity of water that has to be evaporated, 
leading to lower thermal efficiencies and poor operating economics [174]. 
Slurryability and grindability are interrelated as size distribution affects the 
slurry properties of the coal and the conversion in the gasifier, i.e. if a coarse 
grind size distribution is used, a high solid concentration slurry can be produced 
but the larger coal particles will not gasify as well as the smaller particles [191]. 

The Texaco gasifier is operated at temperatures of 1260°C to 1430°C and 
41 bar is a typical operating pressure [188]. Coal residence time is a few 
seconds, and the ash is removed as a molten slag, which is inert and can be 
safely disposed of by landfilling. Due to the gasification conditions, the raw gas 
is rich in hydrogen and carbon monoxide, with a higher concentration of CO 
than H 2 . The hydrogen content of the produced gas can be increased by further 
processing through a shift converter, if required. 

Entrained flow slagging gasifiers have a relatively high oxygen 
requirement due to high operating temperatures and oxygen consumption for 
Texaco gasifiers is even higher than that for other entrained flow gasifiers which 
operate with a dry feed, due to the energy required to vaporise water in the 
slurry feed [174]. However, since the coal is injected as a coal-water slurry, no 
additional steam is required, unless the temperature in the reactor is above the 
desirable temperature, in which case a moderator, usually steam, is injected to 
control the temperature [188]. 

One of the disadvantages of the Texaco gasifier is a limited ability to 
economically handle low-rank coals because of the water/slurry feed system, 
high temperature operation which can lead to high maintenance costs and high- 
temperature gas cooling equipment that has to be utilised. The wet feeding 
system does however offer the advantage of being safe due to the elimination of 
dust and the associated explosion hazard [201]. Also, the water need not be 
processed to the high purity required for steam-fed gasifiers. 

The operating temperature (1260°C-1430°C) of the gasifiers has to be 
high enough for the coal mineral matter to melt and flow freely down to the 
bottom of the gasifier. The ASTM ash fusion temperature method is used to 
determine the minimum gasifier operating temperature for successful tapping 
operation [191]. A maximum of 12% ash (on a weight basis) is recommended 
for coals to be processed in a Texaco gasifier. 
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Oxygen 



Figure 74 Texaco gasifier with quench cooling[l] 


The Texaco gasifier has a typical cold gas efficiency of 77%, with the 
quench cooling approach that is usually used to minimize the capital cost and 
increase gasifier availability. If high-pressure is steam generated during cooling 
of the raw gas then the efficiency can be as high as 95% [174]. 

To cool the syngas, a direct or indirect cooling method can be employed. 
In the quench (direct) variant, raw gas from the gasifier is shock-cooled with 
water (see Fig. 10). Crude syngas leaves the bottom of the gasifier through a 
quench tube, which is submerged in a pool of water. In passing through the 
water, crude gas is cooled to the saturation temperature of the water and is 
cleaned of slag and soot particles. The cooled, saturated syngas then exits the 
vessel through a duct on the side wall for further cooling and cleaning or direct 
use [177]. Most Texaco gasifiers currently in operation use the quench variant. 
The major advantage is that it is cheaper and more reliable, but it is less 
thermally efficient. 

In the full heat recovery (indirect) variant, the raw gas leaves the gasifier 
section and is cooled in a radiant S 3 mgas cooler from 1400°C to approximately 
700°C. The recovered heat is used to generate high-pressure steam. Molten slag 
flows down the cooler and is quenched in a bath at the bottom, from where it is 
removed through lock hoppers. The partly-cooled syngas leaves the bottom of 
the gasifier and is then cooled further in convective coolers before being cleaned 
for use in the downstream application [177]. 
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Oxygen 



Figure 75 Texaco gasifier with radiant cooling [1]. 


3.6.3.2 Shell gasifier 

The Shell gasifier is a dry feed pressurised entrained slagging gasifier 
[199], Feed coal is pulverised and dried with the same type of equipment used 
for conventional pulverised coal boilers. The coal is then pressurised in lock 
hoppers and fed into the gasifier with a transport gas by dense-phase conveying. 
The oxidant is preheated to minimize oxygen consumption and mixed with 
steam as moderator prior to feeding to the burner. The coal reacts with oxygen at 
temperatures in excess of 1370°C to produce principally hydrogen and carbon 
monoxide with very little CO 2 . Operation at elevated temperatures eliminates the 
production of hydrocarbon gases and liquids. The high temperature gasification 
process converts the ash into molten slag, which runs down the refractory-lined 
wall of the gasifier into a water bath, where it solidifies and is moved through a 
lock hopper as a slurry [174]. Some of the molten slag collects on the cooled 
walls of the gasifier to form a solidified protective coating. The raw gas leaving 
the gasifier at 1600°C contains small quantities of unbumed carbon and about 
half of the molten ash. To make the ash less sticky, preventing it from fouling 
surfaces, the hot gas leaving the reactor is partially cooled by quenching with 
cooled recycle product gas to approximately 900°C. Further cooling takes place 
in the waste heat recovery unit, which consists of radiant, superheating. 
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convection, and economising sections where high pressure superheated steam is 
generated before particle removal. 

Cooled syngas is filtered through ceramic filters. About 50% of the cooled 
syngas is then recycled to the top of the gasifier to act as quenching medium for 
the exiting gas. The remainder is washed to remove halides and ammonia and 
then passed on for desulphurisation [177]. 



Slag Boiler feed 
water 


Figure 76 Shell gasifier [218, 219] 

Shell claims that this type of gasifier has high flexibility in terms of coal 
rank and ash, sulphur and moisture content [191]. Any coal that can be milled to 
the right size and pneumatically transported can be gasified in the Shell 
entrained flow gasifier, although some adjustments are necessary in the case of 
specific coals. For example, bituminous coals require steam injection and 
oxygen/coal (dry, ash free) ratios from 0.85 to 1.05 for producing a syngas with 
an H 2 /CO ratio of 0.4 to 0.45 and 1-2.5% CO 2 . Sub-bituminous coals on the 
other hand do not require steam injection and can be operated with oxygen/coal 
ratios of between 0.8 and 0.9. 

The ash content of a coal has an impact on the performance of the gasifier 
in terms of efficiency, as slag forms part of the insulation of the wall of the 
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gasifier and so prevents excessive heat loss during gasification [191]. An ash 
content of more than 8% but lower than 15% is recommended, as increased ash 
content increases the overall cost of the operating system. However, coals with 
an ash content of up to 40% can be processed. The ash content can also have an 
impact on the performance of the slag tap and the slag handling system. 
Elements like Cl, F, Pb, K, Na and P need to be taken into account as they 
vaporise during gasification and then condense in the syngas cooling systems, 
sticking to ash particles and causing fouling. 

Large variations in the coal sulphur content have the largest impact on the 
gasification process, followed by variation in ash content and moisture content 

The Shell gasifier has a cold gas efficiency of 80%, which is higher than 
that of the Texaco entrained flow gasifier due to reduced oxygen consumption 
and lower CO 2 generation. If the energy content of the high pressure steam 
generation in the gasifier jacket and the gas coolers is added to that of the fuel 
gas and if the energy for coal drying and steam feed to the gasifier is deducted, 
the actual efficiency would increase to 94% [174]. 

IGCC using the Shell gasification technology has been demonstrated over 
the last few years at the Buggenum facility in the Netherlands. The single Shell 
gasifier has a throughput of approximately 23 kg/s coal [211], which translates 
to 2070 tons/day of coal. The plant is currently owned by Nuon, which is the 
largest electric power supplier in the Netherlands. Trials are under way to co¬ 
feed renewable energy sources such as agricultural waste and chicken litter 
[ 212 ]. 

3.6.3.3 Lurgi Multi-purpose gasifier (MPG) 

The MPG developed fi'om a well-proven partial oxidation technology that 
was acquired by Lurgi to offer all production and treating processes for gas 
production from a single source [213]. The MPG was developed from Lurgi’s 
fixed bed coal gasification technology and a demonstration unit has been in 
operation at Schwarze Pumpe since 1968. The MPG can process an extreme 
variety of hydrocarbon-containing feeds ranging from natural gas, coal tars and 
oils, heavy refinery residues, asphalts, etc. It is even possible to feed several 
streams of non-mixable substances simultaneously. 

The feed enters the refractory-lined vessel through a top-mounted robust 
burner, which is able to process fluids of high viscosity, emulsions and slurries 
containing particles of several mm in diameter [211]. Oxygen is mixed with 
steam before being fed to the burner. The steam acts as temperature moderator. 
The process is non-catalytic and is carried out at temperatures of 1200°C to 
1450°C and pressures of 30 to 75 bar. 
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Depending on the feed composition, the oxidant and the actual gasification 
temperature, the raw syngas contains H 2 , CO, CO 2 , etc. in various 
concentrations. The H 2 /CO ratio of the obtained syngas is in the range of 0.5 to 
0.8. Typical characteristics of the raw gas exiting the MPG, compared to the 
Sasol-Lurgi dry bottom fixed bed gasifier, are listed in the table below. 


Table 4 

Comparison of raw gas composition and temperature for the Sasol-Lurgi gasifier and Lurgi 
MPG [211] _ 




Sasol-Lurgi gasifier 

MPG 

H2 

% vol. 

39 

41 

CO 

% vol. 

18 

53 

C02 

% vol. 

31 

4 

CH4 

% vol. 

11 

0.15 

Nj-t-Ar 

% vol. 

1 

_____1 

1.85 
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Figure 77 Different modes of operation for a MPG [211] 
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Soot and ash are removed from the raw syngas by means of wash water 
[213]. The resulting slurry is routed to a treatment step. After separation from 
the solid particles, the greater part of this water is recycled to the washing units. 
To provide maximum feedstock and product flexibility, two variants for the 
syngas cooling section are offered for the MPG. The MPG gas cooling can 
either be a quench configuration or boiler configuration. Application of a waste 
heat boiler utilizes a major portion of waste heat to generate high-pressure 
steam. However, if the feedstock contains high levels of precipitation-prone 
contaminants which could block boiler tubes of the waste heat boiler, the quench 
mode is preferred. This option offers highest flexibility at lowest investment cost 
traded off against lower energy efficiency. 

3.6.3.4 E-Gas two-stage gasifier 

The E-Gas Technology, formerly Destec, process is an entrained flow, 
two-stage oxygen-blown gasifier. Coal is slurried, which is a more elegant way 
of pressuring coal than lock-hoppering [1], combined with pure oxygen, and 
injected into the first stage of the gasifier. 

Two-stage gasification involves a first high-temperature slagging stage to 
which only part of the reactants are fed and a second non-slagging stage where 
the hot gas from the first stage drives the endothermic reactions. Unreacted 
carbon and dry ash which exits the second stage with the raw gas is removed 
from the gaseous stream and recycled to the first stage, so that almost all ash is 
removed as a slag. The two-stage gasifier has a higher thermal efficiency than 
single-stage gasifiers as the sensible heat in the raw gas is reduced and has a 
lower oxygen requirement than single-stage gasifiers. However, for a two-stage 
slurry-feed gasifier, such as the E-Gas gasifier, the disadvantage of a higher 
steam consumption, which is the case for dry-feed two-stage gasifiers, is not 
applicable, since the amount of steam is dictated by the coakwater ratio in the 
slurry, which is not affected by the staging arrangement. 

In the case of the E-Gas gasifier, coal slurry undergoes partial oxidation at 
temperatures high enough to bring the coal ash above melting point in the first 
stage. Fluid ash falls through a tap hole at the bottom of the first stage into a 
water quench, forming an inert vitreous slag. The hot gas flows to the second 
stage, where additional coal slurry is injected. 

The E-Gas gasifier is the only two-stage process with an operating 
commercial-scale demonstration plant, at the Wabash River site in Indiana, 
which was started up in 1996. Until 2000, sub-bituminous coal-water slurry was 
injected into the hot gases from the first stage. Particulate matter (char) was 
removed from the exiting gas in a particulate-removal unit featuring metal 
candle filters, after which it was injected with oxygen and/or steam into the first 
slagging stage, operating at a temperature of approximately 1400°C. The result 
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was that, although sub-bituminous coal is used, the slagging part of the gasifier 
saw a feed upgraded by a dry char stream that required relatively little oxygen to 
be gasified. 

Until the year 2000, 2550 tpd of coal was processed at the Wabash 
complex. Thereafter, the feedstock was switched to petcoke, and currently, 2000 
tpd of petcoke is processed, with a 262 MWe net output. In fact, the E-Gas 
gasifier offers the highest petcoke throughput possibility of any gasifier at 2700 t 
per vessel per day [214]. 

The Wabash River Coal Gasification Repowering project, an IGCC 
complex, is claimed to be the cleanest coal-fired power plant in the world, 
operating at emissions well below its 1993 permit. The E-Gas technology has 
been operated in this IGCC application for over 15 years, and provides a highly 
efficient, environmentally superior and competitive based-load power 
alternative. IGCC achieves low SOx and NOx emissions, near zero particulate 
emissions and more than 90% of mercury in the feedstock can be removed. Coal 
ash from the E-gas process is an inert saleable construction material. 


Particulate 
Syngaa Removal 



Figure 78 Wabash River Coal Gasification Repowering plant [215] 
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Numerous problems were experienced during the first years of operation. 
These included (1) ash deposition on the walls of the second stage of the gasifier 
and downstream piping, (2) particulate breakthrough in the hot gas filter system, 
(3) chloride and metals poisoning of the COS catalyst, (4) cracking problems 
with the gas turbine combustion liners and tube leaks in the heat recovery steam 
generator. However, these problems were all solved by the fourth year of 
operation. 

The Wabash plant has been used to test certain improvements to the E-Gas 
gasification technology and integration into IGCC. ConocoPhillips claims that 
the technology will have a reduced capital cost, improved availability, GT-ASU 
integration and cyclone/hot gas filter hybrid system for gas cleaning from 
particulates to offer in future. The immediate future for E-Gas Technology 
appears to lie with applications where low-cost feedstocks can be used and co¬ 
production options are desired, e.g. the co-production of steam, fuels/chemicals 
and electricity [215]. 

The Wabash River Coal Gasification plant was owned by Dynegy at the 
beginning of the re-powering project. At the end of demonstration in December 
1999, Global Energy Inc. purchased Dynegy’s gasification assets and 
technology, and marketed the technology under the name E-Gas Technology. 
ConocoPhillips purchased the E-Gas technology in 2003, since the gasification 
technology was identified as a means to solve potential disposal problems of 
wastes from coking operations, and to meet refinery hydrogen needs. E-Gas 
Technology is a proven clean and efficient commercial process for converting 
coal or petroleum coke into a hydrogen-rich syngas, ideally suited for refining, 
power and chemicals applications. 

ConocoPhillips was formed in 2002 with the merger of Conono Inc. and 
Phillips Petroleum Company. ConocoPhillips is the world’s number one petcoke 
producer and also licenses coker technology [216]. 

3.7 Combinations of Sasol-Lurgi and entrained flow gasifiers 

Sasol-Lurgi dry bottom fixed bed gasifiers have several advantages: 

• The H 2 /CO ratio of the syngas produced is in the range of 1.70 to 2.0, which 
makes it ideally suited to applications for high temperature Fischer-Tropsch 
(HTFT) synthesis without the need for water-gas shift conversion to adjust 
the H 2 /CO ratio. 

• High ash coals can be used as feedstock without major economic 
implications. 

• The proven reliability and availability of these units is extremely high. As 
several smaller units are used, maintenance is easy and can be done without 
much impact on the process, by taking one unit off-line at a time. 

• Low oxygen consumption and low capital cost for suitable applications. 
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A strong driver for the application of entrained flow gasifiers is that a wide 
range of feedstocks can be processed, including organic wastes and refinery by¬ 
products. Also, most types of coal can be gasified in entrained flow gasifiers. 
However, each type of entrained flow gasifier has certain requirements of its 
feed, depending on the design. There is a minimum ash content required for 
gasifiers with slag self-coating walls, which have to be covered by slag to 
function and minimise heat loss through the wall [217]. A maximum ash content 
is usually also fixed for each type of entrained flow gasifier, as the tolerance to 
ash content depends on ecpnomic and technical factors. 

The outlet gas from the gasifier is free of any hydrocarbons heavier than 
methane, which is present in very low concentrations due to the unfavourable 
thermodynamic equilibrium for methane formation at high temperatures. 
Likewise, the production of CO over CO 2 is favoured due to the effects of low 
steam addition and high operating temperature on the water-gas shift 
equilibrium. A large amount of sensible heat leaves the gasifier in the raw gas, 
but it can be recovered in a waste heat boiler with the generation of high- 
pressure steam. However, this heat recovery is relatively expensive. 

To address the challenges related to entrained flow gasifiers and Sasol- 
Lurgi gasifiers, combinations can be considered. Entrained flow gasifiers could 
be used to treat tars, oils, aqueous by-products, fine coal, and even other 
problematic material not specifically related to Sasol-Lurgi gasification such as 
refinery residues and chemical waste streams. Entrained flow gasifiers could 
even be used to partially reform methane, reducing or eliminating the separate 
reformer capacity often required in schemes employing Sasol-Lurgi gasifiers. 

In some instances, syngas with a relatively low H 2 /CO ratio is required, 
e.g. for low temperature FT synthesis (LTFT) using iron catalyst. The Sasol- 
Lurgi fixed bed dry bottom gasifier can usually only be operated within a very 
narrow H 2 /CO band. The gas from an MPG or entrained flow gasification unit 
could be used to manipulate the H 2 /CO ratio of syngas to obtain the optimum 
composition for the downstream synthesis process. 

In summary, employing entrained flow gasifiers together with with Sasol- 
Lurgi fixed bed dry bottom gasifiers would have the following advantages: 

• Simpler flow scheme, since tar and phenosolvan (aqueous product) work-up 
can be simplified or eliminated. 

• The possibility to produce the maximum amount of synthesis gas from coal, 
as all black products will be converted to syngas as well. 

• Better flexibility in terms of feedstock, as Sasol-Lurgi gasification offers the 
opportunity to process high-ash coals, while entrained flow gasifiers offer 
the opportunity to process fine coal and hydrocarbon and aqueous wastes. 

• Better flexibility in terms of products, as the syngas can be manipulated to 
suit the downstream synthesis processes. 
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3.8 Particulate removal 

Before the raw syngas from a gasifier can be fed to an expansion turbine, 
gas turbine or condensing heat exchanger it is necessary to remove entrained 
solids. Currently this requires a cooling step immediately after the gasifier. This 
may be a significant source of energy degradation and compares unfavourably 
with gas reforming that does not require this solids removal step. 

In most existing plants the solids are washed out with water in venture 
scrubbers or wash towers. This scrubbing takes place below the dewpoint of the 
gas so that the finest solid particles can act as nuclei for condensation, thus 
ensuring that all solids are removed efficiently [1]. 

ChevronTexaco and others have proposed the use of a quench IGCC 
design in which the gasification is conducted at higher pressure of about 70 bar 
[1]. Additional power can then be generated by expansion of the clean syngas 
fuel to about 20 bar followed by reheat and firing in the gas turbine. Fuel gas 
expansion is being used in two of the heavy oil IGCC plants at Falconara and 
Priolo in Italy. 

A significant development has been the use of dry solids removal at gas 
temperatures up to 500 °C using ceramic candle filters [1]. 

Dry particulate removal must take place at a temperature that is sufficiently 
low that alkali compounds can be removed as solids so that they do not form 
corrosive alkali (hydro-) sulphates. This temperature is about 500 °C, which 
represents an upper bound for the particulate removal [1]. The lower bound is 
governed by the ammonium chloride sublimation temperature and lies at about 
280 - 300 °C [1]. Within this allowable range of 280 - 500 °C it is preferable to 
remain close to the upper limit when feeding the syngas to a gas turbine to 
ensure the highest possible efficiency if this gas is to be fed to a turbine. 
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1. FEEDSTOCK AND TECHNOLOGY COMBINATIONS 

There are a number of combinations of feedstock, Fischer-Tropsch technology 
and products that have found commercial application or have been proposed for 
commercial application. The most important applications are summarised in 
Table 1. 

From Table 1 it is clear that certain technologies compete for application 
with the same feedstock. Notable competitors are Synthol (HTFT) and cobalt 
catalyst (LTFT) for natural gas feedstock as well as iron catalyst (LTFT) and 
Synthol (HTFT) for carbon rich feedstock. While FT technology costs may be 
an important issue, it is not necessarily the primary decision criteria. The 
opportunities to add value to the potential project by means of more lucrative 
co-products is an important consideration [1]. So the desired chemical co¬ 
products may narrow down the choice of technology. 

Whatever combination of feedstock, technology and products is selected, it 
will be highly desirable to involve a party experienced at integrating the various 
technologies used with each other and with the associated utility systems. A 
further requirement for successful implementation is a highly skilled team to 
implement the mega-project on time and within budget, often with special 
challenges associated with a remote location. The track record of the technology 
supplier may be a vital consideration. Mega-projects are required to reap the 
benefits from economics of scale. History has shown this to be necessary for 
energy conversion projects, as is clearly evident by analogy to similar industries 
such as cmde oil refining and electrical power generation. 
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Table 1 
FT applications 


FEEDSTOCK 

FT TECHNOLOGY 

PRODUCTS 

APPLICATION 

High Ash Coal 

Synthol (HTFT) 

Primary Product - 

Gasoline 

Co-products - 
Diesel, kerosene, LPG, 
ethylene, propylene, 

1-hexene, oxygenates, 
gasifier by-products, 
pipeline gas 

Secunda, 

South Africa 

High Ash Coal 

Iron Catalyst (LTFT) 

Waxes, paraffins, LPG, 
ammonia, hydrogen, 
gasifier by-products 

Sasolburg, 

South Africa 

Petroleum Coke 

Iron Catalyst (LTFT) 

Diesel, naphtha, lubricant 
base oils, elec, power 

ChevronTexaco 
& Rentech 
proposals 

Low Ash Coal 

Synthol (HTFT) 

Primary Products - 

Diesel and electrical 
power 

Co-products - 
Naphtha, LPG and 
various commodity 
chemicals 

Proposed for 
application in 
China. 

Associated Gas 

Co Catalyst (LTFT) 

Primary Product - 
Diesel 

Co-products - 
Naphtha, LPG 

Escravos, 

Nigeria 

Lean Natural Gas 

Iron Catalyst (LTFT) 

Waxes, paraffins, LPG, 
ammonia, hydrogen 

Sasolburg, 

South Africa 

Lean Natural Gas 

Synthol (HTFT) 

Primary Product - 

Gasoline 

Co-products - 
Diesel, LPG, oxygenates 

Mossel Bay, 

South Africa 
Brownsville, 

Texas, USA 

Lean Natural Gas 

Co Catalyst (LTFT) 

Waxes, paraffins, diesel, 
naphtha, LPG 

Bintulu, 

Malaysia 

Lean Natural Gas 

Co Catalyst (LTFT) 

Primary Product - 
Diesel 

Co-products - 

Naphtha, LPG, detergent 
feedstock, lubricant base 
oils, electrical power 

Ras Laffan, 

Qatar 

Other proposals: 
Iran 

Australia 

Indonesia 

Lean Natural Gas 

Synthol (HTFT) 

Primary Product - 
Gasoline 

Co-products 

Diesel, kerosene, LPG, 
ethylene, propylene, 

1-hexene, oxygenates 

Proposal for 

Oman 
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It almost goes without saying that a new mega-project should not be based 
on technology that has not been proven on a large scale. Smaller technology 
companies will need to co-operate with governments and oil majors or 
multinational chemical companies. 

Natural gas is the preferred feedstock for new plants using Fischer- 
Tropsch technology. GTL (gas-to-liquids) is a popular terminology used to 
describe these plants. Fischer-Tropsch (FT) based GTL technology brings 
together technologies derived from gas processing, industrial gas 
manufacturing, refining, power generation and effluent treatment on a huge 
scale, with investments exceeding those for new grass roots crude oil refineries. 
This sets considerable challenges in terms of cost and performance that have 
only recently been met in a way that allows large scale commercial application. 

The experience in South Africa has demonstrated that the use of F-T 
technology to produce fuels and chemicals from coal can be economically 
viable if there is government assistance for the initial capital investment. Thus 
coal based FT must initially be supported by a strategic initiative from the host 
government but is thereafter competitive on the basis of cash operating costs. 

2. ALTERNATIVE ROUTES FOR THE PRODUCTION OF FUELS AND 
CHEMICALS 

Currently the bulk of the world's fuels and commodity chemicals are produced 
from carbon containing raw materials (fossil resources). Taking the reserves of 
crude oil as unity, Table 2 gives an approximate comparison of some of the 
known reserves of such materials. New deposits, particularly of crude oil and of 
natural gas are regularly being discovered and thus the numbers in Table 2 
would require regular updating. 


Table 2 

World reserves of‘carbon’ relative to oil 


Source 

Reserves, oil equivalent 

Crude oil 

1.0 

Tar sands 

0.7 

Shale oil 

1.2 

Natural gas 

1.5 

Coal 

26 


At present the world demand for crude oil is about 12 million tons a day. 
The reserves of crude oil, however, are large (estimated at about 2 trillion i.e. 2 
X lO’^ barrels or about 240 X 10® metric tons) and could possibly last for fifty 
or more years. Nevertheless, for both political and economic reasons it is 
foreseen that alternative sources of carbon containing materials could be utilised 
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to a greater extent in the not too distant future. In the long term, because of the 
huge amount available, coal could become the main source for the production of 
liquid fuels and of commodity chemicals. 

Extensive research into the recovery of shale oil has been carried out in the 
past but to date there have been no commercial applications and its future is 
uncertain. The huge tar sand deposits in Alberta, Canada are being utilised by 
the companies Syncrude, Suncor and Albion. Significant amounts of ‘crude oil’ 
are being produced. The sands contain between eight and twelve percent of 
bitumen and to produce one ton of oil requires the work up of about fifteen to 
twenty tons of sand. As in the case for shale oil, the tar sand oil is highly 
aromatic and so is not suitable for the production of low molecular weight 
alkenes for the chemical industry. Although the diesel oil fraction after severe 
hydrotreatment does meet the current specifications, it is unlikely to do so when 
Cetane numbers above say 50 are required. 

The direct conversion of coal to fuels and chemicals is no longer applied to 
any significant extent and the direct conversion of methane to chemicals such as 
methanol, ethylene or benzene has met with little success to date. However, the 
conversion of coal or of methane to sulphur- free synthesis gas (a mixture of 
CO, H 2 and CO 2 ) are well established processes. The synthesis gas (syngas) can 
be used for the generation of power by combined cycle operation or can be 
converted to environmentally fnendly fuels and chemicals via the Fischer- 
Tropsch process. For environmental and economic reasons methane is currently 
preferred to coal for syngas production. The capital cost of the plant is lower 
and the process is more efficient in the case of methane since about 25% of the 
carbon is converted to CO 2 , whereas for coal it is over 50%. 

New reserves of natural gas are regularly being discovered, but often these 
reserves are situated very far from the markets. The laying of long distance 
pipelines is too expensive and can also be politically very hazardous if the 
pipelines have to cross international borders. Liquifaction of the methane and 
transportation in specialised tankers is uneconomical over long distances. A 
solution to these problems is converting the methane to oil via the Fischer- 
Tropsch (FT) process and then transporting the oil in normal tankers. 

The thermal efficiencies of producing liquid fuels from methane have been 
given [2] as follows: 


Gasoline from the MTG process 

58% 

FT diesel fuel 

63% 

Methanol 

72% 


This published methanol thermal efficiency appears to be slightly 
optimistic (see, for example, de Jong [3] who published a figure of 67% for the 
thermal efficiency for methanol production) perhaps because the utility energy 
requirements are not fully accounted for. The overall thermal efficiencies for 
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methanol production should range from 66 to 72% and for modem FT synthesis 
from about 60 to 66%. An inherent advantage for methanol production is the 
very high selectivity of the reaction for the desired product while for the FT 
processes typically about 10% of the carbon is converted back to methane, 
ethane and other products which are not recovered. This means that the syngas 
generation equipment is nearly 10% larger for the equivalent quantity of useful 
product. 

MTG is Mobil's methanol to gasoline process. This process is no longer 
considered to be competitive with the direct production of hydrocarbons 
(predominantly diesel) via FT synthesis. Direct use of methanol appears to be 
the most thermally efficient option; however, its introduction would require the 
duplication of the fuel distribution networks as well as the required changes in 
the design of engines. The fuels from FT synthesis do not of course have these 
drawbacks. The possible higher efficiency of methanol production is also offset 
by the fact that the energy content per litre of fuel is higher in the case of diesel. 

When it is considered that the main aim is the production of a fuel that is 
easily transported then FT diesel has a number of advantages: 

• High energy density 

• Low vapour pressure 

• Not soluble in water 

• Biodegradable 

• Compatible with existing engines and fuel infrastmcture 

• Used in the most efficient currently available engines 

• Fast growing practically infinite existing market 

No other option can rival these advantageous characteristics. Di-methyl ether 
(DME), produced by methanol dehydration, has been proposed as a diesel 
substitute. DME is compatible with efficient compression ignition engines 
unlike methanol that would be used in less efficient spark ignition engines. 
However, with the exception of the use in efficient engines, DME shares none 
of the other advantages listed above for FT diesel. 

The key factor determining the viability of the FT process for the 
production of fuels and chemicals is the price of normal crude oil with which 
the FT oils have to compete in the open market. For various reasons, 
particularly political upheavals in the main crude oil producing countries, the 
price of crude oil can be very unpredictable. Fig. 1 gives an indication of the 
variation of the price of crude oil per barrel over the period 1970 to 2002. Note 
the huge rise in the early 1980's and again the sharp rise during 1999. 
Subsequently the price declined to the mid-$20 level and then rose again to 
about $30 per barrel. These ongoing and unpredictable large price fluctuations 
make the decision to put up a FT plant a very hazardous affair if the cash cost of 
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producing synthetic crude is more than about $10 per barrel. However, projects 
based on low cost remote natural gas can now survive the low cost periods and 
become lucrative when the oil price is above $20 per barrel. 

During the 1930’s in South Africa the mining house Anglovaal extracted 
oil from shale associated with a coal seam. The viable shale deposit was soon 
depleted and Anglovaal decided to get involved in producing oil from coal. 
They obtained a licence to build a Fischer-Tropsch plant in 1935 but World War 
II intervened. After the war all the oil from coal plants that had been operating 
in Germany were shut down because they could not compete with crude oil in 
an open market. There was, however, at that time the perception that due to the 
limited known deposits of crude oil, together with the increasing demand, the 
price would increase and hence the FT process could become viable. Because of 
this perception research in FT and the development of improved FT reactors 
was continued in the USA and in Germany. South Africa possessed no oil 
deposits but there were huge deposits of coal which could be mined at low cost 
because of the thick seams at relatively shallow depths. The South African Coal, 
Oil and Gas Corporation (SASOL) was established with government funding in 
1950. At that time the price of crude oil was about $2 per barrel and that of coal 
about $0.6 per ton. The FT process was considered to be viable for the 
following reasons: (a) The low-cost coal deposits were near the main market, 
Johannesburg, (b) The high cost of transporting fuels to Johannesburg, which is 
about 600 km from the coast at an altitude of 6000 feet, (c) The perception that 
the crude oil price was going to rise as the world supplies dwindled. 

Construction of the first plant at Sasolburg commenced in 1951 but as fate 
would have it, the huge deposits of crude oil in the Middle East were 
discovered, before the plant came on steam in 1955. Consequently the price of 
crude did not rise but stayed in the vicinity of $2 to $3 a barrel till up to about 
1970. Needless to say the plant was not a financial success and amongst the 
reasons for its survival was the exporting of the highly priced FT linear waxes, 
the installation of new plants to produce ethylene, butadiene and styrene, and 
ammonia based fertiliser complex and the sale of 500-BTU gas to nearby 
domestic and industrial consumers. 

In 1960 OPEC was formed and in the early 1970’s the price of crude 
started to increase. At this stage Sasol had resolved all its technical and catalyst 
problems and it was decided to construct another much larger plant at Secunda. 
Construction started in 1976. Political upheavals in Iran lead to further large 
increases in the crude oil price and while the second Sasol plant was still being 
constructed it was decided to erect a third plant, also at Secunda. The second 
plant came on stream in 1980 and the third plant in 1983 when the oil prices 
were at their peak at about $35 a barrel. So, contrary to the first Sasol plant the 
next two were successful from the start. All three plants were coal based. 
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The price at which fuels derived from FT are sold is the same as those 
derived from crude oil. There is only a weak link, if any, between the operating 
cost of a FT plant and the price of crude oil. Because of this if the crude oil 
price increases the profitability of the FT process rises. If the price of crude 
drops then of course the reverse holds. 

In 1979 Sasol was listed on the Johannesburg stock exchange and within a 
few years the South African government sold most of its remaining share 
holding and thus Sasol become a fully public owned company. In 1982 Sasol 
was listed on the New York NASDAQ stock market and the listing was moved 
to the New York stock exchange in 2003. Early on it was realised that to 
improve the profitability of the FT operation it was necessary to not only 
produce fuels but also to extract the higher value chemicals present in the 
product streams and also convert other components into higher value chemicals. 
By 2001, 57% of total sales were from exported chemical products and the 
Group’s overseas operations. 

The South African government funded the construction of another separate 
FT complex, named Mossgas (now PetroSA), at the coastal town Mossel Bay. 
The plant is based on natural gas obtained from offshore rigs and came on 
stream in 1992. In the next year the Shell FT plant at Bintulu in Malaysia came 
on stream. It was also based on offshore methane. At that stage the price of 
crude oil was in the vicinity of $15 a barrel and hence these plants were not as 
fortunate as the two large Sasol plants which came on steam when the price of 
crude was about $35 a barrel. Both these plants are small compared to the 
Secunda complex and were therefore not able to benefit from economies of 
scale. The Shell plant initially used four fixed bed reactors to produce 12 500 
barrels/day of product. Shell now claims that 8 000 bbls/day can be produced in 
a single maximum capacity fixed bed reactor. The Mossel Bay plant has three 
circulating fluidized bed (CFB) Synthol reactors that are each capable of 
producing 8 000 bbls/day but the plant design called for the ability to produce 
80% of the total throughput with two reactors on-line. Thus the nominal FT 
synthesis capacity is 20 000 bbls/day. Today a single Sasol Advanced Synthol 
reactor, with a simple fluidized bed design, can produce 20 000 bbls/day. 

3. COMMERCIAL FT PLANTS 

3.1 Sasol (Sasolburg and Secunda, South Africa) 

Up until 2004 the raw syngas for all three Sasol plants was produced from 
coal. (From 2004 the Sasolburg plant uses methane piped in from 
Mozambique.) The production of syngas from coal is described in Chapter 4. 
About 40 million tons of low grade coal is consumed per year by Sasol. 

At the present Sasolburg plant (Fig. 2) the pure syngas is fed to the low 
temperature Fischer-Tropsch (LTFT) reactors. There are five multitubular 
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reactors and one high capacity slurry phase reactor. These reactors are operated 
at conditions which maximise the production of linear alkanes/alkenes and 
waxes. Sasol is the world’s largest producer of linear paraffinic waxes. These 
products are hydroprocessed to convert all the alkenes and oxygenated 
compounds to alkanes. After recovery of the LPG (C3 and C4) from the FT tail 
gas, hydrogen is extracted from part of this gas and used mainly in the synthesis 
of ammonia. The balance of the tail gas is sold as fuel gas. 

At the Secunda plants (Fig. 3) the purified syngas is fed to the high 
temperature Fischer-Tropsch (HTFT) fluidized bed reactors. These reactors are 
described in Chapter 2. The operating conditions are aimed at the production of 
1-alkenes and gasoline. Iron based catalyst is used (see Chapter 7). The 
selectivities and the control thereof are discussed in Chapter 3 and Sections 4 
and 5 in this Chapter. Since the FT reactions produce a wide spectrum of 
products ranging from methane to high molecular mass oils the separation and 
refining of the products is complex. On leaving the FT reactors the products are 
condensed yielding a gas, oil and an aqueous phase. The aqueous phase contains 
water soluble alcohols, aldehydes, ketones and acids. The non-acid chemicals 
are recovered by distillation and the alcohol and ketone cuts are 
hydroprocessed. N-Crotonaldehyde and n-butanol is produced from 
acetaldehyde. Acetic and propionic acid is extracted by a liquid-liquid process 
using a light solvent in packed bed extractors. The effluent water is biologically 
treated to remove any remaining organic compounds and the purified water is 
then used as cooling water make-up in the plant. 

After the condensation of the oil and water phases the tail gas containing 
unconverted syngas and gaseous hydrocarbons is cryogenically separated into a 
hydrogen-rich, a methane-rich and three light hydrocarbon streams. The latter 
are fractionated and purified to yield high value 1 -alkenes. A portion of the H 2 
rich gas is fed to a PSA (pressure swing absorber) unit to produce H 2 required in 
the various hydrotreating operations and the balance is recycled to the FT 
reactors. The bulk of the CH4 rich gas is fed to autothermal catalytic reformers 
and the product syngas is recycled to the FT reactors. The balance of the CH4 
rich gas is sold as fuel gas. Ethylene is piped to polyethylene production units in 
Sasolburg. Propene is fed to polypropylene, acrylonitrile and acrylic acid plants. 
Thus all the feed materials required to produce acrylates, namely propylene, 
acrylic acid, n-butanol and ethanol are all available within Sasol. The remaining 
C 3 cut together with the C 4 cut is oligomerised over phosphoric acid/kieselguhr 
catalyst to yield LPG (light petroleum gas), gasoline and diesel fuel. The C 5 to 
Cg 1-alkenes are extracted purified and sold as co-monomers for the production 
of polyethylene. The longer chain linear olefins are hydroformulated to produce 
about 120 000 tons of detergent alcohols per year. The light FT naphtha is 
hydrotreated and then catalytically reformed (Pt/Al 203 catalyst) to produce 
gasoline having the required octane number. The diesel fuel cuts, the straight- 
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run FT diesel as well as that produced in the oligomerisation plant, are 
hydrotreated to convert the alkenes and oxygenated products to alkanes. 
Currently Sasol produces a total of about 7500 x 10^ tons per year of various 
products and provides about 30% of South Africa’s liquid fuel requirement. The 
quality of FT gasoline and diesel fuels is discussed in Chapter 6. 



X 




Figure 2 Sasolburg plant block diagram 
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Syngas 



Figure 3 Secunda plant block diagram 










3.2 PetroSA/Mossgas (Mossel Bay, South Africa) 



to Bioworks 


Figure 4 Mossel Bay PetroSA block diagram 
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Fig. 4 shows the flow diagram of the Mossgas/PetroSA plant. The plant 
produces mainly gasoline and diesel fuel [4]. Syngas is produced from off-shore 
natural gas. After condensing out the lighter hydrocarbons present the methane 
is catalytically reformed in multi-tubular steam reformers followed by 
autothermal reformers [5, 6 ]. The synthesis gas is fed to the circulating fluidized 
bed (CFB) FT reactors. Fused iron based catalyst is used in these reactors. 

The alcohols, ketones and aldehydes dissolved in the condensed FT water 
phase are extracted and the ketones and aldehydes are hydrogenated to alcohols. 
The FT C 3 and heavier hydrocarbons in the tail gas are recovered in a chilling 
(refrigeration) unit. The remaining tail gas containing unconverted syngas, CO 2 , 
CH 4 , C 2 H 4 and C 2 H 6 is recycled to the secondary reformers. Butane from the 
natural gas is isomerized to isobutane (Butamer process) which is then alkylated 
■with FT C 3 and C 4 alkenes to produce high octane gasoline. The balance of the 
€ 3 ^ alkenes from the tail gas is oligomerized over a shape selective acid zeolite 
catalyst to produce diesel fuel and gasoline. All the FT gasoline cuts are 
hydrotreated, the Cs/Cg alkanes are isomerized (Penex process) and the 
alkanes catalytically reformed (Pt) to produce high octane gasoline. All the 
diesel cuts are also hydrotreated. The total fuel production is approximately 
1020 x 10 ^ tons per year. 

3.3 Shell SMDS (Bintulu, Malaysia) 

The SMDS (Shell Middle Distillate Synthesis) plant is based on off-shore 
methane [7, 8 , 9]. The plant layout is shown in Fig. 5. The syngas is produced 
by a non-catalytic partial oxidation (POX) process at high pressure and about 
1400°C. The reformer carbon efficiency is greater than 95% and the methane 
slip is about 1%. The H 2 /CO ratio of the syngas is approximately 1.7 and since 
this is below the usage ratio of about 2.1 required for the cobalt based catalyst 
used in the FT section some additional hydrogen-rich gas is required. The latter 
gas is provided by catalytic steam reforming of the FT tail gas. This is a low 
efficiency and high cost operation. This plant also provides the hydrogen for the 
hydrotreating/hydrocracking operations in the product work-up sections. The FT 
reactors are multi-tubular reactors similar to Lurgi methanol reactors. Operation 
is at about 3MPa and 200 to 230°C. Conversions of approximately 80% and Cs^ 
selectivities of about 85% are claimed [9]. The objective is high wax 
production. After condensing out the FT water and liquid oils and waxes the tail 
gas, presumably containing all the Ci to C 4 and also some Cs^ products, is fed to 
the catalytic steam reformer to generate syngas which is recycled to the FT 
reactors. There are two modes of product work-up. In the one the waxes are 
hydrofined to eliminate alkenes and oxygenated compounds and fractionated 
into different grades of waxes. In the other mode the waxes are 
hydroisomerized/hydrocracked to yield high quality diesel and kerosene fuels. 
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Figure 5 Shell Bintulu plant bloek diagram 
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4. INTRODUCTION TO THE GAS LOOP 

The application of Fischer-Tropsch Technology involves much more than 
simply feeding a synthesis gas to a Fischer-Tropsch (FT) reactor. The gases and 
vapours leaving the FT reactor require further processing and the recycle of 
some of the gases is usually required for an optimised design. All the 
commercial applications to date involve the cooling of the FT reactor outlet 
gases and vapours to condense hydrocarbon products and reaction water which 
are separated from a tail gas. Some of this tail gas is typically recycled to the FT 
reactor for reasons explained in Chapter 2. This recycle stream is known as 
internal recycle. The remaining tail gas undergoes further processing to provide 
gases that may be recycled to the FT reactor and/or a methane reformer. 
Typically some of the tail gas is used as fuel and in some cases hydrogen is 
produced from the tail gas. The gas processing scheme used is known as the gas 
loop. 

An outlet or purge from the gas loop is always necessary to prevent a build 
up of inert gases (e.g. nitrogen) in the loop. When the outlet is kept to a 
minimum required for inert gas control, this is known as a closed gas loop 
design. When large amounts of gas are exported as a fuel product or for 
processing to make hydrogen, this is referred to as an open gas loop design. 

Various gas loop designs are described in the following sections in a way 
that should facilitate an understanding of the important considerations for the 
preparation of such designs. It is important to stress at the outset that a computer 
model is an essential tool to produce an optimum gas loop design. 

4.1 Gas loop for HTFT synthesis with a Sasol-Lurgi fixed bed coal gasifier 

This type of gas loop has been used in both open and closed loop 
configurations by Sasol in South Africa. The closed loop configuration is 
illustrated in Fig. 6 [10]. 

Given that this gas loop is applied commercially, it is appropriate to 
discuss some of the design and operational considerations. A volumetric 
composition for the Pure Gas from the fixed bed gasifiers after clean-up in the 
Rectisol plant for the early application in Sasolburg was dependant on the 
operating mode of the gasifier used to produce the desired H 2 /CO ratio gas [11]: 


Component 

High H 2 /CO 

(Volume %) 

Medium H 2 /CO 

(Volume %) 

Low H 2 /CO 

(Volume %) 

N2 

0.8 

0.8 

0.8 

H2 

59.5 

55.6 

53.6 

CO 

24.8 

28.5 

31.5 

CO2 

0.9 

0.9 

0.8 

CH4 

14.0 

14.2 

13.3 

H2/CO 

2.4 

1.95 

1.7 
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Internal Recycle 



Purge to Fuel Gas 


Figure 6 Sasol-Lurgi Gasifier HTFT Gas Loop 


Currently the Pure Gas H 2 /CO ratio at Secunda is as low as 1.7 (without 
C02 recycle) accompanied by a lower methane content of about 12.0%. 

Total removal of CO 2 is required in the Benfleld unit to avoid freezing up 
the cryogenic unit (cold box) with solid C 02 . 

For the gas loop design shown in Fig. 6, inert gases are purged via the 
PSA (pressure swing adsorption) unit off gases and some methane rich gas 
export for use as fuel gas. If there is a bottleneck in any of the units in the gas 
loop, this is usually handled by sending some methane rich gas to the flare. It is 
sometimes necessary to flare hydrogen rich gas to avoid an upward spiral of 
hydrogen in the gas loop. 

Note that the gas fed to the Synthol (Fischer-Tropsch) reactors is a mixture 
of a number of streams i.e. synthesis gas, reformed gas, hydrogen rich gas and 
internal recycle gas. If the reactants in the total feed gas are not in 
stoichiometric balance, the reactor performance will suffer due to the build up 
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of the reactant that is in excess. This build up is magnified by the internal 
recycle. To ensure optimum performance, the Fresh Feed is kept in 
stoichiometric balance i.e. the synthesis gas molar consumption ratio, 

-^- is kept at a value of 1.03 (see Chapters 2 and 3). 

ICO + iCO^ 

This is preferably done without resorting to gas flaring which will result in 
the loss of potential product. 

In the case where carbon is in excess, this can be corrected by decreasing 
the conversion of reactants in the Synthol reactors. This allows more carbon 
dioxide to proceed to the Benfield unit where it is removed thus correcting the 
carbon excess. Since the build up of carbon species will cause a decrease in 
conversion at the Synthol unit this process is self correcting. The undesirable 
consequence of this self correction is an increase in the value of the 
carbonisation factor Pco/P (See Chapter 3) which causes a more rapid rate of 
catalyst deterioration. To avoid this, the usual remedy is to decrease the internal 
recycle rate or to take one of the Synthol reactors out of service. For the CFB 
type of reactor, a further degree of control was available by decreasing the 
catalyst flow to the reactor by closing the slide valve. When changing the flow 
to a Synthol reactor, care must be taken to avoid upsetting the operation of the 
cyclone separators in these reactors. 

In the case where hydrogen is in excess, this can be corrected by 
increasing the conversion of reactants in the Synthol units if there is scope to 
achieve this. If not, then the synthesis gas feed rate must be decreased or, more 
likely, some hydrogen rich gas is purged from the loop. Typically the installed 
capacity of the highly reliable Sasol Advanced Synthol reactors at Secunda is 
such that the hydrogen is rarely in excess. 

4.1.1 Advanced gas loop design considerations 

The following discussion is only of interest to those seeking an advanced 
insight into design considerations for this particular gas loop. 

It is tempting to regard the synthesis gas H 2 /CO ratio as a control variable 
to adjust the composition of the total feed gas. However, studies have shown 
that it is desirable to operate the Lurgi gasifiers at the highest practical operating 
temperature, resulting in the lowest, practical H 2 /CO ratio. This results in the 
lowest carbon dioxide content in the gasifier raw gas and the greatest quantity of 
synthesis gas that can proceed through the Rectisol units. However, to avoid 
bottlenecks in the downstream gas loop, there must be sufficient Benfield unit 
CO 2 removal capacity to cope with the removal of excess carbon. 

With the autothermal reformer design used at Secunda, the reformed gas is 
also rich in carbon relative to the stoichiometric requirement. Typically, 80% of 
the methane converted at the reformers is from methane entering the gas loop in 
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the synthesis gas. (The remainder is produced in the Synthol reactors.) A typical 
reformed gas composition [12] is as follows: 


Component 

Volume% 

N2+Ar 

5.47 

H2 

63.23 

CO 

16.99 

CO2 

13.23 

CH4 

1.08 


Based on this composition the stoichiometric ratio (Ribblett) is 0.86 which 
is only slightly higher than the coal derived Pure Gas Ribblett ratio of about 
0.82. The hydrogen rich gas from the cryogenic separation (cold box) is 
required to bring the Fresh Feed Ribblett ratio up to the required value of 1.03. 

The use of a lower steam to carbon ratio for the autothermal reformer 
improves the reformed gas Ribblett ratio in spite of the lower H 2 /CO ratio. The 
following reformed gas composition was reported for steam/carbon (S/C) ratios 
of 1.5 and 0.6 [13]: 


Component 

VoIume% (0.6 S/C) 

Volume% (1.5 S/C) 

N2+Ar 

3.8 

1.51 

H2 

63.66 

65.75 

CO 

25.93 

22.67 

CO2 

6.21 

9.62 

CH4 

0.4 

0.45 

Ribblett ratio 

0.90 

0.89 


The Ribblett ratio increases to 0.9 primarily as a result of the decreased 
CO 2 content in the reformed gas. 

At Secunda, an opportunity has been identified to add gas heated 
reformers in parallel to the existing autothermal reformers. These gas heated 
reformers use the heat from the hot reformer outlet gases to drive the 
endothermic methane-steam reforming reaction. This has the combined effect of 
increasing the hydrogen content of the reformed gas and the reformer capacity. 
The extra hydrogen consumes CO 2 in the Synthol reactions before it arrives at 
the Benfield unit. This means that larger quantities of Pure Gas can be 
processed in the gas loop. 

The design of the utility systems can be improved for future coal 
conversion plants to allow the production of electrical power for export. The use 
of a second stage Synthol reactor may be considered because this approach 
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allows the use of lower internal recycle rates and results in a more energy 
efficient design. A second stage reactor has recently been installed at Secunda. 

The Secunda gas loop can be easily modified to export methane rich gas 
for sale as pipeline gas [10]. The lost reformed gas can be replaced by additional 
coal derived synthesis gas feed to avoid a decrease in the production rate of 
liquid hydrocarbon products. 

The need to use computer models now requires some discussion. Such 
models are used to calculate the capacities of the units in the gas loop and the 
flows and compositions of the streams that connect them. This is an area of 
specialist proprietary know-how. The reason for this is that the product 
spectrum produced by the Synthol reactors depends on the composition of the 
gas fed to these reactors. Specifically, the methane selectivity depends on this 
composition, so the quantity of reformed gas depends on the composition of the 
total feed gas while the composition of the total feed gas depends in turn on the 
quantity of reformed gas. In addition to the requirement to keep the composition 
of the total feed gas in stoichiometric balance, there is a need to avoid an 
excessively high rate of carbon formation on the Synthol catalyst. Carbon 

p 

formation is proportional to so that a hydrogen rich gas is desirable. On the 

pO.S 

other hand methane production is proportional to -—— and in this case a 

^CO ^o, 

hydrogen lean gas is desired. To complicate matters further, the way in which 
the catalyst responds to the gas composition depends on the level of promoters 
used in the catalyst and the temperature at which the reactor operates. However, 
with modem computer software, it is relatively easy to determine the optimum 
combination once the trends can be accurately predicted. 

Having designed and operated laboratory reactors, pilot plants and 
commercial HTFT reactors over about half a century, Sasol has refined these 
predictions to be extremely reliable over a very wide range of operating 
conditions and catalyst formulations. 

4.2 Gas loop for HTFT synthesis with high temperature gasification of 

carbon rich feedstocks 

While the Sasol-Lurgi fixed bed gasifier is the technology of choice for the 
conversion of high ash coal, it may be desirable to use a high temperature 
entrained flow gasifier for a low ash, carbon rich feedstock. The types of 
gasifier are discussed in the Chapter 4. 

The high temperature gasifiers produce a synthesis gas with a very low 
ratio of hydrogen to carbon monoxide. This gas is not suitable as direct 
feedstock to Synthol reactors. The reactant ratio is easily adjusted to the desired 
stoichiometric ratio by means of a high temperature shift reactor upstream of the 
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carbon dioxide removal unit. The resulting synthesis gas has the desirable 
characteristic that it contains very little methane. Compared to the design for 
Sasol-Lurgi gasifiers, it is possible to use only about one fifth of the reformer 
capacity in the gas loop design and it is possible to obtain about 10% more 
products from a given size Synthol reactor. The sizes of the tail gas wash, the 
CO 2 removal unit and the cold box are also significantly decreased. In fact, it 
may be possible to avoid the need for a CO 2 removal imit. 

The basic principles for the gas loop design and operation remain the same 
except that there is more fi-eedom to adjust the synthesis gas H 2 /CO ratio to 
optimise the gas loop design and operation. This adjustment is achieved by 
adjusting to the shift reactor operation. The steam required for the shift reactor 
is conveniently provided by quenching the hot gasifier outlet gases with water. 

In spite of these advantages mentioned above the overall energy efficiency 
is lower when high temperature gasifiers are used rather than the Sasol-Lurgi 
gasifiers. Also much more oxygen is required tfom expensive air separation 
units for the high temperature gasifiers. This is discussed in more detail in 
Section 6. Only detailed studies for a specific site will reveal the appropriate 
choice for the gasifier technology. 

Fluor Daniel proposed an open loop gas loop design with co-production of 
electricity using petroleum coke as the feedstock for syngas preparation [14]. 

While a low ash carbon rich feedstock may lead to a lower cost plant 
design than a high ash coal feedstock, the plant will still be more expensive than 
a plant using a natural gas feedstock. This is because of the capital cost required 
to remove the inevitable production of carbon dioxide for the carbon rich 
feedstock. Carbon dioxide separation is not essential when using a natural gas 
feedstock. This is clearly evident from the following overall equations: 

2 C + H2O + V2O2 ^ (-CH2 -) + CO2 (1) 

CH4 + ‘/2O2 ^ (-CH2-) + H2O (2) 

These equations represent stoichiometric limits. The thermodynamic 
constraints are discussed in Section 6. Clearly the carbon efficiency for a carbon 
rich feed is much less than the carbon efficiency for methane feed. 

A carbon rich feedstock requires much more process steam than a methane 
rich feedstock which adds further cost to the conversion process. Coal/carbon 
fed plants require water import whereas methane based plants will export water. 
Due to the nature of the HTFT process, Eq. (1) requires the addition of water on 
both sides of this equation which has some negative cost implications but is 
beneficial from an energy efficiency perspective (See Section 6). 

The application of HTFT technology with low H 2 /CO ratio synthesis gas is 
constrained by the need to avoid excessive rates of carbon formation on the 



426 


catalyst. This rate of carbon formation is proportional to the ratio in the 


total feed gas entering the reactor. This requires the feed gas to be rich in 
hydrogen with the result that water is formed as a product of the FT reaction. 


4.3 Gas loop for LTFT synthesis using iron catalysts 

Using LTFT iron catalyst technology, carbon rich gases can be tolerated 
but the reactors and catalysts are more expensive when aiming for the high 
levels of overall conversion attained with the HTFT technology. 

It has been proposed by the US Department of Energy (DOE) supported 
by contracted studies by MITRE Corporation [15,16] and companies such as 
Chevron [17], Texaco [18], Air Products [19, 20] and Rentech [21, 22], that 
LTFT reactor technology can be used together with coal or petroleum coke 
gasifiers effectively in an open loop design. Chevron first proposed the use of 
FT synthesis in combination with power generation based on gasification of 
solid carbonaceous feed. The DOE sponsored studies and the Air Products and 
Rentech patents followed after the Chevron patent had expired. At the time of 
the Chevron patent fixed bed gasification was the preferred syngas generation 
technology. Later proposals tend to prefer Texaco gasification technology. 

In 1992 the DOE operated a demonstration scale slurry phase reactor 
using LTFT iron catalyst [23, 24, 25]. This demonstration had strong industrial 
backing. In addition to the DOE, this run was sponsored by Air Products, 
Exxon, Shell, Statoil and UOP. The run was regarded as a success except that 
the catalyst/wax separation system did not work. The DOE has not yet solved 
the catalyst/wax separation operation in a way that can be applied on a 
commercial scale. In 1993, Sasol started commercial wax production with a 
slurry phase reactor using LTFT iron catalyst. The synthesis gas used with the 
Sasol reactor is derived from fixed bed gasifiers and has a higher H 2 /CO ratio of 
about 1.9. Sasol solved the catalyst/wax separation problem. The original 
demonstration of the slurry bubble column design at the Rheinpreussen plant in 
Germany in the 1950’s [26] used a precipitated iron catalyst (similar to that for 
LTFT applications) at an intermediate temperatixre and it was claimed that high 
conversions were obtained when using low H2/CO ratio synthesis gas derived 
from a high temperature gasifier. Catalyst/wax separation was less important 
due to the lighter product spectrum. 

The claimed slurry phase reactor productivity does not compare 
favourably with the productivity of the Sasol Advanced Synthol reactor. No 
commercial closed loop designs have been proposed for slurry phase reactors 
using iron catalyst with synthesis gas prepared by gasification of carbon rich 
feedstocks. Closed loop designs for LTFT iron catalyst reactors will therefore 
not be discussed further. For proposed gas loop designs, based on natural gas 
feedstock, for this FT technology see US Patent number 5,620,670 by Rentech 
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Inc. or visit their website at rentech.com. These configurations will not be 
competitive with applications using supported cobalt catalyst or HTFT 
technology. 

Recently a novel combination of LTFT followed by HTFT technology has 
been proposed [27]. This will be discussed in more detail when considering the 
options for the large scale production of commodity chemicals. 

4.4 Gas loop for HTFT with natural gas feed 

Sasol licensed the Synthol CFB reactor technology to the South African 
Government to convert natural gas to liquid hydrocarbon fuels at Mossel Bay in 
South Africa. At the time of writing, this was still the world’s largest gas to 
liquids (GTL) plant. The more recent Sasol Advanced Synthol (SAS) reactor 
technology would considerably decrease the capital cost and catalyst 
consumption rate. Also the lower internal recycle used with SAS reactors results 
in a more energy efficient utility system design. For the same gas loop 
configuration the process efficiency (of natural gas used to liquid hydrocarbon 
products produced) would remain at about 63% on a lower heating value (net 
heating value) basis. The difference would be that the export of large amounts 
of power (in addition to the same amount of liquid product) would be possible. 

Fig. 7 shows a block flow diagram for the Mossel Bay plant gas loop [28]: 


CO2 H2 



C3+ light hydrocarbons 


Figure 7 Mossel Bay gas loop block flow diagram 
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The stoichiometric requirements for HTFT are nearly identical to those for 
methanol production. For methanol, the term stoichiometric number (SN) is 
used, where SN=(H2-C0)/(C0+C02). The requirement for methanol is SN=2.0 
which is the same as Ribblett ratio=l .0. 

Any improvement in synthesis gas production technology that applies to 
synthesis gas for large methanol plants is also likely to apply to synthesis gas 
for a HTFT plant. One such development is the use of heat exchange reforming 
or gas heated reforming. This uses the heat available at the outlet of the 
autothermal reformer to decrease the use of fuel gas as a heat source. However, 
the capital cost of the gas heated steam reformer is higher than the steam 
reformer using radiant heat from the burning of fuel gas. It would be desirable 
from a thermal efficiency perspective to add steam reforming capacity upstream 
of the autothermal reformer that uses the heat from the autothermal reformer 
outlet gas and operates at the same low steam to carbon ratio. Steam reforming 
technology using such a low steam to carbon ratio is not yet commercially 
available. Unlike methanol plants the Fischer-Tropsch process produces 
methane and the ability to recycle this methane to the reformer is constrained by 
the build-up of inerts in the gas loop. For this reason a purge stream is required 
which can beneficially be used as fuel gas to a primary steam reformer. Thus the 
choice between a gas heated reformer and a fuel gas fired steam reformer may 
depend on the level of inerts in the natural gas feed. 

Yet another alternative for large scale plants is to only use the highly cost 
effective autothermal reforming with low steam to carbon ratios below 0.6. This 
gas will be slightly lean in hydrogen but some of the FT tail gas can be treated 
to remove carbon dioxide and mixed with the feed gas to provide a gas feed in 
stoichiometric balance. Given the reduced gas volume to be treated in the 
carbon dioxide removal unit, this is a low cost gas loop option. C2 hydrocarbons 
can also be easily recovered downstream of the carbon dioxide removal unit. A 
slightly sub-stoichiometric feed gas can also be used in an open loop design for 
the lowest capital cost approach. 

The scheme used for the production of hydrogen at Mossel Bay is not 
always the best approach. Stand alone package hydrogen units are often less 
expensive than trying to extract hydrogen from synthesis gas. This is partly 
because extracting hydrogen from the synthesis gas decreases the capacity of 
the Synthol unit resulting in fewer products to pay for the capital invested. It 
might be desirable to take a slip stream from the primary reformer product for 
hydrogen production if this unit is not at its maximum capacity and synthesis 
gas production is constrained by the maximum size of the air separation unit 
used to provide oxygen to the secondary reformer. If no primary reformer is 
used then hydrogen is best recovered from the Synthol tail gas downstream of 
the tail gas carbon dioxide removal unit described above. 
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Another factor to consider for hydrogen production from natural gas is the 
cost of CO 2 removal. When oxygen is used to prepare synthesis gas for 
conversion to hydrogen, there is a greater quantity of CO 2 to be removed per 
unit of hydrogen produced, compared to steam reforming. This is why steam 
reforming is still the technology of choice for the production of relatively small 
quantities of pure hydrogen. If large quantities of hydrogen are required then the 
greater benefits obtained by increasing the size of oxygen fired reformers and 
their higher efficiency may provide savings that exceed the additional cost for 
CO 2 removal. 

There is a reasonably high selectivity to C 2 hydrocarbons with the HTFT 
process and it may be desirable to recover the C 2 ’s for the production of 
ethylene. The separation of C 2 ’s requires cryogenic cooling by expansion of the 
tail gas. To avoid solidification of carbon dioxide, this gas is removed (see the 
Secunda block diagram) prior to the cryogenic cooling. With modem designs, 
that do not require the separation of methane and hydrogen, it now seems 
possible that some C2 hydrocarbons may be recovered without upstream 
removal of carbon dioxide. All the proven carbon dioxide removal technologies 
yield carbon dioxide at low pressure, which makes recycle of removed carbon 
dioxide to the reformer very costly. Also, after expansion to cool the tail gas to 
low temperatures it becomes costly to recycle the tail gas to the reformer. 
Recovery of C 2 ’s thus favours an open loop plant design. 

For an open loop design it will be desirable to decrease the level of 
reactants in the tail gas to very low levels. The use of a second reactor stage in 
series after water knock-out may be justifiable, particularly for very large scale 
plants with multiple first stage reactors. Compared to the Mossel Bay plant 
design, the refngeration unit is replaced by a cryogenic unit and the recycle 
stream to the autothermal reformers is eliminated. The conversion level in the 
Synthol unit can be increased to ensiue that the Synthol tail gas heating value 
does not exceed the fuel gas demand for the primary reformer. If no primary 
reformer is used then a very high conversion is required to avoid excess fuel gas 
after satisfying the fuel gas demand for the reformer preheater, steam 
superheating and the other lesser fuel gas consumers. 

In the I950’s Carthage Hydrocol Inc. constructed an HTFT plant fed with 
natural gas in Brownsville, Texas [29]. This plant used partial oxidation 
reforming to generate the synthesis gas. This would yield a hydrogen deficient 
synthesis gas which most likely contributed to the problems associated with a 
high rate of carbon formation on the catalyst used at this plant. No mention is 
made of recovery of C 3 and lighter products and it appears that an open loop 
design was used since mention is made of the use of the tail gas as fuel gas in 
the facility. 
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4.5 Gas loop for LTFT cobalt catalyst with natural gas feed 

Two possible methane reforming technologies are appropriate for large 
scale gas to liquids (GTL) plants. These are autothermal reforming using a low 
steam to carbon ratio or partial oxidation reforming [30, 31, 32]. These 
technologies were discussed in the previous chapter. The use of gas heated 
reforming [33, 34] together with these technologies is a possible future 
improvement. In this approach, the hot outlet gases from the oxygen fired 
primary reformer are used to provide heat to drive the endothermic steam 
reforming reaction. 

A characteristic of the cobalt catalysts used for Fischer-Tropsch synthesis 
is the negligible activity for the water gas shift reaction. This means that the 
stoichiometric consumption of reactants depends only on the Fischer-Tropsch 
reaction. Depending on the methane selectivity, the H 2 /CO consumption or 
usage ratio will be in the range from about 2.06 to 2.16. Using only a natural gas 
feed, partial oxidation reforming produces a synthesis gas that is below the 
usage ratio [35] while the use of autothermal reforming or any scheme using gas 
heated reforming will tend to produce a synthesis gas that has more hydrogen 
than required for the usage ratio. The synthesis gas may be adjusted to the 
required H 2 /CO ratio by means of a recycle stream and/or gas separation 
technology [32, 33, 34, 36]. 

Compared to the HTFT process, the C 2 hydrocarbon selectivity for the 
LTFT processes is low and it is highly unlikely that recovery of C 2 
hydrocarbons will be economically justifiable. This means that the FT tail gas 
will typically be cooled to a level that allows for the efficient recovery of C3+ 
hydrocarbons. 

The Fischer-Tropsch reactor will operate most efficiently with a synthesis 
gas that has a H 2 /CO ratio equal to the consumption ratio. However, this does 
not always lead to the optimum gas loop design. The reason is that the methane 
selectivity is dependent on the H 2 /CO ratio of the gases in the reactor. To quote 
from an early Shell patent relating to their supported cobalt catalyst [37], “It is 
observed that when non-converted hydrogen and carbon monoxide is re¬ 
circulated over the catalyst bed, it is possible to choose the circumstances in 
such a way that the catalyst is contacted with a synthesis gas having a 
substantially lower H2/CO ratio than the feed synthesis gas has. Thus, the 
selectivity to longer hydrocarbon chains may be improved.” 

According to Hansen et al [34] there is a substantial improvement in the 
C5-I- selectivity with decreasing feed H 2 /CO ratios and this effect becomes more 
pronounced at higher conversions provided the per pass conversion does not 
exceed 90% (which is unlikely). A lower C5+ selectivity is inevitably 
accompanied by higher methane selectivity, which is the main disadvantage. It 
may be possible to suppress methane formation by using catalytic promoters but 
in the absence of these promoters, the optimum gas loop design will result in a 
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feed gas to the FT reactor that is below the H 2 /CO usage ratio. Gas loop designs 
are therefore divided into two categories: (a) Those that use synthesis gas at the 
consumption ratio and (b) those that use synthesis gas below the consumption 
ratio. In each category, the use of partial oxidation or autothermal reforming is 
considered below. 

(a) Synthesis gas at the consumption ratio 

For POX reforming, a possible gas loop scheme is shown in Fig. 8. It is also 
possible to operate a steam reformer and a POX reformer in parallel to produce 
the desired syngas composition. In this case the FT tail gas is simply used as 
fuel gas. 



Fuel to POX reformer 
preheat furnace and other 
users 


Figure 8 Gas loop for POX reformers 

If autothermal reforming is used, the gas loop scheme could be as shown in Fig. 
9. Autothermal reforming (ATR) is similar to POX reforming in that there is a 
burner at the reformer inlet. Even POX reforming requires some steam to be fed 
to the burner. For the ATR more steam is used and the catalyst at the reactor 
exit allows a closer approach to equilibrium so the outlet temperature is lower 
than for POX reforming. For the gas loop scheme in Fig. 9, the flow of external 
recycle is set to produce synthesis gas with the required H 2 /CO ratio. This 
approach typically results in excess fuel gas availability when compared to the 
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process requirements. This is so even if all the reactants are consumed in the 
Fischer-Tropsch unit. The external recycle stream consists predominantly of 
carbon dioxide and methane and it is the carbon dioxide that reacts in the ATR 
to decrease the synthesis gas H 2 /CO ratio. The excess fuel gas situation can be 
corrected by the addition of steam reforming capacity either by means of a 
conventional gas fired steam reformer or by using a gas heated (heat exchange) 
reformer. The former option will obviously increase the fuel gas demand so that 
the fuel gas balance will be closed with a lower recycle flow than when a gas 
heated reformer is used. The basic principle is that the hydrogen rich steam 
reformer can be balanced by the carbon rich external recycle to produce the 
required Synthesis Gas H 2 /CO ratio. 

O 2 Steam 



Condensed Liquid Products 


Figure 9 Gas loop for autothermal reformers 

The most efficient overall plant design is achieved when the steam 
reformer capacity is selected to ensure that there is no excess fuel gas available. 
A small natural gas import may be preferable to ensure that there is never a need 
to flare excess gas. A variation on this theme has been patented by Statoil in 
which the FT tail gas is processed in a steam reformer prior to mixing with the 
synthesis gas from an autothermal reformer [36]. This approach assumes that 
excess tail gas is available to feed the steam reformer and this is not necessarily 
the best approach for all cobalt catalysts and FT reactor design concepts. In 
most cases, internal recycle is best used to avoid the excess tail gas situation. 

For both the POX and ATR schemes above, it is highly desirable to avoid 
excessive amounts of reactants (H 2 + CO) in the FT tail gas. The use of a 
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tandem reactor configuration (2 stages) may be justified to achieve a high 
overall conversion level. This will depend on the catalyst activity. It is 
anticipated that catalysts operating at the usage ratio will have a high enough 
activity that a single reactor stage with tail gas recycle will be able to achieve 
96% conversion of the reactants in the synthesis gas. 

(b) Synthesis gas below the usage ratio 

If POX reforming is used, a once through design approach is possible with 
no external recycle. Unfortunately there will be un-reacted carbon monoxide in 
the tail gas used as fuel gas since hydrogen will be the limiting reactant. An 
additional disadvantage is that the purge to fuel gas will exceed the fuel gas 
requirements. Steam reforming capacity can be added to allow the recycle of 
excess tail gas increasing the synthesis gas H 2 /CO ratio above the value of 
around 1.7 typically obtained with a POX reformer alone [35]. The most 
efficient way of introducing this steam reforming duty is by means of a gas 
heated reformer that uses the heat in the POX reformer hot outlet gases to drive 
the endothermic steam reforming reactions. This technology is not yet 
commercially proven and is likely to be expensive. The use of simple gas fired 
tail gas steam reforming is an acceptable alternative. 



Fuel Gas 


Figure 10 Alternate gas loop for POX reformers 
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Compared to the POX scheme in (a) above, the steam reformer capacity 
will be larger and there will be a build up of methane and carbon dioxide in the 
gas feeding the Fischer-Tropsch reactors. If, on the other hand, hydrogen alone 
is recycled as shown in scheme (a) above, then less hydrogen is used so that the 
steam reformer will now be smaller but then there is a larger flow of material to 
the fuel gas system possibly exceeding the fuel gas demand. With the low order 
kinetics typically obtained with cobalt catalysts the build up of methane and 
carbon dioxide is not particularly disadvantageous. 

Another option for introducing steam reforming capacity is: 



Figure 11 Two-step reforming approach using POX reformers 

This second flowsheet is similar to that used for the HTFT process. In this 
case the bypass stream around the primary reformer will be larger for the LTFT 
cobalt catalyst process compared to the HTFT process. As a result, the cost of 
synthesis gas generation should be less for the LTFT process. Further 
advantages for the LTFT process are the higher selectivity to C 3 + hydrocarbons 
and the simpler, less costly, processes used to upgrade the primary liquid 
products. However, the excessive recycle of unreacted reactants and the loss of 
these reactants to the fuel gas purge may negate these perceived advantages for 
the LTFT process compared to the HTFT route. The HTFT process is capable of 
converting carbon dioxide produced in the reforming step into hydrocarbon 
products via the reverse water gas shift reaction. 
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In addition to the above two schemes, the steam reformer may be placed in 
parallel with the POX reformer. This approach is less efficient unless a gas 
heated reformer is used. 

In the case where ATR is used the simple scheme shown in part (a) above 
and repeated below may be used but now without excess fuel gas. 


O2 steam 



Fuel Gas 


Figure 12 Simple gas loop for autothermal reformers 

The disadvantage of this scheme is the loss of reactants via the external 
recycle and the purge to fuel gas. A 1936 patent [38] describes a method to 
decrease this loss that could be applied in the following scheme: 


O2 steam 



Figure 13 Enhanced gas loop for autothermal reformers 
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In this scheme, the hydrogen is typically introduced as a hydrogen rich 
syngas stream The added hydrogen increases the H 2 /CO ratio of the feed to the 
second stage reactor to close to the usage ratio. The lower H 2 /CO ratio gas in 
the first stage reactor minimises the methane selectivity for the reactants that are 
converted in this stage. Most of the remaining reactants are consumed in the 
second stage with a higher selectivity to methane. Thus, to minimize the 
methane selectivity, the quantity of reactants converted in the first stage should 
be as high as possible. 

Another approach patented by Sasol [39] is to use a single stage FT reactor 
and employ a separation process such as pressure swing adsorption (PSA) on 
the FT tail gas to allow H 2 and CO to be recycled directly for the Fischer- 
Tropsch reactors leaving mainly carbon dioxide, methane and inerts in the fuel 
gas and external recycle. The drawback of this scheme is the higher 
compression costs for the external recycle. The amount of external recycle can 
be decreased by decreasing the steam to carbon ratio used for the autothermal 
reformer. Both this approach and the tandem reactor approach allow higher 
plant capacities for a given capacity of air separation unit, typically about 6 to 
7% higher. 

4.6 Technology targets for gas to liquids (GTL) applications 

A paper with the above title was presented at the 2001 Spring National 
Meeting of the AlChE [33]. The content is reproduced below and placed in 
context with subsequent developments and other approaches. 

Designs and cost estimates have been prepared for feasibility studies 
regarding the application of the Sasol Slurry Phase Distillate (SPD) Process at 
Ras Laffan, Qatar and Escravos, Nigeria. These studies show that it is possible 
to convert natural gas to liquid products with an installed capital cost of less 
than $ 25 000 per daily barrel. The carbon efficiency for the Escravos process is 
75%. The Qatar design has a slightly higher carbon efficiency for approximately 
the same thermal efficiency. The reason being that the Qatar feed gas is leaner 
in higher hydrocarbons. 

Using the Escravos design as a benchmark, the potential for technology 
improvements has been examined. For this purpose a stand-alone facility is 
assumed with no import or export of energy or utilities. The Qatar study, 
however, has shown that synergies with existing facilities can have a favourable 
impact on the project economics. 

The sources for carbon losses are examined below. The impact on the cost 
of producing the products is considered and then attention is given to the 
potential for further capital cost reduction. 
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4.6.1 Carbon losses 

An examination of the reasons for the carbon losses, for the benchmark 
designs mentioned above, provides useful insights. This analysis is very specific 
to the starting point benchmark design but the same approach can easily be used 
for other designs. The carbon losses from the natural gas feed are due to seven 
clearly identifiable reasons shown in the Fig. 14. 



CO 2 from the reformer 
Unreacted CO from FT 
Un-recovered light and 
oxygenated hydrocarbons 
from FT 

Product upgrading losses 
CH 4 from the reformer 


Figure 14 Categories for carbon losses 

Carbon losses can be classified into three broad categories. Firstly there 
are those losses associated with the hydroprocessing of the primary Fischer- 
Tropsch products together with vent losses resulting from stabilisation of liquid 
products for storage. These hydrocarbons are mostly recovered for use as fuel 
gas. There is very little potential to reduce carbon losses from this source 
although improved hydrocracking catalysts may result in some benefits. This 
category (item 4 in Fig. 14) accounts for about 9.5% of the carbon losses. 

The second category of carbon losses (item 3), light and oxygenated 
hydrocarbons, can only be significantly decreased by improving the selectivity 
of the Fischer-Tropsch catalyst. This category includes losses to oxygenated 
hydrocarbons in the reaction water. Studies and experiments are in progress to 
investigate the recycle of the oxygenated hydrocarbons to the reformer, which 
could potentially reduce losses from this source to less than 1%. Most of the 
oxygenated hydrocarbons are recovered for use as a fuel in the benchmark 
design. Most of the carbon losses are to light hydrocarbons (mainly methane) 
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that are produced by the Fischer-Tropsch reaction but not recovered as products. 
These components are all used as fuel gas in the process. 

The third category (items 1, 2 and 5) carbon conversion inefficiencies are 
of most interest. These include losses that are potentially (at least partially) 
avoidable through process improvements. This includes a 27% carbon loss due 
to unreacted carbon monoxide which is in the Fischer-Tropsch tail gas stream 
used as fuel gas. There is also 6% carbon that passes through the reformer as 
unconverted methane and ends up being used as fuel gas. Most importantly 39% 
of the carbon loss is due to carbon dioxide generated in the reformer. The total 
in this category is 72%. 

4.6.2 Ways to avoid carbon losses 

Focussing now on the third category described in the previous section: 
Studies have shown that it is not cost effective to aim for a CO conversion in the 
FT reactor exceeding an upper limit that depends on the syngas composition, 
even with catalysts that are more active than those currently available. The 
unreacted carbon monoxide can potentially be recovered from the Fischer- 
Tropsch tail gas for recycle to the Fischer-Tropsch reactor. In order to achieve 
this two problems need to be solved: 

a) A cost effective separation technology is required to separate the CO and H 2 
from the other components in the FT tail gas. Recent developments in PSA 
technology are showing some promise in this regard. 

b) The fuel gas balance must be improved to avoid substituting burning of CO 
with burning of methane. The fuel gas requirements can be decreased by, 
for example, more efficient furnace design and energy integration. 

Another approach is to adjust the composition of the FT reactor tail gas by 
adding a hydrogen rich gas and then reacting this hydrogen rich mixture in a 
second stage FT reactor. This shifts the selectivity in the second stage FT 
reactor towards lighter products but overall there is an improvement in the 
carbon efficiency due to the high level of CO consumption. The challenge with 
this approach is to find the most cost effective method of producing the required 
hydrogen rich stream 

Potentially the most significant method for improvement of the carbon 
efficiency is to decrease the amount of CO 2 produced by the reformer. This is 
discussed in more detail in the following section. 

4.6.3 Avoiding reformer CO 2 production 

The benchmark GTL design makes use of commercially proven 
auto thermal reforming (ATR) technology with a 0.6 steam to carbon ratio. The 
process scheme also includes a pre-reformer, which allows the reformer feed 
gas to be preheated to 650°C, The reformer feed preheating is the main fuel gas 
consumer followed closely by steam superheating duties. 
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Figure 15 Basic GTL gas loop using ATR reforming 

This selected synthesis gas generation process (Fig. 15) requires recycle of 
Fischer-Tropsch tail gas (containing CO 2 ) to the reformer feed in order to 
provide the desired synthesis gas H 2 /CO ratio. Studies have shown that the 
amount of CO 2 generated in the reformer can be decreased by using lower steam 
to carbon ratios and decreasing the tail gas recycle. This approach has the 
disadvantages that the reformer methane slip increases and the technology is, as 
yet, not commercially proven. Using this approach with recycle of excess 
methane, it is possible to improve the carbon efficiency to about 81%. However, 
the cost for the methane separation and recycle using available technology 
cannot be justified. This approach is illustrated in Fig. 16. 



Figure 16 Gas loop with tail gas separation 
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Note that the above approach also recycles most of the unreacted CO 
avoiding this carbon loss as discussed previously. 

Another approach that can be used to improve the carbon efficiency is to 
make use of gas heated reforming. The basic concept is to use the heat available 
in the hot ATR outlet (typically 1050°C) to provide heat for the endothermic 
steam reforming reaction. This concept requires CO 2 recycle in order to 
decrease the syngas H 2 /CO ratio to meet the requirements for FT synthesis. Gas 
heated reforming (GHR) can be done in a parallel or a series configuration. The 
series configuration is illustrated in Fig. 17. 
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Figure 17 Gas loop configuration using series gas heater reforming 

Using this approach, the carbon efficiency can be improved to about 83%. 
However, exotic materials are required for the gas-heated reformer with a 
relatively high surface area and the increased reforming capital cost and 
technology risks are at present difficult to justify. Further combinations of gas 
heated reforming with ATR together with a tandem FT reactor approach are still 
being investigated and it is considered possible that a carbon efficiency as high 
as 85% may be achievable but it is expected that the cost effective carbon 
efficiency target will most likely be less. The problem is that the carbon 
efficiency increase is obtained mainly from a decrease in the natural gas feed 
rate without producing significantly more product. It is difficult to justify the 
required additional capital expenditure based on saving inexpensive natural gas. 




441 


4.6.4 Potential to decrease capital costs 

There is no doubt that the usual learning curve will apply and that 
improved project management and reduced commissioning schedules as well as 
lower engineering costs will decrease capital costs. Use will be made of the 
lessons learned during the construction of the first GTL plants. Sasol and Shell 
have, however, already moved a fair distance along this learning curve with 
SasoTs existing large scale, coal based, Fischer-Tropsch facilities and the GTL 
experience from the Mossgas (Synthol) and Bintulu (SMDS) projects. 

The greatest potential for cost reduction remains further economy of scale. 
The benchmark applications for Qatar and Nigeria have capacities of the order 
of 34 000 bbl/day. They consist of two trains for the oxygen plant, ATR and FT 
units with single train product upgrading. The maximum single train capacity is 
set by the maximum practical capacity for the oxygen plant. Today nobody 
would consider building an oil refinery with such a low capacity. The same 
drivers apply to GTL plants. Future large GTL facilities will most likely have 
capacities of the order of 100 000 bbl/day. 

Increasing the carbon efficiency generally allows more products to be 
produced for a given oxygen plant capacity. The FT unit and the ATR unit for 
the benchmark designs are not at the maximum possible capacities. It is 
conceivable that a 110 000 bbl/day plant could consist of 6 air separation units 
(ASU’s), 4 ATR units, 4 FT units and 2 product upgrading units. 

Based on existing experience with FT reactor diameters as large as 10,7m 
at the Secunda site, the above capacity would not exceed SasoTs proven 
experience for the FT units. The oxygen plant and product upgrading capacities 
would also not exceed proven industrial experience. Fiulher scale-up of the 
ASU unit capacity is also likely to be achieved. A 6 train design for the major 
units of ATR, ASU and FT has been found to be a particularly cost effective 
target. 

Further improvements to the Fischer-Tropsch catalyst has the potential to 
decrease the capital cost by at most $ 1 000 per daily barrel. Operating cost 
savings could be as much as $ 0.5 per barrel. Considerable progress has been 
made towards increasing the catalyst life and the catalyst activity as well as 
decreasing the methane selectivity compared to the assumptions for the 
benchmark designs. 

There is also some scope for cost savings through the development of 
catalysts specifically tailored for the hydroprocessing of the Fischer-Tropsch 
primary products. This is likely to result in increased capacities for the product 
upgrading units. 

With all of the above in mind, a capital cost below $ 20 000 per daily 
barrel is considered to be achievable. 
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4.6.5 Technology targets 

Fig. 18 indicates an approximate breakdown of the cost of producing 
hydrocarbon products with a reasonable return on the capital invested using a 
realistic price for remote natural gas. 



Figure 18 Cost breakdown 

This corresponds to a product cost of about $ 20 per barrel. Ignoring any 
quality premium and taking into account a typical refinery margin, this 
corresponds to a crude oil price of about $ 16 per barrel. 

It can be seen that capital cost is the most important cost component. It is 
therefore important that attempts to save gas cost by improving the carbon 
efficiency do not adversely affect the capital cost per unit product. Fig. 19 
illustrates the breakdown of capital cost for the most important process units for 
the benchmark design. 



Figure 19 Capital cost breakdown (excluding initial catalyst costs) 
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Product upgrading includes the cost of producing the hydrogen used. The 
Tail Gas Processing only accounts for about 4% and it is likely that extra capital 
invested in this area to improve the carbon efficiency of the process will provide 
significant economic benefits. 

The 50% contribution from synthesis gas generation can be split up as 
32% for Air Separation and 18% for Reforming. In addition, a large proportion 
of the utility capital cost is required to support the air separation unit (ASU). 
This unit is the main consumer of superheated steam. As mentioned previously, 
a significant amount of fuel gas is required to superheat the process steam. Thus 
the ASU is a major consumer of energy in addition to being the most costly unit 
in the process. Investments in reforming can easily be justified if they result in 
reduced oxygen consumption. This provides the driver for research into the use 
of oxygen transfer membranes (OTM) in the reforming step. However, this 
technology is not yet ready for commercial application. 

Considering all the identified options, it is considered feasible for future 
generation plants to decrease the gas cost by 10% corresponding to a carbon 
efficiency improvement from 75% to 82.5%. 

It is also considered feasible to decrease the benchmark cash operating 
cost by 10% mainly as a result of decreased catalyst and maintenance costs. 
(Maintenance costs tend to be proportional to the capital cost.) 

As discussed previously, it is expected that a 20% decrease in capital cost 
is achievable. Summing the above cost element savings, a product cost of $ 17 
per barrel, which competes with a crude oil price of about $ 13 per barrel, seems 
an achievable technology target. 

4.7 Expected future plant configurations for natural gas conversion 

Without using gas heated reforming, no scheme described above is likely 
to increase the thermal efficiency much above the 63% obtained with the 
commercial HTFT process. The choice of technology thus hinges mainly on the 
following considerations: 

(a) overall capital cost 

(b) equipment and process reliability 

(c) desired products 

4.7.1 Overall capital cost 

An important factor influencing the overall capital cost is the potential to 
use the benefits of economics of scale. GTL plants are producing products that 
compete with products from conventional cmde oil refineries and the tendency 
to build larger refineries to benefit from economy of scale is well known. Due to 
the capital intensive nature of the GTL business, economy of scale is even more 
important. On the other hand, the huge amounts of capital required make it 
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difficult to finance a large capacity installation at one time. It is therefore 
anticipated that plants may be constructed in a phased approach. The minimum 
capacity will most likely correspond to the capacity of two (current) world scale 
air separation units producing 34 000 to 36 000 barrels per stream/day of liquid 
hydrocarbon products. It is conceivable that a single train consisting of one air 
separation unit, one methane reformer and one FT reactor will, in future, 
produce this amount of product but this will not be the case for the next plants. 

The product rate may be enhanced by the recovery of light hydrocarbons 
from the natural gas prior to reforming the lean natural gas. Excluding these 
natural gas liquids and assuming a capital cost of $25 000/barrel, the capital cost 
is not likely to be less than $900 million. With later additions of further trains 
with the same design and making use of common utility and other infrastructure 
is may be possible to approach $21 OOO/barrel so that the final investment for a 
110 000 bbl/day facility would be of the order of $2 300 million. Other 
variations on the theme may be slightly better, for example starting with three 
air separation units yielding 51 000 to 54 000 barrels per stream day and 
doubling capacity for each expansion. Shell has proposed a base plant capacity 
of about 75 000 barrels per day, most likely using four air separation units. 

Air separation unit (ASU) vendors have indicated that within the next 
decade single unit capacities at sea level of 7000 t/d of oxygen can be 
considered. This would provide enough oxygen to produce 120 000 bbl/day of 
product using only three units. With the planned further capacity increases for 
all the other units it is quite conceivable that a plant with this capacity could 
cost $20 OOO/barrel corresponding to a total investment cost of $2 400 million. 

Most of the technologies used will scale with the typical power factor of 
about 0.7, the exception being the steam reformers which scale more linearly 
with capacity. However, once the maximum train capacities have been reached 
the main units will tend to scale in a similar fashion to the steam methane 
reforming units. However, there are still benefits from scaling up common 
utilities and infrastructure and decreased engineering and construction costs. 

Foster Wheeler published a discussion of the capital costs for a generic 
GTL plant design as follows [40]: 

“Capital costs for this GTL process have been calculated using a 
combination of automated techniques and manual take-offs. In addition, all 
significant equipment has been cost estimated via actual quotations, and 
benchmarked against in-house databases from recent projects. This has resulted 
in an estimated accuracy of ±15%. Obviously any capital cost estimate must 
take into account the considerable local conditions, as well as the local 
customised plant design. However for the purposes of this generic plant, the 
following have been used: 
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- Generic Middle East location; 

- Cost factor equivalent to U.S. Gulf Coast; 

- Stick-built construction; Process configuration as per generic plant; 

- Coastal location, with access to port facilities. 

These result in the following costs: 

Equipment, materials and labour $14 000/bbl 

Total constructed cost (excl. Owner’s cost) $17 000/bbl 

To put these figures into perspective by way of example, the total plant 
cost including owner’s costs, start-up and commissioning costs and contingency 
is less than $25 000/bbl. 

We can split these costs by process unit and obtain the breakdown shown 
in Fig 20: 

For the purposes of Fig. 20, the air separation unit has been included with 
the natural gas reformer, as both of these units are required to produce S3Tithesis 
gas. Together, these comprise the largest portion of the plant capital cost, with 
the cost of the actual FT Synthesis unit being one of the smaller portions. 
Utility costs include the entire boiler feed water and start-up systems, but not in 
the in-process steam generators. 

This distribution shows that the costs within the GTE process are widely 
spread across the entire plant; with no one single entity dominating. This is also 
a sign of the integrated nature and complexity of the plant, with systems and 
services widely distributed. 

The final critical piece of the project puzzle, and also something which 
affects the capital costs is the schedule. 

A variety of scenarios has been investigated with respect of the plant 
construction philosophy. While having direct impacts on the capital cost in 
terms of materials, it also has a significant impact on the project schedule. A 
concerted effort has been made to shorten the project schedule, while at the 
same time balancing the need to properly optimise the plant for a particular 
location and also ensure that the cost does not increase as a result. The generic 
plant is key to the overall schedule of the optimised project as it acts as a launch 
pad for early engineering activities. 

This results in a competitive and challenging 30-month EPC schedule 
from award to ready for start-up (RFSU). Achievement of such a schedule 
requires an intimate knowledge of the characteristics of the facilities involved, 
as well as their interactions. For a remote site, successful commissioning and 
start-up requires critical support utility systems to be ready several months prior 
to the end, to allow for the remainder of the plant to be commissioned; critical 
for a plant which during normal operations relies on self utility generation.” 
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Figure 20 Capital cost breakdown showing the significance of utilities and offsites 

There is no published study with similar detail for the HTFT process but 
some qualitative comparisons can be made. The air separation unit costs will be 
less since the reformer is more efficient without tail gas recycle so the cost of 
producing syngas will be less. FT unit capacities and costs should be similar. 
The HTFT product recovery and upgrading is more complex and costly. On the 
other hand, the utility systems will be less costly for the HTFT process due to 
the higher quality steam produced by the FT reactor cooling system. Sasol has 
published figures [1] which indicate that, at a nominal 50 000 bbl/day plant 
capacity, the HTFT process producing both fuels and chemicals from natural 
gas can be competitive with a 30 000 bbl/day LTFT plant producing only diesel, 
naphtha and LPG. This comparison did not include the benefits that can be 
obtained by using more advanced reforming technology with HTFT. It is now 
understood that the capital cost/daily barrel of primary product for both HTFT 
and LTFT routes are very similar for the current status for these technologies. 

Another interesting comparison is with the production of methanol from 
synthesis gas for which the process of producing synthesis gas is virtually 
identical. The HTFT technology has more opportunity to reap benefits from 
economies of scale due to the much larger product market. The HTFT synthesis 
uses lower operating pressures, lower internal recycle flows, larger capacity 
reactors and a less expensive catalyst than methanol synthesis. As a result the 
HTFT synthesis step costs less. The product upgrading is somewhat more 
expensive but this step is the least costly of the three steps required to convert 
the feedstock to final products. The latest HTFT technology is capable of 
generating 70 bar steam in the synthesis reactor cooling system. This is a much 
better quality steam than that obtained by cooling the methanol synthesis due to 
the higher reaction temperature used in the Synthol reactor. The HTFT process 
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has the potential to produce significant quantities of power for export at a low 
cost. This power can be beneficially used in a complex that is designed to co¬ 
produce a wide variety of high value chemicals. 

One large scale use for methanol is the production of MTBE which is used 
as a high octane gasoline blending component. Methanol has also been 
converted into gasoline using a ZSM-5 zeolite catalyst at a commercial facility 
in New Zealand with technology developed by Mobil (now ExxonMobil) [32, 
33, 34]. The similarities with HTFT technology in terms of feedstock and 
product markets and overall energy efficiencies are clearly evident. 

MTBE production has been the preferred fuel product because of its 
premium value in the market. More recently, the production of MTBE is being 
phased out in the USA due to environmental concerns with groundwater 
contamination. The HTFT technology would rely on economies of scale, as well 
as the value obtained from chemical co-products and electrical power, to 
compete. The advantages of shared synthesis gas production facilities, utilities 
and infrastructure for production of methanol together with HTFT products are 
clear. A detailed study for an actual proposed site would be necessary to 
confirm that an economically viable application is possible for the latest HTFT 
technology. 

4.7.2 Equipment and process reliability 

Whenever a plant consists of a number of units in series, the overall 
availability becomes a multiple of the availability of each individual unit unless 
there is intermediate storage. So for a GTE plant with a 98% availability for 
each of the air separation, methane reforming and FT units, will only have a 
total plant availability of 0.98 x 0.98 x 0.98 = 0.94 i.e. 94%. If the availability of 
complex integrated utility systems are also considered it can be appreciated that 
care must be taken to ensure that each unit is highly reliable and where possible 
a failure of one unit or one piece of equipment should, as far as possible, not 
cause the shut-down of the entire plant. Storage facilities for liquid oxygen may 
be considered to decrease the impact of a temporary air separation unit failure 
on the total on-stream factor. Actual operating experience with commercial FT 
plants is invaluable in making design choices that give the best balance between 
plant cost and plant availability. 

Many reasonable decisions can be made, by any reputable engineering 
contractor with good data on the reliability of the individual equipment items, if 
the plant owner is aware of the plant availability pitfall and instructs the 
engineering contractors accordingly. Since the ultimate reliability of the 
completed plant is not the prime concern of the engineering contractors, input 
from owners and licensors in the design phase is very important. 

Sasol has had good experience with both HTFT and LTFT processes and 
there is little, if any, difference in the equipment and process reliability. 
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4.7.3 Desired products 

The desired products will be the prime consideration when selecting the 
FT technology for a GTL project. If the main desired product is diesel and there 
are opportunities to sell naphtha (for cracking to light olefins), lubricant base 
oils and detergent industry feedstock, then the technology of choice is the LTFT 
technology. On the other hand, where the preferred fuel product is gasoline, 
with some diesel and LPG and there are also opportunities for the sale of 
ethylene, propylene, alpha-olefins and oxygenated hydrocarbon products, then 
the HTFT technology is a better choice. HTFT technology can also be 
configured to produce diesel and naphtha by using oligomerisation technology 
to convert naphtha boiling range olefins to the diesel boiling range. 

Currently, the consumption of gasoline far exceeds the diesel consumption 
in the USA, the world’s largest consumer of motor fuels. The LTFT technology 
is best suited to serve the European and Asian markets while the HTFT 
technology would be better suited to the current USA market. It remains to be 
seen whether the USA will eventually follow the trends in other parts of the 
globe. It is likely that there will be opportimities for both types of products in 
the foreseeable future, as replacement for fuels currently derived from crude oil. 

5. OPTIONS FOR THE PRODUCTION OF HIGH VALUE 

HYDROCARBONS 

In reviews of the low temperature Fischer-Tropsch (LTFT) technology [41] and 
high temperature Fischer-Tropsch (HTFT) technology [1] the opportunities to 
produce high value hydrocarbons in large quantities has already been 
mentioned. Considering first the Sasol SPD'*''^ process, the following 
opportunities exist; 

• Convert the naphtha to lower olefins by steam cracking. 

• Convert the olefins and paraffins to alkylates. 

• Recover high value co-monomers (such as C6 and C8) from the product 
slate 

• Recover linear paraffins for sale as solvents or for conversion to olefins 
which can be converted into a variety of final products (such as detergent 
alkylates or detergent alcohols). 

• Produce lubricant oil base stocks from the primary wax product. 

The Sasol SPD'^''^ Process makes use of a supported cobalt catalyst in a slurry 
phase FT reactor. Another approach is to use a precipitated iron catalyst (also in 
a slurry phase reactor). The same product options are available for the LTFT 
iron catalyst. In general, Fe based LTFT technology would offer a higher 
concentration of olefins in the product than Co based LTFT. This approach has 
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the disadvantage that it is more costly to achieve high reactant conversions. 
Another disadvantage, for natural gas applications, is that carbon dioxide is 
produced with the LTFT iron catalyst although this feature may be 
advantageous for low H 2 /CO syngas derived from coal. 

The well proven HTFT process can also be considered. Traditionally this 
process has been applied for the maximum production of gasoline but more and 
more use is being made of the highly olefinic products to produce higher value 
chemicals. A fortuitous advantage of extracting the linear I-C5 to l-Cg alkenes 
(i.e. alpha olefins) from the FT product streams is that this improves the quality 
of the gasoline pool since the octane numbers of these linear products are low. 
The HTFT products contain more branched hydrocarbons than the highly linear 
products produced by LTFT synthesis. This together with some aromatic 
components makes it possible to consider gasoline production from HTFT 
products but considerable refining of the primary product is still required. For a 
new application, the HTFT process can be reconfigured for maximum olefin 
production and using this approach the process can be simplified to decrease 
capital cost. Thus higher value products (mainly propylene, ethylene and alpha 
olefins) can be produced using less capital. 

HTFT, on the other hand, is also well suited for the production of diesel by 
oligomerisation of the highly olefinic C 5 to C 9 cut together with the 
hydroprocessing of the straight run diesel (See Chapter 6 ). The remaining C 5 to 
Cio material can be hydroprocessed for sale as petrochemical naphtha. With this 
approach both the HTFT and LTFT processes produce similar proportions of 
naphtha product (less than 30%). Again extraction of alpha olefins is desirable 
since these products have a higher value than diesel and the capital cost for the 
oligomerisation unit is decreased. 

With little or no purification of the raw FT feedstock the longer chain 1 - 
alkenes can be selectively converted to primary alcohols by hydroformylation 
using homogenous cobalt or rhodium complexes as catalysts. Since the product 
alcohols have much higher boiling points than those of the hydrocarbon cuts 
fed, the separation of the alcohols by distillation is a simple operation. The C 12 
to Ci 4 alcohols produced are used in the production of biodegradable detergents. 
The HTFT process also directly produces significant quantities of short chain 
oxygenated hydrocarbon products e.g. ethanol, methanol and acetone. 

5.1 Lower olefins from naphtha 

Even for very large GTL plants, there is not sufficient naphtha produced to 
justify the construction of a world scale naphtha cracker. As a result it is the 
operators of existing naphtha crackers that will benefit from the high yields to 
lower olefins using Sasol SPD™ naphtha. Tests have been done to quantify the 
increased olefin yield [42], The Sasol SPD™ naphtha used in these tests was a 
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fully hydrogenated product. Its performance was compared with typical yields 
reported for a light petroleum naphtha. 

The ethylene yield attainable with the Sasol SPD™ naphtha is about 8% 
higher than that of the light petroleiun naphtha at relatively low severity. If the 
comparison were based on the total olefins yield, the SPD™ naphtha would 
yield about 8% more olefins at the same severity, and up to 12% more when 
compared with the highest yields observed during the pilot plant tests. 

Using industry correlation techniques to estimate the best yields that could 
be achieved at optimum commercial conditions, it was predicted that for 
operation aimed at maximum ethylene production, the yield to ethylene would 
increase by about 10% relative to a light petroleum naphtha. 

5.2 Detergent alkylates and paraffin processing 

The olefin content and quality of the Sasol SPD process straight run 
product cut is greater than that obtained with typical paraffin de-hydrogenation 
processes used to convert paraffins to olefins that are alkylated to linear 
alkylbenzene (LAB). This makes the production of LAB an obvious candidate 
for higher value products. 

Two options can be considered for the production of LAB. Firstly only the 
straight run olefins could be alkylated and the remaining stream could be re¬ 
combined with the residual hydrocarbon condensate (after the latter has been 
hydrotreated). These hydrocarbons could then either be fi-actionated into 
paraffin products or cut to make naphtha, kerosene and diesel. The second 
option is to include a process that de-hydrogenates the product paraffins (after 
the first pass olefin conversion) into olefins for recycle to the alkylation unit. 
This approach will increase the amount of LAB product and may result in 
improved economy of scale. The material balances presented in Fig.21 assume 
that the first processing option is used. 

Iron based LTFT product can also be considered for the production of 
LAB. In this case advantage can be taken from the higher olefin content of the 
feed from the iron based process. 

5.3 Lubricant base oils 

It has been reported that a substantial part of the primary products from a 
GTL process may be converted to lubricant base oils [43]. Although the world 
lubricant base oil market is not growing rapidly, it is large, estimated at some 40 
million tons per annum [9], and a substantial fraction of Fischer-Tropsch base 
oils will be able to substitute product in the premium market. This is then also 
an obvious candidate for higher value products. 
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5.4 Light olefins 

For the production of light olefins, the HTFT process offers many 
advantages. Using HTFT technology (with optimized catalysts) for the 
production of light olefins the amount of olefin product can be further enhanced 
by cracking (via fluidized catalytic cracking i.e. FCC) unwanted longer chain 
molecules to higher value shorter chain molecules. It is believed that an overall 
mass selectivity of 15-30% towards propylene is viable via such a two step 
approach. Overall selectivity towards ethylene can be as high as 10-20%. An 
illustrative mass balance, as shown in Fig. 21, shows an overall selectivity of 
about 19% towards propylene. This assumption is based on current FT catalyst 
performance and the results from first roimd cracking tests. Similarly it assumed 
that 10% of the hydrocarbons can be recovered as ethylene and 13% as various 
butenes. About 23% will be diesel boiling range material while about 13% 
occurs in the gasoline range (excluding C4 components that may eventually end 
up in the gasoline). About 12% of the product is water soluble oxygenated 
hydrocarbons. The remainder of the product from the converted synthesis gas 
consists of ethane, LPG and fuel gas (that may be partly recycled to the syngas 
generator). The current proposal differs from previous publications, for example 
Ref 1, where the possibility of using FCC-type technology to enhance lower 
olefin yields was not considered. It is anticipated that the modified HTFT 
technology could in future provide the most cost effective route to short chain 
olefin production. 

5.5 Combined LTFT and HTFT 

Besides the higher olefin content already mentioned, the LTFT promoted 
iron catalyst also has a higher wax yield than cobalt catalysts. As a result of 
these two differences, the LTFT iron catalyst may offer advantages for the 
production of various chemicals, i.e. the production of lubricant base oils, and 
as mentioned earlier, production of olefins and olefin derived products such as 
detergent alkylates and alcohols. As mentioned previously, several 
disadvantages are also associated with the use of iron based LTFT. A key 
disadvantage associated with the LTFT iron catalyst use is that it is expensive to 
reach high syngas conversions. However, for conversions up to about 50% the 
capital cost expressed per unit product is similar to that for cobalt catalysts. 

An attractive option to consider is a two stage process that uses LTFT iron 
catalyst for the first stage with HTFT technology as a second stage. This 
combination will allow for the production of lubricant base oils, olefin derived 
products such as detergent alkylates and alcohols, light olefins and oxygenated 
hydrocarbons (such as ethanol and methanol). All these products will be 
produced with a competitive advantage when compared to conventional 
processes. 
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The lubricant base oils, detergent alkylates, co-monomers and other olefin 
derived products from the first stage (that is the iron based LTFT plant) are high 
value products. The second stage (HTFT) provides a lower capital cost method 
to consume the residual reactants; consumes carbon dioxide that is generated in 
the upstream processes; and provides a way to produce additional commodity 
chemicals. The result is a high yield of total hydrocarbon products per imit of 
syngas and a high average product price. 

5.6 The simplified HTFT chemical hub concept 

The HTFT schemes shown in Figure 21 may be seen as rather complex 
with difficulties associated with marketing a wide variety of large volume 
chemical products. In addition the FCC unit is a high cost refinery unit and 
significant quantities of feed are lost to coke and fuel gas. An alternative is to 
reconfigure the HTFT refinery to only produce diesel, naphtha, propylene and 
LPG. This is done by reacting ethylene with butylene to produce propylene by 
metathesis. The oxygenated products can be dehydrated to produce more 
olefins. The naphtha cut olefins are oligomerised to be combined with the 
straight run diesel cut. With this approach a viable footprint plant can be built. 
Later the alpha olefins and other chemicals can be extracted incrementally from 
the refinery feed for sale as higher value products when market conditions are 
favorable. With this approach the initial product would consist of about 40% 
diesel, 30% naphtha, 26% propylene and 4% LPG on a mass basis. A large 
proportion of the diesel product can later be diverted to commodity chemical 
products with this approach. 

5.7 Conclusions for the production of high value hydrocarbons 

The use of cobalt based FT catalysts is the preferred approach for the 
production of fuels from natural gas. If it is desired to target large scale 
commodity chemicals as the main products with fuel as a by-product then iron 
catalysts could be applied using well proven technology. The HTFT process 
might become the preferred technology to produce olefins. If it is desired to 
produce lubricant base oils and LAB then these products can be produced as co¬ 
products from the Sasol SPD'*^'^ process or by using LTFT iron catalyst in plants 
integrated with other processes. 
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Sasol SPD™ process 



2 % LPG 
30 % Naphtha 
68 % Diesel 


Total product value: 100 


Sasol SPD™ with chemicals co-production 



3 % LPG 
18 % Naphtha 
67 % Diesel & Lubes 
10 % n-paraffin and LAB 
2 % Co-monomers 


Sasol HTFT with tight olefins co-prodnction 






I00%NG 

Syngas 

production 


HTFT 


FCC and 
Product 
upgrading 




Total product value: 150 




13 % Gasoline 
23 % Diesel 
10 % Ethylene 
19 % Propylene 
13 % Butylene 
12 % Oxygenates 

3 % Ethane 

4 % LPG 
4% Other 


Sasol integrated LTFT and HTFT with chemicals co-production 



3 % n-paraffin & LAB 

7 % Naphtha 

3 % LPG 

49 % Diesel & Lubes 

8 % Gasoline 
6 % Ethylene 

11 % Propylene 

4 % Butylene 

6 % Oxygenates 
3 % Other 


Figure 21 Possible mass balances for Fischer-Tropsch process options 
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6 . COAL CONVERSION USING FT TECHNOLOGY 

There are several different technology options for the conversion of coal to 
synthesis gas suitable for FT synthesis. These will all involve some form of 
gasification technology as discussed in Chapter 4. It is appropriate to first obtain 
some insight into the mass and energy balance considerations that apply to the 
coal conversion route. Coal is a carbon rich feedstock that varies in 
composition, e.g. the carbon to hydrogen ratio, but the idealized case of a pure 
carbon feed can be used as a departure point to gain some fimdamental process 
insights. Thus the conversion of carbon to olefinic hydrocarbons can be 
examined using mass balance and thermodynamic considerations as follows: 

Mass balance reaction for ideal steam gasification: 

- Gasification: 1.5C + 2 H 2 O ^ CO + 2 H 2 + 0.5 CO 2 

- FT: CO + 2 H 2 (-CH 2 -) + H 2 O 

(Note the carbon efficiency is 67%) 

Thermodynamics for this ideal gasification are as follows: 

- AH = 158 kJ (endothermic reaction) 

- AG = 104 kJ (reaction is thermodynamically impossible) 

Modify gasification to make it thermodynamically possible by adding oxygen: 

- Gasification: 1.77C + 2 H 2 O + 0.27 O 2 CO + 2 H 2 + 0.77 CO 2 
(Carbon efficiency decreases to 56%) 

Thermodynamics of‘possible’ gasification; 

- AG = - 2 kJ (reaction thermodynamically possible i.e. AG < 0) 

- AH = 51 kJ (reaction still endothermic) 

Now in reality the most effective method to provide heat for the endothermic 
reaction is by combusting additional carbon with oxygen in-situ. This leads to 
the following mass balances: 

C + 4/3 H 2 O 2/3 CO + 4/3 H 2 + 1/3 CO 2 2/3 (-CH 2 -) + 2/3 H 2 O + 1/3 CO 2 

T i 

1/3 C + 1/3 O 2 ^ 1/3 CO 2 _ 120 kJ _ 

4/3 C + 4/3 H 2 O + 1/3 O 2 ^ 2/3 CO + 4/3 H 2 + 2/3 CO 2 
^ 2/3 (-CH 2 -) + 2/3 H 2 O + 2/3 CO 2 + 120 kJ 

Using two carbon atoms as the starting basis the above mass balance becomes: 
2C + 2 H 2 O + 1/2 O 2 ^ CO + 2 H 2 + CO 2 ^ (-CH 2 -) + H 2 O + CO 2 + 180 kJ 
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(Carbon efficiency decreases to 50% and product/feed thermal efficiency is 
about 75%) 

The above equation can also be modifid by decreasing the steam fed to the 
gasifier to give: 

2C + H 2 O + 1/2 O 2 2 CO + H 2 (-CH 2 -) + CO 2 + 240 kJ 
However, in this modified reaction, which produces a lower H 2 /CO ratio 
syngas, the exothermic water gas shift reaction (H 2 O + CO —> H 2 + CO 2 ) is 
eliminated from the gasification step and this requires the burning of additional 
carbon to form CO 2 to close the energy balance for this step. This decreases the 
carbon efficiency by about 5%, i.e. tfom about 50% to about 47%. Whether this 
is good or bad depends on the value that can be obtained from the extra heat 
produced by the water gas shift reaction that now takes place in the FT step (240 
kJ versus 180 kJ). 

The approximate heat content assumptions used are as follows: 

C = 400 kJ/mol 

CH 4 = 800 kJ/mol 

-CH 2 - =600kJ/mol 
CO = 300 kJ/mol 

H 2 = 240 kJ/mol 

The previous two mass balance equations essentially illustrate the 
difference between the Sasol-Lurgi gasifiers that produce a syngas with an 
H 2 /CO ratio close to 2.0 compared to the high temperature entrained flow 
gasifiers that produce a syngas with this ratio close to 0.5. While there is a small 
difference in the theoretical process carbon efficiencies there are also other 
differences when the practical utility balances are taken into account. For 
example, energy is required to produce steam from water and to separate 
oxygen ifom air. Also from a capital cost point of view the Sasol-Lurgi 
approach requires more steam generation capacity for gasification and more 
carbon dioxide removal from the synthesis gas and more treatment facilities for 
FT reaction water. 

This is obviously a highly idealized analysis, for example coal is perhaps 
better represented as CH rather than C. However, increasing the hydrogen 
content of the fuel does not significantly affect the process thermal efficiency 
(in terms of energy in the products as a proportion of energy in the feed) 
although it does improve the carbon efficiency. This can be appreciated by 
analyzing methane as the feed material: 
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CH 4 + 1/3 CO 2 + 2/3 H 2 O -*• 4/3 CO + 8/3 H 2 -> 4/3 (-CH 2 -) + 4/3 H 2 O 

t i 

1/3 CH 4 + 2/3 O 2 ^ 1/3 CO 2 + 2/3 H 2 O 240 kJ 

4/3 CH 4 + 2/3 O 2 4/3 CO + 8/3 H 2 4/3 (-CH 2 -) + 4/3 H 2 O + 240 kJ 

Using one methane molecule as the starting basis gives: 

CH4 + 1/2 O2 ^ CO + 2 H2 ^ (-CH2-) + H2O + 180 kJ 

The carbon efficiency is 100% but the thermal efficiency, ignoring the 

contribution from the FT reaction heat, is still 75%. 

6.1 Combined production of hydrocarbon liquid and electrical power 

The following is an extract of a paper by Steynberg and Nel published in 
FUEL [44]: 

Any meaningful utilization of the vast coal resources in places like China, 
India, Australia, South Africa and the USA will involve conversion into some 
other form of energy. Coal, as a solid, has a high energy density and is therefore 
reasonably convenient as a heating fuel. The problem is that the associated 
pollutants negate any advantages compared to other cleaner burning fuels. Coal 
is rather converted into other cleaner forms of fuel such as liquid hydrocarbons, 
synthetic natural gas (SNG) and electric power. Initially these conversion plants 
simply concentrated the pollutants in one large scale conversion site while 
enabling the end user of energy to experience a cleaner fuel. With time, more 
and more success has been achieved in cleaning up the emissions fi'om large 
scale coal conversion facilities. 

One fact that cannot be avoided is that every ton of carbon in mined coal 
will sooner or later end up as 3.67 tons of carbon dioxide in the atmosphere (i.e. 
44/12 being the molecular/atomic mass ratio of carbon dioxide and carbon). 
Although some attention has been paid to the possibility of carbon dioxide 
sequestration this is not currently, and may never be a viable option. Certainly 
the cost of sequestration seems likely to favor the use of other fossil fuel 
alternatives such as crude oil and natural gas while these are still readily 
available. 

The increased production of carbon dioxide per unit of useful energy for 
coal relative to other fuels is inevitable [45]. Assuming this is acceptable, it 
becomes important to ensure that, when coal is used, it is used as efficiently as 
possible. Co-production of liquid hydrocarbons and electricity from coal using 
combined cycle power generation facilities has been proposed as a clean and 
efficient approach [15-22]. 

The coal fired power stations in South Africa and elsewhere produces 
some of the world’s lowest cost electrical power but this large scale coal 
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combustion has an environmental penalty. An alternative approach is to gasify 
the coal in order to produce a low heating value synthesis gas which may be 
cleaned prior to combustion. This gas is then combusted in a combined cycle 
power plant using both steam and gas turbines to produce electricity. There are 
alternative uses for this synthesis gas that may offer opportunities that are both 
economically more attractive and result in more efficient use of the coal. Where 
a region’s economy is dependant on coal utilization, there is a strong case to be 
made to switch to more efficient and less polluting coal conversion technologies 
as these become available. 

Synthesis gas can also be made fi-om natural gas and the following 
comparison has been published previously by Shell [45]: 

Syngas Manufacture + Fischer-Tropsch Thermal Efficiency * Relative Capital 

Cost 


Coal: 60% 200 

2(-CH-) + O 2 -> 2CO + H 2 -> (-CH 2 -) + CO 2 


Natural Gas: 80% 100 

CH 4 + ‘/ 2 O 2 ^ CO + 2 H 2 -»(-CH 2 -) + H 2 O 

* Theoretical Maximum 

This appears to paint a bleak pictiu'e for coal utilization but it ignores two 
factors. Firstly, the high energy density of coal allows the feed to be delivered to 
the conversion plant at a lower cost. Secondly, the lower energy efficiency 
ignores the opportunity to convert some of the byproduct heat into electrical 
power. (Also the analysis in Section 6 shows that by using an idealized 
approach that considers steam gasification reactions then the thermal efficiency, 
in terms of (product heating value)/(feed heating value), for both coal and 
natural gas gives the same theoretical maximum of about 75%.) 

A potential use for some of the byproduct heat that is typically available in 
the hot outlet gases fi-om high temperature gasifiers is to generate steam for the 
water gas shift reaction to be conducted downstream from the gasifier to modify 
the above coal conversion reaction as follows: 

H 2 O + 2CO + H 2 ^ CO + 2 H 2 + CO 2 (-CH 2 -) + H 2 O 

i 

Removed 

This then becomes equivalent to the natural gas route for the synthesis gas 
conversion step but twice as much oxygen has been used to prepare the 
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synthesis gas and the cost of generating steam and removing carbon dioxide 
provides a further cost penalty. Clearly, from the analysis in Section 6, where 
much less oxygen is required it is preferable for the steam reactions to occur 
inside the gasifier. In real life applications the ratio of oxygen consumption for 
high temperature gasifiers versus oxygen fired reformers is about 1.7. On the 
other hand the stem fed Sasol-Lurgi gasifiers use about one quarter of the 
amount of oxygen used by the high temperature gasifiers. 

The cost penalty for generating steam is somewhat negated by the fact that 
steam generation is required anyway to remove the heat generated by the 
Fischer-Tropsch reaction and to cool the hot synthesis gas exiting the gasifier. 
Synthesis gas cleanup to remove acid gases is also required anyway for use in 
gas turbines for production of electricity. 

The concept of producing Fischer-Tropsch liquid hydrocarbons and 
electrical power from coal derived synthesis gas has been around for quite a 
long time. A 1978 patent from Chevron pointed out the advantages of using this 
concept to cope effectively with power demand variations [17]. The US 
Department of Energy (DOE) supported by contracted studies by MITRE 
Corporation [15, 16] and companies such as Texaco [18], Air Products [19, 20] 
and Rentech [21, 22] showed that LTFT reactor technology can be used together 
with coal or petroleum coke gasifiers for the co-production of hydrocarbon 
liquids and electrical power. Fluor Daniel [46] has proposed the use of HTFT 
for this purpose. 

The LTFT process [47] and the HTFT process [ 1 ] have been described in a 
1999 publication on the topic of recent advances in Fischer-Tropsch synthesis. 
It is possible that the combined production of hydrocarbon liquids and 
electricity from coal can compete with natural gas conversion to only 
hydrocarbon liquids. Often there is no demand for electricity at the site where 
remote natural gas is located but there is demand near potential coal conversion 
sites. This coal conversion approach has been studied for two Fischer-Tropsch 
conversion options i.e. LTFT and HTFT, both using iron based catalysts. 

6.2 Cases Studied 

For both cases the use of a Texaco Gasifier was assumed to make a 
synthesis gas with the following composition (mole%): 


H2 

29.26 

CO 

37.36 

C02 

13.30 

CH4 

0.16 

H20 

19.43 

Inert 

0.49 
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This composition was obtained from a Texaco brochure for a coal with the 
following composition: 


Dry Analysis (wt%) 


Carbon 78.08 
Hydrogen 5.26 

Nitrogen 0.85 

Sulfur 0.47 

Oxygen 8.23 

Ash 7.11 


For the LTFT case this gas is fed to a two stage reactor system to form 
liquid hydrocarbon products. 83.3% of the reactants are converted using this 
approach. The tail gas is sent to a gas turbine to produce power. Other sources 
of power are the steam generated in the process of cooling the synthesis gas 
from the gasifier and in removing the heat generated in the Fischer-Tropsch 
reactors. 

For the HTFT case, a similar quantity of hydrocarbon product can be 
produced with a single stage using only two reactors of the maximum size used 
by Sasol at its facility in Secunda, South Africa. 92.2% of the reactants are 
converted using this design approach. For this case the synthesis gas is 
subjected to a water gas shift reaction prior to acid gas removal in order to 
increase the hydrogen to carbon monoxide ratio in the synthesis gas. This was 
also found to significantly increase the utility requirements for the acid gas 
removal step. 

The mass and energy balances for the two cases are shown in Tables 3 and 
4. These are not necessarily fully optimized but are considered realistic to 
provide a fair basis for comparison. 

The plant capacity and hence the feed rate is determined by the amount of 
synthesis gas required to fully utilize two full scale Sasol reactors for the HTFT 
case. For the LTFT case the two first stage reactors are followed by a further 
two second stage reactors with all four reactors at the maximum capacity 
offered by Sasol. This is likely to be the minimum feasible scale of operation. 
More likely, plants will be constructed with double this capacity. 

The reported thermal efficiency is based on the lower heating value of the 
coal feed relative to the lower heating value of the primary liquid hydrocarbon 
products. These products are relatively pure so that only mild processing is 
required to convert them to final products. Further product loss in the upgrading 
process should not exceed 3% of the primary product heat value. A small 
amount of hydrogen will be required for the upgrading processes. This can be 
produced using a slipstream of the synthesis gas from the gasifiers. This is 
excluded from the above energy efficiency calculations. The product upgrading 
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units have a negligible impact on the utility systems. The utility balances are 
shown in Tables 5 and 6. 

6.3 Discussion of the results 

Natural gas conversion processes can be expected to have thermal 
efficiencies in the range of 60 to 66%. For the current state of the technology, 
cost effective facilities will have thermal efficiencies closer to 60%. Coal 
conversion is clearly less efficient. It seems about 50% efficiency is achievable. 
The cost of feedstock per unit of energy must therefore be less in order to 
compensate for this efficiency deficit. However, this is not unrealistic. Existing 
coal conversion plants operating with thermal efficiencies closer to 40% are 
cash positive. 

Compared to natural gas conversion the capital cost of coal conversion, 
based on similar quantities of energy product, are higher for a number of 
reasons. Firstly there is the need for acid gas removal from the synthesis gas. 
This step is not required for a sweet natural gas feed. The capital cost of 
synthesis gas generation is also significantly higher mainly due to the higher 
oxygen requirement (by a factor of nearly 1.7). The Fischer-Tropsch conversion 
step is marginally more expensive for the HTFT technology and much more 
costly for the LTFT route. Another factor that negatively impacts the coal 
conversion plant is that it is more utility intensive than a natural gas conversion 
plant. This is an inevitable consequence of the lower thermal efficiency. 



461 



Table 3 

Mass and energy balance for the LTFT case 
Feed Stream Summery __ 


Stream 

Number 

Stream Name 

Flowrate kg/h 

LHV kJ/kg 

LHV MW 

1 

Coal 

928063 

30506 

7864 

2 

Oxygen 

951597 

0 

0 

3 

Water 

654404 

0 

0 


Gas Stream Summery 


Stream Number 

Stream Name 

Flowrate 

knm3/h 

LHV kJ/nm3 

LHV MW 

4 

Raw Gas 

2243 

9843 

6133 

5 

C02 

364 

0 

0 

6 

Syngas 

1879 

11781 

6148 

7 

Tailgas 

695 

7831 

1513 


Liquid Stream Summery 


Stream Number 

Stream Name 

Bbl/day 

LHV 

MJ/bbl 

LHV 

MV 

Ton/day 

(metric) 

MJ/kg 

8 

Condensate 

18248 

4635 

978 

2090 

40.5 

9 

Wax 

35844 

5809 

2410 

4740 

43.8 


Total 

54082 


3388 




Thermal Efficiency 


Stream 

LHV MW 

% 

Coal 

7884 

100.0 

Condensate 

979 

12.4 

Wax 

2410 

30.6 

Power 

566 

7.2 

Overall 

3955 

50.3 
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Table 4 

Mass and energy balance for the HTFT case 
Feed Stream Summery __ 


Stream 

Number 

Stream Name 

Flowrate (kg/h) 

LHV (kJ/kg) 

LHV (MW) 

1 

Coal 

928063 

30506 

7864 

2 

Oxygen 

951597 

0 

0 

3 

Water 

654404 

0 

0 


Gas Stream Summery 


Stream Number 

Stream Name 

Flowrate 

(knm3/h) 

LHV (kJ/nm3) 

LHV (MW) 

4 


2243 

9843 

6133 

5 

Shift Gas 

2880 

7923 

5898 

6 

C02 

799 

0 

0 

7 


1881 

11341 

5925 

8 

Tailgas 

360 

14553 

1453 


Liquid Stream Summery 


Stream Number 

Stream Name 

Bbl/day 

LHV 

(MJ/bbl) 

LHV 

MV 

Ton/day 

(metric) 

MJ/kg 

9 

Decant Oil 

1799 

6099 

127 

249 

44.1 

10 

Stablised Light 

Oil 

34070 

4859 

1918 

3899 

42.5 

11 

Condensate 

25002 

4112 

1190 

2334 

44.1 


Total 

60871 


3233 

— 



Thermal Efficiency 


Stream 

LHV MW 

% 

Coal to Gasifier 

7884 

100.0 

Liquid Products 

3233 

?n 

Power Export 

393 

5.02 

Overall 

3626 

46.1 
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Table 5 

LTFT Utility Balances 

Steam System 


HP Saturated Steam Sources 

Quantity (tonnes/h) 

Gasifier outlet waste heat boiler 

2449 

Gas turbine heat recovery 

814 



HP superheated steam users 


Air separation unit turbine drives 

2158 

Other process compressor turbines 

58 

Electrical power generating turbine 

1046 



Saturated MP steam from FT reactor cooling 

1607 



Superheated MP steam electrical power generation 

1051 

Other MP Steam Users Including CO 2 removal 

556 


Electrical Power Sources 


Source 


HP steam turbine 


MP steam turbine 

123 

Gas turbine 

309 

Less: Internal use 

100 

Net power export 

566 


Tail Gas Fuel Users 


Users 

Quantity (MW) 



HP steam superheater 

438 

MP steam superheater 

16 

Gas turbine 

1075 
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Table 6 

HTFT Utility Balances 
Steam System 


HP Saturated steam sources 

Quantity (tonnes/h) 

Gasifier outlet waste heat boiler 

2449 

FT reactor cooling 

1119 

Shift reactor waste heat boiler 

373 

Gas turbine heat recovery 

787 


HP Superheated Steam Users (63 bar dll^^C) 

Quantity (tonnes/h) 

Air separation unit turbine drives 

2157 

Other process compressor turbines 

53 

Electrical power generating turbine 

868 


HP Saturated Steam Users (70 bar) 

Quantity (tonnes/h) 

Shift steam 

343 

Shift preheater 

33 

CO: removal 

1061 

Other process heating 

241 


Electrical Power Sources 


Source 

Quantity (MW) 

HP steam turbine 

243 

Gas turbine 

269 

Less: Internal use 

100 

Net power export 

412 


HTFT Tail Gas Fuel Users 


Users 

Quantity (MW) 

FTP steam superheater 

515 

Gas turbine 

938 


Considering the comparison between the HTFT and LTFT options, it is 
clear that the LTFT route is more efficient when using an entrained flow 
gasifier. The main reason for the lower efficiency of the HTFT option is that the 
acid gas removal step becomes more utility intensive. As mentioned previously 
though, the capital cost for the LTFT Fischer-Tropsch section is higher. Only a 
detailed study beyond the scope of this paper will be able to determine whether 
the higher efficiency of the LTFT route can compensate for the higher capital 
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cost. In addition the analysis in Section 6.4 shows that the combination of HTFT 
synthesis with Sasol-Lurgi gasifiers is an attractive option from a thermal 
efficiency perspective. The preferred solution may be different for different 
potential application sites and may be influenced by whether gasoline or diesel 
is the desired primary fuel product. 

The economic success of the coal conversion plant will inevitably depend 
on the price received for the products. It seems unlikely that the price for liquid 
hydrocarbons will be sufficient to provide a suitable return on the capital 
invested while the energy resources of crude oil and natural gas are still readily 
available. However, if some assistance is provided for the initial capital costs, 
coal conversion to liquid hydrocarbons together with electrical power is an 
efficient option relative to other coal conversion options. The coal conversion 
efficiencies are higher when liquid hydrocarbons are produced than for facilities 
producing only electricity. 

6.4 Coal conversion using Sasol-Lurgi gasifiers 

A study was done using similar assumptions for a coal based facility using 
Sasol-Lurgi gasifiers instead of entrained flow gasifiers. The previous study was 
also updated with more optimistic assumptions for the efficiency of the gas 
turbines used in these schemes to generate power, in line with efficiencies 
published by SRI. 

From the information provided below it can be seen that when LTFT 
synthesis is used entrained flow gasifiers result in the highest thermal 
efficiency, of about 52.5% compared to 49.6% when Sasol-Lurgi gasifiers are 
used. This assumes the use of radiant cooling in a waste heat boiler. If the 
Texaco quench design is used then the efficiency drops to 47.9%. The cost of 
syngas preparation using Sasol-Lurgi gasifiers is expected to be less than the 
Texaco design using radiant cooling and the Sasol-Lurgi gasifiers have a better 
record in terms of plant availability. 

The overall most efficient approach is the use of Sasol-Lurgi gasifiers 
combined with HTFT synthesis providing an overall efficiency of about 53.5%. 
This is also the best proven approach since the syngas preparation and FT units 
are well proven at the Sasol plants in Secunda. The main reason for the higher 
efficiency is the ability of the Synthol reactors to convert both CO and CO 2 to 
hydrocarbon products at very high conversions in a single stage reactor. The 
lower temperature counter-current flow arrangement for the Sasol-Lurgi gasifier 
is efficient in spite of the fact that large volumes of steam are reacted to produce 
a relatively high H 2 /CO ratio syngas. No downstream shift reactor is required to 
adjust the gas composition to be suitable for HTFT synthesis. 
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Table 7 

Stream summary for Sasol-Lurgi gasification with LTFT synthesis 


Stream no 

Stream name 

Flowrate 

1 

Coal 

1348 t/h 

2 

HP steam 

1725 t/h 

3 

Boiler feed water 

263 t/h 

4 

Oxygen 

374 kNmVh 

5 

Ash 

175 t/h 

6 

Tar 

46 t/h 

7 

Dry raw gas 

2718kNm7h 

8 

CO 2 

750 kNm7h 

9 

Syngas 

1968kNm7h 

10 

Tailgas 

699 kNm7h 

11 

Condensate 

28896 bbl/day 

12 

Wax 

24954 bbl/day 

13 

Steam from gas turbine 
heat recovery section 

1649 t/h 


FT product summary 


FT products 

53850 bbl/day 

FT products + electricity 

71913 bble/day 


Thermal efficiency 


Stream 

LHV(MW) 

Thermal % 

Coal 

9428 

100.00 

Tar 

538 

5.71 

Condensate 

1433 

15.20 

Wax 

1652 

17.52 

Power 

1052 

11.2 

Overall 

4137 

49.6 
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Table 8 

Stream summary for Sasol-Lurgi gasification with HTFT synthesis 


Stream no 

Stream name 

Flowrate 

1 

Coal 

1348 t/h 

2 

HP steam 

1725 t/h 

3 

Boiler feed water 

263 t/h 

4 

Oxygen 

374 kNm"/h 

5 

Ash 

175 t/h 

6 

Tar 

46 t/h 

7 

Dry raw gas 

2718kNm"/h 

8 

CO 2 

750 kNm"/h 

9 

Syngas 

1968kNm"/h 

10 

Tailgas 

226 kNm^/h 

11 

Condensate 

32359 bbl/day 

12 

Light oil 

30468 bbl/day 

13 

Heavy oil 

2419 bbl/day 

14 

Steam from gas 
turbine heat recovery 
section 

1539 t/h 


FT product summary 


FT products 

65246 bbl/day 

FT products + electricity 

78789 bble/day 


Thermal efficiency 


Stream 

LHV(MW) 

Thermal % 

Coal 

9428 

100.00 

Tar 

538 

5.71 

FT products 

3744 

39.71 

Power 

766 

8.12 

Overall 

5047 

53.54 
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Table 9 

Texaco LTFT case with higher turbine efficiency, radiant cooler and scale-up for same coal 
flow as Lurgi; 

Stream summary __ 


Stream no 

Stream name 

Flowrate 

1 

Coal 

1348 t/h 

2 

Oxygen 

1406 kNmVh 

3 

Water 

951 t/h 

4 

Slag 

175 t/h 

5 

Dry raw gas 

3258 kNm"/h 

6 

CO 2 

529 kNm^/h 

7 

Syngas 

2729 kNmVh 

8 

Tailgas 

■RIRVSSnXH 

9 

Condensate 

26505 bbl/day 

10 

Wax 

52063 bbl/day 

11 

Steam from gas turbine 
heat recovery section 

1182 t/h 


FT product summary 


FT products 

78568 bbl/day 

FT products + electricity 

96940 bble/day 


Thermal efficiency 


Stream 

LHV (MW) 

Thermal % 

Coal 

11423 

100 

Condensate 

1422 

12 

Wax 

3500 

31 

Power 

1070 

9 

Overall 

5992 

52.46 


When the radiant boiler is excluded, that is, it is assumed that the raw gas will 
be quenched to cool it, the results change in the following way: 


FT product summary 


FT products 

78568 bbl/day 

FT products + electricity 

87977 bble/day 


Thermal efficiency 


Stream 

LHV (MW) 

Thermal % 

Coal 

11423 

100 

Condensate 

1422 

12 

Wax 

3500 

31 

Power 

548 

5 

Overall 

5470 

47.89 
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There are many unwanted byproducts from the Sasol-Lurgi gasification 
process such as bitumen and the aqueous gas liquor processed in the 
Phenosolvan unit. In addition, these gasifiers cannot handle fine coal. The 
flowsheet can be significantly simplified if the waste water from gasification 
together with the other unwanted gasification byproducts and fine coal are fed 
to Texaco type gasifiers operating in parallel with the Sasol-Lurgi gasifiers. 

6.5 Comparison with the use of remote natural gas 

The import of liquefied natural gas (LNG) is becoming increasingly 
popular as a fuel for the production of electricity. It is unlikely that LNG will be 
supplied at a price less than $3/GJ due to the capital intensive nature of this 
technology. Currently the price is higher than this. Taking into account a 60% 
conversion efficiency to electricity for natural gas and a 40% conversion 
efficiency for coal, then the coal price that leads to the same feedstock cost is 
$61/metric ton (using a heating value of 30506 kJ/kg). This is much higher than 
the prevailing price of coal. This demonstrates that coal is the preferred 
feedstock for the generation of electricity when viewed from a feedstock cost 
perspective. However, coal conversion plants cost more to build and have a 
larger environmental impact. 

When it comes to the production of hydrocarbon liquids from coal or 
natural gas, a price range of between $0.5 and $1.0 can be expected for the lean 
natural gas at remote locations. Assuming a conversion efficiency of 60% for 
natural gas and 40% for coal, this translates to a coal price between $10 and 
$20/metric ton for the coal to have the same feedstock cost as natural gas. This 
is in line with coal prices obtainable in China but lower than the prevailing 
prices in the USA. 

By combining the production of hydrocarbons with the production of 
electricity, the coal conversion efficiency may be enhanced from about 40% to 
about 50%. This increases the feedstock cost parity figures mentioned above by 
25%. This is likely to make the production of hydrocarbons from coal viable 
with low cost coal from an operating cost perspective. The associated increase 
in efficiency for electricity generation provides a further competitive advantage 
for coal compared to imported LNG from a feedstock cost perspective. 

According to Shell [1] the coal conversion capital cost may be double that 
for natural gas conversion to liquid hydrocarbons. By way of comparison, the 
following units proposed in Ref 3 are eliminated if the Fischer-Tropsch tail gas 
is fed to a gas tiubine to produce electricity: 

• carbon dioxide removal, 

• hydrocarbon recovery, 

• hydrogen recovery and 

• autothermal reforming. 
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With this approach it is still possible to exceed 80% conversion of 
reactants in the clean synthesis gas entering the Fischer-Tropsch unit. This is the 
basis for the plant designs presented above. In spite of the potential to decrease 
capital costs by process simplification, the operating cost advantage for the coal 
route can never be sufficient to offset the higher capital cost. However, 
governments may consider assistance with the initial high capital costs for coal 
conversion plants in order to secure a strategic longer term operating cost 
advantage as well as ensuring increased self sufficiency and price stability for 
their energy needs. 

Production of liquid hydrocarbons from coal as described above has two 
further advantages. Firstly the market is huge and the facilities can take 
advantage of economics of scale for very large facilities producing hydrocarbon 
fuels together with electricity. However, the huge capital investment involved is 
another reason why state assistance will probably be necessary to fund such a 
coal conversion facility. The other benefit is that the final liquid hydrocarbon 
fuels will be ultra clean and will not contain sulphur or nitrogen. This will lead 
to local environmental benefits at the places where these fuels are used. 

6.6 Conclusions for coal conversion using FT technology 

Certainly coal conversion to hydrocarbon liquids and electricity is 
economically attractive from an income/cash cost viewpoint. However large 
capital investments are required to reap the benefits from economics of scale 
and the return on capital invested is not particularly attractive. It is therefore 
expected that these coal conversion plants will only become a reality if there is 
some form of state assistance with the initial capital investment, such as low 
interest loans. This would be motivated by the independence from imported 
energy and the more efficient and cleaner utilization of the local energy 
resource. The Chinese government has accepted this approach and China is 
likely to be the pioneer for this technology option. Places that have abundant 
coal are likely to use this resource. It is the duty of technology providers to 
ensure that technology is made available to allow the coal to be used as 
efficiently as possible. 

7. ENVIRONMENTAL ASPECTS 

In the production of syngas all sulphur and nitrogen compounds are removed 
from the syngas upstream of the FT reactors. The gasoline and diesel fuels 
produced in the FT process are therefore S and N free. Hence the exhaust gases 
from combustion engines are free of SO2 and the NOx levels are lower because 
the FT fuels themselves make no contribution to the formation of NOx gases in 
the engine cylinders. The straight run HTFT gasoline contains about 5% 
aromatics and the benzene content is very low. This is an advantage over crude 
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oil derived gasoline from an environmental point of view. The alkene content of 
HTFT gasoline, however, is about 70%, which is far too high. To make the 
gasoline environmentally acceptable the alkene level has to be decreased and 
since this lowers the octane rating this has to be raised by other means (see 
Chapter 6). 

The efficiency of a diesel engine is about 44% as against only about 24% 
for a gasoline engine. From an environmental point of view the use of diesel 
engine vehicles should therefore be encouraged. The diesel fuel produced in the 
LTFT process is of excellent quality (see Chapter 6). The aromatic content may 
be less than 1 % for the straight run diesel and diesel from a wax hydrocracker. 
Diesel obtained from the oligomerization of olefins in the naphtha cut using a 
zeolite catalyst will typically contain about 10% aromatics. Currently an 
aromatic content of about 30% is typical for diesel fuels produced from crude 
oil. Tests have shown that the exhaust emission levels of hydrocarbons, CO, 
NOx and particulate matter were respectively 56%, 33%, 28% and 21% lower 
than crude oil derived diesel fuels [48]. In addition it has been shown that FT 
diesel fuel is readily biodegradable. 

When GTL plants using FT technology are configured in the maximum 
diesel mode then there are significant overall environmental benefits compared 
to the crude oil route to transportation fuels. In addition, the environmental 
impact for the GTL approach is mostly confined to the plant location that will 
typically be at a remote sparsely populated site. At the places where the fuels 
are used there are tremendous environmental benefits that result from the ultra 
pure fuels. The main environmental concern at the plant site is the CO 2 
emissions which is not detrimental to the local communities but remains a 
concern as a ‘greenhouse gas’. Water treatment technology is available to avoid 
any water effluent issues. Ongoing development work to improve 
environmental performance is therefore aimed primarily at improving the 
efficiency of the gas conversion to liquid hydrocarbons in order to further 
reduce CO 2 discharge to the atmosphere. Studies to quantify the environmental 
benefits obtained using GTL technology tend to be complex and precise 
quantification is the topic of ongoing debate. 

Fairly in depth life cycle assessment (LCA) studies have been done by 
PricewaterhouseCoopers for both the Shell (SMDS) and Sasol (SPD) GTL 
processes. An LCA compares the potential environmental impact of different 
technologies, taking into consideration all inputs (energy and resources) and 
outputs (emissions) over the complete lifecycle of each technology. It involves 
building a model to simulate both the technical details of the process, and the 
market dynamics with regard to the feedstock and products within the time 
frame of the study. Economic considerations are however excluded from an 
LCA. 
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In building the LCA model certain choices need to be made regarding the 
scope, methodology, input data and underlying assumptions - all of which could 
impact on the results. The Sasol-Chevron and Shell studies completed hy 
PricewaterhouseCoopers were based on the system boundary expansion (SBE) 
method as recommended by the ISO 14040 standard. Critical external reviewers 
were used such as Dr Michael Wang (Argonne Laboratories, California). 

The SBE methodology implies that all products related to a specific 
technology are taken into account. However, due to the complexity of a refinery 
system with its multiple products, most other transportation fuel LCA’s 
executed to date used the allocation method, where only the impact of the diesel 
and/or gasoline streams was taken into accoimt. The allocation methodology 
(comparing single products rather than technologies) has the advantage of being 
simpler and easier to understand, but it clearly does not give credit to 
technologies which has a more desirable overall product slate fi'om both an 
environmental and market demand perspective. 

Because the product slate of a GTL plant is different from that of a 
refinery (less products), a straight comparison is not possible. Since all of the 
refinery products do have a function and a market value, the GTL system needs 
to be expanded to include the environmental burden of supplying these 
additional functions, to enable a fair comparison. The GTL system has to meet 
the same functions as the refinery system, but not necessarily through the same 
products. The actual product selection is dictated by market forecast and 
industry trends. 

In terms of greenhouse gas emissions some of the findings were: 

• The higher efficiency of the refinery during the production phase is 
balanced by the better performance of the GTL system during the product 
use phase, and that as a result the two systems are equivalent fi’om a 
greenhouse gas perspective. 

• While the product use phase dominates the greenhouse gas results, the 
main difference between the two systems in this regard lies in the 
electricity generation function (comparing heavy fuel oil with natural 
gas), and not in the transportation fuel function. 

• By narrowing the study boundaries to include only transportation fuels 
(diesel and gasoline) the balance is shifted in favour of the refinery 
products - this is the result that is typically reported by most well-to- 
wheels studies comparing GTL and refineries. 

The study methodology and assumptions have an impact on the results. 
Although the SBE method, which gives credit to GTL for having a cleaner 
overall product slate, has only been applied by potential GTL producers to date 
(Sasol Chevron, Shell, ConocoPhilips), General Motors did acknowledge in 
their 2002 wells-to-wheels analysis for Europe that GTL would have a 
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greenhouse gas benefit if the less desirable refinery products were included in 
the comparison. 

Regulated Emissions for regional and local air quality: 

In this category the GTL system provides substantial improvement over 
the refinery system as indicated below; however, the actual impact or relevancy 
of these emissions is strongly dependent on the location of the emission (unlike 
CO 2 which has an equivalent global warming impact, regardless of where the 
emission takes place). For this reason, the transport-related emissions typical to 
an urban environment were shown separately as well. 


Table 10 

Regulated emissions: GTL as % of refinery reference (100) 



SOx 

NOx 

voc 

(potential for 
smog formation) 

CO 

Particulates 

Lifecycle Results 

39 

84 

20 

18 

58 

Transport -related 
Results: 

Heavy Duty 


72 

42 

67 

78 

Transport -related 
Results: 

Light Duty 


100 

60 

74 

67 


Calculated on a g/km travelled basis 



!□ Refiniry 
GTL 


Figure 22 Regulated emissions: Lifecycle basis 
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□ Refiniry Light/Heavy EXity 

□ GIL Light Duty 

□ GIL Heavy Duty 


Figure 23 Regulated Emmissions: Tank-to-wheels (urban emissions) 

Non-Regulated Emissions: 

In addition to the above regulated emissions, GTL diesel also results in 
lower non-regulated emissions such as air toxics and polyaromatic 
hydrocarbons (PAH’s). This is due to the low aromatic content of GTL diesel, 
which is <0.5% compared to 26-30% in a typical refinery low sulphur diesel. 
Toxicity and Biodegradabilitv: 

As a result of the high proportion of linear paraffins in GTL diesel, it has 
been shown to be readily biodegradable, and non-toxic/ not harmful to aquatic 
organisms. As a result of this, GTL diesel does not need to carry the dead fish 
and tree symbol like normal diesel, which has considerable advantages from a 
public perception point of view. Based on the favourable toxicity and 
biodegradability ratings, GTL diesel would be suitable for use in 
environmentally sensitive areas such as forests and estuaries. 

Energy depletion 

The GTL system is currently more energy intensive than the refinery 
system. For the current Sasol SPD process the total resource depletion is about 
110% of that of the refinery. This comparison can be quite dependant on the 
quantity of natural gas liquids that are recovered upstream of the GTL 
conversion plant. If the future targeted improvements in energy efficiency are 
attained then the natural gas and crude oil routes will essentially be equivalent 
in terms of resource depletion. 

In the case of GTL however, the main resource being depleted is natural 
gas which is the second most abundant fossil fuel (after coal). Natural gas also 
has favourable hydrogen to carbon ratio, compared to crude oil, from a 
greenhouse gas perspective. 






475 


The LCA analysis has lead to the following conclusions: 

• In an urban environment GTL diesel offers substantial air quality benefits 
since it is already meeting all regulated emissions (nitrogen oxides, 
particulates, carbon monoxide and hydrocarbons) as well as unregulated 
emissions (aromatics, toxicity, biodegradability). 

• Based on its superior product slate and product properties, GTL offers a 
wide range of attributes to leverage value for refiners who are under 
continuous pressure of reconfiguring to meet a changing demand pattern 
and quality imperative. This can be done by neat supply of GTL diesel or 
by upgrading lower quality middle distillates to high quality diesel by 
blending. 

• GTL offers a substantial cost benefit over other alternative technologies 
being directly compatible with current infrastructure in terms of 
distribution networks and engine technologies. This issue is not reflected 
in the current LCA results. 

• All these benefits are achieved without a greenhouse gas penalty. 

A big advantage of using CHt instead of coal as the carbon source is that 
the production of syngas from CH 4 is much more carbon efficient and hence 
much less CO 2 is produced which has to be released into the atmosphere. As 
CO 2 is one of the greenhouse gases there is currently much emotional and 
political pressure to minimise CO 2 emmission. Some scientists, however, 
question whether the higher CO 2 levels do indeed significantly contribute to 
global warming [49], They point out that the world has gone through previous 
temperature cycles, e.g. the ‘Medieval Climate Optimum’ a thousand years ago 
and the ‘Little Ice Age’ of three hundred years ago. Nevertheless, the 
responsible approach is to use the fossil fuel resources as efficiently as possible. 
Currently coal is used extensively to generate electrical power often in old 
facilities with low efficiencies. Replacement of these facilities with plants based 
on coal gasification and the co-production of electricity and liquid hydrocarbons 
could result in significant efficiency improvements and environmental benefits. 
See Section 6 . 1 . 

In a natural gas (methane) based FT plant the handling of sulphur 
contaminants and waste water streams is much simpler than for coal based 
plants. The methane usually contains only low levels of sulphur impurities and 
these have to be removed upstream of the CH4 reformers. The process is 
standard, catalytic hydrogenation of any organic sulphur compounds to H 2 S 
followed by absorption of the H 2 S by ZnO. There is no highly contaminated gas 
liquor stream as in the case of coal gasification. 
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7.1 Fischer-Tropsch reaction water treatment 

In addition to the production of hydrocarbon products, the FT processes 
also produce considerable volumes of FT reaction water. On a mass basis, 
approximately 1.3 tons of water is produced for every ton of hydrocarbon 
product. After separation from the hydrocarbon product, the FT reaction water 
typically contains numerous water soluble oxygenated compounds (e.g. 
alcohols, aldehydes, acids, ketones, esters), traces of other hydrocarbons and 
possibly traces of metals of catalyst origin. The type and degree of 
contamination is largely a function of the type of catalyst used in the FT 
synthesis, and the reaction conditions employed. Table 11 details typical water 
compositions for different FT synthesis operating modes. 

Table 11 

Typical composition of FT synthesis water from different synthesis operating modes 
Component (mass %) LTFT LTFT HTFT 

_ Co Catalyst _ Fe Catalyst _ Fe Catalyst 


Water 

98.89 

95.70 

94.11 

non-acid oxygenated hydrocarbons 

1.00 

3.57 

4.47 

Acidic oxygenated hydrocarbons 

0.09 

0.71 

1.41 

Other Hydrocarbons 

0.02 

0.02 

0.02 

Inorganic components 

< 0.005 

< 0.005 

< 0.005 


The presence of the abovementioned contaminants generally limit direct 
application or disposal of this water, and ptirification of the FT reaction water is 
required in commercial processes. Primary treatment of FT synthesis water is 
typically by distillation. During distillation, the bulk of the non-acid oxygenated 
compounds can be removed, leaving a carboxylic acid rich bottom stream, 
commonly known as FT acid water. Depending on the scale of the FT synthesis 
process, the recovered oxygenated compoimds can be worked-up to products, 
and/or used as an energy or fuel source. 

The FT acid water stream, after extraction of the oxygenates, contains only 
low concentrations of organic acids which bio-degrade readily and can be 
purified in either aerobic or anaerobic digesters to produce good quality cooling 
water or even drinking water. An advantage of anaerobic digestion is that it 
produces methane which can be utilised whereas aerobic digestion produces a 
sludge which has to be incinerated. 

For FT reaction water derived from LTFT applications, direct biological 
treatment (i.e. without a primary distillation step) using anaerobic processes can 
be en^loyed as the primary treatment step [50]. During such processes, 
oxygenated hydrocarbons are converted to methane and carbon dioxide. For this 
reason, this process route is only applicable where work-up of oxygenated 
compounds to products is not desired. 



Treatment of the FT acid water stream involves conventional biological 
treatment processes [51]. Aerobic, anaerobic process or combinations of these 
processes can be employed to produce a water product that is suitable for 
disposal to the environment or for reuse (e.g. as process cooling water) within 
the process. 

Membrane-based and liquid-liquid extraction processes have also been 
developed to recover carboxylic acids from FT acid water [52, 53]. The 
resultant water stream from these processes is generally of a good quality and 
can be reused or disposed to the environment. 

The production of high purity water (i.e. suitable as boiler feed water) is 
also achievable, but requires polishing of the water stream after primary and 
secondary treatment to remove suspended solids, dissolved salts (usually 
introduced as part of primary and/or secondary treatment) and traces of organic 
material [50-54]. 

7.2 Environmental issues for coal based plants 

In a coal based FT plant using Sasol-Lurgi gasifiers there are two aqueous 
streams and one gaseous stream that have to be treated before re-using them or 
releasing them into the environment. The ‘raw gas liquor’ stream is the 
condensed water from the coal gasification step. For the major identified 
pollutants commercial control technology is available, including the following: 

• Physical separation of oil and water streams. 

• Steam stripping to remove volatiles. 

• Phenol recovery by non-proprietary oil extraction or by Lurgi’s 
proprietary Phenosolvan process. 

• Sulphur recovery through a number of processes for removal, conversion 
to elemental sulphur, and cleanup of tail-gas streams. 

• Biological oxidation to remove residual amoimts of disolved salts, 
phenol, ammonia, etc. 

• ‘Polishing’ operations, such as activated carbon adsorption, if required, to 
remove residual amounts of refractory organics which are not 
biodegradable. 

Substantial quantities of sulphur and nitrogen compounds may remain in 
the liquefied product and, especially in the case of synthetic cmde production, 
will require additional refining. This will increase the number of individual 
cleanup processes required and, hence, plant emissions. After recovery of the 
ammonia and phenols the water still contains low levels of oxygenated 
aliphatics/aromatics and these are destroyed in aerobic biodigestors. 

The FT synthesis water stream, after extraction of the desired oxygenated 
compounds, still contains some organic acids and this stream together with rain 
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water run-off from the FT complex is also treated in the bioworks. The 
biological sludge produced is incinerated. The product water from the digesters 
is recycled to the plant as it is suitable for use as cooling water. The blowdown 
stream from the cooling water systems contains inorganic salts, mostly 
originating from the gas liquor streams. The blowdown is treated with coal ash 
which chemically binds the bulk of the salts. The remaining water is evaporated. 
The raw synthesis gas is scmbbed to remove the CO 2 and the sulphur 
compounds (predominantly H 2 S). The H 2 S containing CO 2 stream is treated in a 
Sulfreen or similar process where the H 2 S is oxidised to elemental sulphur. 

The principal solid effluent from coal liquefaction will consist of the 
mineral matter present in the coal feedstock. Indirect liquefaction processes will 
discharge an ash with properties which depend on the process specifics. Landfill 
disposal is an alternative, but leaching characteristics of the solid wastes must 
be considered in selecting landfill procedures. 

Other solid wastes will include spent catalysts, organic sludge from 
biological wastewater facilities, inorganic sludges from flue-gas desulfurization 
or evaporation ponds, and by-product sulphur if not recovered. These wastes 
may require specialized treatment to avoid transmission of soluble components, 
including trace elements (e.g. arsenic, chromium, mercury, molybdenum, and 
selenium) to local water supplies. 

Coal storage and preparation will also require pollution control techniques 
for dust and rainwater runoff 

There are also significant environmental challenges related to the mining 
of the coal. Surface coal mining normally generates a lesser solid waste problem 
than underground mining because surface mining generally levels most of the 
overburden after the mining operation has been completed. Underground 
mining produces large quantities of solid wastes where preparation plants are 
associated with the underground mines in order to upgrade the coal. On the 
average, approximately 25 percent of the extracted coal is rejected as waste by a 
coal preparation plant. Some waste is produced from the sinking of shafts and 
the driving of entryways and tunnels. 

Wind erosion, and hence, particulates, generate air pollution from surface 
mining. Because most of the coal surface-mining equipment is mostly 
electrically powered, diesel emissions are relatively low. Air pollution indirectly 
generated by surface mining occurs at the electric power station site rather than 
at the mine site. 

Air pollution from underground mines arises from several sources. 
Blasting and other production operations generate some pollutants. Fires from 
coal refuse banks emit not only smoke and minute particulate materials, but also 
noxious and lethal gases. In the past, fires have occurred in abandoned deep 
mines and in un-mined underground areas. 
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Chapter 6 


Processing of Primary Fischer-Tropsch Products 

L. P. Dancuart, R. de Haan and A. de Klerk 

Sasol Technology R&D 

P.O. Box 1, Sasolburg, 1947, South Africa 

1. INTRODUCTION 

The refining of Fischer-Tropsch (FT) products is very different from crude oil 
refining in terms of feed composition, refining focus and heat management [1]. 
Despite these differences, the refining of FT products is not widespread enough 
to have attracted FT specific refining technologies. The same basic technologies 
and commercial catalysts used in crude oil refining [2] have therefore been 
adapted for use in FT primary product refining. 

The refinery configuration and choice of refining technologies depend 
largely on the split between chemicals and fuels production. Valuable products, 
like linear alpha-olefins, can be extracted from the FT product. The recovery (or 
non-recovery) of such chemicals would change the product slate and 
consequently the refining methodology. Historically the refining of FT products 
focused mainly on fuels. The evolution of FT refining is discussed with emphasis 
on the impact on the refinery design of changing fuel specifications; 
improvements in technology and the exploitation of chemical opportunities. 

As for a crude oil refinery, the FT refinery design depends on the nature of 
the feed that must be processed. Some key properties of the primary FT product 
components are discussed with an explanation of their impact on the refining 
approach, most notably the hetero-atom constraints, compatibility with fuel 
requirements and carbon number distribution. This serves as an introduction to 
the detailed discussion on the preferred refining options for the various cuts. The 
focus is on fuels production from the primary product although some of the 
chemical extraction opportunities that exist are highlighted in this context. 
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Towards the end of this chapter some opportunities to target the large scale 
production of bulk commodity chemicals are presented. 

Some notes on refinery integration opportunities are provided and there are 
pointers to the design of future FT refineries. 

2. HISTORICAL PERSPECTIVE 

The original Sasol 1 production facility in Sasolburg had both Arge Low 
Temperature FT (LTFT) and Synthol High Temperature FT (HTFT) synthesis 
technology operating in parallel. The Synthol refinery produced mainly petrol 
(also termed gasoline or mogas, in other words, spark ignition engine fuel), while 
the Arge product refinery produced mainly heavier products, i.e. diesel 
(compression ignition engine fuel) and wax [3, 4, 5]. The HTFT plant in 
Brownsville, Texas (Hydrocol process) [6, 7] that preceded the Sasolburg facility 
also targeted petrol as the main fuel product. Fuel specifications in the 1950’s 
were not very demanding and product upgrading was mainly by distillation, 
hydrogenation, clay treatment (to decrease the oxygenates and increase the 
aromatic contents) and oligomerisation of light olefins. Lead containing 
additives were used to increase octane as was common practice in oil refineries 
at that time. 

The Sasol production facilities in Secunda exclusively use HTFT 
technology. Fuel specifications in the 1980’s were still not very demanding and 
the FT product refineries were consequently of a straightforward design (Fig. 1) 
[8]. Since coal is used as feed material, the overall facility is a bit more 
complicated [9]. In addition to the FT refinery, a tar refinery is required to 
process the pyrolysis products from coal gasification (not shown in Fig. 1). Tar 
refining is linked to coal processing and is similar to the refining required during 
coke production for the metallurgical industry. 

The refinery designs not only reflected the prevailing fuel specifications, 
but also the fact that the HTFT refineries were seen as mainly fuels producers. 
The potential to extract chemicals was noted [10], but was not incorporated in 
the designs. The first change in this perspective started in the 1960’s, with the 
announcement that ethylene from FT synthesis, and nitrogen from the air 
separation plant, would be recovered for the production of plastic and ammonia 
at the Sasol 1 facility [11]. 

The separation of ethylene and propylene was incorporated in the later 
Secunda designs. This was taken a step further in the 1990’s, with the recovery 
and purification of linear alpha-olefins as co-monomers for the polymer industry. 
Similarly, heavier alpha-olefins are now recovered and purified for detergent 
alcohol production via hydroformylation. 
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Figure 1 High Temperature Fischer-Tropsch refinery design originally used at Secunda 
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Figure 2 Current (2004) High Temperature Fischer-Tropsch refinery used at Secunda 

The HTFT reactors at Sasol 1 were decommissioned in the 1990’s and the 
facility was converted to a chemicals production site. The Secunda plants also 
started to lose their identity as fuels-only refineries as more and more chemicals 
were targeted for extraction [12]. Yet, most of the production volume still went 
to fuels and with the more stringent fuel specifications, some fuels refining units 
were added, such as etherification and skeletal isomerisation (Fig. 2). 

With the construction of the first commercial HTFT gas-to-liquids (GTL) 
plant, an all-fuels approach was again followed. The PetroSA GTL plant started 
operation in 1993 as Mossgas in Mossel Bay, South Africa. The plant is an 
integrated facility for natural gas processing that makes use of Sasol Synthol 
technology. The feed is obtained from their own natural gas fields located 
offshore. The primary gas separation is done at the main production platform 
where Raw Natural Gas and Natural Gas Liquids (NGL) are produced and 
transported some 120 km to the GTL plant by pipelines. A secondary separation 
is done onshore where the natural gas composition is made compatible with the 
GTL process requirements and the NGL is separated into Liquefied Petroleum 
Gas (LPG), Naphtha and Diesel. The refinery design resembled that of the 
Secunda facilities, but some changes were made to the Ci-Cg processing (Fig. 3) 
[13]. 
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Figure 3 High Temperature Fischer-Tropsch refinery design of Mossgas (now PetroSA) at 
Mossel Bay 
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Chemical production at the Mossel Bay refinery is possible but lacks 
economy of scale relative to the Secunda plants. Although not implemented, 
some chemical production opportunities have been investigated [14]. Future 
HTFT plants are likely to target bulk commodity chemicals to decrease the 
reliance on high oil prices for satisfactory economic performance. Chemicals 
extraction is an attractive option to grow income [15] and this can be considered 
even after the FT plant is in operation provided the remaining plant life is 
sufficient. Since the Mossel Bay refinery uses natural gas as feed material and 
not coal, it does not have a tar refinery associated with it. However, the co¬ 
processing of natural gas offers its own advantages. 

The historic evolution of the Sasol HTFT refineries was not only driven by 
technology advances and market requirements, but also by the strategic 
positioning of the company. Current thinking favours expansion in the field of 
polymers and future changes may well have to balance the demands of more 
stringent fuel specifications with growth in ethylene and propylene production. 
To meet such an eventuality a change in the refinery configuration to include a 
Superflex™ Catalytic Cracker (SCC) unit is being implemented [16]. 

3. UPGRADING OF HIGH TEMPERATURE FISCHER-TROPSCH 
(HTFT) PRODUCTS 

3.1 Influence of feed properties on refining approach 

To understand HTFT refining, it is necessary to take a closer look at the 
refinery feed material. Although the feed composition depends strongly on the 
nature of the FT catalyst and operating conditions [4, 5], a high temperature iron 
based FT primary product typically has the following attributes; 

• The oil and aqueous products are essentially sulphur-free. 

• The oil and aqueous products are low in nitrogen-containing compounds. 

• The oil and aqueous products contain percentage levels of oxygenates 
(alcohols, acids, esters and carbonyls). 

• The oil product is rich in olefinic material, especially linear alpha-olefins. 

• The oil product is poor in aromatics and naphthenics (cyclo-paraffins and 
cyclo-olefins). 

• The oil product is mostly linear or with a low degree of branching. 

• The oil product follows a Schultz-Flory distribution, heavily weighted 
towards light hydrocarbons. 

• The aqueous product contains most of the short chain oxygenates. 

The discussion presupposes that the products are typical HTFT products 
and have not been modified in some way by the addition of a second catalyst 
type. It may seem desirable to use a second catalyst type to make the HTFT 
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product more amenable to refining [17], but this train of thought will not be 
explored further. 

3.1.1 Hetero-atom constraints 

The most obvious advantage is the low sulphur content. There is no need to 
worry about deep hydrodesulphurisation or other sulphur reduction technologies 
to meet fuel sulphur specifications. There is also no need to worry about the 
sulphur sensitivity of catalysts and high activity unsulphided catalysts can in 
principle be used for hydrotreating. 

The bugbear of a FT refinery is oxygenates and most refining processes are 
affected. Only the lighter than C 5 boiling range material is oxygenate free or 
have oxygenates present in very low concentration. Oxygenates can therefore be 
considered critical in HTFT refining, with carboxylic acids being especially 
troublesome. They restrict the metallurgy of processing equipment and cause 
metal leaching of some classes of unsulphided catalysts, most notably nickel 
promoted catalysts. Furthermore, the carboxylic acids tend to be difficult to 
remove by hydrotreating. 

Unlike hydrodesulphurisation (HDS) and hydrodenitrogenation (HDN) that 
produces hydrogen sulphide and ammonia, hydrodeoxygenation (HDO) 
produces water. This not only complicates product work-up, but also creates 
problems in catalysis. Hydrothermal dealumination can lead to changed catalyst 
behaviour [18] and faster catalyst deactivation [19]. In chlorided catalyst systems 
severe corrosion may also result from the presence of water. 

3.1.2 Petrol component properties 

It is instructive to look at the hydrocarbon component classes in relation to 
their octane value and abundance in FT products. As an example, the C? 
hydrocarbon compound classes have been listed, with their relative abundance 
on an oxygenate-Iree basis in a high temperature FT product (Table 1). 

It is clear that an unrefined HTFT product has a low octane and that the 
only saving grace is its high olefin content Exploiting the high olefin content 
and redressing both the low degree of branching and low aromatics content, are 
therefore central to the fuels refining strategy. This can typically be done by 
skeletal isomerisation of the olefins [ 21 , 22 ] (with the possibility for 
etherification), skeletal isomerisation of the paraffins [23, 24], selective 
aromatisation or reforming [25, 26, 27]. Similarly, the extraction of alpha-olefins 
as chemicals is desirable from a fuels point of view. In some cases it may also be 
useful to consider double bond isomerisation as a cheap way to improve the 
octane of alpha-olefin-rich material. 
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Table 1 

Research octane value (RON) and motor octane value (MON) of some C^ hydrocarbons [20] 
and their relative abundance in unrefined High Temperature Fischer-Tropsch product _ 


Class 

Compound 

RON 

MON HTFT abundance 

Linear paraffin 

n-Heptane 

0.0 

0.0 

8 

Branched paraffin 

3 -Methylhexane 

52.0 

55.8 

4 


2,3-Dimethylpentane 

91.1 

88.5 



2,2,3-Trimethylbutane 

112.2 

101.3 


Linear olefin 

1-Heptene 

54.5 

50.7 

50 


trans-2-Heptene 

73.4 

68.6 


Branched olefin 

3-Methyl-1 -hexene 

82.2 

71.5 

22 


trans-3-Methyl-2-hexene 

91.5 

79.6 



2,3-Dimethyl-1 -pentene 

99.3 

84.2 



2,3-Dimethyl-2-pentene 

97.5 

80.0 



2,3,3-Trimethyl-1 -butene 

105.3 

90.5 


Cycloparaffins 

Methylcyclohexane 

74.8 

71.1 

<1 


Ethylcyc lopentane 

67.2 

61.2 


Cyclo-olefins 

1 -Methylcyclohexene 

89.2 

72.0 

6 


1 -Ethylcyclopentene 

90.8 

71.4 


Aromatics 

Toluene 

120.0 

103.5 

10 


Fuel specifications may vary from country to country, but migration to 
Euro-4 standards is likely. In comparison to historic fuel specifications, heavy 
metal additives are no longer acceptable to boost octane and requirements for 
RON (> 95) and MON (> 85) have been increased. A lowering of the aromatic 
content (< 35% volume) and benzene content (< 1% volume) will place pressure 
on crude oil refiners. The most likely future sulphur specifications (< lOppm) has 
already caused a flurry of activity and many new sulphur reduction technologies 
have come to market. The debate on which oxygenates (ethers and alcohols) are 
acceptable, and even mandatory, has not yet been resolved [28]. The limitation 
of total oxygen content (< 2.7% mass) will probably remain unchanged for the 
time being. The Euro-4 specifications also limit the olefin content (< 18% 
volume) and thereby put pressure on HTFT refiners. 

3.1.3 HTFT Diesel properties 

It can be said that ‘what is bad for octane is generally good for Cetane’ so 
the low aromatics content and low degree of branching are very beneficial for the 
Cetane number. Conversely the low degree of branching results in poor cold 
properties and the low aromatics content in a low density. However, 
hydrotreated, slightly hydroisomerised FT products in general make a good 
diesel and an excellent blending component to enhance the properties of crude 
oil derived diesel blending material. The primary product from HTFT processes 
is more branched and more olefinic than the LTFT material; moreovers the 
HTFT product contains some aromatics while aromatics are almost totally absent 
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from the LTFT material. As implied above, some aromatic content is desirable to 
increase the diesel density. 

Future diesel specifications focus mainly on sulphur reduction, with the 
sulphur content likely to be limited to 10 ppm. Moving from Euro-2 to Euro-4 
specifications also require increased Cetane number (> 51), lower T95 boiling 
point (i.e. 95% volume recovered at <360°C) and narrower density range (820- 
845 kg.m'^ @ 15°C). 

3.1.4 Carbon number distribution 

HTFT products follow a Schultz-Flory carbon number distribution that is 
heavily weighted towards lighter products. Dealing with the large quantity of 
material in the <25 °C boiling range (material lighter than C5), is consequently 
very important. Some butane can be blended into the fuel and most of the 
propylene can be recovered for chemical use, but this still leaves some propane- 
rich C3 material and a large amoimt of n-butene-rich C4 material to be 
beneficiated. Due to the highly olefinic nature of the HTFT product, it is not 
difficult to shift the carbon number distribution to heavier hydrocarbons by 
oligomerisation [29, 30, 31]. The moderately branched olefins produced by 
oligomerisation have a high octane value and are prime blending materials. 
However, fuel stability issues limit the olefin concentration in the fuel and may 
require hydrogenation of some olefinic material to paraffins with a poor octane. 

Unrefined HTFT product also has material in the >360°C boiling range 
(material heavier than C 22 )- The direct inclusion of this heavy material in diesel 
fuel is limited by the T95 boiling point specification. The heavier material is 
fairly clean, with no sulphur and little polynuclear aromatics present. It is 
therefore well suited for hydrocracking, using standard commercial 
hydrocracking catalysts, as means of shifting the carbon number distribution to 
lighter products. The hydrocracked material has good diesel properties, but poor 
gasoline properties. Maximising the diesel to naphtha ratio during hydrocracking 
is consequently important. 

3.2 HTFT fuels refining 

From the preceding discussion it can be inferred that HTFT primary 
product upgrading requires specific types of refining; 

• Oligomerisation for shifting light products to higher boiling material. 

• Hydrocracking for shifting heavy products to lighter boiling material. 

• Aromatisation and isomerisation for improving octane and density. 

• Hydrogenation for removing unwanted oxygenates, olefins and dienes. 

It will be noted that well-known refining technologies like catalytic 
cracking, thermal cracking (visbreaking), alkylation, etherification and coking 
have not been included in the list. This does not imply that these technologies 
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cannot be used with FT products, but rather that these technologies neither have 
a specific refining advantage nor address a specific shortcoming. In some 
instances application of these technologies provides excellent refining 
opportunities. By looking at the HTFT product on a carbon number for carbon 
number basis, these opportunities will be highlighted. 

The focus of this discussion remains on fuels refining, although 
opportunities for chemical extraction are briefly discussed where applicable. The 
carbon numbers discussed actually refer to the boiling range of the equivalent 
hydrocarbons in the FT primary product. Most oxygenates have higher boiling 
points than their hydrocarbon analogues. Within the same boiling range, 
oxygenates will have three to four carbon atoms less than the hydrocarbons. For 
example, hexanol will be relevant to the discussion of C 9 /C 10 hydrocarbons and 
will not be discussed with the Ce hydrocarbons. 

3.2.1 C 3 hydrocarbons 

Propylene is the most abundant HTFT product. When purified, it can be 
used for chemicals and polymer production. However, the level of propylene 
recovery is limited by economic considerations and the refinery has to deal with 
propylene in a propane-rich mixture. Direct marketing as liquid petroleum gas 
(LPG) is not always possible and the preferred refining options are: 

• Alkylation; the process involving benzene and propylene to produce cumene 
is a well-established one that is fairly insensitive to the propane content in the 
feed. The reaction takes place over an acidic catalyst, like solid phosphoric 
acid or a zeolite. Cumene has a high octane value (RON=l 13 and MON=99) 
and has value as a chemical commodity too. This is an excellent way to 
improve octane, increase fuel density and move propylene into the fuel 
boiling range. Aliphatic alkylation of iso-butane with propylene is possible, 
but will typically not be considered. FT material is not only low in iso-butane, 
but propylene also gives a poor quality alkylate when compared to 2 -butene 
which is the industry standard (5-8 octane units difference) [32]. 

• Aromatisation: The aromatisation of C3 hydrocarbons to give a high octane 
aromatic product has the advantage that it converts both propane and 
propylene. A number of commercial technologies exist, most being based on 
metal promoted ZSM-5 catalysts. The liquid product yield (C5 and heavier) is 
typically in the order of 60-70%. It is therefore a good way to improve 
octane, increase density and move C 3 hydrocarbons into the fuel boiling 
range. It is especially beneficial for propylene lean streams, when olefin- 
based technologies like oligomerisation and alkylation would be able to 
upgrade only a small part of the Cs-ffaction. 

• Oligomerisation: Propylene can be converted by homogeneous or 
heterogeneously catalysed processes to heavier hydrocarbons. Zeolites, solid 
phosphoric acid and amorphous silica-alumina based catalysts are in use 
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commercially. Although propane is not converted, it is a convenient heat sink 
for the reaction heat. The catalyst system and operating conditions determine 
the product quality. In general the olefinic petrol quality is good, but the 
octane value of the hydrogenated product is poor. It is preferable to move the 
propylene into the diesel boiling range to improve the cold flow properties of 
the FT diesel, but not all catalyst systems are able to achieve high diesel 
yields. Oligomerisation is the least preferred of the options presented from a 
fuel refining perspective. 

The preferred processing route is to recover the propylene as a chemical 
feedstock for use on site (e.g. for the production of polypropylene). The 
remaining propane can then be processed for sale as LPG or converted to 
aromatics. 

3.2.2 C 4 hydrocarbons 

The refining of C 4 hydrocarbons is dominated by the chemistry of 1-butene. 
Despite the low iso-butene content, the purification of 1 -butene as co-monomer 
for polymer production would still require an etherification step. Due to 
transportation difficulties this is generally not worthwhile imless the purified 1 - 
butene is used on-site. Butane (RON=lll and MON=101) can be blended 
directly into the fuel and the amount is limited only by vapour pressure 
specification of the final fuel blend. Some butane can be marketed as liquefied 
petroleum gas (LPG), but the bulk of the C 4 material must be refined The 
preferred refining options are: 

• Alkylation: Alkylation of benzene with butene to produce mostly iso-butyl 
benzene can be done in an analogous fashion to alkylation with propylene. 
Iso-butyl benzene has a high octane value (RON=lll and MON=98) and 
most of the advantages listed for propylene alkylation also apply to butene 
alkylation. However, iso-butyl benzene is slightly inferior to cumene as fuel 
additive and is not a common chemical commodity. Butene also has better 
refining alternatives. Propylene alkylation of benzene is therefore preferred to 
butene alkylation. Aliphatic alkylation of iso-butane with 2-butene is a classic 
refining option and preferred to iso-butane alkylation with propylene. Yet, in 
a FT refinery the low iso-butane concentration and high olefin to paraffin 
ratio makes it unattractive, unless an external source of iso-butane is readily 
available (like natural gas condensate). 

• Aromatisation: The aromatisation of C 4 hydrocarbons is analogous to the 
conversion of C 3 hydrocarbons. Unlike the Cs’s where propylene is recovered 
as a chemical, the C 4 ’s have a high olefin content and the co-conversion of 
paraffins would not be able to improve the liquid product yield compared to 
other process options. Since Cs’s and C 4 ’s can be co-converted, it would be 
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an attractive refining option for combined processing, but a less preferred 
option for butenes per se. 

• Oligomerisation: It has been shown that a 1-butene-rich feed yields a 
dimerisation product with better octane than a 2-butene-rich feed [33]. 
Although this is not expected based on a classical carbocation mechanism, 
dimerisation via some protonated cyclo-propane intermediate [34] could well 
explain this phenomenon. Oligomerisation of a butene-rich feed results in a 
fuel with high olefinic octane and a considerably better paraffinic octane 
(about 30 octane units) than that achievable with propylene. The less 
branched dimers, having a lower octane value, also have value as feed for 
hydroformylation to plasticizer alcohols. Specific homogeneous [35], 
heterogeneous [36] and bi-phasic ionic liquid [37] processes for the 
conversion of butenes for this purpose are commercially available. 
Oligomerisation can also be used to convert the butenes to liquid products 
suitable for reforming or selective aromatisation. The versatility of 
oligomerisation for fuel and chemical production makes it the preferred 
refining option for butenes. 

In principle skeletal isomerisation of n-butenes to iso-butene can be 
considered in conjunction with either dimerisation or etherification. It would be 
difficult to justify the cost associated with butene skeletal isomerisation in 
relation to the benefit derived over 1-butene oligomerisation. Skeletal 
isomerisation followed by etherification to methyl tertiary butyl ether (MTBE) or 
ethyl tertiary butyl ether (ETBE) is more beneficial, since both ethers have high 
octane (RON=118 and MON=101). However, the production of MTBE has 
become a politically and environmentally sensitive issue [38, 39]. If the refinery 
is aimed at chemicals production, metathesis of 1-butene with ethylene to 
enhance the propylene production for use on-site as a chemical feedstock is 
worth consideration. 

3.2.3 Cs hydrocarbons 

This is the heaviest carbon number that has almost no oxygenates 
associated with it. The product distribution is dominated by 1 -pentene, which can 
be recovered for co-monomer use [40], but this has not yet found general 
acceptance in the marketplace. The refining strategy is influenced by the fact that 
the Cs’s are already in the liquid phase and that the Cs’s are very linear and 
mostly olefinic. Aromatisation is undesirable due to the loss in liquid volume 
(about 50% loss) through increased density although this increased density and 
the production of less volatile components can be beneficial for the fuel 
characteristics. If the Cs’s are blended directly into the fuel, 1-pentene (RON=91 
and MON=77) has a high vapour pressure contribution. An even bigger 
drawback is the contribution to the olefin content of the fuel. The olefin content 
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is limited by the fuel specifications and it is therefore important to preferentially 
include molecules with a large octane differential between the olefinic and 
hydrogenated (paraffinic) species. Although this does not preclude direct 
blending of the C^’s, the preferred refining options are: 

• Skeletal isomerisation: Both pentane [23, 24] and pentene [21, 22] are readily 
converted to the methyl branched species and a number of commercial 
technologies exist. Metal promoted alumina, chlorided alumina, zeolites and 
metal oxide catalysts are used for pentane skeletal isomerisation, but pentene 
skeletal isomerisation is limited to alumina and non-zeolitic molecular sieve 
catalysts. The skeletal isomerisation reaction is equilibrium limited [41], but 
high conversions can be achieved by recycling the unconverted product. In a 
FT environment the high linearity of the feed implies that a large benefit can 
be derived from skeletal isomerisation. Iso-pentane has an acceptable octane 
(RON=92 and MON=90) for a paraffin. Unlike C 4 ’s, pentene and pentane 
skeletal isomerisation generally requires less severe operating conditions, 
thereby favoxmng the equilibrium for isomerisation that can be closely 
approached in commercial operation. The acceptable paraffinic octane, large 
octane gain with respect to the linear feed, ease of conversion and further 
beneficiation possibilities of the olefin by etherification, makes it the most 
preferred refining option. 

• Etherification: The etherification of 2-methyl-1-butene and 2-methyl-2- 
butene with methanol yields tertiary amyl methyl ether (TAME). The 
importance of TAME as octane booster was recognised in the late 1970’s and 
has been thoroughly studied since then [42, 43]. A number of commercial 
technologies exist. Although TAME has a slightly lower octane (RON=115 
and MON=100) compared to the iso-butene derived ethers, it has a lower 
vapour pressure. The low degree of branching in the FT material presupposes 
pentene skeletal isomerisation and etherification is therefore not a primary 
refining option. The decision to invest in etherification teclmology should be 
weighed up against purifying ethanol from the aqueous FT product stream as 
alternative oxygenate-containing fuel additive. 

The high olefin content makes oligomerisation a possibility. This can be 
considered if it is necessary to increase the diesel to petrol ratio or reduce the 
vapour pressure of the petrol. 

3.2.4 Ce hydrocarbons 

The most abundant Ce hydrocarbon is 1-hexene, which is a high value co¬ 
monomer used in the polymer industry. It makes sense to extract and purify it, 
since 1-hexene also happens to be a poor fuel component (RON=76 and 
MON=63). Some oil soluble oxygenates start appearing in the FT product, but 
these are mainly non-acid chemicals (mostly carbonyl compounds) and do not 
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pose a serious refining problem. In terms of fuel properties, vapour pressure is 
still on the high side, but the most important change is in the octane value. Only 
the di-branched Ce isomers have an acceptable paraffinic octane and there is a 
noticeable octane difference between the olefins and the paraffins (about 15 
octane units for the mono-branched species). Since this differential increases 
with increasing carbon number, it is better to reserve the olefin capacity of the 
fuel pool for heavier hydrocarbons. The direct inclusion of unrefined Cs FT 
hydrocarbons into the fuel pool is consequently possible, but not optimal. The 
preferred refining options are: 

• Skeletal isomerisation: Hexane and pentane use the same commercial skeletal 
isomerisation technologies and can consequently be processed in the same 
unit. However, there are advantages to separate processing. Hexane has to be 
isomerised to the di-branched species and therefore requires a longer 
residence time than pentane to achieve equilibrium. The column 
configuration for recycle operation is also less complicated if the hexanes are 
processed separately. There is no benefit in separate paraffin and olefin 
processing either. Hexene can be hydrogenated in the same unit and be 
processed as hexanes. 

• Aromatisation: Reforming of Ce material is very ineffective, but 
aromatisation over a non-acidic Pt/L-zeolite catalyst can be very efficient [25, 
44]. The biggest drawback of technology based on this type of catalyst is its 
sulphur sensitivity [45]. In this respect FT material has a distinct advantage, 
since it is sulphur-free. The high yield of aromatics (>80%) and low gas yield, 
makes it a clean and attractive technology for aromatics production. 
Furthermore, since the catalyst is non-acidic, the aromatic product is mostly 
of the same carbon number as the feed. Hexane consequently produces 
benzene with high selectivity (>90%). Although benzene is not a desired fuel 
component, it can be sold as commodity chemical, or be used for alkylation to 
produce high octane fuel. 

The etherification of hexene isomers has not been extensively studied [46]. 
In general the hexyl ethers have considerably poorer octane values than MTBE, 
ETBE and TAME [47] and should not be considered as replacements for the 
listed ethers. The oligomerisation of heavier olefins is possible [48], but it is a 
capital-intensive process and not a preferred refining option. Yet, the 
oligomerisation of HTFT hexene fractions is practised commercially and yields a 
high quality diesel product [49]. 

3.2.5 C 7 hydrocarbons 

In theory the refining of C7 hydrocarbons should not be difficult, yet, it 
remains one of the most troublesome FT cuts to upgrade. The product 
composition is again dominated by the a-olefin. Due to the high 1-heptene 
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(RON=55 and MON=51) content and the presence of oxygenates, it is not 
suitable for direct blending. Unlike the even numbered molecules, 1-heptene is 
not a high valued product either, although it is possible to convert 1 -heptene to 1 - 
octene [50]. Reforming does not convert C 7 molecules well and Cj/Cg skeletal 
isomerisation technology can tolerate C 7 ’s in low concentration only. 
Oligomerisation to produce diesel is practised commercially, but it is currently 
expensive. The alternatives are limited and the preferred refining option for 
petrol production is: 

• Aromatisation: The advantages of non-acidic Pt/L-zeolite aromatisation cited 
for the conversion of Ce hydrocarbons, apply equally well to C7 hydrocarbon 
conversion. The only difference is that the main product is toluene 
(RON=120 and MON=103), not benzene. In commercial applications the Ce’s 
and C 7 ’s are processed together, with subsequent benzene and toluene 
separation. Despite the absence of sulphur in the feed, hydrogenation of 
oxygenates in the feed is required as pre-processing step. The large volume of 
hydrogen generated also makes hydrogen recovery desirable as a post¬ 
processing step. 

Future processing of the C 7 hydrocarbons at the Sasol Secunda refineries 
will entail catalytic cracking [16]. Although this is a costly refining approach, it 
was justified based on the local conditions and existing on-site infrastructure for 
propylene processing. 

3.2.6 Cs hydrocarbons 

The linear 1-octene present in high concentration in the Cg hydrocarbons 
has the same commercial benefit as 1 -hexene as a valuable co-monomer, but it is 
considerably more difficult to purify. The oxygenates are not only more 
concentrated, but they also contain some carboxylic acids. However, once a 
decision has been made to install a process to separate the oxygenates from the 
hydrocarbons (e.g. by extractive distillation) then the remaining olefins are also 
worth recovering. Since the FT product is very olefinic and has a low degree of 
branching, the olefins can alternatively be used as feed for hydroformylation to 
produce plasticizer alcohols. It is possible to upgrade more than 60% of the Cg 
hydrocarbons to high value chemical products once the oxygenates have been 
removed. Irrespective of whether these opportunities are exploited, the 
oxygenates must be removed prior to further refining and the alternative is 
hydrotreating. The preferred fuel refining options are: 

• Aromatisation: Like Ce’s and C 7 ’s it is possible to use non-acidic Pt/L-zeolite 
based technology to convert Cg hydrocarbons to aromatics. The xylenes and 
ethyl benzene have high octane values and are good fuel blending 
components. Since the feed is low in naphthenics (cyclo-paraffins), better 
yields can be expected than with normal reforming, but this advantage is 
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offset by the higher capital cost of such technology. There is consequently 
little overall benefit compared to reforming and unless such technology has 
already been selected for Ce-Cy, this would not be the refining option of 
choice. 

• Reforming: Reforming is a well established technology for the upgrading of 
Cs and heavier naphtha fractions. The product is rich in aromatics and has a 
high octane. FT feed has a disadvantage in reforming due to its high linearity 
and low cyclic content. Since many reforming technologies use chlorided 
metal promoted catalysts, the potential presence of water or oxygenates in the 
feed is a further disadvantage. Hydrodeoxygenation of the feed prior to 
reforming therefore required. Nevertheless, reforming remains a proven 
refining option and the fuels refining option of choice. 

3.2.7 C 9 -Cio hydrocarbons 

The C 9 -C 10 FT product is rich in oxygenates, including carboxylic acids, 
although the main components remain the a-olefins. The extraction of 1-decene 
can be considered for the manufacture of poly-alpha-olefins (PAO) [51, 52], a 
synthetic lubricating oil. The odd numbered 1-nonene presently has no 
equivalent application, although it can in principle also be used for PAO 
manufacture. The complexity of the mixtine makes purification difficult and it is 
easier to consider fuels refining. There is little choice in refining methodology 
and the preferred refining option for fuels production is: 

• Reforming: The use of reforming presupposes hydrotreating of the feed. It 
has already been noted that FT material has some disadvantages compared to 
crude derived material for reforming. However, it is a proven technology and 
able to upgrade the C9-C10 material without problem. 

Depending of the fuel specifications, it could be possible to include some 
of the hydrotreated Cio material in kerosene, illuminating paraffin or diesel. It is 
sulphur free and due to the linearity of the material, its Cetane is high. 

3.2.8 C 11 -C 22 hydrocarbons 

The diesel boiling range is one of the strengths of the FT product. It is 
sulphur free and fairly linear, giving it a good Cetane value. The particulate 
emission requirements are easily met, because of the low aromatic content in 
general and the absence of polynuclear aromatics in particular. However, the 
material is rich in oxygenates, including carboxylic acids and due to its linearity 
it has poor cold flow properties. There is consequently some refining necessary 
and the preferred options are: 

• Hydrotreating: The hydrogenation of oxygenates can be done with a 
sulphided Ni/Mo, NiAV, Ni/Co/Mo or Co/Mo catalyst. This requires the 
addition of a small amount of sulphur to the sulphur free feed. 
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Hydrogenation with an imsulphided catalyst is more difficult, since the acids 
tend to leach the metal from the catalyst. Hydrotreating technology is 
therefore not the obstacle, but catalyst selection is difficult. The hydrogenated 
product responds well to the addition of commercial quality improving 
additives. 

• Hydroisomerisation: The main difference between hydrotreating and 

hydroisomerisation is that the latter uses a catalyst that includes acid 
functionality. This enables the isomerisation of the feed to take place while 
doing the hydrotreating. This results in a product with better cold flow 
properties, albeit at the potential loss of some Cetane. The reactive nature of 
the feed needs to be taken into account when the catalyst and operating 
conditions are specified. The catalysts used for hydrocracking and 
hydroisomerisation are the same. At low processing severity 

hydroisomerisation is the dominant reaction pathway, but as processing 
severity increases more hydrocracking will take place, thereby increasing the 
production of low octane naphtha. Gum formation on the acidic sites of the 
hydroisomerisation catalyst is also possible if the feed in not hydrotreated. 
The use of a hydroisomerisation catalyst as an intermediate bed in a 
hydrotreater is therefore preferable to using hydroisomerisation as a refining 
option on its own. 

It is possible to extract some of the linear a-olefins (typically C 12 -C 15 
range) to produce detergent alcohols by hydroformylation [53]. This has been 
done in the Sasol Secunda refineries. 

One shortcoming that is still left unaddressed is the low density of the 
diesel. This can only be redressed by aromatics addition. Blending with biodiesel 
improves the physical density but does not improve the energy density and high 
energy density is actually the desired product characteristic for the fuel user. 
Even Euro-4 does not impose a limit on aromatics for diesel, only polyaromatics 
(< 11%). Some limitation on aromatics content is indirectly provided by the 
reduction in upper density limit to 845 kg.m"^. 

3.2.9 Heavier than C 22 hydrocarbons 

The fraction of the HTFT product with a boiling point higher than 360°C 
is small, but not negligible. Like the diesel fraction (C 11 -C 22 ) it consists mainly of 
hydrocarbons, mostly olefins, with a low degree of branching and oxygenates. 
Size reduction of the hydrocarbon chains is the most important objective, since 
post-processing in the appropriate carbon number range is always possible. 
Another important issue is the density of the diesel. The preferred refining option 
is: 

• Hydrocracking: Hydrogen addition, rather than carbon rejection, underpins 
the molecular size reduction. It is a clean, well-known and efficient 



498 


technology that can be used to move heavier products into the less than 360°C 
boiling range, while improving the cold flow properties by isomerisation. 
The catalysts used are typically sulphided Co/Mo, CoAV, Ni/Mo and NiAV on 
silica-alumina or acidic zeolitic carriers and unsulphided Pt, Pd and Pt/Pd on 
silica-alumina or acidic zeolitic carriers. Depending on the choice of catalyst 
and operating conditions it can also be used for lube oil production. Since the 
naphtha derived from hydrocracking is clean, but generally of a low octane, 
maximum diesel yield is preferred. In principle the unconverted heavy-end 
can be recycled to extinction or worked up as oils. Although it seems that 
hydrocracking only addresses the size reduction issue, it can also be used to 
produce aromatics for density improvement. By lowering the hydrogen 
pressure it is possible to produce aromatics to increase density with the 
additional benefit that the rate of hydrocracking also increases. Some 
hydrotreating before hydrocracking may be advisable due to the high 
oxygenate content, which can be done in the same reactor. 

In crude oil refineries heavy-end upgrading is done by thermal cracking 
(visbreaking) or fluid catalytic cracking (FCC). These refining options are 
possible, but not preferred, because of the clean nature of the HTFT heavy-end 
product and small volume produced. Depending on the market and location of 
the refinery the heavy-end can also be sold as a fuel oil after hydrotreating. If this 
is possible, the hydrotreating of the CirC 22 material and >C 22 material can be 
done in the same reactor before being fractionated. 

4. REFINERY INTEGRATION 

It has already been mentioned that coal based processes may require a tar 
refinery to deal with the coal pyrolysis products when low temperature 
gasification processes are used. Although this is a separate refinery with its own 
challenges, it offers interesting integration opportunities. Analogous 
opportunities exist when natural gas is used as feedstock and these have been 
used at the Mossel Bay plant. The use of low and high temperature FT processes 
at the same site, as for the original Sasol 1 refinery, also have synergies. 
Likewise the exchange of products with a crude oil refinery can be beneficial, as 
exploited using the Natref crude oil refinery in Sasolburg [11]. With the 
completion of the natural gas pipeline from Mozambique to the Sasol plants in 
South Africa in 2004, the integration of all the aforementioned products will be 
possible: natural gas, crude oil, coal tar as well as high and low temperature FT 
products. This is very exciting and considering that chemical extraction is 
practiced too, it makes for interesting refinery integration. 
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Figure 4. Integration of natural gas with the Hydrocol HTFT refinery. 

4.1 Tar integration 

The configuration of a tar refinery is dictated by the nature of the coal 
pyrolysis products. In general the coal pyrolysis products are aromatic and 
contain sulphur, nitrogen and oxygen as hetero-atoms [54]. Since it is especially 
rich in phenolic material, phenol, cresols and xylenols (also collectively known 
as tar acids) can be extracted economically. In a fuel refining context 
hydroprocessing of the tar must be done in such a way that the hetero-atoms are 
effectively removed, but that the aromaticity is retained. In the petrol boiling 
range aromatics are required for octane and in the diesel boiling range aromatics 
are required for density. The products from a tar refinery therefore compliment 
that from a FT refinery nicely in terms of redressing octane and density 
shortcomings. Integration can take place downstream during fuel blending [9], 
but also at refinery level. Hydroprocessing of the more refractory hetero-atom- 
rich tar fractions may result in aromatics saturation. This destroys much of the 
benefit, but since the naphthenes can improve reforming performance, such 
streams can be combined with the FT feed to a reformer. 


4.2 Natural gas integration 

The condensate from natural gas can be seen as a paraffinic feedstock to 
the refinery. When the Hydrocol process was developed, all the condensable 
natural gas was used as direct blending stock with the FT derived material (Fig. 
4) [6]. Current fuel specifications would make such integration less likely. The 
condensate in the diesel boiling range can still be blended directly, but the 
condensate in the petrol boiling range requires refining. 

The processing scheme used for natural gas integration at the Mossel Bay 
refinery was developed with significant influence from the Sasol plants in 
Secunda. It targets the production of motor gasoline (Fig. 3) [15]. Therefore, it 
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includes conventional petroleum refinery units like catalytic reforming (C7-C10 
paraffins), alkylation (C4 paraffins and olefins) and skeletal isomerisation (C4-C6 
paraffins). 

It is interesting to note the co-processing of the NGL naphtha fraction with 
its equivalent synthetic cut. These are hydrogenated together before being 
catalytically reformed to improve its octane. The hydrogen used in the 
hydrogenation stage is obtained from the syngas used in the Synthol units. In an 
analogous way the C4 paraffins needed for alkylation are derived fi-om the NGL. 
This is an efficient integration, but depending on the FT refinery configuration, 
other integration possibilities can also be considered. 

The diesel obtained from the Mossel Bay plant is a blend of distillates 
from the HTFT Synthol Light Oil and NGL with product obtained by 
oligomerisation of the light hydrocarbons derived from the FT synthesis. This 
diesel has good fuel characteristics but there are some quality differences 
associated with its aromatics content (Table 2) [49]. The Mossel Bay plant also 
produces some oxygenates including ethanol. 


Table 2 

Composition of the PetroSA diesel fuel 




NG-derived 
Diesel Fuel 

Zero-Sulphur 
Diesel (COD) 

Density at 20°C 

kg/1 

0,8088 

0,8007 

Distillation 

• IBP, °C 

222 

229 


• T90, X 

322 

323 


• FBO, X 

360 

361 

Total sulphur 

% mass 

<0,001 

<0,001 

Cetane Number 


53,0 

51,4 

Aromatics content 

% volume 

16,4 

10,1 


4.3 LTFT and HTFT integration 

The integration of high and low temperature FT processes has been well 
documented [3, 4], since such a processing scheme was used for the original 
Sasol 1 refinery. Integration of LTFT products in the HTFT refinery causes the 
carbon number distribution to be shifted to heavier, more linear paraffinic 
products. This is good for diesel production. 

4.4 Oil integration 

Unlike tar and natural gas, crude oil is generally not associated with FT 
processing. However, the integration of an oil refinery with a FT refinery offers 
interesting synergies. Most crude oils are rich in aromatics, which is deficient in 
a FT product - moreover, the synthetic hydrocarbons are rich in olefins and low 
in sulphur, which can benefit oil refining. Integration needn’t be at refinery 
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level, but can be in the blending operation. Exchange of partially refined 
products can also be mutually beneficial. 

4.5 Other integration schemes 

The integration of products from chemical work-up (aqueous FT product), 
especially alcohols, can be considered as alternative to etherification products for 
octane enhancement. In future it may also become desirable to integrate bio¬ 
derived materials. A FT refinery would have an advantage over an oil refinery 
for the integration of bio-derived material, since bio-derived material is rich in 
oxygenates which are already dealt with in the FT product. In any event, it is 
possible to combine the integration schemes in various ways, including complete 
integration. Each combination offers opportunities to create unique product 
characteristics that would not have been possible from crude oil refining only, or 
FT refining only. 

5. THE FUTURE OF HTFT REFINING 

The evolution of the four HTFT refineries in South Africa over the past half- 
century has been instructive. During this period technology also evolved. Some 
of the technologies that are considered preferred refining options for FT 
products, were not yet fully developed when these refineries were built. The 
change in fuel specifications has been the main driver for change in the refining 
environment. In addition to this there was a realisation that the extraction of high 
value chemical commodities is beneficial. 

One may ask what the best configuration for a HTFT refinery is? A similar 
question has been pondered for crude refining, considering fhe impact of 
environmental legislation and the increasingly stringent global fuel specifications 
[55, 56]. The answer is of course not straightforward and depends on factors like 
refinery location, size, capital constraints, feedstock cost and product pricing 
[57]. Some general trends can be noted though: 

• Minimise wastage: Fuels refining is very sensitive to feed and product 
pricing. It is therefore better to select technologies that do not degrade 
products. Hydrogen addition is consequently preferable to carbon rejection. 

• Upgrade paraffins. Paraffins are considered environmentally benign and are 
the only molecules not legislated by fuel specifications. Investing in 
technologies that upgrade paraffins or yield good paraffinic products is 
therefore prudent. Heavy paraffin hydroisomerisation and hydrocracking and 
light paraffin skeletal isomerisation fall into this category. Investing in such 
technologies would also make integration of natural gas condensates and 
LTFT products easier. 

• Install clean technologies. The cleanest technology is the technology with the 
smallest environmental footprint to achieve a specific outcome. The 
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environmental footprint refers to energy use, quantity and nature of waste and 
by-product formation. Although technologies like HF alkylation and 
chlorided platinum catalyst skeletal isomerisation produce desirable paraffinic 
products, it may be better to consider solid acid alkylation and Pt/zeolite 
skeletal isomerisation even though it might be slightly more expensive. It is 
less likely that such technologies will be affected by future environmentally 
driven legislation. This can also be seen as a form of responsible engineering. 

• Target high value products. When a choice can be made between producing a 
fuel or higher value chemical, it is generally better for the process economics 
to opt for chemical production [58]. However, this should not be done at the 
expense of refinery flexibility or in the absence of a proven market for the 
chemical. The aim of chemical production must always be to improve 
profitability of the refinery, which implies that the facility must remain viable 
even when a downturn of the economy depresses the chemicals business. The 
best chemical products to target are those that have a sustainable competitive 
advantage and those that can easily be reincorporated into the refinery if 
necessary (Table 3). In this case low cost refinery units are preferred to avoid 
large capital investment in idle capacity. An alternative may be to use an 
imported hydrocarbon feed (e.g. a natural gas condensate fraction) to use the 
spare refining capacity created by the extraction of chemical components. 


Table 3 

Chemicals extraction, their impact and their reincorporation pathways in a refinery 


Chemical 

Extraction impact 

Refinery incorporation pathways 

Ethylene 

Marginal 

Alkylate benzene to ethyl benzene for petrol. 

Recycle to the methane reformer. 

Metathesis with 1 -butene to produce propylene. 

Propylene 

Refining less costly 

Aromatisation to produce aromatics and LPG. 
Alkylate benzene to cumene (fuel or chemical). 
Oligomerisation to fuel 

1-Hexene 

Octane gain 

Aromatisation to produce benzene. 

Hydrotreating / skeletal isomerisation for fuel. 

1 -Octene 

Octane gain 

Aromatisation to produce aromatics for fuel. 
Reforming to produce aromatics-rich fuel. 

Octenes mix 

Octane gain 

Aromatisation to produce aromatics for fuel. 
Reforming to produce aromatics-rich fuel. 

1-Decene 

Octane gain 

Reforming to produce aromatics-rich fuel. 

Ci 2 -i 5 a-olefins 

Cetane loss 

Hydrotreating to produce high Cetane diesel. 


Using these pointers with the preferred refining options discussed in the 
preceding section, it should be possible to have some indication of how an 
“optimal” future HTFT refinery should look like. 
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The art of HTFT refining lays not so much in meeting the fuel 
specifications as in exploiting the unique feed advantages offered by the FT 
product. In conclusion it can be said that a HTFT product lends itself to an 
integrated fuels and chemicals refining approach. Refining with the aim to 
produce only fuels or only chemicals can be done, but this would be sub-optimal. 

6. UPGRADING OF LOW TEMPERATURE FISCHER-TROPSCH 
PRODUCTS 


6.1 Characterisation of the primary LTFT products 

The typical LTFT plant would produce two primary products: a light 
fraction, usually liquid at room temperature, and a heavy fraction, usually solid 
at the same conditions. The former is often named hydrocarbon condensate or 
simply condensate and includes hydrocarbon species with a final boiling point 
around 370°C. The latter, also known as wax, includes the heavy paraffins. 
There are two other product streams: (i) light hydrocarbons gases, mostly 
generated during the FT synthesis, and (ii) reaction water, which include some 
dissolved oxygenates like alcohols and organic acids. The gas stream can have 
many applications as a fuel gas. The reaction water needs to be further processed 
and, at some locations, might even become a valuable product. There are several 
options for the purification of LTFT reaction water [59]. 

The primary LTFT products have been described in detail in Chapter 3 and 
in the literature [60]. Typical distillation ranges for the LTFT Condensate and 
Wax are presented in Table 4. 

While the main species in the LTFT primary products are linear paraffins, 
smaller contents of olefins and oxygenates are present as well as some branched 
paraffins. The product slate for a particular system depends on the reactor 
configuration used, operating conditions and the catalyst that is employed [61]. 
FT Wax production is about double of that of the FT Condensate. 


Table 4 


Typical distillation range for LTFT syncrude fractions 


Distillation Range 


FT Condensate 
% vol 


C5-160°C 

44 

160-270°C 

43 

270-370°C 

13 

370-500°C 

- 

>500°C 

- 


FT Wax 
% vol 

3 

4 
25 
40 
28 


The composition and yield immediately suggest that an effective approach 
to the refining of the LTFT primary products should include some form of 
hydroprocessing. The recovery of the oxygenated hydrocarbons is always an 
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option depending on the scale of the operation. Further oxidation of the 
hydrocarbons can even be considered for niche applications [62], 

Hydroprocessing is a term used generically for a number of processes that 
include hydrogen in heterogeneous reaction systems. This includes the 
technologies summarized in Table 5. 


Table 5 

Hydroprocessing based technologies 

Technology _ Purpose 


Hydrogenation 
Hydrodesulphurisation 
Hydrodeoxygenation 
Hydrodenitrogenation 
Hydrodemetallation 
Hydroisomerisation 

Hydrocracking 
Catalytic dewaxing 


Saturation of C=C bonds 
Sulphur removal from CS bonds 
Oxygen removal from CO bonds 
Nitrogen removal from CN bonds 
Metal removal from hydrocarbons 
Modification of molecular structures 
Cracking of large molecules and 
saturation of the C=C bonds 
Selective cracking of large molecules 
and saturation of C=C bonds 


Remarks 


Products are mostly 
isoparaffins 

Some products are 
usable as base oils 


Hydroprocessing often includes more than a single type of chemical 
reaction. In these cases the name of the most significant one is generally used to 
name the overall process [63]. One typical example is hydrocracking which is 
required to convert wax to middle distillates and also includes hydrogenation and 
hydroisomerisation. The FT primary products are sulphur free so 
hydrodesulphurization is obviously not applicable. 

6.2 LTFT primary product refining 

The LTFT primary products are ideally suited for upgrading to middle 
distillates with naphtha as the main co-product. The most suitable middle 
distillate product is diesel and the lighter and heavier fractions are usually 
undesirable due to limited markets and/or lower prices. The exception is the 
option to process wax for the production of lubricant base oils as discussed in 
Section 6.2.3. The production of kerosene/jet fuel as a co-product is optional. 
The kerosene cut is generally more valuable as a feedstock for the production of 
detergent alkylates and is then separated prior to processing the remaining 
hydrocarbons. Even if this cut is not separated upfront it is still possible to cut 
the diesel to meet a typical flash point specification and allow all the lighter 
material to report to a high quality naphtha product. 

For middle distillate production, two types of processes could be used: 
hydrocracking of the heavy FT paraffinic wax and catalytic oligomerisation of 
light olefins, i.e. C3-C5 olefins. The latter is especially applicable to the products 
from the Sasol Synthol HTFT process, where the bulk of the product consists of 
these olefins. Only LTFT processes using fixed bed reactors would not consider 
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oligomerisation due to the low olefin content of the primary product. If the 
olefins lighter than diesel are converted to the diesel boiling range then the 
remaining naphtha may not require hydrogenation to improve the storage 
stability. Oligomerisation has aheady been discussed in relation to the refining of 
HTFT products so the remainder of the discussion on the processing of LTFT 
products will focus on the hydroprocessing operations. 

The hydrocracking of the heavy paraffins serves two purposes, to reduce 
the boiling range to middle distillates and to improve the cold properties as the 
hydrocracked products are mostly branched. 

Currently the production of a high quality diesel fuel is a preferred option 
to the production of gasoline. This is because the very factors which count 
against FT gasoline, viz. product linearity and low aromatic content, are very 
positive factors in favour of high quality, i.e. high cetane number, diesel fuel. 
For maximum production of high quality diesel fuel the slurry bed reactor 
operating in the high wax selectivity mode with either iron or cobalt based 
catalysts, between 210 and 260 °C and about 3Mpa, is the recommended route. 
The straight run FT diesel makes up about 20% of the total FT product and 
because it is predominantly linear it has a cetane number of about 75. Note that 
at present the specified cetane number of diesel fuels varies from about 40 to 50, 
depending on the location. The FT slurry reactors are operated for maximum 
wax production because subsequent down stream hydrocracking of the wax 
under relatively mild conditions makes the largest contribution to the final diesel 
fuel pool. In the case of cobalt catalysts there are two reasons for operating the 
FT process at high pressures, the wax selectivity increases with pressure (see 
Chapter 3, Section 9.3.2) and the degree of branching decreases [64]. The 
hydrocracking of wax with standard bi-functional catalysts was investigated at 
Sasol during the 1970's [65, 66 ]. Mild catalytic hydrocracking of the wax yielded 
about 80% diesel, 15% naphtha and 5% Ci to C 4 gases. The product cut heavier 
than diesel was recycled to extinction. Simple calculation shows that the above 
product yields are the result of random beta scission along the linear wax chains. 
There is therefore a big incentive to improve the selectivity of the wax 
hydrocracking operation in order to increase the diesel cut yield. Some chain 
branching does occur during the wax hydrocracking operation and so the cetane 
number of the diesel fuel produced is somewhat lower than that of the straight- 
run FT diesel. The final diesel pool nevertheless has a cetane number of above 
70. The naphtha produced in the wax hydrocracking process consists only of 
alkanes. The naphtha produced in the FT process also consists predominantly of 
linear alkanes. To convert these two naphtha cuts to in- specification gasoline 
would require a considerable amount of further octane number upgrading. 
However, since these naphthas consist essentially of linear alkanes they would 
be an excellent feedstock for the production of ethylene by steam cracking. 
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yielding a much higher selectivity of ethylene than would be obtained from 
normal crude oil naphtha. 

6.2.1 Hydrocracking of heavy paraffins 

In contrast with petroleum hydrocracking feedstocks, the LTFT Wax is 
predominantly paraffinic, sulphur free, metals free and practically aromatics free. 
These characteristics are the ideal for hydrocracking and, as a consequence, 
LTFT feeds can be processed under much milder conditions than typical crude 
oil derived feeds, e.g. vacuum gas oils. In the hydrocracking of crude oil derived 
feeds pressures of typically as high as 150 bar are required to prevent coking of 
the catalyst by the aromatic compounds. This is not necessary with paraffinic 
feeds and pressures between 35 and 70 bar are used to hydrocrack LTFT 
products using commercial hydrocracking catalysts. The relatively low levels of 
oxygenates present in FT waxes, mainly alcohols and lesser amounts of acids 
and carbonyls, are easily and completely hydrodeoxygenated. 

The processing pressure is dependent on the hydrogenation capacity of the 
catalyst. When the hydrogen partial pressure is too low dehydrocyclisation of the 
paraffins starts to occur with the formation of polynuclear aromatics which 
eventually would lead to deactivation of the catalyst due to coking. Lower 
hydrogen/wax ratios lead to a decrease of conversion rate of the C 22 + fraction 
and, after adjustment of reaction conditions to achieve the same conversion 
levels, an increase of both the iso-paraffin content and the selectivity to products 
lighter than diesel. Iso-paraffin content also increases with operating pressure. 

The hydrocracking process has to meet the following conditions: 

• the chain length of the hydrocracked fragments should be predominantly in 
the desired products range, 

• the components above said desired range should be hydrocracked in 
preference to those which are already in or below the desired range, and 

• the production of less commercially attractive species, e.g. light hydrocarbon 
gases, should be minimized. 

Due to the clean nature of the feed, non-sulphided hydrocracking catalysts 
containing a noble metal component, like platinum, can be considered. The use 
of noble metals catalysts leads to higher hydroisomerisation activity and, 
consequently, better low temperature characteristics for the diesel product. 

Hydrocracking of FT Wax using a conventional catalyst has been studied 
over at least the last 30 years. Processing of Arge LTFT was reported in detail in 
a project sponsored by the US Department of Energy and completed by UOP and 
the Allied-Signal Engineering Materials Research Center in 1988 [67]. Sasol had 
earlier approached UOP to investigate the hydrocracking of FT waxes based on 
the promising results that Sasol had obtained from their in-house research (see 
Section 6.2). This included studying the effect of the reactor pressure on the 
hydrocracking performance from 35 to 70 bar. The feed contained some 14% of 
species boiling in the distillates range. It was found that as the pressure 



507 


increased, the overall distillate yield first increased, passed through a maximum 
and subsequently decreased. The higher pressure inhibits secondary cracking and 
lighter product formation. The pour points of diesels produced from this program 
varied between -12°C and -37°C. UOP reported that the FT Diesel derived was 
of extremely high quality, with a very high Cetane number, which can be 
blended with low-value refinery products such as light cycle oil to increase the 
volume of the diesel pool. The hydrocracking catalyst used in this program was a 
commercial sulphided catalyst designed for petroleum refining. 

Keeping some differences in mind, comparable trends were reported 
processing a comparatively light feed - it contained ca 61% wt of material 
already in the distillates range [68]. The catalyst used was platinum (0.3 mass%) 
on amorphous mesoporous silica-alumina. This program included testing over 
the same pressure range (35 to 70 bar) at tenperatures between 330-355°C. The 
degree of isomerisation in the hydrocracked products increased with an increase 
in the conversion. As a consequence, the freezing point of the kerosene was a 
very low -50°C, and the pour point of the diesel -30°C, remarkahle figures 
considering the high fraction of linear light species in the feed. 

This approach of using a noble metal on amorphous silica alumina is 
likely to be the preferred approach for maximum production of highly desirable 
diesel blending material. It is likely that all the C 14 + material will be treated 
using such catalysts due to the enhancement in cold flow properties resulting 
from the simultaneous isomerisation. A high blending Cetane value is retained 
and very little of the diesel range material in the feed is degraded into naphtha 
and kerosene. 

There are many technology licensors for hydroconversion processes 
including ChevronTexaco, UOP, IFP (Axens) and Haldor-Topsoe, Additionally 
catalysts can be obtained from these companies as well as from Akzo Nobel, 
Sud-Chemie and Axens among others. 

6.2.2 Hydrotreating of FT paraffins 

The quality of the primary FT products, both condensate and wax, can be 
improved by hydrotreating as Sasol has been doing commercially for many 
years. The primary objective of this process is to saturate olefins and oxygenates 
to the corresponding paraffins. This hydrogenation results in a hydrocarbon 
product that is stable when stored for long periods. Stability during storage is the 
primary objective for the hydrogenation of the hydrocarbon condensate or 
fractions thereof In the case of LTFT wax, the resulting product has better 
colour and stability. It is also possible, depending on the reaction conditions, to 
transform some of the linear hydrocarbons into branched species. In this case the 
crystallization temperature of the wax can also be influenced. These results are 
similar to those attainable when hydrotreating petroleum wax in a similar way 
[69]. However, as it was mentioned for hydrocracking, the required process 
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conditions are significantly less severe because of the chemical nature of the 
synthetic product. 

6.2.3 Catalytic dewaxing / hydroisomerisation 

Special hydroconversion operations may be used with fractions of the FT 
wax to produce lubricant base oils. The hydroisomerisation of petroleum-derived 
wax to base oil has been practiced for some time, and products from this process 
have been in the market for at least twenty years. 

• In 1972 Shell commissioned their base oil manufacturing plant at the Petit- 
Couronne refinery in France. This plant uses severe hydrotreatment and 
solvent dewaxing to produce lubricating base oils. Feedstocks for this 
plant are waxy petroleum distillates, deasphalted oils and slack waxes, 
selected based on the desired base oil quality [70]. 

• Chevron, now ChevronTexaco, was the first to commercialize an all¬ 
hydroprocessing lube oil manufacturing process in 1984 at their Richmond 
refinery in California, USA. This design combined hydrocracking (for 
Viscosity Index upgrade) with catalytic dewaxing, which removed normal 
paraffins by cracking. Feedstocks to this process were petroleum vacuum 
gas oils [71]. Their ISODEWAXING process was brought into on-stream 
at the same refinery in 1993 [72]. This technology reaches the target pour 
point of the products in one step by isomerising part of the wax to base 
stocks and cracking part of it to fuels. In 2003 ChevronTexaco announced 
the commercial operation in Russia of an ISODEWAXING unit operating 
on petroleum wax [73]. 

• Mobil-developed technology, Mobil Selective Dewaxing (MSDW), started 
up commercially in their Jurong (Singapore) plant in 1997 [74]. More 
recently, ExxonMobil has announced the commercialization of a new wax 
isomerisation process at their Fawley refinery, UK [75]. The products 
from Fawley will have viscosity indexes of 140 and pour points of-18°C. 
This operation was scheduled to start by the end of 2003 using slack wax 
as feed. 

All of these processes can he used for processing FT wax, and the derived 
base oils have extremely high Vi's and low volatilities, making them ideal bases 
for future high-performance lubricants. 

Fractionation into the various base oil products may be done upstream or 
downstream of the catalytic dewaxing step. This can be accomplished by using 
either high vacuum or short path distillation. The catalytic dewaxing operation 
may be followed by a hydrofinishing step to destroy any polynuclear aromatics 
formed in the first process step, stabilizing the base oil. The co-produced highly 
isomerised light fractions - diesel and naphtha, and optionally kerosene/jet fuel - 
have similar characteristics to the products from a hydrocracker but the yields are 
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lower. A process scheme similar to that used with petroleum derived waxes and 
suitable for the catalytic dewaxing of FT Wax is shown in Fig. 5. 



Naphtha 


Diesel 


Base Oils 


Heavy Base 


Oil 


Figure 5 Process scheme for the production of synthetic base oils from wax 

The catalytic dewaxing route to lubricant base oils is becoming the 
preferred processing option due to the lower capital and operating costs 
compared to conventional solvent dewaxing. Recently introduced catalytic 
dewaxing technology, e.g. ChevronLummus Global’s ISODEWAXING and 
ExxonMobil’s MWI (Mobil Wax Isomerisation), makes converting FT wax to 
base oils more economical than ever before. 

6.3 Hydroprocesssing catalysts for LTFT primary products 

6.3.1 Basic concepts 

Although the type of hydrocracker feed from a FT process differs from the 
normal refinery hydrocracker feed, e.g. VGO, the basic hydrocracking 
mechanism is the same and standard hydrocracking catalysts can be used. As in a 
refinery hydrocracking process, the choice of catalyst will depend on the 
required product slate. When high middle distillate selectivity is desired 
amorphous carriers would be chosen while, on the other hand, when maximum 
kerosene and naphtha selectivity are wanted, a mixed zeolite/amorphous carrier 
will probably be used. 

Commercial hydrocracking catalysts are dual function catalysts, 
containing a hydrogenation/ dehydrogenation function, provided by the active 
metal(s) and an acidic function derived from the carrier, typically amorphous 
silica-alumina or crystalline silica-alumina, i.e. zeolites. 

According to generally accepted hydrocracking theory, the active metal 
sites promote dehydrogenation of the paraffins to olefins [76]. These are then 
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protonated on the acidic carrier to a carbenium ion. Finally, the carbenium ion 
imdergoes isomerisation and cracking on the acid site. 

The ratio between the cracking function and hydrogenation function is of 
utmost importance and can be adjusted to achieve the optimum activity and 
selectivity. Generally speaking, other things being equal, it can be stated that the 
higher the acidity at a given hydrogenation activity, the higher the activity and 
degree of isomerisation of the cracked products and the lighter the product slate. 
On the other hand, increasing the hydrogenation activity at a given acidity will 
lead to a heavier and less isomerised product. A higher acidity to hydrogenation 
ratio will produce a more isomerised diesel with improved cold temperature 
characteristics and with a slightly lower Cetane number. 

The amorphous carrier used in most commercial hydrocracking catalysts is 
silica-alumina, although other acidic carriers, like silica-magnesia, silica-titania 
and other mixed acidic oxides have been reported. Zeolite Y is the most 
frequently used zeolite, together with silica-alumina or alumina alone as a 
binder. The metals mostly used are either non-noble metal combinations like 
Co/Mo, CoAV, Ni/Mo or NiAV as the sulphides or noble metals like Pt or Pd, 
either alone or in combination. 

The hydrocracking of LTFT products can be compared to the second stage 
hydrocracker operation used in petroleum refineries because no feed pre¬ 
treatment is required. Moreover, noble metal catalysts can also be used due to the 
fact that the feed is sulphur free. LTFT feeds do contain oxygenates, mainly 
alcohols, carboxylic acids, aldehydes and esters. These oxygenates are easily 
decomposed and hydrogenated under hydrocracking conditions to give the 
corresponding paraffins and water. Carboxylic acids may also undergo 
decarboxylation to CO 2 plus a lower paraffin. 

6.3.2 Catalyst carriers 

The carrier functions both as a support for the metal and to provide the 
required acid functionality. As a carrier it has to have a high surface area for high 
dispersion of the metal as well as the right pore size to allow easy diffusion of 
the feed molecules into the catalyst and of the hydrocracked and isomerised 
products out of the catalyst. As the LTFT derived feed consists mainly of linear 
paraffins and does not contain polyaromatics, the requirement for sufficiently 
large pores is less stringent than in the case of petroleum feeds. 

The acidity, in the case of amorphous silica-alumina, depends on the 
preparation method as well as mainly on the silica/alumina ratio. Bronsted 
acidity, which is accepted to be responsible for the formation of the carbenium 
ion intermediate, reaches a maximum at around 70% silica and is caused by 
tetrahedrally coordinated aluminium, which carries a negative charge, 
compensated by a proton which protonates the olefin, forming the reactive 
carbenium ion. 
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In the case of zeolites, the acidity depends also on the silica/alumina ratio 
as well as on the zeolite structure and the degree of exchange of sodium ions 
with protons. In mixed zeolite amorphous silica/alumina carriers the amorphous 
phase can either act simply as a binder at low level or at higher levels can also 
contribute to the activity. 

6.3.3 Metal components 

Most commonly the metals used in hydrocracking catalysts are a 
combination of group VIA (molybdenum, tungsten) and group VIIIA (cobalt, 
nickel). These metals are sulphided prior to use and kept in a sulphided state 
during the hydrocracking operation by sulphur compounds in the feed in the case 
of refinery feeds or by adding sulphur containing compounds in the case of 
sulphur free feeds, like FT derived feeds. 

From hydrogenation studies it was foimd that the optimum ratio of the 
metals is; 

Mviii/(Mvffl + Mvi) = -0,25, where Mvm is Co or Ni and Mvi is Mo or W. 

The hydrogenation activity of the various couples decrease in the order: 

Ni-W > Ni-Mo > Co-Mo > Co-W. 

The hydrogenation activity is also function of the metal loading and 
dispersion. The required metal loading will depend on the desired balance 
between the cracking/isomerisation and hydrogenation functions. 

The noble metal content of hydrocracking catalysts is generally around 
0.5% or less. For non-noble metal the loadings are 3-8% nickel or cobalt oxides 
and 10-30% for molybdenum or tungsten oxides. 

6.4 Hydroprocessing flow sheet options to produce diesel 

The FT syncrude upgrading may be designed in a number of 
configurations. These can be selected by process synthesis optimisation 
depending on the desired product slate [77]. Four of the possible process 
configurations are described in Table 6 and shown in Fig. 6. 
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Figure 6 Possible process configurations for the upgrading of LTFT products 
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Table 6 

Process configuration options for FT syncrude product upgrading 


Process Unit 


Possible Process Configuration 


Condensate Fractionator 

X 


X 

Condensate Hydrotreater (HT) 

X 

X 


HT Condensate Fractionator 


X 


Wax Hydroprocessing (FTP) 

X 

X 

X 

HP Products Fractionator 

X 

X 

X 


Reference for the Fig. 6 numerals 


The FT condensate may be hydrogenated to saturate the double bonds of 
olefins and eliminate oxygen by hydrodeoxygenation. After this process the 
product is a mixture of more chemically stable linear paraffins. 

As indicated before, hydroprocessing is used to upgrade FT wax to 
distillates or lube base oils and distillates. This process also converts the olefins 
and oxygenates to paraffins. The FT wax undergoes hydrocracking reactions and 
the product is a mixture of isomerised paraffins with low levels of naphthenic 
and aromatic species. High quality distillates can be obtained by proper selection 
of the catalyst and processing conditions. 

Hydrogenation is less costly than hydrocracking. For large scale plants a 
condensate hydrotreater should be used to process hydrocarbons that are already 
lighter than the desired middle distillate products (option 1) and also for the 
straight run middle distillates if cold flow properties are not an issue (option 2). 
Option 2 may also be chosen if it is desired to produce linear paraffin products. 
The condensate fractionator can also serve to remove light gases in order to 
stabilize the condensate for intermediate storage at atmospheric pressure. If a 
nearby naphtha cracker is available then the condensate fractionator will provide 
a naphtha product that need not be hydrogenated to ensure storage stability 
(option 3). Alternatively in this case, the straight run naphtha may be routed to 
an oligomerisation unit. As mentioned in section 6.2, the kerosene fraction 
should be separated using the condensate fractionator for use as a chemical 
feedstock. Finally option 4 may be selected due to its simplicity if the product 
flows can be handled by a single reactor. 

If both hydrotreating and hydrocracking are used then they may be operated 
at the same pressure and use a common hydrogen loop. Alternatively, the 
hydrotreater can be operated in a once through mode at a lower pressure and the 
hydrogen tail gas is then subsequently pressurized to be fed into the 
hydrocracker loop. 

The Sasol SPD™ process is configured in synthesis units whose capacity 
is set by the maximum practical capacity of some of its process units. The unit 
that defines the current 17 000 bpd-equivalent maximum capacity per train is the 
air separation unit. Recent advances in technology at Sasol give confidence for 
even larger Slurry Phase FT Reactor trains. The maximum capacity of the 
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product upgrading unit is comparable to those in oil refineries. Table 7 contains a 
mass balance for a 34 000 bpd-equivalent Sasol SPD™ product upgrading unit 
corresponding to Option 4 [77], 


Table 7 


Mass balance for a 34 000 bpd Sasol SPD™ product upgrading unit. 

Feed Sasol SPD™ Products 


Natural Gas 

■ LPG 

» Naphtha 

■ Diesel 
Total Products 


MSCFD _ bpd 

170 

1000 

7000 - 9000 
24000 - 26000 
34 000 


6.5 Alternative process options 

Processing of the LTFT primary products can be effected in many ways, 
following a process synthesis exercise. The final configuration will be selected 
considering: 

• Site specific factors like plant capacity, available land and possible 
integration with other facilities. 

• Market issues, including product(s) demand and logistics. 

• Other factors like capital requirement and skilled labour availability. 


A few possible process configurations based on two primary LTFT liquid 
products are shown in Fig. 6. While these schemes make reference to only three 
final products, i.e. LPG, naphtha and diesel, it is completely possible to 
configure a plant in different ways. Other products might include solvents, 
kerosene, jet fuel, illuminating paraffin and base oils, as well as some olefinic 
petrochemicals. 


7. CHARACTERISTICS OF THE LTFT DISTILLATE PRODUCTS 


The main fuel product obtainable from the LTFT process is the proven low 
emissions diesel fuel (i.e. fuel for a compression ignition engine). In addition, 
this process also delivers a significant fraction of naphtha, an excellent feed for 
the production of olefins via steam cracking. 

7.1 LTFT diesel 

The first LTFT diesels were commercially produced in Germany around 
1935. This fuel was obtained by distillation of the light hydrocarbons from the 
FT reactors; there was no hydroprocessing and as a consequence it contained 
olefins and oxygenates. This scheme is presented in Fig. 7. 
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Figure 7 Typical process scheme of the 1935-1945 German FT plants 

The first LTFT plants of Sasol included a more complex processing 
scheme. The original concept, shown in Fig. 8, showed a high degree of 
integration to maximize the benefits of the unique characteristics of the FT 
products [3]. This process scheme included eight separate units. While its 
objective was to produce fuels, gasoline and diesel, it also included the 
production of LPG and hydrogenated waxes. The quality of the gasoline was by 
improved by a Hot Refining step, a 400°C fixed catalyst bed treatment with two 
objectives: (a) conversion of oxygenates to other hydrocarbon species and (b) 
shifting the double bond in olefins to the centre of the molecule. Both changes 
improved fuel stability and octane number of the synthetic naphthas. The diesel 
was a blend of the straight run FT products and the cracked stock from the 
Paraformer, a thermal cracker unit - therefore still containing some olefins and 
oxygenates. 

Table 8 presents the quality of a sample obtained and analysed by the 
Allied forces after the war [78]. It is interesting to note that this straight run 
synthetic diesel produced using a cobalt FT catalyst, contained aromatic species 
and a significant amount of olefins. 

With time the processing of the LTFT primary products became more 
sophisticated. Most GTL technology licensors include different hydroprocessing 
arrangements that eventually will lead to coii^jarable distillates. Therefore, in 
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broad terms, the information related to the characteristics and performance of the 
Sasol Slurry Phase Distillate™ (SPD™) diesel that follows is also comparable to 
the other synthetic GTL LTFT-based distillates [79, 80], 


Table 8 

Quality of a World War II German FT diesel 

_Reported value 


Density 

gW (20°C) 

0.7681 

Distillation 

- IBP, “C 

193 


■ TIO, °C 

218 


■ T50, °C 

248 


• T90, °C 

291 


■ FBP, °C 

311 

Flash Point 

“C 

78 

Pour Point 

°C 

-1 

Bromine Number 


6.9 


The LTFT synthetic diesel has several important environmental advantages 
over conventional fuels. It has superior combustion characteristics due to their 
high Cetane number. Moreover, it is practically sulphur free and has a very low 
aromatics content. The basic properties of the Sasol SPD'^''^ diesel are compared 
in Table 9 with those of two fuels: a CARB specification fuel and a commercial 
US 2-D diesel. The lower aromatics and sulphur contents of the Sasol SPD™ 
diesel are immediately evident. 


Table 9 

Basic properties of diesel fuels [75] 

US 2-D 

CARB 

Specification 

Sasol SPD™ 
Diesel 

ASTM D86 

IBP, °C 

184 

203 

189 

Distillation 

T50, °C 

259 

249 

256 


T90, °C 

312 

290 

331 

Density 

kg/L 

0,855 

0,831 

0,777 

Viscosity 

cSt (40°C) 

2,4 

2,4 

2,4 

Cetane Number 


40 

49 

>70 

Aromatics 

wt% 

32,8 

6,7 

0,5 

Sulphur 

mass % 

0,028 

0,022 

0,001 



Gatsch 



Figure 8 The original process scheme for the LTFT Sasol 1 plant (ca 1957) 
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7.1.1 LTFT diesel as a blending component 

The Sasol SPD™ diesel was blended with the US 2-D specification fuel used for 
the emission tests to evaluate possible impact on quality. The typical quality for 
these blends is shown in Table 10 [79]. Blends of this fuel with the synthetic 
diesel resulted in improvements in Cetane number, and reductions in the sulphur 
content and the Cold Filter Plugging Point (CFPP), see Figs. 9 and 10. However, 
the synthetic fuel density is lower than that of petroleum fuels because of its very 
low levels of aromatics and naphthenics. 



0 % 10 % 20 % 30 % 40 % 50 % 60 % 70 % 80 % 90 % 100 % 

Sasol SPD Diesel in Blend, % vol. 


Figure 9 Sasol SPD™ Diesel US 2-D-Diesel Blends: Cetane Number and Cold Filter 
Plugging Point (CFPP) 


7.1.2 LTFT diesel fuel performance 

The emission tests were completed at the Southwest Research Institute 
(SwRJ). The results show significant improvement when compared with the 
commercial US 2-D diesel and with the CARB specification fuel. The synthetic 
diesel produced lower emissions compared with the CARB fuel standard in all 
four groups: hydrocarbons, CO, NOx and particulates. The improvement relative 
to the commercial US 2-D diesel performance was even more significant [79]. 

Blends of the Sasol SPD™ diesel with the US 2-D fuel showed reductions 
in emissions that were generally proportional to the amount of the synthetic fuel 
in the blend. Moreover, it was estimated that a blend of approximately 40% of 
the Sasol SPD fuel with the US 2-D fuel used in the tests would result in 
equivalent emissions to the CARB fuel. 
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Figure 10 Sasol SPD™ diesel US 2-D-diesel blends: density and sulphur content 


e 



Table 10 


Average results from the emission tests with CARB, Sasol SPD™ and US 2-D diesel fuels 

Sasol SPD™ Diesel - US 2-D blend, % vol CARB 


_ 0% 30% 50% 80% 100% Diesel 

Transient Emissions 


■ Hydrocarbons 

HC 

g/kWh 

0.22 

0.13 

0.11 

0.09 

0.09 

0.13 

■ Carbon 
Monoxide 

CO 

g/kWh 

3.83 

3.17 

2.9 

2.62 

2.57 

3.34 

■NOx 

NOx 

g/kWh 

7.05 

6.17 

5.72 

5.3 

5.08 

5.96 

■ Particulate 

PM 

g/kWh 

0.277 

0.278 

0.265 

0.241 

0.218 

0.276 

■ BSFC (a) 


g/kWh 

236 

237 

231 

228 

231 

233 

Test Engine 



12,7 L DDC series 
levels 

60 (1988), rebuilt to 1991 

emission 


Rated Power 261 kW @ 1 800 rpm 

Peak Torque 1 830 Nm @ 1 200 rpm 

(a) Brake Specific Fuel Consumption (BSFC) 


If a blend is aimed at meeting the CARB specification then the boiling 
point range of the LTFT diesel will need to be adjusted accordingly. LTFT diesel 
can be blended with any current diesel fuel on the market to produce a blend that 
conforms to the CARB specification. In the case of a blend with US 2-D diesel, 
30% LTFT diesel in the blend is more than sufficient to meet the CARB 
specification in all respects except the aromatics content and the emissions 
performance is nearly equivalent. 80% LTFT diesel will be required to meet the 
CARB specification for aromatics but then a higher density third blend 
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component e.g. biodiesel and/or some other heavy oxygenated hydrocarbons will 
be required to meet the density specification. If biodiesel is used then it is also 
free of aromatics so that the combined amounts of LTFT diesel and biodiesel in 
the blend will be about 80%. This blend will have an emission performance that 
is far superior to conventional CARB diesel. 

7.1.3 LTFT diesel environmental characteristics 

Sasol also evaluated the biodegradability and ecotoxicity characteristics of 
the Sasol SPD™ diesel, including some petroleum fuels for comparison. 

The biodegradability was measured using the modified Sturm OECD 301B 
method, based on the carbon dioxide evolution. It was found that the synthetic 
diesel can degrade rapidly and completely in an aquatic environment under 
aerobic conditions. Petroleum fuels tested simultaneously behaved differently, 
with lower degradation rates under the same conditions. 

The bacterial toxicity was determined using the OECD method 209 based 
on activated sludge respiration inhibition. From a toxicity perspective, the Sasol 
Spdtm diesel performed similarly to petroleum based fuels. 

7.1.4 LTFT diesel product applications 

The best use of the synthetic LTFT diesels will be to upgrade, by blending, 
the quality of conventional diesel fuels. Based on their superior quality, the 
synthetic distillates are the ideal, high value, blending component for upgrading 
of lower-quality stock derived from catalytic and thermal cracking operations, 
for example cycle oils [81, 82]. In 1948 JA Tilton from the Esso Standard Oil 
Company suggested that “there is a possibility that the Fischer-Tropsch 
synthesis process may eventually be a source of premium quality Diesel fuels"' 
[83]. It is interesting to note that it was also anticipated that blends of the use of 
these high Cetane number diesels with lesser fuels were usable to meet a 50 
Cetane specification, concluding that these high Cetane number fuels “might be 
used either alone or as blending agents". The blend material from conventional 
processing includes product from FCC and Coker units. The blended final 
product will be low in sulphur and aromatics, a fuel compatible with demanding 
environmental legislation. Hence the products could enter a market where the 
LTFT diesel characteristics are valued as blend material to meet local 
requirements. It is also possible to use this fuel as a neat fuel in applications 
where its premium characteristics are desired. 

7.2 LTFT naphtha 

The characteristics and applications of the Sasol SPD™ naphthas have been 
the subject of presentations at recent international meetings [77, 84]. Four LTFT 
naphthas can be produced using the process configurations summarised in Table 
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11; all of these are products obtainable from a Sasol SPD™ plant. Their typical 
characteristics are presented in Table 12. 

Table 11 

Process schemes usable for the production of Sasol LTFT naphthas 


FT Naphtha _ Production Scheme 


SR 

Straight Run 

Fractionation of FT condensate 

HT SR 

Hydrogenated Straight Run 

Hydrotreating and fractionation of FT 
condensate 

HX 

Hydrocracked 

Hydrocracking and fractionation of FT wax 

SPD 

Sasol SPD 

Blend of HT SR and HX naphthas 

Table 12 




Typical characteristics of the Sasol SPD™ naphthas 

_ Naphtha _ 

SR HT SR HX SPD 


ASTM D86 Distillation 


■ IBP, °C 

58 

60 

49 

54 

■ TIO, °C 

94 

83 

79 

81 

■ T50, °C 

118 

101 

101 

101 

■ T90, °C 

141 

120 

120 

120 

" FBP, °C 

159 

133 

131 

131 

Density, kg/L (20°C) 

0.710 

0.683 

0.688 

0.685 

Cloud Point, °C - predicted 

-51 

-54 

-35 

-33 

Flash Point, °C 

-9 

-18 

-21 

-20 

Cetane Number 

n/a 

42.7 

30,0 

39.6 

Total sulphur, mg/L 

<1 

<1 

<1 

<1 

Composition, % wt 





■ n-paraffins 

53.2 

90.1 

28.6 

59.0 

■ Iso-paraffins 

1.2 

8.3 

66.7 

38.2 

■ Naphthenics 

- 

- 

- 

- 

■ Aromatics 

- 

0.1 

0.5 

0.3 

■ Olefins 

35.0 

1.5 


2.5 

■ Alcohols 

10.7 

_ 

. 

_ 


(a) Predicted from DSC analyses. 


7.2.1 LTFT naphtha as petrochemical feedstock 

The Sasol SPD™ naphtha is an excellent feed for the production of lower 
olefins, in particular ethylene, by steam cracking [84], Cracking of highly 
paraffinic naphtha at the highest feasible severity maximises ethylene yields and 
reduces by-products. This is also an indication of environmental friendliness 
because for a fixed ethylene production paraffinic naphtha demands less feed and 
energy consumption than naphthas from other sources. 
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A comparison of the characteristics of the Sasol SPD™ naphtha with 
typical petrochemical naphthas is shown in Table 13. The synthetic product can 
be described as a highly paraffinic low sulphur naphtha with non detectable 
levels of aromatic species. 

The Sasol SPD''''^ naphtha used in this research program was the fully 
hydrogenated product derived from the Isocracking® of the Sasol SPD FT 
syncrude. The program included testing the Sasol SPD"'''^ naphtha performance at 
several cracking severities and a separate test designed to evaluate the coke 
build-up at high cracking severity. The results were compared with typical yields 
reported for two petroleum naphthas [85], and with that of a highly paraffinic 
product. 

The results experimentally determined for the Sasol SPD™ naphtha are 
compared with those expected when cracking petroleum naphthas at the same 
severity level under the relatively long residence time attainable during the 
research runs. This comparison is presented in Table 14. 



Cracking severity was measured by calculating the propylene/ethylene 
(P/E) mass ratio. Note that P/E has an inverse relation to the cracking severity: 
high P/E values correspond to low severities and lower methane co-produced. 




523 


The optimum olefins yields obtainable from any naphtha depend on the 
maximum cracking severity attainable at commercial conditions. This in turn 
depends on the chemical composition of the naphtha and, up to certain extent, to 
the physical configuration of the cracker unit. The former is evident in Figs. 11 
and 12 which show the ethylene and commercial olefin yields at different 
cracking severities for the synthetic and the two petroleum feedstocks. 

It is of relevance to indicate that while this kind of performance was 
directionally predictable, it was not fully quantified. Indeed, hydroprocessing has 
been previously reported as a crucial pre-treatment stage to improve the 
properties of FT naphthas for conversion to lower olefins. [86]. 


Table 14 

Research performance comparison of the Sasol SPD™ naphtha 
Typical Petroleum Typical Petroleum 


Sasol SPD™ Naphtha 


P/E mass ratio 

0.77 

0.68 

0.59 

0.82 

0.74 

0.65 

0.71 

0.59 

0.50 

0.40 

Yield (wt %) 
Ethylene 

24.1 

27.0 

29.3 

19.4 

21.9 

24.0 

26.5 

32.3 

35.7 

37.5 

Propylene 

18.7 

18.4 

17.2 

16.0 

16.1 

15.5 

18.8 

19.1 

17.8 

15.0 

1,3-Butadiene 

4.0 

4.2 

4.4 

3.8 

4.1 

4.3 

2.9 

3.8 

4.2 

4.2 

Light Olefins 

46.7 

49.6 

50.8 

39.2 

42.1 

43.8 

48.2 

55.2 

57.7 

56.7 

Other Olefins 

8.2 

6.9 

5.4 

8.3 

7.3 

6.1 

9.9 

8.4 

6.2 

4.1 

Hydrogen 

0.6 

0.7 

0.8 

0.5 

0.6 

0.7 

0.6 

0.7 

0.8 

0.9 

Methane 

12.8 

14.6 

16.3 

10.9 

12.6 

14.2 

10.2 

13.0 

14.9 

16.2 

Other Paraffins 

11.8 

9.4 

7.5 

11.8 

9.4 

7.3 

5.1 

5.3 

4.8 

4.4 

Alkynes 

0.4 

0.7 

0.9 

0.4 

0.7 

1.0 

0.4 

0,7 

1.1 

1.4 

C5+ Liquids 

19.4 

18.1 

18.2 

28.8 

27.2 

27.0 

25.7 

16.9 

14.4 

16.3 

Total Products 

100 

100 

100 

100 

100 

100 

100 

100 

100 

100 


The coking rate for LTFT Naphtha under commercial conditions is 
expected to be lower than that of conventional feeds, meaning that run lengths in 
commercial steam cracking operations using LTFT Naphtha can be expected to 
be longer than those expected using conventional naphthas at similar cracking 
severities. 



Relative Lower Oleflns Yield (mass) Relative Ethylene Yield (mass) 
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7.2.2 LTFT naphtha fuel performance 

Excluding the SR fuel, all these LTFT naphthas can be regarded as 
paraffinic. This suggested evaluating them as possible distillates. The Cetane 
numbers for the HT SR and the SSPD fuels are marginally below typical values 
found in commercial diesel. As expected, being more isomerised, that of the HX 
naphtha was even lower. The SR naphtha contains significant levels of both 
olefins and alcohols that reduced its Cetane number and it was decided not to test 
this fuel in the Cetane machine. 

The emissions and specific fuel consumption tests were carried out at the 
Sasol Oil R&D facilities [77]. A commercial summer grade diesel fuel produced 
at a South African oil refinery was also tested for comparison purposes under 
identical conditions. The same standard diesel fuel engine settings were used for 
all fuels. The results from the engine test are shown in Table 15. 

It is evident from their composition that these LTFT naphthas that they are 
far from being compatible with that high octane naphthas usable in gasoline 
blends. 

Table 15 

Diesel engine and emissions performance of the Sasol SPD naphthas 




Sasol FT Naphtha 


South 

African 

Diesel 


SR 

HT SR 

HX 

SSPD 

Engine 


Mercedes Benz 

407T 


Test condition 



1 400 rpm 



Load 



553 Nm 



BSFC (Brake Specific Fuel 
Consumption), g/kWh 

216.4 

206.2 

201.5 

206.8 

216.8 

CO emissions, g/kWh 

0.87 

0.79 

1.03 

0.83 

1.11 

CO 2 emissions, g/kWh 

668.1 

676.1 

698.9 

670.1 

700.9 

Hydrocarbon emissions, 
g/kWh 

0.398 

0.373 

0.445 

0.301 

0.138 

NOx, emissions g/kWh 

13.59 

12.55 

12.47 

12.55 

16,99 

Bosch Smoke Number 

0.32 

0.37 

0.31 

0.37 

0.67 


7.2.3 LTFT naphtha as a blending component 

Petroleum refiners producing diesel fuels for cold weather specifications usually 
change the boiling points of their fuels to improve their cold flow characteristics, 
making them compatible with low temperature operation. This results in lower 
production volumes, not only of diesel fuels but also of other light products. The 
characteristics of the Sasol synthetic naphthas suggested its possible use in 
blends with diesel fuels suitable for low temperature operation. 
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Figure 14 Sasol SPD™ Naphtha-Diesel blend - specific Gravity & Flash Point 

Blends of Sasol SPD^'^ naphtha with conventional diesels would meet 
winter grade fuel specifications [77, 87]. The quality of the final product will 
depend on the fraction of naphtha included in-the blend, as shown in Figs 13 and 
14. As an additional benefit, this practice would help maintaining the production 
volumes of jet fuel. Maximising jet fuel recovery, while maintaining diesel 
volumes, should translate into better economic results for most oil refineries. All 
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FT naphthas have the added benefit of having sulphur contents below 1 ppm. 
Their inclusion in blends should assist refiners in meeting low sulphur content 
specifications. 

7.3 Other applications for LTFT products 

The applications for products derived from LTFT Syncrude are the same as 
those of most crude oils. Flowever, due to its ultralow sulphur content, all FT- 
based products will need less processing to meet strict environmental 
specifications. 

The low sulphur content and highly paraffinic nature of the FT derived 
products make them ideal candidates for fuel cell applications [88]. In this case, 
their low aromatic and naphthenic contents become an additional advantage that 
results in extremely low carbon deposition in the reforming catalysts. 

High-octane naphthas could be obtained from FT syncrude after adequate 
processing. Although this is technically attainable, there are better and more 
cost-effective petroleum processes for this purpose. 

The possible use of the LTFT wax as rocket propellant is another 
interesting option [89]. 


8. LARGE SCALE PRODUCTION OF HIGH VALUE LTFT PRODUCTS 

Most of the recent interest for future LTFT GTL plants has been for the use of 
supported cobalt catalyst in slurry phase reactors. There are good reasons for this 
approach not least of which is the relative simplicity of the process that lends 
itself to successful application at remote locations. Work is in progress to 
construct plants at Ras Laffan, Qatar and Escravos, Nigeria. This concept uses 
the Sasol Slurry Phase Distillate™ (Sasol SPD™) process or the Shell Middle 
Distillate Synthesis (SMDS^*^) process to produce mainly diesel fuel with by¬ 
product naphtha. 

Although these processes are ideally suited for the production of diesel, 
Sasol and Shell have recognized the opportunity to produce chemicals in a 
synergistic maimer. 

There was a time when it was thought that future large scale GTL plants 
will not be able to target higher value hydrocarbon products due to limitations 
imposed by the size of the markets. For example. Shell stated in 1995 that their 
future SMDS projects will be based on transportation fuels only [81, 82]. 
However, for at least three important products namely ethylene, propylene and 
lubricant base oils (also known as waxy raffinate), the markets are large enough 
to sustain large scale co-production of these products. In the recently announced 
Shell plant in Qatar, that is eventually expected to produce about 140 000 bbFd 
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of hydrocarbon products, the production of lubricant base oils and paraffins is 
included in the initial product slate. 

Sasol has proposed two approaches for the large scale production of higher 
value hydrocarbons via FT technology. Firstly, there is the option to modify the 
product upgrading schemes for the primary products from supported cobalt 
catalyst to produce olefins and lubricant base oils in addition to diesel fuel [90]. 
Secondly, Sasol believes that its proprietary iron based FT processes can be used 
to further enhance or expand the production of higher value hydrocarbon 
products with fuels as significant by-products. Being highly olefinic, the nature 
of the products from iron catalysts is well suited to extraction and processing for 
the production of commodity chemicals. This is discussed in more detail in 
Chapter 5. 
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University of Cape Town, Rondebosch, 7701, South Africa 

1. INTRODUCTION 

Only the four group Vlll metals, Fe, Co, Ni and Ru have sufficiently high 
activities for the hydrogenation of carbon monoxide to warrant possible 
application in the FT synthesis. Of the four metals ruthenium is the most active 
(see section 4) but its high cost (see Chapter 3, Table 13) and low availability 
rules it out for large scale application. Nickel is also very active but has two 
major drawbacks. Being a powerful hydrogenating catalyst it produces much 
more methane than Co or Fe catalysts (It is after all the industrial methanation 
catalyst of choice). Nickel forms volatile carbonyls resulting in continuous loss 
of the metal at the temperatures and pressures at which practical FT plants 
operate. From the above it is clear that only cobalt and iron based catalysts can 
be considered as practical FT catalysts. The three South African FT plants 
currently use iron based catalyst while Shell’s Malaysian plant uses cobalt 
catalyst. Because Co is so much more active than Fe (see section 4) future 
plants aimed mainly at diesel fuel production (see Chapter 5) will probably use 
cobalt based catalysts. For the production of the high value linear alkenes, 
however, iron catalyst, operating at high temperatures in fluidized bed reactors, 
will remain the catalyst of choice (see Chapter 5). The LTFT iron catalyst may 
also find future applications for the conversion of coal-derived syngas (see 
Chapter 5). 

2. CATALYST PREPARATION AND CHARACTERISATION 

2.1 Iron based catalysts 

2.1.1 Low temperature catalysts for wax production (LTFT) 

2.1.1 A Preparation and characterisation 
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The Sasol LTFT process is geared at the production of high molecular 
mass waxes. The catalyst was originally developed by Ruhrchemie [1] and was 
used in the Arge reactors installed at the first Sasol plant. In spite of a few 
changes the preparation method used at Sasol remains similar to that used by 
Ruhrchemie. These catalysts, prepared by precipitation techniques [2] are used 
in both the Sasol fixed and slurry bed reactors. Scrap iron, of suitable chemical 
composition, together with metallic copper is dissolved in nitric acid. The 
Ruhrchemie preparation procedure [1] was as follows. The near boiling solution 
of iron and copper nitrate (40 g Fe and 2 g Cu per litre) was rapidly poured into 
a hot solution of Na 2 C 03 with vigorous stirring until the pH reached just above 
7. The hydrated ferric oxide was thoroughly washed with hot distilled water to 
remove the bulk of the sodium ions. The precipitate was then re-slurried with 
water and the appropriate amount of potassium waterglass was added to give the 
desired silica to iron ratio of 25 g Si02 per 100 g Fe. Sufficient nitric acid was 
then added to the slurry so that after filtration the desired amount of K 2 O (5 g 
per lOOFe) was retained by the gel-like catalyst cake. The precipitation method 
described above is a batch process. An alternative process is the continuous 
precipitation process in which two steams, one of sodium carbonate and the 
other of the metal nitrates are fed into a mixing tank maintaining the pH at about 
7. 

The precipitated iron catalyst used by Rentech (see Chapter 5) was 
unsupported and was promoted with about 1 per 100 Fe of each of K and Cu [3]. 
Ammonium hydroxide (ambient temperature) was added to the hot Fe/Cu nitrate 
solution. The precipitate was washed and potassium carbonate was added to the 
slurry which was then spray dried to produce spherical particles in the range of 5 
to 50 micron. These were then calcined in a fluidized bed at about 300°C to 
convert the hydrous oxide to hematite. 

If the Sasol catalyst is to be used in the Sasol multitubular reactors (see 
Chapter 2) the catalyst cake described above is extruded and dried [2]. If it is to 
be used in Sasol slurry bed reactors the cake is re-slurried in water and spray 
dried [4]. In a fixed bed reactor there is little or no catalyst break-up. However, 
there is some break-up in the turbulent high throughput slurry reactor which may 
cause blockages in the wax/catalyst separation unit. To minimise this break-up 
the spray dried catalyst is calcined at about 400 to 500 °C to increase its 
mechanical strength. This results in about a 15% decrease in the BET area of the 
unreduced catalyst but does not result in any loss of the FT activity of the final 
operating catalyst. 

A typical catalyst contains 25g Si02 5g Cu and 5g K 2 O per lOOg Fe [2]. 
As the Fe/Si ratio exceeds 4 the silica presumably does not act as a classical 
support but rather acts as a binder and as a spacer, the latter inhibiting sintering 
of the high area iron oxide. Investigation at Sasol indicated that when the 
potassium waterglass is added to the slurried hydrated ferric oxide precipitate all 
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the silica is precipitated or adsorbed onto the high area iron precipitate as 
subsequent washing can remove all of the potassium but none of the silica. Thus 
it appears that the addition of nitric acid is to control the K 2 O content of the 
catalyst and not to precipitate the silica [2], 


Table 1 

Influence of Si02 on precipitated Fe 203 [21 


g Si02/ 
lOOg Fe 

Unreduced 



H 2 reduced 





Pore 

Vol 
cm^ g' 

Area 
m^ g'l 

Area in 
pores > 
4.5 nm 
m^g'* 

Pore vol 
cm^ g'* 

Area / m"^ 
g'‘ 

Area in 
pores > 
4.5 nm 

Ti? %'■ 

Reduction 

%* 

0 

0.37 

275 

41 

0.22 

35 

35 

100 

8 

0.47 

345 

59 

0.43 

190 

68 

80 

19 

0.74 

375 

90 

0.48 

250 

80 

46 

25 

0.71 

390 

94 

0.61 

270 

84 

58 

29 

0.75 

370 

96 

0.65 

265 

85 

57 

50 

N.A. 

405 

N.A. 

N.A. 

280 

N.A. 

N.A 


a % of total Fe present in metallic state after a fixed time at a fixed temperature. 

N.A. Not available. 

Table 1 shows that both the total BET area and the total pore volume 
increase as the silica content is increased. This is so for both the dried unreduced 
catalyst and the reduced catalyst [2]. The area in the larger pore sizes also 
increases. The percent reduction (using H 2 for a fixed time and at a fixed 
temperature) decreases with increasing Si02 content. This is probably due to the 
slow reduction of the ‘Fe 203 -Si 02 complex’ present. The porosity and pore size 
distribution is established in the very first stage of preparation, viz. the 
precipitation of the ferric oxide [2]. Thus if the precipitation conditions are such 
that the iron oxide has a low porosity or narrow pore size distribution then the 
final catalyst after silica and potassium promotion will also have these features. 
The variables that have been shown to affect the total pore volumes and the pore 
size distributions are the following: The concentration of the Fe and carbonate 
solutions; the temperature of precipitation; the order in which the two solutions 
are mixed (Fe into carbonate or the reverse); the precipitation time; and the final 
pH. Fig. 1 illustrates three extreme examples. Fig. 1(a) shows the N 2 adsorption 
isotherm for the catalyst prepared as described above, i.e. the acidic iron nitrate 
solution is added to the carbonate solution. In this case the precipitation 
therefore takes place in an alkaline environment. Fig. 1(b) is for the ‘reverse’ 
preparation, i.e. the carbonate solution was added to the nitrate solution and so 
much of the precipitation took place at a pH well below 7. The BET areas of the 
two catalysts were not all that different but as can be deduced from the shape of 
the isotherms the normal catalyst had a wide distribution of pore sizes while the 
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reverse case only appeared to have narrow pores present. Case 1(c) was 
prepared in the same way as case (a) except that excess nitrate solution was 
added to the carbonate solution resulting in a fin al pH of 2. As can be seen both 
the area and porosity had been markedly lowered. 



P/Po P/Po P/Po 


Figure 1 N 2 adsorption isotherm 

The chemical nature of the alkali used for precipitation also has an effect 
on the pore size distribution of the catalyst. Table 2 shows that when using 
carbonates the catalysts are more porous than when hydroxides are used. (Note 
that for all four catalysts the silica contents were the same.) Since pore diffusion 
rates affect the overall kinetics of the FT reaction (see Section 4) it can be 
expected that the catalysts prepared by carbonate precipitation may be more 
active. In agreement with this it was reported earlier that the use of carbonates as 
precipitation agent resulted in better catalysts than when hydroxides were used 
[5]. 


Table 2 

Influence of precipitating agent [2] 


Precipitant 

Average pore size (nm) 

Pore volume in pores >12.5 nm 
(%) 

NaOH 

2.9 

1 

Na2C03 

4.0 

40 

NH 4 OH 

2.6 

1 

(NH4)2 CO3 

3.1 

18 
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The drying procedure is also important as the final total pore volume 
depends on the degree of shrinkage that occurs during drying. During 
subsequent hydrogen reduction further shrinkage occurs and this is why 
precipitated catalysts used in fixed bed reactors are pre-reduced in order to 
maximise catalyst loading in the FT reactors. For catalysts used in slurry 
reactors this pre-shrinkage is of course not needed. The presence of liquid water 
in the pores of the catalyst appears to enhance the degree of shrinkage during the 
drying process. If, before drying, the wet catalyst is treated with an excess of a 
low surface tension liquid, such as acetone, to displace the bulk of the water and 
the catalyst is then dried the pore volume can be doubled [2]. In general there 
must, however, always be a compromise between the opposing requirements of 
high porosity and adequate particle strength. 

Another aspect to consider in the catalyst preparation process is the re-use 
of off-specification material. The spray-dried catalyst used for the slurry phase 
reactor must adhere to strict Particle Size Distribution (PSD) requirements. 
Inadvertently, due to these strict specifications, some off-specification product is 
produced. 

The Arge catalyst production entails extrusion of wet catalytic material, 
which is subsequently dried to produce the final catalyst extrudates. During the 
extrusion and drying process steps, a significant amount of agglomerate material 
(over size) and fine material (undersize) is produced. The fines production is due 
to a significant amount of mechanical handling of the extruded product. 

Both the oversize and undersize product cuts from the spray drying and 
extrusion processes are separated from the in-specification product. Summated 
this off- specification product constitutes a significant amount of about 8 - 9 % 
of the total production capacity. 

The off-specification (size related) catalytic material can be wet milled and 
added after the impregnation step of the catalyst manufacturing process. The wet 
milling process produces a milled slurry product. This milled slurry product is 
restricted to a specified range of solid contents to accommodate solid content 
requirements in the normal catalyst production processes. 

The milling step of the over size material is required to ensure complete 
integration with the freshly produced catalyst product, without detrimentally 
affecting the catalyst production processes (due to blockage of equipment, etc.) 
and to ensure minimal impact on the mechanical integrity of the final extrudate 
product. Corrective actions are taken to address potential differences in chemical 
make-up of the recycled and freshly produced catalytic materials. 

Approximately 10 mass% (on an iron mass percentage basis) recycled 
milled catalyst product is added to the normal production capacity of the process 
in Sasolburg and the addition of up to 15 mass% recycled material has been 
proven to be commercially viable. 
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The spray dried catalyst material is physically significantly smaller than 
the extruded Arge catalyst and due to the critical mechanical integrity 
requirements of the spray-dried catalyst; the addition of milled material has to 
adhere to very strict PSD requirements. Ideally, the milled material PSD has to 
be comparable to the PSD of the fresh catalytic material normally sent to the 
spray drier. 

Due to the increased milling requirements and the milling constraints 
associated with the wet milling process (limited milling capacity, time 
consuming and expensive) a new milling technology was sourced. 

This new milling technology is similar to the well-known homogeniser 
mixer concept, with the inclusion of impact zones that facilitate 
breakage/milling in a slurry medium. This equipment is physically significantly 
smaller than the typical wet mill process, with a significantly lower capital 
requirement and operating expense, due to the mode of the milling operation. 

Commercial evaluation on milled catalyst incorporation for the slurry 
phase reactor catalyst has been successfully completed, utilising up to 30 mass% 
recycled material. 

2.1.IB Reduction and conditioning of precipitated iron LTFT catalysts 

In the past (as well as at present) it was always considered necessary to 
pre-reduce the FT catalysts, whether they be Co or Fe based, under relatively 
mild conditions. The objective was to generate high metallic surface areas, i.e. 
active catalysts. Pichler reported that unreduced precipitated Fe catalysts were 
not very active but that reduction at the high temperature of 360°C did not 
improve matters much [5]. Scheuermann found that reduction at about 200°C 
yielded an active catalyst whereas reduction at 300°C resulted in a lower activity 
[5]. In these previous studies the influence of using different reduction gases: H 2 , 
mixtures of H 2 and CO or CO only, were investigated [5]. The FT selectivity 
was also influenced by the reduction temperature. Thus it was found that pre¬ 
reduction with hydrogen at 300°C produced a more active catalyst than one 
reduced with syngas at 230°C but the former had a lower wax selectivity [5]. 

More recently Bukur [6, 7, 8] and Davis [9] have reinvestigated reduction 
procedures. Davis reported that, compared to activation with hydrogen rich 
syngas, activation with CO or CO rich syngas resulted in more active catalysts. 
Bukur reported that a catalyst reduced with H 2 at 250°C had a higher activity but 
a lower wax selectivity than the same catalyst reduced with CO at 280°C. When 
the H 2 reduction temperature was lowered to 220°C, however, there was a 
smaller difference in the wax selectivity. A catalyst reduced with H 2 at 250°C 
for four hours was found to be significantly more active than when it was 
reduced for eight hours at the same temperature. The activities of all the 
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catalysts declined with time on steam. At steady state the activity of the catalyst 
reduced with CO at 280°C was the highest. 

The reason for adding copper to the precipitated Fe 203 /Cu 0 /K 20 /Si 02 
catalyst is to facilitate the reduction of the iron oxide at lower temperatures, 
typically 220°C [2], Increasing the temperature of reduction of a Cu-free catalyst 
does of course increase the rate of reduction but it is then foiuid that the FT 
activity of the catalyst is inferior. The activation of the catalyst used in the Sasol 
multitubular fixed bed reactors is carried out in several steps [2]. The extrudates 
are first pre-shrunk by H 2 reduction at atmospheric pressure. This initial 
reduction rate is high and about 20% of the theoretical amount of water expected 
from the reduction of Fe 203 /CuO is produced in this period. This initial rapid 
reduction phase is characterised by a marked exotherm, which is no doubt due to 
the exothermic reductions of the nitrates and copper oxide as well as the 
exothermic reduction of hematite to magnetite. In practice the reduction is not 
taken beyond this stage as further reduction only occurs very slowly. It is 
presumed that the catalyst preparation procedure results in the formation of an 
iron oxide-silicate complex, which reduces very slowly. In support of this 
concept note from Table 1 that as the silica content of the catalyst was increased 
the degree of reduction, attained at fixed conditions, decreased. Note that the 
precipitated catalyst containing no silica reduced to completion. In this case CO 
chemisorption measurements indicated that over 90% of the surface was 
metallic whereas for a typical Si02 containing catalyst the CO coverage was 
only about 5% after the rapid initial reduction referred to above [2]. It should be 
pointed out, however, that no XRO evidence of the presence of an iron silicate 
phase was observed, even after hyrotreating the catalyst in an autoclave at 
280°C. The only diffuse patterns that could be identified were those of a- and y- 
Fe203. 

After the partial reduction procedure described above the catalyst is coated 
with wax to protect it from re-oxidation and then loaded into the fixed bed FT 
reactors. The temperature of the reactor is raised to about 200°C under a H 2 
atmosphere in order to avoid the formation of volatile iron carbonyls which 
would otherwise contaminate the FT wax product. Synthesis gas is then slowly 
introduced and the system is taken to full FT operating conditions. During this 
‘conditioning’ period the iron is converted to Hagg carbide (Fe 5 C 2 ). This process 
takes place over several days during which the FT conversion increases by a few 
percentage points before it peaks and then slowly deactivates (see Section 3.2.1). 
From the data presented in Table 3 it can be seen that over the whole procedure, 
from unreduced to fully operational carbided catalysts, the BET area decreases 
while the pore volume and average pore size increases. Table 3 shows the results 
for two differently prepared catalysts having different initial pore volumes. Note 
that the differences in porosity between the two catalysts persist after the various 
treatment stages. 
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Table 3 


Changes in area and pore structure of precipitated iron catalysts [2] 


State 

Catalyst 

Total pore 
vol cm^ g'* 

Total area 
m^g‘ 

Area in pores 
> 4.5 nm (%) 

Vol in pores 
> 16.0 nm 
(%) 

Unreduced 

A 

0.39 

355 

5 

0 


B 

0.67 

340 

25 

19 

Partially reduced 

A 

0.30 

195 

20 

1 


B 

0.46 

150 

45 

22 

After some FT 

A 

0.22 

51 

100 

10 

synthesis 
(All wax 
extracted) 

B 

0.38 

47 

100 

44 


2.1.2 Iron based catalysts for high temperature synthesis (HTFT) 

2.1.2A Catalyst preparation and characterisation for the HTFT process 

The preparation of the catalyst currently used by Sasol is very similar to 
that of the ammonia synthesis catalyst, namely, fusion of iron oxide together 
with the chemical promoter K2O and structural promoters such as MgO or AI2O3. 
In the presence of air molten iron oxide at about 1500°C should consist only of 
molten magnetite (Fe 304 ). Theoretically wustite (FeO) should oxidise to Fe 304 
and hematite (Fe 203 ) should lose oxygen. In practice, however, because of the 
use of carbon electrodes in the arc furnace the situation within the molten oxide 
pool becomes somewhat reducing and so some wustite can be formed (or 
survive if fed into the furnace). The molten mixture of oxides is poured into 
ingots and rapidly cooled. The ingots are then crushed in a ball mill to the 
particle size distribution required for effective fluidization in the HTFT reactors. 
For effective structural properties magnetite is the preferred iron oxide phase 
(see discussion below). If a hematite-rich ore is fed to the fusion furnace it has 
been observed that the cooled solid ingots contained small voids (bubbles) 
presumably as the result of the release of oxygen during the fusion process. This 
could increase the friability of the ingots. 

In the 1950’s Sasol imported a magnetite ore (Allenwood ore) from the 
United States for the production of the fused catalyst since this was the ore on 
which the design of the CFB reactors had been based. Due to the relatively short 
useful life of the catalyst in the HTFT operation importation of the ore all the 
way from the U.S.A. obviously increased the cost of catalyst manufacture. 
Research in the Sasol pilot plants was undertaken to evaluate the suitability of 
various locally available ores and oxides. It was found that mill scale from a 
nearby steelworks was in fact a suitable substitute for the imported Allenwood 
ore. The mill scale, however, was rich in wustite and also was contaminated 
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with sulphur containing oils. It was therefore necessary to roast the mill scale at 
a high temperature in air to increase its ferric ion content and to bum off the 
contaminating oil and associated sulphur. Currently Sasol still uses this mill 
scale for the preparation of their HTFT catalysts. The regeneration of spent 
catalyst was investigated and it was found that a satisfactory catalyst could 
indeed be produced but this involved extensive air oxidation to bum off all the 
heavy oils and carbon deposits and to fully re-oxidise the iron. The remaining 
oxide particles were not in specification regarding particle size distribution and 
alkali content and so had to be re-fused with promoter top-up. In principle the 
direct feeding of spent catalysts to fusion furnaces or smelters that are used in 
metallurgical industries is possible but this has not yet been commercially 
demonstrated. Because of the low cost of the locally available mill scale, the 
regeneration of spent catalyst has not yet been considered to be a priority 
development. The spent catalyst is also suitable as a feed material to the iron and 
steel industry. 

During the solidification of the molten mixture of iron and of promoter 
oxides the stmctural promoter cations enter into solid solution in the magnetite 
phase. For example, a Mg^^ ion being of similar size to the Fe^^ ion can replace 
it in the magnetite lattice, similarly Al^'^ ions can replace Fe^”^ ions [2]. These 
promoter cations are therefore atomically dispersed in the magnetite (i.e., in 
solid solution in the magnetite phase) and on subsequent hydrogen reduction 
small aggregates of AI 2 O 3 or MgO are precipitated in between the reduced iron 
crystallites. These deposits of non-reducible, high melting point oxides, act as 
spacers which inhibit sintering resulting in iron catalysts with higher surface 
areas. 

The relative effectiveness of various potential stmctural promoters such as 
the oxides of Ca, Al, Mn, Ti, and Mg were investigated [2]. In this study a 
highly pure iron oxide was used as a base stock for the preparation of a series of 
magnetite samples which contained different levels of various individual 
promoter oxides. If the cations of the added oxides did enter into solid solution 
in the magnetite then the unit cell size of the magneitite should decrease if the 
foreign ions were smaller than the iron ions that they were replacing. The 
reverse would be observed if the substituting ions were larger than the iron ions. 
The unit cell sizes of the prepared samples were measured by X-ray diffraction 
[10] and the results are shown in Fig. 2. 
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Figure 2 Influence on the unit cell size of magnetite (in A) of various promoters entering 
solid solution with magnetite. Promotor content is g atom cation per lOOg atom Fe 

As can be seen the unit cell size of the magnetite decreased with increasing 
levels of the smaller Mg, A1 or Li ions and increased with the larger Ca, Na , Mn 
and Ti ions. These results support the contention that all of these ions can enter 
into solid solution and thus potentially could be homogeneously distributed in 
the magnetite phase. Potassium ion addition had no measurable effect on the 
unit cell size presumably because they are too large to fit into the magnetite 
lattice structure. Silica on its own did not go into solid solution but it had a 
marked indirect effect on the ability of basic cations such as Li, Na and Ca to 
enter into solution. The apparent reason was that the silica chemically combined 
with these basic oxides to form separate silicate phases. This was supported by 
microscopic investigations of polished sections of the various catalysts. It was 
seen that when either potassium or silica was added small occlusions of some 
other phase were present, whereas in the absence of these two components all 
the other catalyst samples revealed the presence of only one phase (magnetite). 
In the case of MgO promotion it appears that silica does not prevent to any 
obvious extent the Mg ions from going into solid solution in the magnetite 
phase. 

As discussed above the presence of non-reducible, high melting point 
oxides in solution in the magnetite is expected to result in higher surface areas of 
the catalyst after reduction with hydrogen. Fig. 3 shows the influence of various 
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added oxides on the BET areas of the reduced catalysts [2], It was postulated 
that the degree of area increase correlated with the ratio ionic charge to ionic 
radius of the of the added promoter cations [11]. Thus the cations of Al, Ti and 
Cr resulted in marked increases in surface areas. The effect of Mg cations was 
less marked while Mn, Ca and Li cations had little effect. Promotion with Na 
actually resulted in a decrease in BET area. The ‘fluxing’ effect of Na, however, 
does not appear to be related to the observation that Na ions are capable of going 
into solution with magnetite (see Fig. 2). This is because K ions (which, due to 
their large size, cannot fit into the magnetite lattice) also results in a decrease in 
area. The negative effect of the stronger alkalis is not due to pore blocking but 
rather to the enhanced crystal growth of the iron (i.e., sintering) as evidenced by 
X-ray line broadening studies. Silica, which on its own has little effect on the 
area, does have an indirect effect in that it chemically combines with the alkalis 
and thus depresses the ‘fluxing’ effect of the stronger alkalis. 



Figure 3 The surface area of fully reduced catalysts in (g unreduced sample)'* as a 
function of the promoter content (g atom promoter cation per 100 g atom Fe) 
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In wustite-rich fused catalysts the structural promoters MgO and AI 2 O 3 are 
less effective for area promotion than for magnetite-rich fused catalysts. For the 
former the area at first increases as the promoter level is increased but then it 
levels off whereas for the later the area continues to increase [2]. At the same 
promoter levels magnetite-rich fused catalysts yield higher surface areas on 
reduction with hydrogen. 

For metal catalysts the actual available metal surface area is obviously of 
more importance than the total BET area as part of the area is bound to be 
covered with the various non-metallic components present such as the added 
promoters or other extraneous compounds. It is common practice to evaluate the 
exposed metal surface area by measuring the amount of Hi or of CO 
chemisorbed under appropriate conditions of temperatures and pressures. Since 
alkali plays such a vital role in both the activity and selectivity of iron catalysts 
in the FT process it is also of interest to be able to evaluate the coverage of the 
catalyst surface by the alkali. For this purpose the measurement of the amount of 
an acidic gas such as CO 2 has been used as it has been shown to chemisorb only 
weakly on pure iron surfaces, but the amount adsorbed increases as the alkali 
increases. 



Promoter concentration 

Figure 4 The volume of CO chemisorbed by fully reduced catalysts (cm^ (STP) per gram 
unreduced sample) as a function of promoter content 
(g atom cation per 100 g atom Fe) 
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Fig. 4 shows the amounts of CO chemisorbed by variously promoted fully 
reduced fused iron catalysts. In general, as could be expected, those promoters 
which resulted in increased BET areas (Fig. 3) also yielded proportionately 
higher metal areas as reflected by the amounts of CO chemisorbed [2]. Titanium 
oxide promotion yielded rather peculiar results. Whereas the BET areas 
increased with increasing Ti02 the CO chemisorption at first increased and then 
decreased. As a percentage of the total (BET) area MgO gave the highest metal 
area while CaO and Ti02 yielded the lowest values. 

The basicity of the iron catalyst’s surface determines the activity and, in 
particular the selectivity of the catalyst in the FT reaction (see Chapter 3, 
Section 9.2.2). As mentioned above CO 2 chemisorption does appear to reflect 
the basicity of the catalyst. This is evidenced by the observation that not only 
does the amount of ehemisorbed CO 2 increase with increasing amounts of alkali 
added but also the chemisorbed coverage of catalysts promoted with the stronger 
alkali K 2 O is higher than when the weaker alkali Li20 is used. Also it has been 
found that the presence of silica lowers the chemisorption of CO 2 on alkali 
promoted catalysts [2]. These findings are in keeping with the observations that 
lithium is an inferior chemical promoter to potassium and also that silica lowers 
the heavy hydrocarbon selectivity of alkali promoted iron catalysts. It has been 
found that chemisorbed nitrogen lowers the amount of CO 2 that can 
subsequently be chemisorbed which appears to indicate that surface nitrides 
lower the basicity of the catalyst. This is in keeping with the observation that 
nitriding iron catalysts results in a lower heavy hydrocarbon selectivity [5]. 
Carbon dioxide chemisorption data nevertheless needs to be interpreted with 
care. For instance, promotion with CaO, being alkaline, increases the CO 2 
chemisorption but it has no observable effect on the selectivity of the catalyst. 

As mentioned previously all the promoters, including the key alkali 
chemical promoters, are fed together with the iron oxides to the fusion furnace. 
Most iron oxides used are contaminated with some silica. It was shown above 
that neither the nor the Si”*^ ions enter into solid solution with the magnetite 
and so on cooling small occlusions of alkali/silicates are present as separate 
phases. The cooled ingots are milled to a fine powder. To ensure that the powder 
has good fluidization properties it is important to control the particle size 
distribution. Because the alkali/silicate occlusions are separate phases they will 
tend to break away from the magnetite phase during the milling process. 
Microscopic investigations of the powdered catalyst showed that whereas the 
larger particles still contain alkali occlusions the finer particles consist of a 
mixture of separate alkali-silicate and magnetite particles. Hence, the 
distribution of alkali in the milled fused catalyst is apparently very 
heterogeneous. During reduction and FT synthesis, however, the alkali does to 
some extent spread over the catalyst surfaces [12, 13] and so the distribution of 
this key promoter is improved. In confirmation it has been shown that when 
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finely ground potassium silicate is added separately to milled fused magnetite its 
performance in the FT synthesis is fairly similar to that of a catalyst prepared in 
the normal way, i.e. the addition of the potassium promoter during the fusion of 
magnetite. See also the discussion in Chapter 3, Section 9.2.2. 

2.1.2B Reduction and conditioning of fused iron catalysts 

Whereas unreduced precipitated iron catalysts can have high BET areas, 
fused iron oxides are non-porous and hence their areas are virtually zero. Pre¬ 
reduction is therefore essential to develop the area required for acceptable FT 
activity. Reduction is normally carried out with H 2 in the region of 350 to 
450°C. The temperature used to ensure a reasonable rate of reduction depends 
on the type and quantity of structural promoter added during the fusion process. 
The presence of structural promoters retards the reduction rate. Typical surface 
areas of fully reduced fused catalysts are shown in Fig. 3. Precipitated catalysts 
are readily activated for FT synthesis by mixtures of H 2 and CO. However, the 
reduction of fused iron oxide is markedly retarded when CO is present in the H 2 
[2]. This is illustrated by the results shown in Table 4. The presence of only 2% 
CO in the H 2 lowered the degree of reduction attained under set conditions by a 
factor of four. From thermodynamics it is expected that reduction with CO 
should be more favourable than reduction with hydrogen. However, as can be 
seen in Table 4 this is far from the case at 400°C. The negative effect of CO may 
possibly be linked to the fact that instead of metallic iron, Hagg carbide is 
formed during the reduction process, as shown in Table 4. The diffusion of the 
oxygen ions to the surface of the crystals may be retarded by the presence of an 
outer surface layer of carbide. In any event at 400°C the Boudouard reaction 
producing elemental carbon proceeds rapidly (see Section 2.1.2C) and so the use 
of CO containing gas for reducing fused catalysts is not recommended. 

Table 4 

Degree of reduction at 400°C and 8 hours at fixed space velocity. Promoted fused Fe 304 [2] 


Gas 

Reduction (%)* 

Phases present 

100% H 2 

80 

a-Fe, Fe 304 

98% H 2 + 2% CO 

20 

Fe5C2, Fe304 

100% CO 

4 

Fe5C2, Fe304 


a Amount of iron in the oxide form converted to either metallic or carbidic iron. 


Water vapour, which is the product of H 2 reduction, markedly depresses 
the rate of reduction. The effect of adding different small amounts of water 
vapour to the hydrogen on the initial rate of reduction is illustrated in Fig. 5. For 
practical purposes the measured reduction rate is insignificant at a H 2 O/H 2 molar 
ratio of only about 20% of the thermodynamic equilibrium value for the 
reduction of magnetite to metallic iron under the conditions of the experiments. 
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Thus to ensure a high reduction rate it is necessary to use a high hydrogen gas 
linear velocity to maintain a low water vapour pressure in the reduction reactor. 





Figure 5 The retarding effect of water vapour on the initial reduction rate. 

Samples A and B contain 0.012 and 0.030 g atom A1 per g atom Fe respectively 

The effect of the hydrogen space velocity on the reduction rate is 
illustrated in Fig. 6. Because the presence of water vapour also enhances the rate 
of sintering of the metallic iron crystals, a high Hi flow rate results in higher 
final surface areas. It is assumed that continuous surface oxidation-re-reduction 
cycles in the presence of both water and hydrogen is the cause of the sintering. 
In general there appears to be an inverse relation between the initial rate of 
reduction and the area of the fully reduced catalyst. This is illustrated in Fig. 7 
where the ratio of water to hydrogen in the exhaust gas is taken as a measure of 
the reduction rate. The promoters such as the oxides of aluminium, chromium, 
titanium or magnesium yield high surface area reduced catalysts (see Fig. 3) but 
they also retard the reduction rate. In the fused magnetite these promoters are in 
solid solution in the iron oxide phase (see Section 2.1.2A). If the reduced 
catalysts are deliberately fully re-oxidised to magnetite with water vapour at 
400°C and then re-reduced with hydrogen then the rates of reduction are much 
higher and the areas much lower than for the original fused catalyst. Thus these 
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promoters were not re-incorporated into the magnetite lattice when re-oxidised 
under the relatively mild conditions. 



Space velocity -10'^ 0i'^) 


Figure 6 The effect of hydrogen space velocity on reduction rate 





Figure 7 The relation between the final surface area developed and the initial reduction rate as 
depicted by the value of Ph 2 o/Ph 2 of the exhaust gas. The reduction temperature was 
the same in all cases. The samples contained different contents of various promoters. 
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In Section 2.1.IB it was mentioned that the addition of copper oxide 
promoted the reduction of the precipitated iron catalyst. For the fused magnetite 
catalysts, however, the addition of copper did not appear to have any significant 
effect on the reduction rate. 

When reduced iron is exposed to FT synthesis gas the iron metal is rapidly 
converted to iron carbide (Hagg carbide). This is a highly exothermic reaction 
and localised high catalyst surface temperatures could result in damage to the 
catalyst such as sintering, fouling and excessive carbon deposition. The normal 
procedure is then to start up the reactors pressurised with hydrogen, operating in 
the recycle mode, and then over a predetermined time replace the hydrogen with 
synthesis gas. The carbon atoms originating from the CO (see section 2.1.2C) 
migrate into the iron metal lattice and the interstitial carbides are formed. After 
‘saturation’ of the metal lattice, i.e. after completion of the carbiding process, no 
further elemental carbon is deposited when the Fe catalyst is operated in the 
LTFT wax producing mode. At the higher temperature HTFT process, however, 
the deposition of elemental carbon continues. 

It should be noted that when Co is exposed to only CO, at the normal FT 
operating temperature used for Co, carbides are formed. When, however, 
hydrogen is also present, i.e. during normal FT operation, any Co carbide 
present is hydrogenated back to the metal and hence there is no build-up of 
either carbidic or ‘free’ elemental carbon. 

2.1.2C Carbon deposition on HTFT iron catalysts 

At FT operating temperatures below about 240°C, irrespective of whether 
Ni, Co, Ru or Fe based catalysts are used little or no elemental carbon is 
deposited on the catalysts. During high temperature (about 280 to 350°C) 
operation with iron based catalysts, however, elemental carbon, as distinct from 
carbonaceous coke, is deposited throughout the run at a fairly constant rate. The 
two source reactions could be: 

2CO ^ C + CO 2 (the Boudouard reaction) 
or CO + H 2 ^ C + H 2 O. 

The Gibbs free energy change for the Boudouard reaction is more negative 
than the alternative reaction (about -66 as against -49 kJ/mole at 600K). 
Furthermore, as will be seen below, the rate of carbon deposition is markedly 
depressed by higher hydrogen partial pressures. The Boudouard reaction is thus 
considered to be the key reaction resulting in carbon deposition. The activation 
energy of the Boudouard reaction, of about 113 kJ/mole [14], is higher than that 
of the FT reaction and the former is therefore more sensitive to increases in 
temperature. (Under typical HTFT conditions the rate of carbon deposition 
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increased by about 50% when the temperature was increased by 10°C.) This 
agrees with the findings, mentioned above, that catalysts such as Co, Ru or Fe 
operating below about 240°C do not deposit elemental carbon during normal FT 
operations. 



Figure 8 The effect of water vapour on the Boudouard reaction 
o fluidized bed with no water added 
A with 2.9 % water vapour added 
+ Fixed bed with no water added 
□ with 2.9 % water added 

When elemental carbon forms in iron catalysts the density of the particles 
is lowered and catalyst fines are produced. The indirect effect of this on the FT 
performance of the catalysts is discussed in section 3.2.2. During studies of the 
Boudouard reaction the following results were observed. When a small amount 
of hydrogen, or of water, or ethanol or acetic acid was added to the CO feed gas 
the rate of carbon deposition increased [14]. Fig. 8 shows the effect of adding 
about 3 mole % water vapour to the CO. The presence of small amounts of 
ammonia lowered the rate of carbon deposition. On ceasing the addition of 
ammonia the rate returned to what it had been prior to ammonia addition. The 
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addition of nitrogen or paraffins or olefins had no obvious effect on the carbon 
deposition rate. 

In another series of experiments the influence of various promoters on the 
rate of carbon deposition over fused, and subsequently reduced magnetite was 
investigated [15], It was found for instance that promotion with alumina 
markedly increased the rate whereas calcium oxide promotion lowered the rate 
of carbon deposition. However, when the rates were calculated on a unit Fe 
metal surface area basis, the rates of the various samples were not significantly 
different. These results are illustrated in Fig. 9. Promoting fused magnetite with 
Cu, or Mo, or Zn or with Mn appeared to have little, if any, effect on carbon 
deposition rates during HTFT synthesis [2]. It has been claimed that promotion 
with Cr oxide decreased the rate of CO decomposition over iron catalysts [16]. 



Figure 9 The effect of promoters on the rate of the Boudouard reaction, 
a - represents the absolute rates and 
b - the intrinsic carbon deposition rates. 

+ unpromoted sample 
o promoted with about 2.2 g AI 2 O 3 ; 

A promoted with about 2.3 g Si 02 and 
□ promoted with 1.35 g CaO per 100 g Fe 
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For the Boudouard reaction alkali promotion increases the intrinsic rate of 
carbon deposition, with K 2 O having a greater effect than the weaker base Na 20 
[5, 15], When silica is also present it lowers the basicity of the alkali and in 
keeping with this the rate of carbon deposition is also lowered. In general this 
behaviour is in keeping with the FT performances of such catalysts (see Chapter 
3, Section 9.2.2). 

Evaluation of the rates of carbon deposition during the FT reaction over 
reduced fused iron catalysts (which were operated at normal HTFT temperatures 
but at different pressures, different fresh feed gas compositions and different 
recycle ratios) lead to the conclusion that the rate of carbon deposition was 
proportional to the value of Pco/Ph 2 ^ inside the reactor [2, 17]. The inverse 
dependence on the partial pressure of hydrogen was also reported by previous 
investigators [18, 19]. The results obtained in the HTFT Sasol pilot plant studies 
are shown in Tables 5, 6 and 7. As can be seen the carbon deposition rate does 
not correlate with the simple H 2 /CO ratio but does correlate with the factor 
Pco/Ph 2 ^- a speculative derivation of the carbon deposition factor was presented 
elsewhere [17]. The partial pressure of CO 2 appears to have no effect on the rate 
as it was observed that a four-fold increase appeared not to influence the carbon 
deposition rate [17]. The data in Table 5 are for two catalysts of different 
basicities and are illustrated in Fig. 10. The higher basicity catalyst clearly has a 
markedly higher rate of carbon deposition. 



Figure 10 The carbon deposition rate (arbitrary units) as a function of the ratio Pco/P^h 2 

The two sets of results are for two differently promoted catalysts operating at two 
different temperatures. The two plots are for cases B and A in Table 5. Catalyst B 
has a higher basicity than catalyst A. 
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Table 5 

The influence of reactor entry gas composition on carbon deposition rate [2] 


Set 

Entrance partial pressure 
bar abs. 


Pco/Ph2 

ratio 

Pco/P'^H2 X 
100 

Carbon 

deposition 

rate* 


Hj 

CO 

CO 2 





11.2 

2.2 

2.2 

0.20 

1.7 

0.24 

A 

9.6 

1.8 

1.9 

0.19 

1.9 

0.53 


8.3 

1.7 

1.8 

0.20 

2.5 

0.86 


7.8 

1.8 

0.7 

0.23 

2.9 

1.3 


7.2 

1.4 

1.5 

0.19 

2.7 

1.4 


7.5 

2.3 

3.9 

0.31 

4.1 

1.9 


6.6 

1.8 

1.0 

0.27 

4.1 

3.6 


6.9 

2.7 

6.8 

0.39 

5.7 

3.6 


6.3 

2.5 

2.7 

0.40 

6.3 

4.3 


5.5 

1.6 

1.2 

0.29 

5.3 

4.8 


32 

6.4 

6.4 

0.20 

0.6 

1.2 

B 

24 

5.1 

4.6 

0.21 

0.9 

1.4 


16.4 

4.0 

4.1 

0.24 

1.5 

1.6 


17.0 

3.6 

1.3 

0.21 

1.2 

1.9 


15.6 

3.4 

3.7 

0.22 

1.4 

2.5 


12.5 

2.6 

2.5 

0.21 

1.7 

2.5 


13.4 

2.7 

1.1 

0.20 

1.5 

3.0 


9.2 

1.6 

0.6 

0.17 

1.9 

3.4 


11.5 

2.8 

3.4 

0.24 

2.1 

3.4 


8.6 

1.8 

0.7 

0.21 

2.4 

3.4 


8.5 

1.7 

1.5 

0.20 

2.4 

4.5 


8.1 

1.8 

1.7 

0.22 

2.7 

5.0 


8.8 

2.3 

1.6 

0.26 

3.0 

5.0 


a g C per lOOg Fe per unit time 


A very significant feature of the carbon deposition factor Pco/P^h 2 is that if 
the production capacity of a HTFT reactor is increased by raising the operating 
pressure (and simultaneously increasing the feed flow to keep the same linear 
gas velocity) the rate of carbon deposition actually decreases despite the higher 
hydrocarbon production rate. This is shown in Table 6. The FT production rate, 
at a fixed reactor pressure, can also be increased by increasing the fresh gas feed 
flow and appropriately decreasing the recycle flow. Again it will be found that 
the rate of carbon deposition decreases as the FT production increases (see Table 
7). If elemental carbon were to be considered as part of the FT product 
selectivity spectrum then as the overall production increased it would be 
expected that the carbon formed would also increase, but as found this is not the 
case. Another advantage of operating at higher pressures is that lower ratio 
H 2 /CO fresh feed synthesis gas can be fed without the formation of excessive 
carbon deposition. Thus it becomes easier to maintain higher average particle 
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densities which compensates for the negative effect of higher gas density on the 
maximum allowable gas velocity in the fluidized bed reactor. 

Table 6 


The influence of pressure on carbon deposition f21 


Set 

Total 

pressure bar 
abs. 

Total feed 


CO + CO 2 
converted 
mol hr'* 

Carbon^ 

deposition 

rate 



Pco/P^H2 X 
100 

H 2 /CO ratio 




9.4 

7.7 

4.3 

49 

5.9 

A 

12.9 

3.7 

5.2 

68 

3.3 


14.6 

3.3 

5.3 

80 

2.1 


18.1 

2.3 

5.8 

94 

1.6 


21.5 

1.7 

5.9 

120 

1.1 


20.8 

2.3 

5.0 

106 

4.5 

B 

30.8 

1.7 

4.8 

157 

2.5 


60.8 

0.9 

4.7 

320 

1.4 


75.8 

0.6 

5.0 

377 

1.2 


a g C per lOOg Fe per unit time 


Table 7 


The influence of recycle/fresh feed ratio on carbon deposition [2] 


Recycle/fresh 
feed ratio 

Entrance 
partial 
pressures 
bar abs.. 


Pco/P^H2 X 
100 

Total feed 

H 2 /CO 

ratio 

CO + CO 2 
converted/ 
mol hr’ 

Carbon“ 

deposition 

rate 


H 2 

CO 





1.2 

10.7 

1.7 

1.5 

6.3 

117 

0.4 

2.0 

7,9 

1.4 

2.2 

5.6 

103 

1.1 

3.0 

5.9 

1.0 

2.9 

5.9 

78 

1.4 

4.0 

4.8 

0.8 

3.5 

6.0 

63 

2.8 


a gC per 100 g Fe per unit time 


2.1.3 Alternative iron based catalysts 

Instead of using a fusion process iron oxides can be sintered together with 
the desired promoters at temperatures typically ranging from about 400 to 
800°C. The actual temperature used will largely depend on the required strength 
of the catalyst particles. In general these catalysts’ FT performances are similar 
to their fused counterparts [5]. As fusion can be considered as the extreme case 
of sintering the above finding should not be surprising. 

Instead of fusing or sintering, the iron oxide powders can be bound 
together by suitable compounds such as aluminium nitrate, alkali borates or 
silicates (waterglass). It has been reported that these preparations are less 
effective than those prepared by fusion or sintering [5]. One possible reason for 
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this is that the binder compounds chemically react with the key K 2 O promoter to 
form less basic, and hence less effective, compounds. 

A common method of preparing metal catalysts is to impregnate the 
catalyst precursor onto a high area support such as alumina or silica. This, for 
instance, is the way currently used for the preparation of commercial cobalt 
catalysts. In the case of iron the amount and basicity of the alkali promoter is a 
vital factor in determining the FT performance of the catalyst. The alkali is also 
added to the support by impregnation and so the bulk of the alkali could be 
distributed on the high area support and in many cases would also preferably 
chemically interact with the support. The overall result is that the effectiveness 
of the alkali promoter with respect to the iron component could be markedly 
lowered. The activities as well as the wax selectivity, of impregnated catalysts 
are inferior to those prepared by precipitation methods. The use of chemically 
inert supports like wide pore charcoals could possibly be better choices. The 
type of iron salt used for impregnation is also important. It has been found that 
using the sulphates or chlorides results in inferior catalysts compared to using 
the nitrates. Catalysts prepared by thermal decomposition of iron nitrate are less 
active than those prepared by precipitation [5]. 

2.1.4 Phase changes of iron catalysts during FT synthesis 

The ease of reducibility of the oxides increases in the order Fe, Co, Ni and 
Ru. The ease of re-oxidation of the metals in a H 2 O/H 2 atmosphere can therefore 
be expected to decrease in the same order. By analogy bulk Fe metal oxidises 
slowly in air at ambient temperatures while the other three do not, Ru after all is 
a noble metal. In keeping with this it is found that under typical FT conditions 
Ru is not oxidised and neither is Co, as long as the Co crystals are larger than 
about 5 nm [92]. For iron based catalysts, however, some iron oxide, as 
magnetite, is always found to be present in catalysts which have been operating 
for some time. The situation regarding the formation of carbides during FT 
synthesis is similar. If Co metal is treated with only CO, cobalt carbide is 
formed but when hydrogen is also present, as is the case for the FT synthesis, no 
carbides are formed. For iron catalysts carbides are always formed and they 
remain present during the entire length of the FT run. In pure hydrogen, i.e. in 
the absence of CO, the carbides of both Co and Fe are rapidly reduced to the 
metals. Overall thus the stability of carbides under normal FT conditions 
depends on the relative rates of the carbiding and reducing reactions. 
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Figure 11 The change in composition of iron catalysts during FT reaction. The phases are 
those which are present according to X-ray diffraction analysis. At time zero the 
catalyst is 100 % metallic Fe. The units are undefined since the rates of phase 
changes depend on alkali content. The figure is only intended to illustrate the 
trends. 

Fig. 11 illustrates the phase changes that occur with time on stream for a 
fully reduced iron catalyst loaded into a commercial scale HTFT fluidized bed 
reactor operating at about 330°C and at about 22 bar [2]. During the 
‘conditioning’ stage when the hydrogen is being replaced by synthesis gas (see 
section 2.1.2B) the Fe metal is rapidly converted to a mixture of carbides. In the 
early stages of full FT operating conditions a significant portion of the Fe is 
rapidly oxidised to magnetite after which the rate of further oxidation decreases. 
The initial carbide formed was designated as ‘speudo cementite’ (ps FeaC). Its 
XRD pattern is somewhat similar to that of cementite (FcsC). This carbide phase 
is unstable and is converted to Hagg carbide (Fe 5 C 2 ) within a day. At a later 
stage some Eckstrom-Adcock carbide (FcyCa) is slowly formed. The overall 
effect is that with time on stream the carbides become richer in carbon content. 
(It should be noted that carbides are intersticial compounds.) It was found that in 
the 5 cm ID pilot plant reactors, operating under similar conditions to that of the 
commercial units, no FeyCy carbide was formed. At operating pressures above 
60 bar, however, this carbide was also formed in the pilot plant runs. 
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Iron carbides are much more resistant to oxidation than metallic iron. This 
has been demonstrated in the laboratory by passing a mixture of hydrogen and 
water vapour at a fixed ratio over a fully carbided catalyst and also, separately, 
over a fully reduced iron catalyst. The latter immediately started to oxidise to 
magnetite while in the case of the carbide sample the oxidation commenced only 
after a significant delay. In another experiment two pilot plant reactors were 
operated in tandem, both charged with the same catalyst which had been 
previously used in FT runs [2]. The first reactor was operated at the normal high 
conversion level and the total effluent was fed to the second reactor. The phase 
composition of the catalyst in the second reactor did not appear to change. 
Feeding this same gas to a reduced iron catalyst would result in rapid oxidation. 

The catalyst used in the FT fluidized bed units have a particle size 
distribution ranging from below 10 to above 100 micron. Analysis of the various 
particle size fractions showed that the smaller particles only consisted of carbide 
and that the oxide content increased with increasing particle size. An 
explanation of this observation could be as follows. As the synthesis gas diffuses 
into the porous catalyst particles the FT reaction occurs, consuming hydrogen 
and carbon monoxide (both reducing gases) and producing water vapour (an 
oxidant). Thus the deeper the penetration into the particle the more oxidising the 
gas mixture becomes. It thus follows that the cores of the larger particles would 
be oxidised while those of the smaller particles would not be oxidised. 
Microscopic investigation of polished sections of used FT catalysts confirmed 
the above [21]. The question then arises whether there is any point in reducing 
the HTFT catalyst fully when the cores of the larger particles will in any event 
re-oxidise during the FT reaction. Pilot plant tests at Sasol indeed showed that 
reduction beyond a certain level did in fact not result in any further increase in 
FT activity. This was in line with previous studies which showed that reduction 
of 6 to 8 mesh fused magnetite particles beyond about 25% did not improve the 
catalyst’s performance in fixed bed reactors [22]. It should be noted that 
reduction of fused catalyst particles proceeds from the outside towards the 
centre, i.e. the shrinking core model applies. Hence it follows that at a certain 
overall degree of reduction the smaller particles will be fully reduced while the 
cores of the larger particles will still be unreduced. 

Early studies showed that K 2 O promotion of iron catalysts increased the 
rate of carbide formation [23]. This is in keeping with the effect of alkali 
promotion on the rate of carbon deposition (see Section 2.1.2C). Studies carried 
out in the Sasol pilot plant fluidized bed units found that the higher the amount 
of K 2 O promoter the higher was the carbide level in the catalyst at the end of the 
FT run [2]. The ability of the alkali to keep the iron in the active carbide state is 
obviously an important aspect of alkali promotion. Anderson [5] reported that 
pre-nitriding iron catalysts made them more resistant to oxidation than carbided 
catalysts. 
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2.2 Cobalt based catalysts for LTFT operation 

2.2.1 Preparation of cobalt catalysts 

The catalysts used in the original German FT plants were prepared by co¬ 
precipitating the nitrates of cobalt and thorium (or zirconium or magnesium) 
with a basic solution in the presence of kieselguhr to yield an intimate mixture 
of the oxides supported on the kieselguhr. A typical mass ratio of the 
components was 100 Co/18 ThO2/100 kieselguhr [5]. It was found that the 
addition of copper (up to about 2%) enhanced the rate of reduction which meant 
that the temperature required to reduce the cobalt could be lowered [24], 
Unfortunately, however, it was found that the presence of copper increased the 
rate of activity decline [25] and so copper promotion was not applied. 

Because of the high cost of cobalt it is important to minimise the cobalt 
content and at the same time have a high cobalt metal surface area. This is 
achieved by supporting the cobalt on stable oxides having the required surface 
areas and pore size distributions. A common technique is incipient wetness 
impregnation of the support with a cobalt salt solution of the appropriate 
concentration, drying, calcining to decompose the nitrate to the oxide and finally 
reduction with hydrogen. In order to obtain a high cobalt metal area, i.e. a high 
dispersion, each of these preparation steps needs to be optimised. 

Using titania as a support Baems [26] has studied various ways of adding 
the cobalt and also using different cobalt salts. The catalysts were tested at 2.0 
MPa and 200°C and it was found that the catalysts prepared from cobalt oxalate 
by "spreading" (heating the mechanically mixed components to 250°C) yielded 
the most active catalyst. Incipient wetness impregnation with cobalt (III) acetyl 
acetonate produced a more active catalyst than the commonly used nitrate. 

The effect of using different Co precursors for catalyst preparation by 
incipient wetness impregnation of alumina was investigated by van de 
Loosdrecht et al [27]. When loading only about 2.5% Co and using cobalt 
EDTA or ammonium cobalt citrate as precursors, very small Co oxide particles 
were formed. On thermal treatment under reducing conditions these small 
particles reacted with the alumina support to form the aluminates which were 
inactive for the FT reaction. The catalysts prepared from Co nitrate formed 
larger oxide particles. This catalyst did reduce and the resulting catalyst was 
active for the FT reaction. When the Co loading was increased to 5% using the 
citrate salt the oxide particles were larger and they were reducible. FT synthesis 
was carried out at 250°C and at atmospheric pressure, both factors which would 
account for the high methane selectivities obtained, namely 36 to 64%. 

Niemela et al compared the use of Co nitrate and two Co carbonyls as 
precursors for the preparation of Co/silica catalysts. The dispersion of Co metal 
on the reduced catalysts decreased in the order Co 2 (CO )8 > Co 4 (CO)i 2 » Co 
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nitrate and consequently the carbonyl derived catalysts had a higher initial FT 
activity [28]. They also report that the FT activity of the Co/silica catalyst 
reduced at 450 °C was markedly lower than when reduced at 400°C [29], In 
contradiction to this Moon [30] reported that the FT activity increased with 
increasing reduction temperature in the range 325 to 525°C. 

At the University of Cape Town the use of silica and of alumina as 
supports for Co catalysts was investigated [31], The preparation procedures 
were all similar, hydrogen reductions were carried out at 360° C for 14 hours 
and the FT reaction runs at 220°C, 15 bar with 2/1 H 2 /CO syngas. TPR studies 
showed that after the above standard reduction the Co/silica catalyst contained 
little or no unreduced cobalt whereas the Co/alumina catalyst was only about 
35% reduced (the balance of the Co being present as some form of “Co- 
aluminate”). Despite this the FT activity of the Co/alumina catalyst was 
significantly higher than the Co/silica catalyst. TEM and chemisorption studies 
of the reduced catalyst showed that the Co/silica catalyst contained smaller Co 
metal crystals. Under FT conditions the small Co crystals are apparently 
oxidised (see Section 3.3) and this could possibly account for the lower activity 
of the Co/silica catalyst in the above study. As could be expected, as the Co 
loading was increased the metallic area per gram of catalyst increased and 
consequently the FT activity increased but the metallic area per gram of Co 
decreased. Multiple-step impregnation of the carrier to a certain Co content gave 
similar results to a one-step impregnation. Silinisation of the surface of the 
alumina support had little effect on the FT activity but pre-treating the alumina 
with a KOH solution resulted in a very inactive catalyst. The use of different Co 
salts was also investigated using alumina as support. The acetate yielded smaller 
crystals than the nitrate and the initial FT activity was higher but it declined 
faster than the nitrate case. The acetyl acetonate case yielded a poor catalyst 
apparently due to pore blockage by undecomposed acetyl acetonate deposits. 

Shell's commercial multi-tubular fixed bed FT plant at Bintuli uses a cobalt 
based catalyst and both Exxon and Sasol have successfully operated 
demonstration scale slurry phase FT units with cobalt catalysts. Several other 
companies are now actively pursuing this approach (e.g. Syntroleum, 
IFP/ENI/Agip, Conoco and Statoil). The method of preparation of these 
catalysts has not been revealed but the patents taken out by various companies 
should give some indication of the catalysts being developed. Recently Goodwin 
[32] has comprehensively reviewed many patents including those of Exxon, 
Shell, Statoil and Gulf and the reader is referred to this publication and the 
references therein. Besides being supported on a high area stable oxide, the 
cobalt catalysts usually also contained another metal or oxide promoter. 

Exxon has apparently concentrated on using Ti02 (rutile) as the support. 
Due to the relatively low area of rutile, about 15 m^/g, the cobalt loading was 
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limited to about 12 mass%. The addition of low levels of Ru was found to 
enhance both the initial reduction and the in-situ regeneration of the cobalt 
catalyst [33], The patents assigned to Gulf [34, 35] apparently stimulated 
research on the promotion of cobalt catalysts by several metals, particularly Ru. 
The Gulf patents were eventually assigned to Shell. Researchers at Exxon 
thoroughly investigated and discussed the influence of low level Ru promotion 
of Co on supports such as Ti 02 and Si 02 [33]. In agreement with the above 
patents it was found that at Ru/Co atomic ratios of about 0.008 the overall 
activity as well as the selectivity increased relative to un-promoted Co. Thus 
for Co/Ti 02 operating at 200°C and 20 bar promotion by Ru increased the site¬ 
time yield from about 18xl0^/s to about 56xl0^/s and the Cs^ selectivity 
increased from 85 to 91% with the CR* selectivity decreasing from 7 to 5%. The 
key role of Ru appears to be its enhancement of the reduction of bulk and 
surface oxides and of hydrocarbon contaminants leading to a higher active site 
density. This results in higher activity and also in higher long-chain hydrocarbon 
selectivity because FT chain growth involves ‘polymerization’ of neighbouring 
‘CH 2 ’ surface intermediates. To maximise the positive effect of Ru intimate 
contact with Co is required and this is achieved by calcining in air at about 300 
°C prior to H 2 reduction. A spinel (C 02 Ru O 4 ) is apparently formed which is 
isostructural with C 03 O 4 . A further advantage of Ru promotion was that 
deactivated catalysts could be regenerated by treatment with hydrogen at normal 
FT synthesis temperatures whereas un-promoted Co catalysts could not be 
regenerated in this manner. It was previously reported that, for both Co and Ru 
on Si 02 , AI 2 O 3 or Ti 02 supports, the overall FT activities were proportional to 
the metal dispersion but the rates per metal site were independent of metal 
dispersion or of support material [36]. 

Shell appears to have concentrated on Si 02 as a support with a noble metal 
promoter and Zr, or Ti or Cr oxide included (see section 3.4). Both impregnation 
and kneading methods were used in the preparations. 

In the Statoil patents alumina was used as the support. Promoters tested 
included rhenium and rare earth oxides. Hilmen et al [37] reported that Re 
promotes Co reduction whether co-impregnated with Co on AI 2 O 3 or whether 
Re/Al 203 is intimately mixed with C 0 /AI 2 O 3 . It is postulated that hydrogen 
spillover from Re is responsible. However, the same group found that when 
water vapour was added to the syngas feed the 21% Co 1% Re/Al 203 catalysts 
deactivated more rapidly than the un-promoted catalyst. The tests were carried 
out at 210 to 220°C and 8 to 13 bar [38]. Since H 2 O is the main by-product in 
FT these results suggest that Re would not be a satisfactory promoter. These 
authors also showed that in the presence of H 2 O and H 2 mixtures no bulk 
oxidation of Co occurs but there was significant oxidation of the surface [39]. 
This study supports the findings of Exxon that a promoter such as Ru which 
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helps keep the surface ‘clean’ is required. The Trondheim group reported that Pt 
promotion of Co on AI 2 O 3 or SiOa enhanced reducibility and increased the FT 
activity about four fold (at 210°C, 1 bar, H 2 /CO = 7) but the selectivity was not 
influenced [40], By the use of SSITKA they deduced that the true turnover 
numbers were the same for the promoted and for the un-promoted catalysts and 
that the apparent higher turnover number for the Pt promoted catalyst was due to 
a higher surface coverage of reactive intermediates. Noronka et al [41] report 
that Pt, Pd and Rh promotion of Co/Nb 205 catalysts promoted surface reduction 
of the cobalt as well as the FT activity at 260°C and 1 bar. Only Rh increased 
the selectivity. At a Rh:Co ratio of 9:91 the Cs" selectivity was 62% as 
against 49% for Co only. This high level of Rh promotion, however, would 
obviously be very costly. 

Bianchi et al [42] studied the effect of Ru on Co ion exchanged titanium 
silicate. The Ru/Co ratios were about 0.015 and 0.03. H 2 reduction at 350°C was 
enhanced by Ru but the FT tests at 275‘’C and 5 bar resulted in an increase in 
CH4 selectivity from about 50 for Co to above 75% for Ru/Co. Goodwin et al 
[43] also reported that for Ru/Co/AI 2 O 3 (Ru/Co atom ratio about 0.01) the Ru 
facilitated the H 2 reduction of the cobalt oxide at 350°C. FT tests at 220'’C and 1 
bar showed that Ru increased activity threefold but not the selectivity (CFU 
selectivities were all at about 30%). 

Ruthenium is not unique as other metal promoters have apparently been 
shown to have similar effects on reducibility and activity. Eri et al [44] found 
that 1% Re addition to a 30% Co on AI 2 O 3 catalyst increased the activity about 
2.7 fold without significantly altering the selectivity. The CH4 selectivities were 
about 11%. The promotional effect of Re on Co supported on Ti 02 or on Si 02 
was much less marked. Tests were carried out at 1 bar and 185 to 205°C. 

The promotion of a Co/silica catalyst with La markedly decreased the FT 
methane selectivity [45] and also enhanced the reducibility of the Co [46]. 

Promotion with Zr increased the FT activity of the Co/silica catalyst but 
did not affect the hydrogen reduction rate of the Co [47]. Khodakov el al [48] 
studied the reducibility of Co/silica using in situ XRD, EXAFS and FTIR 
spectroscopy. They concluded that after reduction at 450°C that the catalyst 
contained metallic Co, Co^^ ions (as CoO) and a Co ionic species in an 
amorphous phase. They confirmed that the ease of reduction decreased with 
decreasing Co oxide crystal size. In apparent contraction to the above, but in 
agreement with the work of Chirinos [31], Lapidus et al [49, 50, 51] reported 
that on silica there was little chemical surface interaction of the Co with the 
support while for alumina there was more extensive interaction. This resulted in 
a higher degree of reduction of the former catalyst. Calcination in air resulted in 
a decrease in reducibility. 
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Goodwin and co-workers [32] prepared and tested a series of cobalt 
catalysts supported on Ti 02 , Si 02 and AI 2 O 3 and variously promoted with Ru, 
Re metals and or La, Zr oxides. From the FT tests they concluded that overall 
the AI 2 O 3 supported Ru promoted catalyst had the best performance while the 
Ti 02 catalysts, due to their lower surface areas had the poorest performance. Ru 
or Re increased the activity of the A 1203 or Ti 02 supported cobalt and Zr 02 did 
the same for the Co/Si 02 catalysts. TPR studies also showed that Ru promotion 
of a Co/alumina catalyst lowered the reduction temperature by about 100°C and 
complete reduction was attained at 350°C as against only about 60% for the un¬ 
promoted catalyst [52, 53]. It was found that for the Ru/Co/alumina catalyst the 
overall activity decreased markedly when, prior to the hydrogen reduction, the 
calcination temperature was increased from 300 to 400°C. However, irrespective 
of the calcination or of the reduction temperature in the above temperature 
range, the intrinsic activity was the same [53]. Neither the calcination nor the 
reduction temperature had any clear influence on the FT selectivity spectrum. 

Bartholomew et al [54, 55] compared the FT activity and selectivity of 
unsupported Co and Co supported on alumina, silica, titania, carbon and 
magnesium. The tests were carried out at one atmosphere and at low conversion 
levels, i.e. far removed from practical FT synthesis conditions. The order of 
decreasing FT activity for catalysts containing 3% Co at 225°C was Co/titania, 
Co/silica, Co/alumina, Co/carbon and Co/magnesia. This order is quite different 
from that found by others under more realistic FT conditions [31, 32] and with 
catalysts containing higher Co loadings. A 15% Co/alumina catalyst is about 20 
times more active than a 3% case and the gasoline selectivity is about 7 times 
higher which again emphasises the need to compare catalysts at realistic process 
conditions and conversion levels. Bartholomew [56] also studied the FT 
activities and selectivities of Co/alumina catalysts as a function of catalyst 
preparation method, Co loading and reduction temperature and significant 
effects were observed. 

Sasol uses alumina as the support for their slurry bed FT catalyst [57, 58, 
59]. The aqueous slurry phase impregnation using cobalt nitrate is their 
preferred technique for cobalt loading. The commonly used technique is 
incipient wetness, e.g. a volume of an aqueous solution of cobalt nitrate equal to 
the total pore volume of the catalyst support is added to the support and the 
impregnated sample is then dried. In the aqueous slurry phase impregnation an 
amount of the metal nitrate solution in excess of the pore volume of the support 
is added and the slurry is then dried under sub-atmospheric pressure using a set 
procedure. It was found that this procedure produced a catalyst which was about 
twice as active as a catalyst made using the incipient wetness procedure [60]. 
The incipient wetness procedure was found to yield a Co-rich encapsulating 
outer layer whereas the slurry impregnation procedure resulted in a more 
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uniform distribution of the Co throughout the catalyst particles. This presumably 
explains the difference in activities. 


The relative activities of the Sasol catalyst is compared with some other 
patented catalysts below [60, 61]: ___ 


Company and patent number 

R.I.A.F' 

Sasol 

2.1 

Gulf US 4413064(1983) 

1.1 

Exxon WO 99/39825 (1999) 

1.8 

Shell EP 167215 (1986) 

0.7 

IFP GB 2258414(1993) 

1.6 

Statoil US 4801573 (1989) 

4.8 


Relative intrinsic activity factor is a dimensionless parameter which is a 
measure of the activity per unit mass of catalyst taking into consideration all the 
synthesis conditions such as temperature, pressure etc [62,63]. 


The R.I.A.F. of the Sasol catalyst is three fold higher than the catalyst used 
by Krishna et al in their reactor modelling study [64, 65]. 

Sasol found that during the slurry impregnation procedure some of the 
alumina is dissolved and re-precipitated. This results in an inferior bonding of 
the cobalt with the support which leads to some physical loss of cobalt- 
containing fines during the FT process which not only results in contamination 
of the wax product but also increases the rate of activity decline. This problem 
was solved by pre-coating the support with silica, by impregnating tetra ethoxy 
silicate dissolved in ethanol (TEOS), drying under vacuum and calcining in air 
at 500°C [59, 66]. (When the incipient wetness procedure was used in the 
preparation of the catalyst the rate loss of Co from the reactor was much higher.) 

In research carried out at Sasol [57] many differently promoted and 
prepared cobalt catalysts were tested at 18 bar and about 220°C in both fixed 
and slurry bed units. In general it was found that the wax selectivity was 
dependent on both the activity and on the average pore size of the catalyst. The 
higher the activity the lower was the wax selectivity. The wax selectivity 
increased as the average pore size increased and for one series of catalysts it 
levelled out at pore sizes above 14 nm. It was reported that the Ru promoted 
catalysts (Ru/Co atom ratios 0.008 and 0.005) were not superior in performance 
to cobalt catalysts promoted with very low levels of Pt (Pt/Co atom ratio 
0.0005). The Re promoted catalysts (Re/Co atom ratio 0.03) was inferior to the 
Pt or Ru promoted catalysts. Unfortunately this particular series of tests did not 
include a precious metal-free cobalt catalyst for comparison. The main claim of 
the patent was that drying impregnated catalysts under vacuum resulted in 
higher conversion activity. 

It has been reported that several different oxides also affect reducibility, 
activity and selectivity. Lanthanum promotion of Co/Si02 (La/Co ratio of 0.75) 
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enhanced cobalt oxide reducibility and increased FT activity (at 220°C and 1 bar 
pressure) about two fold and lowered the CH 4 selectivity from about 32 to 17%. 
This was attributed to an increase in the concentration of active Co metal sites 
[67], In apparent contradiction Ernst et al [ 68 ] report that promotion with La or 
Ce showed no clear effect on activity but resulted in a marked increase in CH4 
selectivity. The catalysts all contained 25% cobalt with the Si content decreasing 
as the La (or Ce) content was increased from 5 to 38%. FT tests were carried out 
at 20 bar and 220°C. Zirconium appeared not to promote reduction but it did 
increase FT activity at 220°C and 1.3 bar. On the whole the selectivity was 
adversely affected with the CH4 selectivity increasing from 22 to 28% [69]. 

With the objective of producing light alkenes Das et al [70] studied the 
effect of Mn addition to Co loaded onto silicalite. Mn formed a spinel with Co 
oxide and it decreased the reduction temperature. Mn increased the FT activity 
at 21 bar and 250°C but, strangely, not at 275°C. For practical purposes the CH4 
selectivities at about 20 % are too high and the olefinity of the C 2 to C 4 products 
are inferior to those achieved by standard high temperature iron catalysts [ 2 ]. 
The effect of Mn promotion on 11% Co supported on Zr 02 coated Si 02 was 
studied by Zhang et al [71]. Tests were carried out at 20 bar and 200°C and it 
was found that 1. 6 % Mn lowered the CEL selectivity to 9% (from 14% with zero 
Mn) but higher levels of Mn increased the CH 4 selectivity (to 28% at 4% Mn). 

Adesina [72] found that molybdenum improved the olefinity and decreased 
the CH 4 selectivity of a Co/K/Si 02 catalyst at 280°C and 1 bar. At this high 
temperature, however, the CH 4 selectivities were unacceptably high at about 70 
mole percent. The effect of Mo needs to be investigated at lower temperatures. 
An IFF patent [73] describes the preparation of a series of cobalt catalysts 
supported on Si 02 and promoted with two other metals, mostly Mo and K. The 
catalysts were tested at 20 bar, 200 to 220°C with a syngas having a H 2 /CO ratio 
of 2. The most active catalyst contained about 30% Co, 2% Mo and 0.6% K. 
The Cj^ selectivities were mostly between 85 and 90%. From the data it is not 
clear whether the third promoter (K, Na, Cu or V) was in fact required at all, and 
even the need for Mo appears to be questionable. 

Note that several of the FT studies carried out in various laboratories were 
carried out at low pressures. Since the heavy hydrocarbon selectivity increases 
markedly from 1 to about 20 bar (see Chapter 3, Section 9.3.2) it remains an 
open question whether the selectivity improvements ascribed to the promoters 
would still be significant at the higher practical pressures. 

Cobalt catalysts are normally pre-reduced separately with hydrogen before 
being loaded into the FT reactors. In the case of slurry bed reactors the FT wax 
which is used as the liquid medium could be hydrocracked if the reduction were 
carried out at high temperatures in the FT reactors. Hydrogen reduction is 
carried out in the range 250 to 400°C, preferably at low pressures and high 
linear gas velocities to minimize the vapour pressure of the product water which 
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enhances sintering of the reduced metal. TPR studies show that reduction of 
C 03 O 4 starts at about 230°C. It has been claimed that the activity of a cobalt 
catalyst could be increased by reduction in hydrogen, then re-oxidising the 
catalyst followed by re-reduction in hydrogen [74]. In another patent it was 
claimed that hydrogen reduction in the presence of hydrocarbon liquids 
enhanced the initial FT performance of the catalyst [75]. Alternatively it was 
claimed that the selectivity of the heavier FT products were increased if the 
catalyst was first oxidised and then reduced with carbon monoxide [76]. In 
contradiction to this, work at Air Products showed that reduction in hydrogen 
produced a more active catalyst with a higher liquid fuel selectivity than a 
catalyst reduced with syngas having a H 2 /CO ratio of 1.0 [77, 78, 79]. 

Bessell [80] compared the FT performance of Co supported on kieselguhr, 
silica, alumina, bentonite, Y-zeolite, mordenite and on ZSM-5. The alumina, Y- 
zeolite and mordinite supported catalysts did not undergo complete reduction. 
At normal FT conditions, 240°C and 20 bar, all the catalysts produced the 
normal carbon number FT product distribution. Whereas the low acidity 
supports such as silica and alumina produced linear products, the acidic supports 
produced more branched products, and at higher temperatures produced 
aromatics as well. It is presumed that the isomerisation and aromatisation are 
secondary, acid promoted, reactions of the FT olefins. In other words, this can 
be seen as a combination of the FT and the Mobil olefins to gasoline (MOG) 
process. (Note that with iron based catalysts this approach to gasoline 
production is unlikely to be successful as with iron catalyst alkali promotion is 
essential and the alkali would neutralise the required acid sites on the zeolite 
support.) Bessell also investigated the performance of Co on a series of ZSM 
zeolites, -5, -11, -12 and -34 and found that, as could be expected from diffusion 
rate considerations, the FT activity increased with increasing size of the zeolite 
pores [81]. 

Calleja et al [82] studied the FT performance of Co/HZSM-5 prepared by 
incipient wetness of the zeolite. They found that promotion with thorium, which 
is basic in character, increased the heavy hydrocarbon selectivity but it 
decreased the acidity of the zeolite and so less aromatics were formed. They also 
compared the performance of this catalyst with a physical mixture of a 
‘commercial’ Co FT catalyst and HZSM-5. As expected from the effect of the 
basic thorium they found that for the mixture the amount of aromatics formed 
was somewhat higher but the amount of heavier hydrocarbons formed was 
significantly lower. Stencel et al prepared Co/ZSM-5 by incipient wetness with 
Co nitrate and reported the presence of highly dispersed, ion exchanged, non 
reducible Co ions inside the zeolite pores and large reducible Co oxide particles 
on the outside of the zeolite crystals [83]. 
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2.3 Metal catalysts other than cobalt or iron 

Ruthenium is a very active FT catalyst as evidenced by the fact that at low 
temperatures it is much more active than Ni, Co or Fe. It also is very versatile in 
that at high temperatures it is an active methanation catalyst (i.e. the only 
product is methane), whereas at low temperatures it produces large amounts of 
waxes in the low polyethylene range [84. 85], The activity as well as the wax 
selectivity increases as the pressure is increased [85], The waxes are free of 
oxygenated products and are essentially paraffinic. At low conversion levels, 
however, the lighter products do contain both olefins and oxygenates [2]. As 
mentioned previously the high price and the low availability of Ru make its 
commercial application in large FT plants very unlikely. 

Of the other Group VIII noble metals only Rh and Os have some moderate 
FT activity [84]. The FT products of Rh contain relatively large fractions of 
oxygenated molecules. The US Bureau of Mines investigated Mo as an FT 
catalyst, the concept being that synthesis gas containing sulphur compounds 
could then be used, i.e. purification of the gas would not be required [86]. Even 
though the Mo catalyst was active in the presence of H 2 S it was nevertheless 
more active in its absence, but still much less active than iron catalysts. Studies 
at Sasol found that to achieve reasonable conversions the reaction temperature 
required was about 400°C and then the methane selectivity was about 90%. 
Promotion with alkali lowered it to only about 50% [2]. A Cr based catalyst was 
also investigated but its activity was even lower than that of the Mo catalyst. 
Due to present day very strict environmental regulations any sulphur compounds 
in the fuels, as would inevitably be the case if sulphur-containing synthesis gas 
were to be converted over Mo catalysts, would in any event still have to be 
removed in downstream units. This does diminish the incentive to develop S- 
resistant FT catalysts. 

3. CATALYST DEACTIVATION DURING FT SYNTHESIS 

The factors involved in lowered activity, and in the decline of FT activity with 
time on-stream are the following: 

• The presence of high molecular mass waxes and or aromatic coke 
precursors in the catalyst pores, resulting in diffusion restrictions. 

• Fouling of the catalyst surface by coke deposits. 

• Poisons in the feed gas such as H 2 S and organic sulphur compounds. 

• Hydrothermal sintering. 

• Oxidation of the active metaFcarbide to the inactive oxide. 

• Boudouard carbon deposition. 
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High molecular mass hydrocarbon products are present as liquids in the 
pores of all normal FT catalysts under typical operating conditions, even for the 
high temperature operation with Fe catalysts (see Section 2.1.2). These 
compounds lower the FT conversion by lowering the rates of diffusion in and 
out of the catalyst particles but should only cause activity decline with time on 
stream if there is a continuous build-up of these products in the catalyst pores. 
When large amounts of waxes are produced as in the case of Fe or Co catalysts 
operating at the lower temperatures little or no build-up in the pores is expected 
as there should be a continuous flow of liquid out of the catalyst pores. At higher 
temperatures, where the bulk of the products exit the catalyst pores in the gas 
phase, build-up of the heavy products, e.g. coke precursors, could occur. In the 
low temperature wax producing operations no aromatics, and hence no coke 
precursors and coke deposits are formed. 

All catalysts, at all FT operating conditions, will be poisoned by sulphur 
compoxuids present in the synthesis gas fed to the reactors. Similarly 
hydrothermal sintering and oxidation of the small crystallites of the 
metals/carbides will, even if only very slowly, occur with time on stream. 
Elemental carbon deposition will only occur at high temperatures (see Section 
2.1.2C). 

3.1 Poisoning by sulphur and other compounds 

It was established long ago that sulphur compounds in the synthesis gas 
resulted in rapid activity decline of Ni, Co and Fe catalysts. Fischer [87] 
recommended that the sulphur content be kept below 2 mg m’^ but for present 
day commercial operation this level is unacceptable. Table 8 illustrates the effect 
of various sulphur levels on the performance of a fluidized iron catalyst. In a 
fixed bed Fe catalyst the conversion was noticeably steadier when the S content 
was lowered from 0.2 to 0.02 mg m'^ [2]. The Lurgi Rectisol purification 
process used at Sasol lowers the S content to about 0.03 mg m'^ but even at this 
level sulphur poisoning occurs (see Section 3.2.1). 

The extent of sulphur poisoning also depends on the type of commercial 
FT reactor used. For fluidized bed reactors all of the catalyst would be poisoned 
whereas for a top fed fixed bed reactor the bulk of the S would be absorbed by 
the upper sections of the bed leaving the lower sections relatively unscathed (see 
section 3.2.1). The relative effectiveness of C 2 H 5 SH and H 2 S as poisons of iron 
catalysts in fixed bed reactors was investigated [2]. It was found that the organic 
sulphur resulted in a higher rate of activity decline than the inorganic sulphur. 
This appears to indicate that at about 230°C hydrogen sulphide reacts with iron 
more readily than ethyl hydrosulphide. The former would thus be more 
completely absorbed in the upper layers of the catalyst bed whereas the latter 
would penetrate deeper into the bed before reacting and in so doing would 
poison a larger portion of the iron catalyst in the reactor. In the case of short 
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catalyst beds as used in laboratory scale tests the opposite effect would be 
observed, namely that H 2 S is a more powerful poison that C 2 H 5 SH. 


Table 8 

Influence of the sulfur content of synthesis gas on the rate of activity decline for fluidised iron 
catalyst at about 320°C 12] __ 


Sulfur content of synthesis gas (mgS 

Drop in the % conversion per day 

0.1 

Very low 

0.4 

0.25 

2.8 

2.0 

28 

33 


It has been found that when an iron catalyst operating in the HTFT 
fluidized mode has been poisoned by sulphur it is difficult to regenerate it. 
Reduction with hydrogen at 450°C did not reactivate the catalyst. Oxidation, 
followed re-fusion and re-reduction were also unsatisfactory unless the 
oxidation process was very thorough so as to bum off all the sulphur. This has 
also been observed in previous investigations [5]. In fixed bed reactors it was 
found that hydrogen re-reduction at 375°C adversely affected the catalyst and 
this was ascribed to redistribution of the sulphur over the entire bed depth [5]. 
Chemisorption studies showed that the amount of CO chemisorbed on an alkali 
promoted reduced fused iron catalyst decreased linearly with the amount of H 2 S 
pre-adsorbed on the catalyst [2]. This indicated that alkali did not act as a 
sulphur getter as had been previously proposed, i.e. the S did not combine with 
the alkali in preference to adsorbing on the iron surface. 

The strongly basic alkalis promote both the activity and selectivity of iron 
catalysts by increasing the strength of CO chemisorption. The bases act as 
electron donors to the Fe surface (see Chapter 3, Section 9.2.2). Based on this 
concept it could be expected that highly electronegative elements, which will act 
as electron acceptors, would deactivate the catalyst. This has indeed been found 
to be the case for O, S, Cl and Br (but not for F). 

3.2 Deactivation of Iron FT catalysts 

The contribution of the different deactivating factors depend markedly on 
the temperature at which the FT synthesis is carried out and so the low (220 to 
240°C) and high (320 to 350°C) operations will be dealt with separately. 

3.2.1 Low temperature FT (LTFT) operation 

The low temperature fixed bed process is geared at the production of wax 
and under normal running conditions the wax is in the liquid phase and so the 
reactor operates as a trickle bed. Periodic in situ washing of the catalyst with a 
suitable solvent immediately results in a big increase in conversion but the effect 



569 


is short lived as the catalyst pores are again filled with the wax produced in the 
FT reaction [2], This suggests that diffusion restrictions in the wax filled pores 
lower the rate of the reactions. This is confirmed by the observation that the 
conversion is inversely proportional to the catalyst particle size. In the low 
temperature sliury phase reactor the catalyst particles are much smaller and so 
diffusion rates within the catalyst pores are less of a restriction. Fouling by ultra 
high molecular mass waxes is unlikely in systems where liquid wax is being 
produced within the catalyst particles as they would be continuously flushed out. 
The low temperature FT products contain no aromatics. Furthermore, when the 
used catalyst is exhaustively extracted with powerful solvents no aromatic 
materials, i.e. coke precursors, have been found in the extracted material [21]. 

In the fixed bed LTFT reactors the conversion as well as the wax 
selectivity declines with time on-stream. The total surface area of a silica 
supported precipitated catalyst which has been operating for only a short while 
is about 200 m^/g. The XRD pattern of the catalyst is broad and indistinct 
confirming the presence of very small carbide crystallites. The area of the 
catalyst after it has lost about 20% of its original activity is about 50 m^/g and 
the XRD pattern is sharper [2]. (Note that the BET determination gives the total 
area and not the area of the active Fe sites.) Both the changes in BET areas and 
in XRD patterns indicate that crystal growth had occurred over the time of the 
run. In confirmation it was found that if the amount Si02 , which acts as a 
support/spacer, added to the catalyst is lowered, the rate of activity decline is 
faster. When water vapour was deliberately added to the reactor feed gas, 
thereby resulting in a higher water partial pressure throughout the reactor, the 
rate of activity decline was increased. This could have been due to both 
enhanced hydrothermal sintering and to oxidation. All the above observations 
indicate that sintering contributes to loss in activity [2]. Using the kinetic 
calculations presented in section 4.1 it is estimated that if half of the active Fe 
surface sites are lost due to sintering then the overall activity will drop by a 
factor of 0.3. 

In order to obtain more detailed information about the possible causes of 
catalyst deactivation in tubular reactors, tests were carried out in pilot plant 
reactors which were single commercial tube reactors. The nms were carried out 
for different lengths of time and then carefully unloaded to produce about 
twenty samples down the length of the tubes for each test run. Each sample was 
then analysed and the FT activity and wax selectivity determined under fixed 
conditions in laboratory units [21]. The results of the FT tests are illustrated in 
Figs. 12, 13 and 14. As can be seen, for young catalysts there was relatively 
little difference in the intrinsic activity and wax selectivity of the catalyst in the 
different sections of the bed. With time, however, large changes in performance 
took place. 
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Bed Position 

Figure 14 Catalyst pore volume and BET area as a function of bed position 


The activity of the catalyst near the entry of the bed markedly declined 
with time ending up completely inactive (see Fig. 12). The catalyst samples near 
the reactor exit also declined significantly but the catalysts from the middle- 
sections declined the least. The BET areas (after thorough wax extraction) of the 
samples declined progressively from the entry to the exit of the reactor tube. Fig. 
14 illustrates the shifts in area and pore sizes for one of the test runs. X-ray line 
broadening studies confirmed that the average crystallite sizes increased from 
the entry to the exit of the reactor. The percent oxidation of the iron to Fe 304 
also increased in the same direction. Analysis of individual catalyst particles 
showed that the cores of the particles were more oxidised than the outer layers 
[2]. This is in line with expectation. As the synthesis gas diffuses into the porous 
catalyst and FT synthesis occurs on route, H 2 is consumed and H 2 O is produced 
resulting in a more oxidising atmosphere as the gas moves towards the centre of 
the particle. 

Chemical analyses showed a high S content in the very top sections of the 
bed, the S content rapidly decreasing with bed depth. Sulphur poisoning thus 
explains the rapid decline in activity with time on stream of the catalyst at the 
reactor entrance. Previous studies had shown [5] that H 2 S interacted with iron 
catalysts more strongly than organic sulphur compounds. As discussed in 
section 3.1 the consequence of this is that the organic sulphur compounds can 
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penetrate deeper into the catalyst bed before reacting with the iron. From these 
observations it thus appears that sulphur poisoning is the main cause of loss of 
activity of the front sections of the catalyst bed. Note that the BET areas of the 
samples near the reactor entrance were the highest of all the samples in the 
reactor and so clearly sintering was not the main factor causing deactivation of 
the catalyst at the reactor entrance. 

As the FT reaction progresses down the reactor the partial pressure of 
water increases and thus the likelihood of hydrothermal sintering increases. This 
matches the observation of decreasing areas (Fig. 14) and increasing average 
crystal size. In addition to the increasing H 2 O concentrations those of H 2 and CO 
decrease which means that the system becomes more oxidising down the tube as 
was in fact observed from the analysis of the catalyst samples taken. The 
increased sintering and degree of oxidation explain the progressive loss in FT 
activity in the lower sections of the catalyst bed. 

As the temperature and feed gas compositions were fixed for the short 
catalyst bed laboratory FT tests carried out on the above catalyst samples it was 
assumed that the observed increases in wax selectivity (Fig. 13) were due to 
catalyst ‘basicity’ changes down the bed. Analysis, however, showed that the 
K 2 O contents per unit mass of iron were unchanged. It was postulated that the 
basicity changes might be due to two factors. Firstly, the presence of 
electronegative sulphur on the catalyst surface in the upper sections of the bed 
would lower the basicity by, for example, chemically reacting with the alkali. 
Secondly, if the alkali promoter is mobile and the surface areas of the catalysts 
in the lower sections are decreasing this could translate to a higher K 2 O surface 
coverage, i.e. a more basic surface which would result in a higher wax 
selectivity. It should, however, be noted that over the entire bed the wax 
selectivity declined with time on stream. This suggests that some other factors 
may also be involved. 

In a slurry bed reactor the catalyst is fluidized and hence back-mixing of 
the solids occurs freely in the bed. This means that on average all the catalyst 
particles are exposed to the various gas compositions along the bed height and 
so all the catalyst particles should deactivate at the same rate. The factors 
causing deactivation would be the same as those discussed above, namely 
sulphur poisoning, hydrothermal sintering etc. 

3.2.1.1 Handling of spent LTFT Iron catalyst 

The spent catalyst product from both the fixed and slurry bed reactors 
contains about 50 - 60 m% solid catalyst material, the rest being LTFT reactor 
wax. Historically all the spent catalyst products were dumped on the local ash 
heaps in Sasolburg, being comparatively minute quantities compared to the ash 
production volumes. 
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Due to the introduction of natural gas and the associated discontinuation of 
coal gasification, as well as increased environmental awareness, this catalyst 
dumping practise is no longer acceptable. In addition, the pyrophoric nature of 
the spent catalyst product inherently complicates the dumping practise. 

The spent catalyst product is supplied to steam stations to be blended into 
the coal feed used in these coal-fired boilers, with a beneficial contribution to 
heating value. The effective oxidation of the catalyst product during this process 
inherently removes all the wax from the product and the pyrophoric nature of 
the catalyst is effectively negated. The coal-ash diluted product from steam 
stations make dumping significantly safer, less prominent and more 
environmentally acceptable. 

Recovery of the metals from the spent catalyst by treatment with hot 
aqueous acid solutions is, in principle, also possible but has not yet been proven 
to be cost effective. 

3.2.2 High temperature FT (HTFT) operation 

As in the case of LTFT, the activity declines and the selectivity shifts 
towards lower molecular mass products with time on-stream. Despite the high 
operating temperatures, of about 340°C, the individual catalyst particles contain 
significant amounts of ‘waxes’. In contrast to the situation in the LTFT process 
these waxes are highly aromatic. Stepwise extraction of the catalyst with 
heptane, xylene and pyridine showed that the atomic H/C ratio of the extracted 
hydrocarbons decreased from 1.7 to 0.9 to 0.8. On subsequent hydrogen 
reduction above 350°C of the pyridine treated catalyst, hydrocarbon gases and 
oils were evolved. This showed that there were still pyridine insoluble 
hydrocarbons present in the catalyst pores. Hydrogen treatment of carbidic 
carbon or of Boudouard carbon at 350°C does not produce any hydrocarbon oils 
and hence these products must have been the result of hydrocracking of the 
pyridine insoluble carbonaceous deposits. It therefore seems likely that for the 
HTFT process fouling by ‘coke’ contributes to activity decline. The presence of 
liquid hydrocarbons inside the catalyst pores is also likely to lower the overall 
FT reaction rate by lowering diffusion rates. This of course would not in itself 
result in activity decline with time on stream unless there is continuous build up 
of heavier more viscous oils in the pores. 

As described in Section 2.1.4 the reduced Fe loaded into the fluidized bed 
reactors undergoes several phase changes with time on stream. At the high 
operating temperatures the Boudouard reaction 
2 CO ^ CO 2 + C 

results in the continuous increase in the elemental (‘free’) carbon content in the 
catalyst particles. After several weeks of operation there is, on an atomic basis, 
in fact more carbon present than iron. Since the decline in activity is relatively 
small it appears imlikely that carbon deposition as such is responsible for 



574 


activity decline. As will be discussed below there is, however, a strong indirect 
influence of carbon deposition on activity decline. 

A freshly carbided catalyst has the same BET area as the reduced catalyst 
but with time on stream there is a marked and continuous increase in the 
measured area. This is due to the deposition of the high area ‘free’ carbon. 
Because of this complication the BET area measurements cannot provide any 
evidence of loss of active area due to sintering and oxidation. Using the kinetic 
calculations discussed in Section 4.1 it will be found that, for the HTFT 
operation (assuming all sites are equally active), that loosing half the number of 
sites (due to oxidation or sintering) will lower the activity by only a factor of 
0.13. (For the LTFT process the factor was 0.3, see Section 3.2.1.) 

Analysis of aged catalyst shows that the smaller catalyst particles have 
higher levels of carbide and of Boudouard carbon and lower levels of oxide than 
the larger sized particles. SEM/EDX examination of polished sections revealed 
that the small particles consisted of small crystals of iron carbide embedded in a 
matrix of Boudouard carbon whereas the larger particles had cores of magnetite 
surrounded by the carbide/carbon mixture [21]. The formation of the oxidised 
cores has been explained in Section 3.1.4. 

Because of the vigorous movement of the catalyst particles in the high gas 
velocity fluidized beds, scouring of the carbon rich carbide outer layers of the 
catalyst particles as well as possible break up of the particles takes place. Thus 
more of the fine carbide-rich particles are generated. Since these small particles 
have low densities, due to the high free carbon content, they pass through the 
cyclones and so are lost from the reactors. Hence, indirectly, carbon deposition 
does contribute to activity decline. The loss of carbide rich fines is probably the 
main reason that the oxide content of the catalyst remaining in the reactor 
increases with time on stream. As mentioned in Section 2.1.2A and in Chapter 3, 
Section 9.2.2, the finer fractions of the catalyst contain separate particles of 
alkali silicates. The loss of the fines hence also means that alkali is lost from the 
reactors which would contribute to the observed decline in activity and the shift 
in the selectivity to lower molecular mass hydrocarbons. 

Overall the observed selectivity shift and activity decline with time on 
stream are possibly due to three factors. Firstly, the loss of the small loose alkali 
silicate promoter particles mentioned above. Secondly, the poisoning of the 
alkali/Fe sites by sulphur compounds in the feed gas. Thirdly, and probably 
more importantly, the preferential fouling by ‘coke’ of the more active alkali/Fe 
centres. The latter concept is supported by the observation that Ha re-reduction 
at 350°C of used catalyst largely restores both the activity and selectivity [2]. 
Hydrogen treatment at 350°C does not reduce iron sulphide, i.e. any S-poisoning 
cannot be reversed. The observation that the regeneration of the activity by 
hydrogen re-reduction is as marked for a catalyst containing 5% oxide as for one 
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containing 60% oxide also indicates that catalyst oxidation during synthesis is 
probably not the main cause of activity loss with time on stream [2], 

Catalyst activity decline as measured by testing a fixed mass of catalyst in 
a laboratory reactor is not the only reason for reactor performance decline. 
Another reason is the decline of catalyst mass in the reactor. As carbon forms at 
the grain boundaries the catalyst swells and the density declines. This has the 
result that for a fixed reactor volume in the fluidized bed a lower mass of 
catalyst can be accommodated. In practice equilibrium catalyst properties are 
maintained within a fairly narrow range using periodic on-line partial removal 
and addition of catalyst. More catalyst mass must be removed than is added. 
Also the stresses created by carbon build-up cause the particles to break up 
generating ‘fines’ i.e. particles smaller than 22 microns. This increases the gas 
fraction or voidage for the aerated powder in the fluidized bed which is another 
reason why the catalyst mass in the reactor decreases with average catalyst age. 

3.3 Deactivation of cobalt catalysts 

It is commonly observed that during the first few hours the decline in the 
FT rate is relatively rapid and then later declines much more slowly [88, 89]. As 
the operating temperatures are low, around 220‘’C, the deposition of foulants 
such as ‘coke’ or ‘free’ carbon seems unlikely. The absence of CO 2 production 
indicates the absence of the Boudouart reaction which produces free carbon. 
One of the plausible reasons for the activity decline is the build up on the 
surface and in the catalyst pores of very long chain waxes which inhibit 
adsorption and slow down diffusion rates. It has been shown that Ru promoted 
Co catalyst can be regenerated by H 2 at reaction temperatures whereas the 
unpromoted catalyst cannot [33]. This Ru related feature is very probably the 
same one that accounts for the higher FT activity, selectivity and higher 
paraffin content of the products. Ru promotion results in a more hydrogenating 
surface thereby lowering the surface coverage by heavy waxes by hydrogenation 
and/or hydrocracking [90], Hydrogen treatment at 220°C has also been shown to 
regenerate La-promoted catalysts [67]. Note that La had similar effects as Ru on 
Co oxide reduction and on FT performance. Metals like Re, Hf, Ce, Th and U 
have also been reported to assist catalyst re-reduction and increase activity [4]. 

Because iron based catalysts are relatively cheap the decline in activity in 
an operating slurry bed FT reactor can be compensated for by on-line partial 
catalyst removal and addition of fresh catalyst. This option is unattractive for 
cobalt based catalysts due to the much higher price of cobalt. Minimising the 
rate of activity decline in order to ensure a long on-stream lifetime is therefore 
very desirable. As in the case of iron any sulphur containing gas will result in 
permanent deactivation and so the purification of syngas needs to be very 
effective. In commercial practice cobalt catalysts are only likely to be used in 
the wax producing mode under which conditions the temperatures will be mild 
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(about 220°C) and hence no aromatics should be co-produced. In addition, the 
use of a well operated slurry bed unit should eliminate the likelihood of any 
localised hot-spots in the catalyst particles. These factors make it unlikely that 
aromatic carbonaceous coke can be formed which will foul the catalyst surface. 
The wax produced is in the liquid phase under FT conditions and so in practice 
there must be a liquid flow from within the porous catalyst particles to the 
outside surfaces. The build up of very long chain waxes, which could clog up 
pores and thereby decrease the reactant/product diffusion rates, therefore seems 
unlikely to occm. Nevertheless Iglesia [33] found that when Co was promoted 
with Ru, treatment with H 2 at normal FT temperatures was acconpanied to a 
greater extent by the evolution of light hydrocarbons than in the absence of Ru. 
The Co/Ru catalyst was apparently fully reactivated while the Co-only catalyst 
was not. The Ru appeared to enhance the rate of hydrocracking and it could be 
concluded that the build up of high molecular mass wax/‘carbonaceous’ deposit 
was at least in part responsible for the slow deactivation with time on stream. 
Alternatively, or in addition, the Ru could enhance the re-reduction of oxidised 
cobalt (see discussion that follows). 

There is good evidence which indicates that an important factor in the 
deactivation of cobalt is the water vapour produced by the FT reaction. Three 
related aspects may be involved, sintering of the cobalt metal particles, surface 
or total oxidation of the cobalt particles and the formation of FT inactive 
cobalt/support compounds (e.g. cobalt silicates, titanates, aluminates). 

Evidence was found for the formation of Co silicates on Co/silica catalyst 
during the FT process. With time on stream there was a loss of activity and an 
increase in the amount of silicates formed [91]. The deactivation of Co/silica 
catalysts was also investigated by Neimela and Krause [89]. They report that the 
higher the dispersion the higher the deactivation rates. In addition the active 
sites were blocked by wax and ‘coke’ deposits and some particle agglomeration 
occurred. Thermodynamically the bulk phase oxidation of cobalt metal by water 
under typical FT conditions (temperature and H 2 O/H 2 ratios) is not possible. The 
Co atoms on the surface, however, are highly unsaturated/reactive and 
partiaFtemporary surface oxidation can occur. A popular concept of the FT 
mechanism is the dissociation of chemisorbed CO to adsorbed C and O atoms. 
The latter is equivalent to a surface oxide and can readily be hydrogenated to 
water. Alternatively water vapour oxidation of surface cobalt metal may be an 
‘equilibrium’ reaction. The highly electronegative adsorbed oxygen atoms are 
bound to be associated with positively charged, i.e. oxidised, cobalt atoms. 
Whatever the detail, the continuous cyclic oxidation and reduction of the active 
surface cobalt atoms amounts to continuous re-arrangement/movement, i.e. 
sintering, which results in the loss of surface area and so loss in activity. The 
smaller the cobalt crystallites, the higher the degree of unsaturation of the 
exposed cobalt atoms and so probably the higher the coverage of the surface by 
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inert ‘oxide’. This amounts to loss of active surface. Crystallites below a critical 
size, estimated at 5 micron [92], could be fully oxidised and hence rendered 
completely inactive. Since the reaction of cobalt with the support material, e.g. 
the formation of cobalt silicate or aluminate, apparently requires cobalt to be in 
the oxidised state, the presence of water vapour should enhance this chemical 
process. These compounds are not reducible under normal FT conditions and so 
this translates to a loss of active surface. If regeneration with air at high 
temperatures is practised these chemical reactions will be accelerated. 

It has been demonstrated on laboratory scale that for a C0/AI2O3 catalyst 
the addition of water to the syngas feed results in surface oxidation of the cobalt 
and in permanent loss in FT synthesis activity [93, 94]. Rapid deactivation 
occurred on the Re promoted catalyst whereas the unpromoted Co/alumina 
catalyst deactivated at a slower rate. XPS and gravimetry analyses indicated that 
only a small fraction of the bulk Co metal was oxidised but significant oxidation 
of the surface Co atoms occurred and /or highly dispersed Co reacted with the 
support. These two reasons are the likely cause of the decline in activity. In situ 
Mossbauer studies showed that oxidation of cobalt metal supported on alumina 
does occur under FT conditions [95]. The formation of both reducible and less 
reducible oxides was observed. 

The effect of water on the FT activity of supported Co catalysts appears to 
depend on the type of support and also on the level of water vapour pressure 
inside the FT reactor. As pointed out above the addition of water to Re promoted 
or to unpromoted Co/alumina resulted activity loss [93, 94, 96]. Davis et al 
observed the same effect for Ft promoted Co/alumina [97]. From XANES 
studies Davis et al [98] concluded that on noble metal promoted Co/alumina the 
small Co metal clusters on the support oxidised in the presence of water and that 
during the initial deactivation stage cobalt metal cluster growth took place 
resulting in lower Co metal surface area. 

On Co/silica catalysts the FT water, or water deliberately added to the 
reactor feed gas, has been found to increase [99] or to decrease [100] the FT 
activity. At high partial pressures of water, whether as the result of high FT 
conversion levels or due to high levels of water added to the feed, the FT rate 
deactivated rapidly whereas at low partial pressures of water the deactivation 
rate was low [100, 101]. At high water partial pressure conditions the activity 
loss was permanent due to the formation of irreducible Co silicates [101]. It has 
been reported that when the water partial pressure was increased over Co/titania 
catalysts the FT activity increased [92, 102, 103, 105] or decreased [105]. For an 
imsupported Co catalyst [106] and for a magnesia /thorium oxide/aerosil 
supported Co catalyst [107] water addition increased the FT activity but no 
effect was found for a zirconium oxide/aerosil supported Co catalyst [108]. 

The effect of water on the activity of the different Co catalysts is obviously 
confusing and as yet a satisfactory explanation for the diverging results is 



578 


lacking. As far as the effect of added water on the selectivity of the FT reaction, 
however, the consistent finding to date is that the methane selectivity is 
depressed with of course an increase in the oil+ selectivity. 

It appears that by removing poisons such as sulphur from the syngas feed 
to very low levels and by operating the FT reactor so as not to exceed a 
threshold water partial pressure that very long catalyst lifetimes can be attained 
at a high and stable catalyst activity. Highly attrition resistant catalysts have 
been developed that do not break during normal synthesis conditions in slurry 
phase reactors. It is known that the use of nickel catalyst in an adiabatic 
prereformer upstream of an autothermal reformer removes any remaining 
sulphur compounds that pass through the typical upstream zinc oxide guard 
beds. Also with recent advances in catalyst activity the initial catalyst load to a 
slurry phase reactor need not be at the upper limit of acceptable catalyst 
concentrations. Thus any small activity decline can be compensated for by 
simply adding a small amount of catalyst on-line. It can be envisaged that a time 
will come when slurry phase reactors will operate for more than twenty years 
without a need to unload catalyst. 

The cobalt metal can be recovered from spent catalyst for re-use in catalyst 
preparation by treating the spent catalyst with aqueous nitric acid. Methods from 
the noble metal refining industry can be used to recover the other metals 
associated with the typical industrial cobalt catalysts. The cost of the cobalt and 
other metals are the main constituents of the catalyst cost. If the initial catalyst 
cost is included in the plant capital cost then the contribution of catalyst cost to 
the plant operating costs is extremely low. 

3.4 Recent Co catalyst patents 

Table 9 provides a list of relevant patents that is not necessarily complete. 
Both Shell and Sasol have appear to have made significant recent advances to 
their initial, commercially applied, catalysts that are not yet reflected in 
published patents. The major players are similar to those found in Chapter 2, 
Table 5 that lists patents relevant to FT reactor technology. Shell has 
concentrated more on catalyst rather than reactor innovations keeping to the 
traditional fixed reactor design. The egg shell catalyst approach only provides 
benefits when larger catalyst particles are used i.e. for fixed bed or ebullating 
bed reactors. ExxonMobil appears to favour continuous catalyst reactivation to 
maintain a high catalyst activity and their patents favour the use of a titania 
support. There are many more patents on this topic that have not been listed in 
Table 9. BP appears to have concentrated on zinc oxide as a support. Other 
companies appear to favour the use of silica, alumina or silica-alumina supports. 
It is necessary to modify the support to be suitable for use in commercial slurry 
phase reactors if alumina is used. This was not recognised in the earlier patents. 
The initial Gulf patents (assigned to Shell after Gulf was taken over by Chevron) 
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appear to have stimulated the interest in alumina as a support. Sasol now has a 
particularly extensive portfolio dealing with various aspects relating to supports 
comprising alumina or silica-alumina. Alumina also features prominently in the 
IFP/Agip and Statoil patent portfolios. 

Many of the patents deal with the use of promoters. They cover a wide range of 
promoters and there is a high degree of inter-linkage between them. 


Table 9 


Patent No. 

Assignee 

Brief Description 

Feature 

US 5,733,839 

Sasol 

Composition (Co/Pt on 
alumina) and preparation 
method 

Composition 

US 5,939,350 

Sasol 

Ruthenium promoter 

Composition 

US 6,100,304 

Sasol 

Palladium promoter 

Composition 

US 4,585,798 

Shell (Gulf) 

Alumina supported cobalt- 
ruthenium catalyst 

Composition 

US 4,613,624 

Shell (Gulf) 

Co on alumina with one or 
more Group VIII or Group 
IVB metal oxide promoters 

Composition 

US 4,857,497 

Shell 

Co with zirconium on silica 
with noble metal promoter 

Composition 

EP 455308 

Shell 

Alumina-based extrudates 
containing Co, Fe orNi 

Composition 

EP 466268 

Shell 

Group VIB, VlIB and VIII 
metal alloys 

Composition 

EP 510771 

Shell 

Extruded Si02 catalyst with 
promoter from Group IVB 

Composition 

EP 188304 

Shell 

Co and one or more of Zr, 

Ti, Cr and Ru deposited on 
silica, alumina or silica- 
alumina support 

Composition 

EP 142887 

Shell 

Co (15-50) on silica (100) 
and a second metal (chosen 
from Zr, Ti, Ru or Cr) 

Composition 

EP 142888 

Shell 

Co:Zr:SiO2=25;18:100 

Composition 

EP 109702 

Shell 

Co:Zr:Si02 = 25:0.9:100 

Composition 

WO 97/00231 

Shell 

Supported (e.g. titania) 
Co-tMn and/or V catalyst 

Composition 

WO 98/25870 

Shell 

Supported (e.g. titania) 
Co/Mn catalyst 

Composition 

EP 5162284 

ExxonMobil 

Cu promoted Co-Mn spinel 

Composition 

EP 319625 

ExxonMobil 

Co with Ru on titania 

Composition 

US 5,169,821 

ExxonMobil 

Co on TixMi.xO 2 where x is 
Si, Zr or Ta 

Composition 

US 4,801,573 

Statoil 

Alumina supported cobalt- 
rhenium catalyst 

Composition 

US 5,102,851 

Statoil 

Co with a second metal (Pt, 

Composition 
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Ir and/or Rh) on alumina 


Patent No. 

Assignee 

Brief Description 

Feature 

US 4,880,763 

Statoil 

Co, Re and alkali supported 
on alumina 

Composition 

US 4,801,573 

Statoil 

Co, Re on alumina which 
may include a metal oxide 
promoter 

Composition 

US 4,857,559 

Gas-to-Oil Inc. 

Co, Re on alumina which 
may include a metal oxide 
promoter 

Composition 

EP 756895 

IFP/ Agip 

Co with Ru and scandium or 
yttrium - 3 step calcination, 
reduction and passivation 

Composition 

EP 800864 

IFP/ Agip 

Co with Ti and a third metal 

Composition 

EP 857513 

IFP/ Agip 

Co with Ru and tantalum 

Composition 

EP 934115 

IFP/ Agip 

Co-scandium catalyst 
preparation procedure 

Composition 

EP 935497 

IFP/ Agip 

Co and tantalum 

Composition 

EP 1094049 

IFP/ Agip 

Raney metallic alloy 
dispersed in a liquid phase 

Composition 

US 6,255,358 

Sasol 

La/Ba doped catalyst 

Composition/characteristics 

WO 01/96014 

Sasol 

Preparation to modify 
catalyst physical 
characteristics 

Composition/characteristics 





WO 01/96015 

Sasol 

Preparation to modify 
catalyst physical 
characteristics 

Characteristics 

EP 979673 

IFP/ Agip 

Metal particles on the 
support of controlled size 
with narrow distribution 

Characteristics 

EP 979807 

IFP/ Agip 

Metal particles of controlled 
size and distribution on the 
support 

Characteristics 

EP 987236 

IFP/ Agip 

Co particles spread as 
aggregates on the support 

Characteristics 

EP 1129776 

IFP/ Agip 

Support particle size, 
surface area and pore size 

Characteristics 

EP 1239019 

IFP/ Agip 

Co on alumina with cobalt 
oxide crystals of a certain 
size 

Characteristics 

US App.2003/ 
0105170 

ConocoPhilips 

Increased cobalt surface 
area on silica support using 
cobalt amine carbonate 
precursors 

Characteristics 





WO 01/96017 

Sasol 

Partial reduction 

Preparation 

US 6,455,462 

Sasol 

Drying procedure in Co 

Preparation 
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impregnation process 


Patent No. 

Assignee 

Brief Description 

Feature 

WO 01/39882 

Sasol 

Calcination procedure 

Preparation 

WO 03/35257 

Sasol 

Reduction procedure 

Preparation 

US 6,191,066 

Sasol 

Non-promoted catalyst 

Preparation 

ZA 835606 

Shell 

Kneading technique 

Preparation 

EP 583837 

Shell 

Solvent and peptizing agent 

Preparation 

EP 421502 

Shell 

Drying and calcination 

Preparation 

US 4,605,679 

Shell 

Impregnation of Co 
carbonyl on alumina or 
silica 

Preparation 

EP 127220 

Shell 

3 step impregnation of silica 
with zirconium 
tetrapropoxide in propanol- 
benzene, then aqueous 
nitrate, kneading and then 
calcination 

Preparation 

EP 152652 

Shell 

Order for impregnation for 
cobalt and the promoter 

Preparation 

EP 168894 

Shell 

Reduction procedure 

Preparation 

US 4,623,669 

ConocoPhilips 

Impregnation using metal- 
solvent slurry 

Preparation 

WO 

2000/10704 

ConocoPhilips 

Forming a catalyst gel by 
destabilizing an aqueous 
colloid and drying the gel 

Preparation 

WO 

2000/10705 

ConocoPhilips 

Forming a catalyst gel by 
mixing at least one 
dissolved compound of a 
catalytic metal in water 
eind/or ethanol, at least one 
dissolved alkoxide and 
optionally an aluminium 
compound and to hydrolyse, 
water supplement and dry 

Preparation 

US 5,728,918 

BP 

Reduction of zinc oxide 
supported Co catalyst with 
mixtures of carbon 
monoxide and hydrogen 

Preparation 

WO 02/097011 

BP 

Reduction (activation) 

Preparation 

WO 02/083817 

BP 

Reduction (activation) 

Preparation 

EP 581619 

IFP/Agip 

Co-Ru-Cu catalyst prepared 
by gel formation route 

Preparation 

EP 764465 

IFP/Agip 

Partial reduction of Co 
impregnated support then 
deposition of the remainder 
of the metals 

Preparation 

EP 1101531 

IFP/Agip 

Activation procedure using 
hydrogen and earbon 

Preparation 
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monoxide 


Patent No. 

Assignee 

Brief Description 

Feature 

EP 1126008 

IFP/Agip 

Preparation procedure for a 
silica-alumina support 

Preparation/ support 

EP 1233011 

IFP/Agip 

Preparation procedure for a 
silica-alumina support 

Preparation/ support 





EP 1058580 

Sasol 

Support modification 

Support 

WO 02/07883 

Sasol 

Support modification 

Support 

WO 03/12008 

Sasol 

Support modification 

Support 

US 6,262,132 

Sasol 

Support modification for 
increased attrition resistance 

Support 

WO 03/044126 

IFP/Agip 

Support modification 

Support 

US 6,515,035 

IFP/Agip 

Support modification 

Support 

US 4,794,099 

ExxonMobil 

Support modification 

Support 

US 4,960,801 

ExxonMobil 

Support modification 

Support 

EP 370757 

ExxonMobil 

Inorganic metal oxide 
binder 

Support 

US 4,595,703 

ExxonMobil 

Titania support 

Support 

EP 196124 

Shell 

Small catalyst particles 
‘encapsulated’ in permeable 
meshes for use in fixed bed 
reactors 

Support 

EP 398420 

Shell 


Support 

EP 455308 

Shell 

Alumina based extrudates 

Support 

WO 9811037 

Shell 

Titania support 

Support 

UK Res. Dscl. 
(1991) 323,180 

Anon. 

Honeycomb support 

Support 

US 5,648,312 

Intevep S.A., 
Venezuela 

Homogeneous mixture of 
two refractory inorganic 
carbides nitrides or mixtures 

Support 

US 4,826,800 

BP 

Zinc oxide supported Co 
catalyst 

Support 

WO 86/01499 

BP 

Co or Fe on a carbon 
support 

Support 





US 5,531,976 

Sasol 

Alumina with increased 
porosity 

Support preparation 

US 5,593,654 

Sasol 

Stabilized alumina 

Support preparation 

US 4,634,581 

Sasol 

High purity alumina 

Support preparation 

US 5,075,090 

Sasol 

Particulate mixed oxide 

Support preparation 

US 5,837, 634 

Sasol 

Stabilized alumina 

Support preparation 

EP 157503 

Sasol 

Reducing impurity content 
in alumina 

Support preparation 

US 5,045,519 

Sasol 

Aluminosilicate support 

Support preparation 

US 5,055,019 

Sasol 

Boehmmite alumina 

Support preparation 

EP 180269 

Shell 

Silica support obtained from 

Support preparation 
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a Si halogen, alkoxy and/or 
acyloxy 


Patent No. 

Assignee 

Brief Description 

Feature 

US 6,462,098 

Sasol 

Particle size optimized for 
both synthesis performance 
and catalyst/wax separation 

Particle size for slurry 
phase synthesis 

ZA 8505317 

Shell (Gulf) 

Average particle diameter of 
10 to 110 micron 

Particle size for slurry 
phase synthesis 





EP 510770 

Shell 

Helical lobed shape by 
extrusion 

Shape for fixed bed 
synthesis 

EP 266898 

ExxonMobil 

Thin film of Co with Re on 
titania 

Egg shell catalyst 

EP 434284 

ExxonMobil 

Support contacted with a 
molten salt 

Egg shell catalyst 

US 4,977,126 

ExxonMobil 

Thin film of Co on 
especially titania 

Egg shell catalyst 

US 4,542,122 

ExxonMobil 

Impregnation of Co in the 
external portion of the 
support particle 

Egg shell catalyst 





EP 370757 

ExxonMobil 

Hydrogen treatment assisted 
by promoter metals 

Reactivation 





US 6,512,017 

Sasol 

Catalyst handling during 
start-up and shut-down 

Operating conditions 

WO 02/18663 

Sasol 

Metal recovery from spent 
catalyst 

Spent catalyst handling 


4. FT KINETICS 

Early studies reported that the activities of metal catalysts for the FT reaction 
declined in the order Ru, Ni, Co and Fe [109], In the 1970s Vannice reviewed 
the specific activities of the Group VIII metals [110]. With alumina as carrier 
the activities declined in the order Ru, Fe, Ni and Co [111], With silica as carrier 
the order was Co, Fe, Ru and Ni [112], The discrepancies may have been due to 
the different preparation methods and also to the probability that the number of 
active sites functioning under actual FT conditions were different from those 
measured on the freshly reduced catalysts. Overall, as far as the commercially 
viable metals are concerned, Co appears to be more active than Fe. Iglesia [113] 
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has reported that the FT turnover rates on Co catalysts are about three times 
higher than on Fe catalysts. In general the observed rates will not only depend 
on the intrinsic rate of the FT reaction on the catalyst surface but also on the 
diffusion rates of reactants in and products out of the porous catalyst particles. 
These diffusion rates will in turn depend on the porosity and pore sizes, the 
particle size and whether or not liquid wax is present in the catalyst particles. 

4.1 Iron catalysts 

The performance of iron catalysts is very dependent on the strong alkali 
promoters added. Not only is the selectivity markedly dependent on the effective 
amount of alkali present but it also has a direct and/or indirect effect on the 
overall rate of the reaction (see Chapter 3, Section 9.2.2). For fused iron 
catalysts operating at high temperatures increasing alkali level result in higher 
conversions (see Chapter 3 Table 17). At lower temperatures the wax selectivity 
is higher and then it is found that increasing the alkali results in a lower activity 
(see Chapter 3 Table 18). For precipitated iron catalysts the activity also 
decreases when the alkali content is raised above a certain level (see Chapter 3, 
Section 9.2.2). Besides the speculative discussion in Chapter 3, Section 9.2.2 
regarding the relative coverage of the catalyst surface by monomers and 
growing hydrocarbon chains the observed decline in activity at higher alkali 
levels is also probably due to diffusion restrictions in the porous catalysts. At 
higher alkali levels the wax formed within the catalyst pores becomes 
progressively longer chained and thus more viscous. The diffusion rates of the 
reactants through the wax to the active surface sites are therefor lowered and 
consequently the overall reaction rate is lowered. When wax together with the 
total gas feed is pumped into a fixed catalyst bed reactor operating in a high wax 
selectivity mode there is no resultant effect on activity. This is not surprising as 
the catalyst particles are already saturated with liquid wax. When, however, the 
catalyst bed is periodically treated with a light solvent which extracts the wax 
from the catalyst there is an immediate large increase in activity which then 
rapidly declines to its previous level as the catalyst particles are again filled with 
wax being produced [2]. These findings clearly support the concept that 
diffusion restrictions, due to the presence of wax in the catalyst pores, cause a 
lower overall reaction rate. When reduced iron catalysts were nitrided prior to 
FT synthesis the activity was higher and the wax selectivity was lower than for 
the same catalyst pre-treated in the normal way [5]. Studies at Sasol confirmed 
these findings, the activity of the nitrided catalyst increased by a factor of 1.3 
while the wax selectivity decreased by a factor of 7 [2]. These findings again 
support the concept that the activity is influenced by the amount, and also by the 
chain length of the wax on the catalyst. 

Further supporting evidence for the presence of diffusion restrictions is the 
observation that for the fixed bed LTFT process the activity increases as the 
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catalyst extrudate size is decreased or the shape is altered to increase the 
external area of the extrudates [2]. When either fused or precipitated catalysts 
were operated in fixed bed reactors at near differential conditions (high feed gas 
flows resulting in low percentage conversions) at about 220°C the activity 
increased linearly with the amount of external surface area of the catalyst 
particles. For the HTFT process, which uses catalyst particles of less than 100 
micron, the effect of particle size is also in evidence. The smaller particles have 
much higher deposited carbon content than the larger particles indicating that 
per unit mass of iron the smaller particles have done much more FT work than 
the larger particles [2]. As mentioned in Chapter 2, Section 1.2 when using 
precipitated catalysts of identical composition a slurry bed reactor is as active as 
a fixed bed reactor despite the much lower catalyst loading of the former. This is 
due to the much smaller catalyst particle size employed in the slurry bed 
operation and so this again indicates the influence of diffusion restrictions on the 
conversion activity. It is well known that the activation energies (E) of diffusion 
processes are normally lower than those of chemical reactions. Precipitated iron 
catalysts, which produce high yields of wax, have E values of 55 to 62 kJ /mol 
in the temperature range of 200 to 250°C [114]. Fused iron catalysts which 
produce much less wax had an E value of 71kJ/mol [115]. At very low wax 
selectivities, Vannice reported an E value of 113 kJ/mol for an iron catalyst 
[110, 112]. All these results again indicate the presence of diffusion restrictions 
in FT catalysis. 

It should be borne in mind that there is a link between the kinetics of 
diffusion and those of the FT chemical reactions occurring on the catalyst 
surface. The rate of diffusion of reactants into the catalyst pores, and through the 
liquid wax in the pores, is proportional to the difference in concentration of the 
reactants in the gas phase and at the active catalyst surface. The concentration at 
the latter is of course dependent on the rate of the FT reaction. The higher the 
rate of the FT reaction, the greater is the concentration gradient and so, the rate 
of diffusion is higher. In practice the only partial pressures of the reactants and 
products that can be measured are those in the gas phase outside the catalyst 
particles and so these pressures are the ones that have to be used to derive the 
overall kinetics. 

Quite often kinetic studies are carried out in high flow, i.e. low 
conversion, single pass laboratory reactors. This approach does indeed simplify 
the interpretations but it does ignore the possibility that one or more of the 
products, which would be present at relatively high partial pressures at higher 
conversion levels, could have an influence on the kinetics. To avoid these 
possible pitfalls it is recommended that laboratory studies should be carried out 
in high gas velocity, high recycle ‘stirred tank’ type units such as Berty reactors. 
By varying the fi'esh feed gas flow to these units the partial pressures and the 
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kinetics at different conversion levels, i.e. at different bed depths, can be 
determined. 

Various kinetic equations have been proposed to describe the rate of the 
FT reactions over iron based catalysts. A few of these equations are given 
below. 


__ -up 0.6 p 0.4 p 0.5 

r — KrH 2 ^co “ IT rmo 

[116] 

( 1 ) 

r = mP^Pco/ (Pco + nPH 2 o) 

[5,114] 

(2) 

r = aPeoPnz^ / (PcoPh 2 + bPH2o) 

[117] 

(3) 

T = a. PcoPh 2 / (Pco + bPH 2 o + cPco 2 ) 

[118] 

(4) 


At Sasol a large number of measurements and experiments were carried 
out in commercial and pilot plant fixed and fluidized bed reactors using the 
relevant commercial iron based catalysts [2]. Table 10 shows examples of some 
of the experimental pilot plant results. 

In the pilot plant experiments the effect of various parameters on the 
amount of (CO + CO 2 ) converted, which equates to the (H 2 O + CO 2 ) produced, 
i.e. the FT activity, were studied. The variables included different catalyst bed 
heights at fixed feed gas flow rates (i.e. different residence times and conversion 
levels), total pressures (from 0.8 to 7.6 MPa) at fixed gas linear velocities (i.e. 
fixed residence time in the catalyst bed), different recycle ratios and different 
feed gas compositions. The effect of individual partial pressures (of CO, CO 2 ,, 
H 2 and H 2 O) were studied by varying only one at a time and, as far as possible, 
keeping the others fixed at the reactor entrance. The temperatures were not 
varied but were at the values normally used in the commercial HTFT and LTFT 
processes. 


Table 10 

Influence of entry partial pressures on activity of Fe catalysts (integral re actors) [2] 


Variable Fixed bed precipitated catalysts 223°C _ 

Partial pressure Total pressure Activity” 

_ (bar abs.) _ (bar abs.) _ 

_ H; CO CO 2 H 2 O _ 

Ph2 12.2 5.7 0.2 0 20 97 

_ 15.2 5.6 0.2 0 23 _ 109 

Pco 15.2 5.6 0.2 0 23 109 

_ 15.7 8.0 0.2 0 26 _ 134 

Pco 2 14.3 6.4 1.2 0 27 77 

_ 12.8 6.1 4.1 0 27 _ 72 

Ph20 8.4 4.3 0.1 0 15 69 

8.4 4.1 0.1 0.35 15 51 
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Total 

5.9 

2.4 

0.7 

0 

11.4 

44 

pressure 

14.1 

5.9 

1.4 

0 

27.6 

114 


Fluidized bed fused catalyst 330°C 


Partial pressure Total pressure Activity” 

(bar abs.) _ (bar abs.) _ 



H 2 

CO 

CO 2 

H 2 O 



Ph2 

7.2 

1.7 

1.0 

0 

18 

89 


10.1 

1.6 

0.8 

0 


100 

Pco 

11.6 

1.5 

0.1 

0 

13.8 

41 


11.7 

3.0 

0.1 

0 

15.8 

66 


11.9 

4.6 

0.1 

0 

18.8 

99 

Pc 02 

7.2 

1.7 

1.0 

0 

18.0 

98 


7.5 

1.3 

2.2 

0 


96 


7.2 

1.3 

3.1 

0 


98 


8.1 

1.0 

5.1 

0 


97 

Ph20 

9.8 

1.8 

0.7 

0 

20.8 

107 


9.6 

1.8 

0.9 

0.7 


105 


10.0 

1.8 

1.2 

1.4 


98 


10.3 

1.8 

1.6 

2.8 


83 

Total 

4.3 

1.0 

0.9 

0 

10.8 

54 

pressure 

8.5 

2.0 

1.5 

0 

20.8 

106 


14.2 

3.6 

2.8 

0 

40.8 

207 


30.7 

6.7 

4.6 

0 

75.8 

375 


a Moles (H 2 O + CO 2 ) produced per hour. 


The key observations were as follows: 

• The rate was strongly dependent on the hydrogen partial pressure. In 
previously reported work it was found that at low percentage 
conversion levels the rate was in fact only dependent on the hydrogen 
partial pressure [115]. 

• The rate increased with the partial pressure of CO. 

• The partial pressure of CO 2 did not appear to have a direct effect on 
the FT rate. It can of course affect the partial pressures of the other 
components via the water gas shift (WGS) reaction and so can have an 
indirect effect. If the WGS is taken into account the effect of CO 2 falls 
away. 

• The rate was markedly depressed by the partial pressure of water. 

• The level of hydrocarbon products in the reactor had no apparent effect 
on the FT rate. 

Based on the above observations a satisfactory rate equation for iron based 
catalysts is: 

r = mPH 2 Pco/ (Pco + aPnzo) 
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since it is in keeping with all the experimental findings. 

Note that when the conversion level is low, i.e. the partial pressure of water 
is low, the equation simplifies to: 
r = mPH 2 . 



Figure 15 Typical reaction profiles in fixed bed, (A) and fluidized bed, (B), iron catalysts. 

The symbols show the actual measured amounts of moles converted. The solid 
lines are for the profiles calculated using r = mPH 2 Pco / (Pco + aPH 2 o) 


The simplified form of the rate equation is in agreement with previous 
findings [115] mentioned above. Note that both rate Eqs. (2) and (3) comply 
with this finding. Note also that the Sasol deductions, in effect, ‘re-invented’ the 
equation proposed by Anderson about twenty years prior to the Sasol re¬ 
investigation! When applying this equation in multi-step calculations, and at 
each step also taking account of the simultaneously occurring WGS reaction, the 
conversion profile along the length of the reactors can be calculated. It was 
found to satisfactorily match the actually measured profiles in both the LTFT 
fixed bed and the HTFT circulating fluidized bed commercial reactor [2]. 

The value of m in the Fq. (2) incorporates the temperature, the activation 
energy and the catalyst loading per volume of the reactor section. The measured 
and calculated profiles are reproduced in Fig. 15 for a few pilot plant runs [2]. 
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With regards to the WGS reaction, at the high temperature in the fluidized 
bed (about 330 to 340°C) this reaction is very rapid and it appears to be at 
equilibrium all along the reactor length. For the fixed bed reactors operating 
aroimd 225°C a WGS rate equation is required to calculate the changes in gas 
composition along the reactor as the result of this simultaneously occurring 
reaction. A simple satisfactory equation under the conditions prevailing in the 
LTFT units was found to be: 

Twos = cPco • 


The negative effect of water on the FT rate equation is common to the all 
four proposed equations mentioned earlier. This effect is probably due to the 
fact that iron is sensitive to oxidation by water vapour and so the higher the H 2 O 
partial pressure the higher the occupancy of surface iron sites by O atoms/ions. 
This lowers the amount of active surface sites available and thus lowers the FT 
rate. 

An attempt to derive the kinetic equation from a ‘theoretical’ approach was 
made [114]. It was assumed that the slow step in the FT reaction sequence was 
the reaction of an undissociated hydrogen molecule fi'om the gas phase with a 
chemisorbed CO molecule to form the chemisorbed HCOH ‘monomer’. The rate 
of reaction then would be: 

r= mPH 20 co 

where 6co is the fractional coverage of the catalytically active iron surface sites 
by chemisorbed CO. If CO has to compete for adsorption sites with H 2 O, CO 2 
and H 2 then according to Langmuir’s adsorption theory: 


©CO - kcoPcO / (1 + kcoPcO + kH2oPH20 + kc02Pc02 + kH2PH2 )• 


Based on prior knowledge of the relative strength of adsorption of the 
gases on iron catalysts [119] as well as the observation that CO 2 has little or no 
influence on the FT reaction rate, 9co simplifies to: 

Pco / (Pco +aPH 2 o) where a=kH 2 o/kco- 
The rate equation then becomes: 

r = rnPicPco/ (Pco “*■ aPmo) • 

There is no doubt that the above derivation is speculative and can be 
questioned since the objective was to match the empirically deduced equation 
with a “theoretical” approach. Nevertheless it has been shown that the equation 
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can be used not only to estimate the overall conversions for both the HTFT and 
LTFT reactors, but also to calculate the conversion profile along the catalyst bed 
length. Thus the equation is of practical use for design and for performance 
evaluation. 

As pointed out previously this equation is identical to the one previously 
derived by Anderson [5] even though the ‘mechanistic’ assumptions were 
different. This, as has often been pointed out by others, again shows that kinetic 
information cannot be used as convincing ‘proof of a particular mechanism. 

The kinetic equation also predicts that if the total pressure is increased and 
the gas feed rate is increased by the same factor, i.e. the residence time in the 
catalyst bed remains the same, then the degree of conversion remains 
unchanged. This means that the production rate is increased in proportion to the 
increase in pressure. Based on this prediction new pilot plants were constructed 
at Sasol and tests up to 6.0 Mpa and 7.5 Mpa for the fixed bed LTFT and for the 
fluidized bed HTFT operations respectively, were carried out. These tests 
confirmed the kinetic predictions. As stated in chapter 2 section 1.1 a 4.5 MPa 
fixed bed commercial reactor was subsequently built and it performed as per 
prediction. (Note that the older Sasol commercial fixed bed units operate at 2.7 
MPa.) The HTFT CFB reactors subsequently constructed at Secunda and later 
at Mossel Bay also operated at pressures higher than the original units built at 
Sasolburg. It has been estimated that HTFT fluidized bed units can be viable up 
to 4.0 Mpa [120]. The use of even higher pressure is probably constrained by 
economic considerations (e.g. lower maximum gas velocities, increased 
compression and piping costs etc.) and heat exchange capacity requirements 
inside the units. (Note that pilot plant runs were carried out up to 7.5 MPa 
without any adverse activity or selectivity effects.) 

Fig. 16 and Table 11 show the calculated conversion profiles along the 
length of the lean phase fluidized section of a commercial HTFT CFB reactor. 
The calculated conversion profile matches the measured profile. Table 11 also 
shows that the selectivity factor does not change much over the length of the 
reactor (see discussion in Chapter 3, Section 9.3.1). The carbon deposition rate 
factor, however, changes significantly with bed length (see Section 2.1.2C). 

Table 11 


CFB Commercial reactor data profiles 


Relative bed length 

Relative Conversion 

Selectivity factor 

Carbon deposition 
factor 

0.1 

0.61 

0.46 

0.010 

0.2 

0.72 

0.45 

0.008 

0.4 

0.84 

0.43 

0.006 

0.6 

0.91 

0.42 

0.006 

0.8 

0.96 

0.41 

0.005 

1.0 

1.00 

0.40 

0.005 
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Figure 16 CFB reactor conversion profile 

Tables 12 and 13 show examples of calculations for the HTFT and the 
LTFT processes using the FT kinetic Eq. (2) and taking into account the 
simultaneously occurring WGS reaction as the gas moves through the reactors. 


Table 12 

Calculated data for HTFT process with different H 2 /CO ratio feed gases (320°C, 24 bar, fixed 
volume gas feed) _^___ 


Carbon deposition factor 

Feed gas H 2 /CO 

Overall % 

FT production'^ 

Inlet 

Outlet 

ratio 

conversion' 




0.5 

35 

5.5 

0.254 

0.477 

1.0 

50 

6.1 

0.080 

0.017 

2,0 

57 

4 6 

0.028 

0.004 

4.0 

90 

4.3 

0.011 

0.001 


1. % (CO + CO 2 ) converted 

2. Amount of FT products formed. 


Note: Feed gas only consists of H 2 and CO for Tables 11 and 12. 


Table 13 

Calculated data for LTFT process with different H 2 /CO ratio feed gases (230 °C, 30 bar, fixed 
volume gas feed). ___ 


Feed gas H 2 /CO ratio 

Overall % conversion' 

FT production'' 

0.5 

16 

3.1 

1.0 

25 

3.7 

1.5 

32 

3.8 

2.0 

37 

3.7 
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_3^0_46_3^_ 

1 . % (CO + CO 2 ) converted 

2. Amount of FT products formed 

For both sets of calculations the feed gas flows were kept constant, i.e. the 
residence times were the same. The gas consisted of only H 2 and CO, but with 
different ratios of these two gases. No recycling of gas was applied. For the 
HTFT process (Table 12) it can be seen that the calculations indicate that as the 
feed gas H 2 /CO ratio increases the % conversion increases but the actual 
production rate of FT products formed peaks in the vicinity of the 1.0 ratio feed 
gas. With feed gas ratios below 2.0, however, the rate of carbon deposition will 
probably be unacceptably high (see Table 11 for typical commercial HTFT 
operation and also section 2.1.2C). For the LTFT operation (Table 13) it can 
again be seen that as the feed gas ratio increases the % conversion increases but 
there is a broad production peak for the feed gases with ratios from about 1.0 to 
about 2.0. Because of the low operating temperature carbon deposition is in any 
event low or insignificant and so this is not a constraint. The results confirm the 
expectation that for the LTFT operation the low ratio gas produced by high 
temperature coal gasifiers can be fed to either fixed bed or slurry bed LTFT 
reactors utilising iron based catalysts. 

4.2 Cobalt kinetics 

Currently there is only one industrial plant using cobalt based catalyst in 
multi-tubular fixed bed reactors, the Shell plant in Malaysia. Both Sasol and 
Exxon have operated large demonstration slurry phase FT units with supported 
cobalt catalysts. However, it appears that no kinetic information for these 
operations has been published. Various kinetic equations based on work carried 
out in laboratory reactors have, however, been generated. These equations have 
been reviewed elsewhere [121, 122, 123. 124]. A few examples of the diverse 
proposed equations are given below: 


r— kPH 2 ^/Pco 

[125] 

(5) 

r= aPcoPH 2 / ( 1 +bPco)^ 

[121] 

( 6 ) 

r = aPcoPHi® ' / (1+ bPco + cPh 2 ° ')' 

[126] 

(V) 

r= aPcoPH 2 ^/ (1 +bPcoPH 2 ^) 

[5] 

(8) 

c(Ph2^/Pco^)/(1+-93Ph2/Ph2o) 

[127] 

(9) 

r= d(PH2Pco)/(Pco+-27PH2o) 


( 10 ) 


Eq. 6 is often cited as a suitable rate equation. This equation responds to an 
increase in pressure in a similar way as does Eq. 2 for iron catalysts (although 
not to the same extent), namely, as the pressure increases the FT rate increases. 

Despite the known fact that Co is more resistant to oxidation than Fe it has 
been reported by several investigators that under FT conditions Co crystals 
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smaller than a certain size, e.g. < 5 microns [92], are oxidised by water vapour. 
It is feasible that the smaller the Co crystals the lower the H 2 O/H 2 ratio at which 
they will oxidise and so become inactive. If this process is reversible then it 
seems feasible that the effect of the water vapour pressure can also be 
incorporated into the kinetic equation. Thus Eqs. 9 and 10 could make sense. 

4.3 Comparison of the FT activity of iron and cobalt catalysts 

It is important to note that, contrary to iron based catalysts, many of the 
proposed kinetic equations for FT over cobalt based catalysts do not contain a 
water partial pressure term. It is well known that cobalt is much more resistant 
to oxidation, whether by oxygen or by water, than is iron. It can therefore be 
presumed that under FT conditions the occupancy of the cobalt surface by 
oxygen atoms/ions will be much lower than in the case of iron catalysts and so 
this could account for the absence of a Ph 2 o term in kinetic equations for cobalt 
catalysts. This aspect could in principle give cobalt a big activity advantage over 
iron catalysts. 

To evaluate the situation the conversion profiles for four cases were 
calculated using Eq. 2 for iron and Eqs. 6 and 9 for cobalt based catalysts: 

2) r = mPHaPco ! (Pco + nPnao) 

6) r= aPcoPna'''(1+bPco)^ 

9) r= c(Ph2'/PcoV(1+-93Ph2/Ph2o) 

In order that the Co and Fe catalysts start off on the same footing the 
value of the constants m, a and c in these three equations were chosen so that the 
4% conversion levels were achieved at the same position near the entrance of 
the catalyst bed. (Note that at this low conversion level the partial pressure of 
water is low and hence its influence on the kinetics is minimal at the bed 
entrance.) This was taken to mean that the ‘initial’ activities were the same, i.e. 
the product of the number of active surface sites per unit volume of catalyst bed 
and the intrinsic activity per site were the same. Note that since Co is about three 
times more active per surface site than Fe [113], the above means that there are 
effectively about three times more available active sites per unit volume of 
catalyst bed in the case of Fe. For both cases the reactors operated at 3.0 Mpa 
and the same volumetric rate of syngas was fed, i.e. the residence times were the 
same. The feed gas consisted only of H 2 and CO, the ratio being 2/1. Tail gas 
recycling was not applied, i.e. the calculations were on a once-through basis. 
The reactors operated in the LTFT mode. For the iron catalyst case allowance 
was made for the WGS reaction, but not for the cobalt case as cobalt has a very 
low WGS activity at LTFT conditions. The results of the calculations are shown 
in Fig. 17. (Note that the ‘Bed length’ is in arbitrary units.) Included in Fig. 17 is 
a case for a Fe catalyst with an initial activity five times higher than that of the 
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other Fe case. (In this case the Fe catalyst now has fifteen times more active 
surface sites available per unit volume of catalyst bed than the Co catalyst.) 

As can be seen from Fig. 17, even though the Fe and Co catalysts have the 
same initial activity the Co catalyst increasingly outperforms the Fe catalyst as 
the syngas moves through the reactor. For example, at a bed ‘length’ of 30 units 
the conversion attained is over 80% for the Co catalyst using Eq. 6 and over 
60% using equation 9 and just under 40% for the Fe catalyst using equation 2. If 
the Fe catalyst is made five times more active then it does outperform the Co 
case (Eq. 6) up to about the 60% conversion level, after which the Co catalyst 
again is superior. Should Eq. 9 for Co apply, however, the five times more 
active Fe catalyst outperforms the Co catalyst. From this there appears to be a 
big incentive to improve the activity of Fe catalysts, i.e. to increase the number 
of active sites per unit volume of catalyst. However, if the number of active sites 
for Co catalysts can be increased then of course the Co catalysts will again 
outperform the Fe catalysts. 



Figurel? Co is for equation 6, Co/H20 is for equation 9, Fe is for equation 2 and Fex5 is for 
Eq. 2 with a Fe catalyst 5 times more active. 

It is of interest to point out that when using Eq. 10 the reaction profile 
obtained is identical to that predicted by Eq. 9. A further general point is that 
when applying the various kinetic equations for both Fe and Co catalysts it is 
found that a change in the partial pressure of hydrogen has a greater effect on 
the reaction rate than a similar change in the partial pressure of carbon 
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monoxide. This possibly explains why so many ‘apparently different’ yet 
apparently satisfactory kinetic equations have been reported in the literature. 

When using the kinetic Eqs. 2 (for Fe) and 6 (for Co) the response of 
cobalt catalysts to changes in total operating pressure is different to that 
observed with iron catalysts. The calculated results shown below are for once 
though operation (i.e., no recycle). When the total pressure was changed the 
total feed gas flow rate was changed by the same factor, thus keeping the 
entrance gas linear velocity the same (i.e., the residence times in the reactors 
were similar). _____ 


Catalyst 

Pressure(bar) 

Conversion % 

Relative production 

Co 

60 

47 

109 

Co 

30 

86 

100 

Co 

3 

99 

12 

Catalyst 

Pressure(bar) 

Conversion % 

Relative production 

Fe 

30 

37 

43 

Fe 

60 

37 

86 

Fe (5x more active) 

30 

68 

79 

Fe (5x more active) 

60 

68 

158 


The calculations show that, for iron catalysts, when the operating pressure 
is doubled the degree of conversion stays the same, which means that the FT 
production rate is doubled. This is in keeping with actual pilot plant results (see 
Chapter 2, Section 1.1 and Chapter 3, Table 20). For cobalt catalysts the 
calculations indicate that the degree of conversion decreases as the pressure is 
increased and so the extent of the increase in production with increasing 
pressure is not as large as for iron catalysts, especially at the higher pressures. 
Note again that even if the iron catalyst’s activity is increased five fold the FT 
production is much lower than for the cobalt catalyst at the same operating 
pressure of 30 bar. At 60 bar, however, the production (and the percent 
conversion) of the higher activity iron catalyst exceeds that of the cobalt 
catalyst. If of course the activity of the cobalt catalyst were to be increased the 
situation would again shift in favour of the cobalt catalyst. 

Although cobalt catalysts clearly appear to have a big advantage it must be 
pointed out that this does not mean that high conversions cannot be achieved 
with existing Fe catalysts. In the Sasol pilot plants, using the commercial Fe 
LTFT catalyst, it has been demonstrated that over 90% conversion can be 
attained at LTFT operating conditions. This entails using two reactors (fixed or 
slurry bed) in series with water knock-out between the two reactors and also 
each reactor operating in the recycle mode (which involves feeding some tail 
gas, after water knock-out, together with fresh syngas feed to the reactor). This 
mode of operating lowers the average water vapour pressure in the reactors and 
thus increases the FT reaction rate. This scheme obviously, however, increases 
construction and operating costs. For the HTFT process (fluidized bed at about 




596 


340°C) conversions over 90% are readily obtained in single stage reactors 
operating with recycle. 

It should be noted that Fig. 17 depicts the performance of fresh catalysts. 
With time on stream (TOS) Fe catalysts (and to a lesser extent Co catalysts) 
deactivate. If the FT reactors are slurry bed units then in the case of iron 
catalysts, because of their relatively low cost, high conversion levels can be 
maintained by regular, on line, addition of fresh catalyst. This should narrow the 
difference in performance between the two types of catalysts. The superior 
performance of cobalt relative to iron catalysts nevertheless does mean that high 
conversions can be achieved in a single stage reactor without the need for large 
tail gas recycle flowrates. Thus fewer or smaller reactors would be required to 
produce a given amount of hydrocarbon product in the case of cobalt catalysts 
whereas with iron catalyst more reactors operating in tandem would be required. 
In the case of cobalt catalysts high conversion levels do of course result in high 
H 2 O/H 2 ratios in the reactor. At 90% conversion the ratio at the reactor exit will 
be about 4.2. It is known that these high ratios accelerate the rate of deactivation 
due to enhanced sintering rate, oxidation of the smaller cobalt crystals present 
and also to the formation of inert compounds with the catalyst support material 
(see Section 3.3). To minimise these effects a two stage operation, with water 
knock-out between the stages, may have to be applied. Alternatively a larger 
reactor with recycle of a portion of the tailgas (after water knock-out) could be 
applied. The number or cost of the reactors will, however, still be lower than 
that required when using iron based catalysts. 

For both iron and cobalt catalysts, operating at higher pressures means 
higher production rates per reactor can be achieved. The maximum practical 
pressure will, however, be determined by the heat exchange capacity of the 
reactor and by the cost of feed gas compression. Effective removal of the heat of 
reaction, particularly in the case of cobalt catalysts, is vital to avoid the 
production of high levels of methane. At high pressures and low temperatures 
volatile cobalt carbonyls are formed and this would lead to loss of cobalt metal 
from the reactor. For iron based catalyst this does not occur. In the case of Co 
catalysts in multi-tubular fixed bed reactors, operating once through at high 
conversion levels would mean a large drop in linear gas velocity in the lower 
sections of the tubes. This could result in poorer heat exchange rates in those 
sections and so some recycle of tail gas may in any event be required. 
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Chapter 8 

Basic studies 

M. Claeys and E. van Steen 

Catalysis Research Unit, Department of Chemical Engineering, 

University of Cape Town, Rondebosch, South Africa 

1. SURFACE SPECIES, REACTION INTERMEDIATES AND 
REACTION PATHWAYS IN THE FISCHER-TROPSCH SYNTHESIS 

The imderstanding of the fundamental processes taking place on metal surfaces 
during the Fischer-Tropsch synthesis will lead to improved catalyst design and 
improved, macroscopic description of the Fischer-Tropsch process. Reaction 
parameters can then be selected to optimise product formation. Knowing the 
possible surface species on the catalyst surface during the Fischer-Tropsch (FT) 
synthesis, and their reactivity, enables the formulation of reaction pathways. 
This insight leads to mechanistic descriptions for the rate of product formation 
in the FT synthesis. 

1.1 Surface species and reaction intermediates 

A large number of surface species may exist on the catalyst surface at 
steady-state in the Fischer-Tropsch synthesis. A summary of some of the 
experimentally observed and postulated surface species is given in Fig. 1. All 
these surface species can be generated from the reactants hydrogen and carbon 
monoxide on metal surfaces, which are catalytically active in the FT synthesis. 

The chemisorption of hydrogen is an activated process [1] yielding mono- 
atomic hydrogen (1). Chemisorbed hydrogen is preferentially adsorbed on three¬ 
fold hollow sites on all metal surfaces active in the FT synthesis Ru(OOl) [2], 
Fe(llO) [3], Co(OOOl) and Ni(lll) [4]). Subsurface hydrogen has been 
postulated as a possible source of hydrogen in the FT synthesis [5], but is 
slightly less stable than hydrogen adsorbed at the surface [4]. Hence, subsurface 
hydrogen is not likely to play an important role in the FT synthesis. 
Chemisorbed hydrogen has a high surface mobility [6]. It is therefore assumed 
that chemisorbed, mono-atomic hydrogen reacts with other surface species 
during the FT synthesis [7]. The high mobility of hydrogen implies that 
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adsorption of hydrogen and its consumption for the formation of organic surface 
species does not necessarily take place at the same site and may even spillover 
to another metal crystallite (see e.g. Ref. [8]). 



Figure 1 Some of the experimentally observed and postulated surface species on the 
catalyst surface during the Fischer-Tropsch synthesis (R= CnH 2 n+i with n>0) 

The chemisorption of carbon monoxide on metal surfaces has been well 
studied in the past. The adsorption of carbon monoxide on metal surfaces is 
mainly due to the interaction of the filled 5 ct orbital and the double degenerated 
27t* orbital of CO [9-11] and the centre of the metal d-band [12]. Three different 
modes of chemisorbed carbon monoxide are known, i.e. atop (2), bridged (3) 
and vicinal (4). Carbon monoxide adsorbed on atop and bridged sites has been 
shown using IR-measurements [13]. These modes of adsorption have also been 
confirmed using low energy electron diffraction (LEED) and photon electron 
spectroscopy (PES). The preferential adsorption site for carbon monoxide on 
metal surfaces capable of catalysing the FT synthesis is the on-top site 
(Co(OOOl) [14]; Ru(OOOl) [15]), except on Ni(l 11) where the bridge site seems 
to be preferred [16]. 
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Chemisorbed carbon monoxide can dissociate yielding surface carbon (5) 
and surface oxygen ('17') . The dissociative adsorption of carbon monoxide seems 
to be suppressed going from left to right and from 3d to 5d in the periodic table 
of transition metal atoms [16-18], Ciobica and van Santen [19] investigated 
various pathways for CO dissociation on planar and stepped Ru surfaces, viz. 
direct CO dissociation, hydrogen assisted CO dissociation and surface 
Boudouard reaction. Ruthenium was investigated, since this metal represents an 
intermediate case between associative CO-chemisorption and dissociative 
chemisorption. On stepped surfaces direct CO dissociation seemed to be 
favoured, whereas on planar Ru(OOOl) surface CO dissociation via hydrogen 
insertion seems to be the preferred reaction pathway. Blyholder and Lawless 
[20] suggested hydrogen assisted CO dissociation on a Fen cluster yielding 
surface CH and surface oxygen species. This dissociation pathway had a lower 
calculated activation energy than the imassisted dissociation of carbon 
monoxide. 

Surface carbon (5), which is preferentially located in hollow sites [17], 
may diffuse into the bulk of the metal yielding carbidic carbon or agglomerate 
yielding graphitic carbon. The formation of stable carbidic phases has been 
observed with iron based Fischer-Tropsch catalysts [21-23]. The formation of 
graphitic carbon under Fischer-Tropsch conditions has been observed by Bonzel 
and Krebs [24] and Dwyer and Hardenbergh [25]. 

The sequential hydrogenation of surface carbon (5) yields surface 
methylidyne (6), surface methylene (7) and surface methyl (8) species. The 
existence of CHx-species (x=l-3) on a nickel surface after CO hydrogenation 
was demonstrated using secondary ion mass spectroscopy (SIMS) [26] and on 
mthenium based catalysts using IR-studies [27]. The existence of methylene and 
methylene species was detected after CO hydrogenation over Fe(llO) using 
electron energy loss spectroscopy (EELS) [28]. Furthermore, the addition of 
pyridine to synthesis gas as a scavenger [29], revealed the presence of alkyl 
groups on the surface, since the product stream contained 2-methyl-pyridine, 2- 
ethyl-pyridine and 2-propylpyridine. Most quantum-chemical calculations 
indicate that methyl is preferentially located on atop sites, methylene on bridge 
sites and methylidyne on hollow sites (e.g. [30]), although some report 
methylene to be most strongly adsorbed on hollow sites [31]. The importance of 
surface methylene and methylidyne species in the FT synthesis was highlighted 
by van Bameveld and Ponec [32, 33]. They observed in the conversion of 
CFIxCLt-x in the presence of hydrogen long chain hydrocarbons for x=l or 2, 
whereas only methane was obtained with methylchloride (x=3). This shows that 
the presence of surface methylene or methylidyne species may result in chain 
growth. Brady and Pettit [34, 35] came to a similar conclusion after their studies 
on the conversion of diazomethane over transition metal surfaces. 
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Surface species 9 to H. can be generated from reaction between surface 
species 5, 6 or 7 with a surface alkyl group (species 8 or IJ.). The alkylidyne 
species (9) has been identified as a species present on the metal surface during 
olefin hydrogenation (especially ethene hydrogenation, see e.g. [36]). The 
alkylidyne species is preferentially adsorbed on hollow sites with its C-C axis 
perpendicular to the surface. This adsorption mode is analogous to the 
adsorption of the surfaee methylene species (6). The surface alkylidene species 
(fO) has been postulated as an intermediate in the conversion of adsorbed ethene 
into ethylidyne, although some studies regard this reaction pathway as 
unfavourable [37]. The surface alkyl species (IJ.) has been observed under 
Fischer-Tropsch conditions [29]. 

The surface alkyl species (12) might be a precursor for the formation of 
branched products in the FT synthesis. It might be generated by the reaction of a 
surface alkylidene species (10) with a surface methyl species or by re-adsorption 
of a primarily formed a-olefin. The first reaction pathway is indirectly 
supported by the results obtained by Calvalcanti et al. [38], who observed 
increased formation of branched hydrocarbons in the synthesis gas conversion 
over Ru/KY upon addition of methyl iodide. Schulz et al. [39] observed upon 
addition of ‘‘‘C-propene to synthesis gas in the FT synthesis with cobalt the 
formation of radioactive labelled methyl branched products. They concluded 
that re-adsorbed propene acts as an intermediate for the formation of branched 
compounds. 

Surface species 13 and 14 represent 7t-coordinated adsorbed olefin and the 
di-a-coordinated olefin complex. Analogues of this type of bonding are well 
known in coordination chemistry [40]. These surface species might be important 
in the re-adsorption of reactive olefins under Fischer-Tropsch conditions. 

The surface ally! species (15) and vinyl species (16) are key intermediates 
in the alkenyl mechanism [41]. 

Surface oxygen (17) will be generated by the unassisted dissociation of 
chemisorbed CO. Surface oxygen can react with adsorbed hydrogen yielding a 
surface hydroxyl group (18), react with adsorbed CO yielding CO 2 , diffuse into 
the bulk of the metal causing the generation of an oxide phase (e.g. with iron 
based catalysts the formation of magnetite under Fischer-Tropsch conditions 
from a-Fe is well documented [22]). The removal of surface oxygen is generally 
assumed to be fast, since under Fischer-Tropsch conditions the surface is mainly 
covered with carbon [42]. Surface oxygen (17) and surface hydroxyl (18) 
species are preferentially adsorbed on hollow sites (high coordination sites) and 
form mainly ionic bonds [43]. The strength of chemisorption increases with 
decreasing d-band filling. Johnston and Joyner [44] proposed the involvement of 
surface hydroxyl species (18) in the formation of oxygenated product 
compounds. 
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The surface species (19) and (20) are key intermediates in the enol- 
mechanism [45], but these surface species have not yet experimentally been 
observed. 

The oxygen containing surface species (21) to (23) have been proposed as 
intermediates in the CO-insertion mechanism [46], Analogue homogeneous 
complexes to surface species (21) have been reported [47]. 

1.2 Reaction pathways in the Fischer-Tropsch synthesis 

The Fischer-Tropsch synthesis is a polymerisation reaction, in which the 
monomers are being produced in-situ from the gaseous reactants hydrogen and 
carbon monoxide. Thus, all reaction pathways proposed in literature will have 
three different reaction sections, i.e. 

1. generation of the chain initiator 

2. chain growth or propagation 

3. chain growth termination or desorption 

It is generally assumed that not a single reaction pathway exists on the 
catalyst surface during the FT synthesis, but that a number of parallel operating 
pathways will exist. Numerous reaction pathways have been proposed to explain 
the observed product distribution in the FT synthesis. The four most popular 
mechanisms will be discussed in more detail. 

1.2.1 ‘Alkyl’ mechanism 

The alkyl mechanism is presently the most widely accepted mechanism for 
chain growth in the FT synthesis. Fig. 2 shows the proposed reaction pathways 
for this mechanism. Chain initiation takes place via dissociative CO- 
chemisorption, by which surface carbon and surface oxygen is generated. 
Surface oxygen is removed from the surface by reaction with adsorbed hydrogen 
yielding water or with adsorbed carbon monoxide yielding CO 2 . Surface carbon 
is subsequently hydrogenated yielding in a consecutive reaction CH, CH2 and 
CH3 surface species. The CH3 surface species is regarded as the chain initiator, 
and the CH 2 surface species as the monomer in this reaction scheme. Chain 
growth is thought to take place by successive mcorporation of the monomer, 
CH 2 surface species. Product formation takes place by either P-hydrogen 
abstraction or hydrogen addition yielding a-olefins and n-paraffins as primary 
products. The surface species involved in the ‘alkyl’-mechanism have been 
found on the catalyst surface during the FT synthesis (see Section 1) [26-29]. 

This mechanism developed out of the so-called ‘carbide’-mechanism 
originally proposed by the early workers in this area [48, 49]. In this early 
mechanism the reaction was thought to proceed via the formation of metal 
carbides. Carbon in the carbide phase was thought to hydrogenate to CH 2 
species, which polymerise. Iron-based catalysts do form stable carbides under 
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Fischer-Tropsch synthesis, but other metals active in the FT synthesis, such as 
cobalt and ruthenium are not known to form carbides under typical Fischer- 
Tropsch conditions. Furthermore, a study by Kummer at al. [50] showed using 
an iron catalyst pre-carbided with radioactively labelled ‘'‘CO that only a small 
fraction of the products in the gasoil range obtained in the FT synthesis using 
unlabelled CO contained the radioactive label (less than 4.2%). This indicates 
that the carbide phase might be dynamically involved in the FT synthesis, but 
that carbon in the product compounds does not solely originate from carbide. 
Hence, this mechanism was subsequently rejected. 
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Figure 2 Reaction steps in the Fischer-Tropsch synthesis according to the ‘alkyl’ mechanism 
(R= C„H 2 „+i with n>0) 

The alkyl mechanism developed on the basis of the ‘carbide’-mechanism 
regained prominence again since early 1980. Brady and Pettit [34, 35] converted 
diazomethane in the presence and absence of hydrogen over transition metal 
catalysts. Ethene was the sole product in the absence of hydrogen implying a 
CH 2 -coupling and subsequent desorption. In the presence of hydrogen a product 
spectrum was obtained similar to that in the Fischer-Tropsch synthesis. This 
shows that CH 2 surface species can act as the monomer or are involved in the 
formation of monomer species for the formation of long chain hydrocarbons. 
Furthermore, the result of these experiments stresses the importance of 
hydrogen, which may enhance the formation of a chain starter, e.g. a CH 3 - 
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species. The absence of formation of long chain hydrocarbons in the absence of 
hydrogen might also be taken as an indication that the transformation of CH 
surface species into CHa surface species is irreversible. The decomposition of 
CHa surface species into CH surface species would yield surface hydrogen, 
which may facilitate the formation of long chain hydrocarbons as seen upon the 
addition of hydrogen to the conversion of diazomethane. This was not observed 
and hence the transformation of CH surface species into CHa surface species 
might be regarded to be irreversible. 

The experiments by Brady and Pettit [34, 35] were substantiated by 
experiments performed by van Bameveld and Ponec [32, 33], who converted 
CHxCU-x (x=l-3) in the presence of hydrogen over typical Fischer-Tropsch 
catalysts. They observed the formation of methane in the conversion of CH3CI, 
whereas a typical Fischer-Tropsch product distribution was obtained in the 
conversion of CHCI3 and CHaCla. The formation of long chain hydrocarbons 
from the hydrogenation of CH3CI was expected, if the transformation of a CH2 
surface species into a CH3 surface species was reversible. 

The formation of C-C bonds in die Fischer-Tropsch synthesis is still under 
debate. In the ‘alkyl’-mechanism it is proposed that C-C bond formation takes 
place through a CH 2 -alkyl coupling reaction. This route has been investigated by 
Zheng et al. [30], who observed a substantial energy barrier for both 
proximation of the surface species involved and for the actual coupling reactions 
on a Co(OOOl) surface. De Koster and van Santen [51] investigated theoretically 
the co-adsorption of CH 3 surface species and CH 2 surface species on different 
sites on a Rh(l 11) surface. The occurrence of C-C bond formation could not be 
found. Hence, Ciobica et al. [52] formulated two in parallel operating reaction 
pathways with some similarity to the ‘alkyl’-mechanism. The low energy 
reaction pathway for C-C coupling on Ru(OOOl) involves the reaction between 
an alkyl surface species and a methylidyne surface species yielding an 
alkylidene surface species. The alkylidene surface species is subsequently 
hydrogenated to a surface alkyl species. In this reaction pathway the CH 2 - 
insertion in the ‘alkyl’-mechanism is replaced by a CH-insertion with 
subsequent hydrogenation. As an alternative reaction pathway Ciobica et al. [52] 
proposed C-C coupling through the reaction of an alkylidene surface species 
with a methylidyne species. The formed complex is subsequently hydrogenated 
yielding an alkylidene surface species. The desorption pathway involves the 
hydrogenation of the alkylidene surface species to the corresponding alkyl 
surface species, which can then undergo hydrogen addition yielding n-paraffin 
or P-hydrogen elimination yielding an a-olefin. An alternative reaction 
mechanism was proposed by Dry [53], in which CH 2 -CH 2 coupling leads to the 
formation of a di-a bound surface species as the growing chain (see also 
Chapter 3). 
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The chain propagation in the ‘alkyl’ mechanism is generally considered to 
be irreversible as well, since the reverse reaction, hydrogenolysis, is strongly 
inhibited by CO [46, 54]. It should however be noted that Schulz et al. [39] 
observed some cracking of added radioactively labelled n-hexadecene-(l) under 
Fischer-Tropsch conditions with a cobalt catalyst indicating some 
hydrogenolysis activity. 

Chain termination occurs in the ‘alkyl’-mechanism through hydrogen 
addition yielding n-paraffins or through (i-H-elimination yielding a-olefins. The 
j3-hydrogen elimination is a reversible reaction allowing for the re-incorporation 
of primarily formed olefins into longer chain hydrocarbons. a-Olefins and n- 
paraffins are the main products of the FT synthesis. Both have been identified as 
primary products in the FT synthesis by a large number of studies. The classical 
method to identify primary products is to follow the selectivity of the reaction 
(or the selectivity in a certain carbon number fraction) as a function of space 
velocity, i.e. conversion. At high space velocity (and thus low conversion) the 
selectivity of secondary products will tend to zero, whereas the selectivity of 
primary products will assume the value of the primary selectivity. In this manner 
n-paraffins and a-olefins were identified as primary products of FT synthesis 
[55-57]. Tau et al. [58] investigated the secondary reaction of 1-pentene during 
the FT synthesis at 7 bar, 260°C, H2/CO=2, in a slurry reactor over a fused iron 
catalysts. The Cs-fraction in the FT synthesis contained 20% n-pentane. 
Hydrogenation of co-fed 1-pentene was not observed implying a primary 
selectivity for the formation of n-paraffins of 20%. A primary selectivity of 20% 
for paraffins was also suggested by Schulz and Gokcebay [59] from their studies 
over iron-manganese catalysts. 

Branched hydrocarbons are also formed in small amounts in the FT 
synthesis. They are partially formed from re-adsorbed olefins, such as propene 
[39]. Lee and Anderson [60] concluded that the amount of branched 
hydrocarbons formed is larger than would be expected based on re-incorporation 
of re-adsorbed olefins. Hence, additional reaction pathways for the formation of 
branched hydrocarbons need to be considered. The main reaction pathway of the 
‘alkyl’-mechanism does not include the formation of branched hydrocarbons. 
Schulz et al. [61, 62] proposed a reaction pathway for the formation of branched 
hydrocarbons involving the reaction of an alkylidene surface species and a 
methyl surface analogue to the ‘alkyl’-mechanism (see Fig. 3). The alkylidene 
surface species may originate from a reaction between an alkyl species and 
methylidyne. The branched alkyl species can undergo similar desorption 
reactions to those proposed for n-alkyl species. 

The ‘alkyl’-mechanism cannot explain the formation of oxygenates in the FT 
synthesis. However, Johnston and Joyner [44] proposed the involvement of 
surface hydroxyl groups in the formation of oxygenates. The coupling of a 
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surface hydroxyl group with an alkyl group may lead to the formation of 
alcohols. Experimental evidence for the participation of surface hydroxyl groups 
in the formation of oxygenates is still lacking. 
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Figure 3 Proposed reaction pathways for the formation of branched hydrocarbons in the 
Fischer-Tropsch synthesis according to Schulz et al. [61,62] 

1.2.2 ‘Alkenyl’ mechanism 

Maitlis and co-workers [41, 63] proposed an alternative reaction pathway 
to predict the formation of olefins in the Fischer-Tropsch synthesis negating the 
sp-sp^ coupling of methylene species in bridged position with methyl species 
adsorbed at atop position as proposed in the ‘alkyl’-mechanism (see Fig. 4). The 
initial activation of carbon monoxide and its transformation into CH^ surface 
species are identical to the proposed ‘alkyl’-mechanism. The formation of the 
first C-C bond occurs through the coupling of methylidyne (CH) and methylene 
(CH 2 ) to form a vinyl surface species (CH=CH 2 ), which is considered as the 
chain initiator. This coupling reaction is predicted to have an activation energy 
of 55.9 kJ/mol over Co(OOOl) and 116.5 kJ/mol over Ru(OOOl) [31]. 

Chain propagation involves the addition of a methylene species to a 
surface alkenyl-species (vinyl species) yielding a surface allyl species. This is 
followed by an allyl-vinyl isomerization forming an alkenyl species. 

Product desorption involves the hydrogen addition to an alkenyl species 
yielding a-olefins. This mechanism fails to explain the primary formation of n- 
paraffins, and the co-existence of an alternative chain growth pathway is 
required [64], e.g. the one proposed by Ciobica et al. [52], According to this 
reaction scheme the formation of branched product compounds might be via the 
isomerization of an allylic intermediate p ^-CH 2 CH=CHR to r| ^-CHRCH=CH 2 . 
The subsequent allyl-vinyl isomerization and reaction with surface methylene 
will lead to branched products. 
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Figure 4 ‘Alkenyl’ mechanism according to Maitlis et al [41,63] (R= C„H 2 „+i with n>0) 

1.2.3 ‘Enol’ mechanism 

Workers at the Bureau of Mines [45] proposed an alternative reaction 
scheme involving oxygen containing (enol) surface species (see Fig. 5). 
According to this mechanism chemisorbed CO is hydrogenated to enol surface 
species. The formation of an adsorbed complex with H 2 :CO=l:l finds some 
support in the observed ratio of adsorbed hydrogen and carbon monoxide in 
adsorption experiments involving mixtures of H 2 and CO on cobalt [65] and 
results of desorption experiments on an iron based catalyst [66]. 

Chain growth occurs through a condensation reaction between enol species 
under elimination of water. The occurrence of branched hydrocarbons is thought 
to originate from the involvement of a CHROH surface species. 
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Termination of the chain growth process or desorption yield oxygenates 
(aldehydes and alcohols) and a-olefins. According to this reaction mechanism n- 
paraffins are formed secondarily by hydrogenation of primarily formed olefins. 
The primary formation of n-paraffins would require an alternative reaction 
pathway. The formation of acids in the Fischer-Tropsch synthesis was 
postulated as a secondary reaction of primarily formed aldehydes as a result of 
Can n izzaro reactions. Acids reacting with an alcohol yields esters. 


1.2.4 ‘CO-insertion’ mechanism 

The ‘CO-insertion’-mechanism, which was originally proposed by Sternberg 
and Wender [67] and Roginski [68], was fully developed by Pichler and Schulz 
[46]. The mechanism is based on the known CO-insertion from coordination 
chemistry and homogeneous catalysis (see Fig. 6). 
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Figure 6 ‘CO-insertion’ mechanism for chain growth in the Fischer-Tropsch synthesis 
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In the ‘CO-insertion’ mechanism chemisorbed CO is the monomer. The 
chain initiator is thought to be a surface methyl species. The reaction pathway 
leading to the formation of the surface methyl species differs from the ‘alkyT- 
mechanism at the time of the oxygen elimination from the surface species. 

Chain growth takes place by CO-insertion in a metal-alkyl bond leading to 
a surface acyl species. This reaction step is well known in homogeneous 
catalysis [47]. The elimination of oxygen from the surface species leads to the 
formation of the enlarged alkyl species. 

Various reaction pathways are proposed for product desorption. The 
reaction steps leading to the formation of n-paraffuis and a-olefins are identical 
to those proposed in the ‘alkyT-mechanism, i.e. hydrogen addition and P- 
hydrogen elimination. Chain termination reactions may also involve oxygen 
containing surface species leading to the formation of aldehydes and alcohols. 
Hydrogen addition to an acyl species (not shown in Fig 6) will lead to aldehyde 
formation. These product compounds can also be formed by P-H-elimination of 
the RCHOH species yielding an enol (R=CHOH), which is known to isomerise 
quickly in the absence of a catalyst to an aldehyde. Alcohol formation can take 
place by hydrogen addition to a RCHOH surface species. Formation of ketones 
is proposed to occur through the addition of a surface alky group to the acyl 
species. 

The ‘CO-insertion’ mechanism is viewed by many researchers as the main 
reaction pathway leading to the formation of oxygenates [69, 70]. 


2. RATE OF CO-CONSUMPTION IN THE FT SYNTHESIS 

Adequate rate expressions are needed for up-scaling and process optimisation of 
Fischer-Tropsch reactors and, if related to the formation of the individual 
product compounds or classes, for directing selectivity. The kinetics of the 
Fischer-Tropsch synthesis has been studied extensively. The rate of synthesis 
gas consumption or CO consumption is usually correlated with the gas phase 
concentrations of carbon monoxide, hydrogen and/or water. 

In the FT synthesis carbon monoxide is consumed for the formation of 
organic compoimds and for the formation of carbon dioxide. From an elemental 
balance it thus follows that the rate of consumption of CO equals the rate of 
formation of organic compounds in the FT synthesis on carbon basis (units: 
mmol C/(g‘min)) plus the rate carbon dioxide formation: 


-rco =rc,org +^702 


(1) 
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The rate of formation of organic product compounds on carbon basis equals the 
rate of CO consumption for the formation of organic product compounds. The 
rate of CO consumption equals the rate of formation of organic product 
compounds on carbon basis, if the rate of CO 2 formation is negligible (e.g. for 
cobalt or ruthenium catalysed FT synthesis). 


2.1 Rate of CO consumption for the formation of organic products 

Many correlations for the rate of CO consumption or synthesis gas 
consumptions have been published. The rate expressions developed before 1974 
have been summarised by Vannice [71]. An overview of rate equations for iron 
catalysts is given by Huff and Satterfield [72] and van der Laan and Beenackers 
[73] and for cobalt catalysts by Yates and Satterfield [74]. 

Most kinetic expressions have been developed empirically fitting the data 
to a power-law relationship. This is a powerful technique to gain some insight in 
the actual processes taking place on the catalyst surface, but hardly adequate for 
scale-up. Some rate expressions have been developed based on certain 
assumptions regarding the elementary reaction steps taking place on the catalyst 
surface. For the development of the rate expression, a rate-determining step is 
postulated. 

Anderson [21] postulated the rate of desorption of growing chains on the 
catalyst surface to be the rate determining step. The rate of consumption of 
carbon monoxide for cobalt catalysts was assumed to be proportional to the rate, 
at which growing hydrocarbon chains desorb from the surface. The 


concentration of the growing chains was empirically correlated top^ -pcO’ 

The rate of desorption in the Fischer-Tropsch synthesis must be slow, since 
otherwise low molecular weight hydrocarbons (especially methane) would only 
be formed. Inhibition of desorption of the growing chains makes chain growth 
feasible. It is however possible to decrease the rate of desorption of the growing 
chains forming longer chain hydrocarbons. The rate of CO consumption will 
then have increased. Hence, the rate of desorption cannot correlate with the rate 
of consumption of carbon monoxide. The rate of desorption in conjunction with 
the rate of CO-consumption for the formation of organic product compounds 
controls the average chain length and thus the product distribution. 

Rautavuoma and van der Baan [75] and Huff and Satterfield [72] 
concluded from their measurements, using a cobalt, and a reduced fused 
magnetite, catalyst that the rate of consumption of synthesis gas can be modelled 
assuming the rate of formation of the monomer to be the rate determining step. 
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The rate equations developed could describe the obtained experimental results 
reasonably well in the range of experimental conditions. This assumption used 
in the derivation for these rate expressions implies that all previous and 
consecutive steps in the Fischer-Tropsch synthesis are assumed to be much 
faster. All elementary reactions, except the rate-determining step can thus be 
regarded to be close to equilibrium. However, assuming all steps following the 
rate-determining step being close to equilibrium implies that the product 
distribution will be almost thermodynamically controlled. This is clearly not the 
case, since the product spectrum usually contains much less methane and much 
higher molecular weight organic compounds than predicted on the basis of 
thermodynamics, as desired for the practical application of the Fischer-Tropsch 
synthesis. 

The Fischer-Tropsch synthesis is a polymerisation reaction with the 
successive addition of Ci-monomer units [76]. It was recently pointed out that 
therefore polymerisation principles rather than the rate determining step should 
be used for the development of rate expressions describing CO-consumption in 
the Fischer-Tropsch synthesis [77]. 

Three classes of reactions are distinguished in polymerisation reactions viz. 
initiation, propagation and termination. The rate of reaction is the sum of the 
rate of initiation, propagation and termination. Initiation, propagation and 
termination steps can also be found in the Fischer-Tropsch synthesis (see 
Section 1.2). The rate of formation of organic product compounds on carbon 
basis is therefore equal to the sum of the rate of formation of chain initiator, rate 
of propagation and rate of desorption with all rates expressed in rate on carbon 
basis in the specific reaction step: 

^C,org “ ^C,initiation propagation hc;,ter min ation 


( 2 ) 
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In normal polymerisation reactions, in which high molecular weight 
products are formed, the rate of termination can be neglected, since the rate of 
propagation must be much larger than the rate of termination. Hence, the rate of 
termination can be neglected. The average molecular weight of the organic 
products formed in the Fischer-Tropsch synthesis is too low to neglect the rate 
of termination in comparison to the rate of propagation. However, the proposed 
termination reactions in the Fischer-Tropsch synthesis according to most 
mechanisms do not involve carbonaceous species (see Section 1.2). The 
formation of the main products in the Fischer-Tropsch synthesis, hydrocarbons, 
is thought to involve either H-addition or (i-H-abstraction. Hence the rate of 
termination based on carbon basis equals zero. 

hZ.org ~ initiation propagation (^) 

In order to develop from here rate expressions correlating the rate of 
formation of organic CO-consumption with gas phase concentrations of 
reactants and product compounds, a certain mechanism has to be assumed. In 
the further development described here, it will be assumed that the ‘alkyl’- 
mechanism is correct (see Fig. 2), although similar rate expressions can be 
derived based on the other proposed reaction mechanisms. The formation of 
oxygenates, such as n-alcohols and methyl alkyl ketones, is thought to be 
formed through CO-insertion. The amount of oxygenates formed is relatively 
small compared to that of the hydrocarbons. In the development of the rate 
expression it is assumed that the carbon incorporation in growing chains through 
CO insertion is negligibly small. 

The methyl surface species is regarded as the chain initiator in the ‘alkyT- 
mechanism. Thus, the rate of formation of the chain initiator equals the rate of 
formation of the methyl surface species. 

^C,org =^CH 3 + ^C,propagation W 

In the further derivation it is assumed that the major reaction pathway for the 
formation of surface methyl species is the hydrogenation of surface methylene 
species, i.e. the contribution of hydrogenolysis to the formation of methyl 
surface species can be neglected [46, 54]. 

From the evidence in literature it seems clear that chain growth involves 
incorporation of CH 2 surface species into growing chains (chain growth through 
a sequential CH insertion followed by hydrogenation as proposed by Ciobica et 
al. [52] will lead to identical rate expression). For the derivation of the model it 
is assumed that CH 2 insertion is the only reaction for chain growth. 

According to the ‘alkyl’ -mechanism surface methylene (CH 2 ) species are 
formed by hydrogenation of surface methylidyne (CH) species. The surface 
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methylene species is being consumed for the formation of the chain starter 
(methyl species) or for the incorporation into growing chains. The rate of 
incorporation of monomer units has been shown to be dependent on the carbon 
number of the growing chain [62, 78, 79]. The rate of incorporation into 
growing chains represents here the sum of the rate of incorporation into chains 
of all sizes. 

At steady state the net rate of formation of CHi surface species equals zero. 
Therefore, the rate of formation of CH 2 surface species by hydrogenation of CH 
species (rcH^CH 2 ) ^<?uals the rate of formation of the chain starter ) 

plus the rate of incorporation (re,propagation )■ Substituting this back into the rate 

of formation of organic product compoimds on carbon basis leads to the 
conclusion tiiat the rate of formation of CH 2 surface species equals the rate of 
CO consumption for the formation of organic compounds: 

TQorg =rcH^CH2 

Treating the FT synthesis as a polymerisation reaction leads to a similar 
conclusion, which was drawn by other authors [72, 75] from their kinetic 
experiments without invoking the existence of a rate-determining step and its 
necessary consequences. 

Since CH surface species are not accumulated on the surface at steady state 
conditions, the net rate of formation of CH 2 surface species equals the net rate of 
formation of CH species. It is assumed here that CH-species can only be 
hydrogenated to CH 2 -species. The rate of consumption of carbon monoxide for 
the formation of organic compounds can thus be expressed as the rate of 
formation of CH surface species: 

rc,org = rc^CH = rcH^CH2 (^) 

It has been pointed out, that CH surface species might also be incorporated 
into growing chains [61, 62]. The incorporation of these units into growing 
chains would lead to the primary formation of branched compounds. Although 
the primary formation of branched organic products was not taken into account 
in this derivation, its inclusion will lead to the same result. 

If the formation of CH surface species can be regarded to be an irreversible 
hydrogenation of surface carbon, the net rate of formation of these surface 
species is proportional to the fractional coverage with surface carbon and the 
fractional coverage with surface hydrogen: 

fQorg =kc^CH 'Qc 


(V) 
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The rate of formation of organic compounds on a carbon basis can now 
principally be derived using the steady-state approximation for C, H, CO, O and 
OH surface species. For simplicity, it might be assumed that these species are in 
equilibrium with the gas phase compounds 


H2 + 

CO + 

co* + 

o* + 


2 H’* 


2 H* 
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Ph 2 -e* 

(8) 

CO* 
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c* + 
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Y • 60 

^ ©CO • 6* 
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H20 + 
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PHjO'Q* 

'^H20 = 2 

(11) 


(* denotes an active site on the catalyst surface) 


It is well known that the various surface species bind differently to the 
catalyst surfaces. Nevertheless, it is assumed in the equilibrium between surface 
species and gas phase compounds postulated above, that each surface species 
occupies a single active site. The catalyst surface consists of coordinatively 
unsaturated metal atoms. A metal atom can principally bond to more than one 
surface species. The surface species do occupy a certain geometric space and 
limit in this way the access to surface metal atom. The number of active sites is 
therefore not directly proportional to the number of surface metal atoms, nor to 
the number of coordinatively unsaturated bonds. In the above postulated 
equilibrium, it is assumed that all surface species occupy approximately the 
same geometric space. It is further assumed that the dissociative adsorption of 
hydrogen requires two adjacent metal atoms. 

With the assumed equilibrium, the coverage with surface carbon and 
surface hydrogen can be estimated and the rate of consumption of carbon 
monoxide for the formation of organic compounds can be expressed as: 

5 „ 

-i PHt PCO j 

J'Qorg =1^C^CH ‘Kco •J^H20-9* (12) 

PH2O 


Under realistic Fischer-Tropsch conditions the catalyst surface is mainly 
covered with surface carbon. The rate of formation of organic compounds can 
then be expressed as: 
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(13) 


The high reaction order with respect to hydrogen reflects the double 
function of this compound, i.e. the hydrogenation of surface carbon yielding 
organic product compounds and the removal of surface oxygen from the surface. 
The influence of water as described here is indirect. At high water partial 
pressures the coverage with surface carbon will decrease due to an increase in 
the surface coverage of oxygen, which will suppress the formation of surface 
carbon via the dissociation of surface CO. 

This rate expression was successfully correlated with experimental 
conditions [77]. Fig. 7 shows the principal dependency of the partial pressure of 
hydrogen, carbon monoxide and water on the rate of formation of organic 
product compounds. All partial pressures cause an initial increase in the rate of 
formation followed by a decrease at high partial pressures. The decrease at high 
partial pressures is caused by the depletion of one of the two or both of the 
necessary surface species for the formation of hydrocarbons, i.e. surface carbon 
and surface hydrogen. For instance, an increase in the partial pressure of 
hydrogen will initially increase the surface coverage with hydrogen and thus to 
an increase of the rate of formation. Increasing the hydrogen partial pressure 
further will lead to a depletion of surface carbon leading to a decrease in the rate 
of formation. A more indirect effect is caused by water. 

The effect of water on the rate of formation of organic product compounds 
is indirect [80]. According to this model water affects the surface concentration 
of oxygen and over the CO-dissociation equilibrium the surface coverage of 
carbon. Increasing the water partial pressure will therefore reduce the amount of 
surface carbon. At low water partial pressure, the surface coverage of carbon 
species is high and inhibits the adsorption of hydrogen. The catalyst surface is 
cleaned with increasing the water partial pressure by indirectly reducing the 
amount of surface carbon. This will thus lead to an increase in the rate of 
formation of organic compounds on a carbon basis. Increasing to high water 
partial pressure leads to a depletion of surface carbon and hence a reduction in 
the rate of formation of organic compounds on a carbon basis. 
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Figure 7 Principal dependency of rate of formation of organic product compounds (in mmol 
C/(gcat min) as a function of partial pressure of hydrogen (top), carbon monoxide (middle) and 
water (bottom) for iron, cobalt and ruthenium based catalysts [77,80] (solid lines: model 
prediction) 
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The rate expression predicts zero rate of formation of organic compounds 
in the absence of water. However, Fischer-Tropsch activity is observed in the 
absence of water (e.g. at the entrance of fixed bed reactors). Thus, the rate 
expression developed by van Steen and Schulz [77] cannot predict the rate of 
reaction under all Fischer-Tropsch conditions. 

The influence of water partial pressure on the rate of formation of organic 
product compounds on a carbon basis was introduced through the assumption of 
equilibrium between surface oxygen and water in the gas phase, which controls 
the removal of oxygen from the surface. Water is not necessarily in equilibrium 
with surface oxygen under Fischer-Tropsch conditions. 

The rate of removal of surface species equals the rate of formation of 
organic compounds on a carbons basis. The rational behind this is the balance of 
carbon and oxygen in CO, which is being consumed for the formation of organic 
product compounds. It is assumed here that the incorporation of ‘CO’-units in 
organic product compounds and thus the amount of oxygenated products formed 
is minimal. The coverage of the surface with oxygen can then be obtained by 
appropriate modelling of the rate removal of surface oxygen. For instance, if the 
reaction of surface oxygen and surface hydrogen can be considered to be 
irreversible: 

rc,org “^O-removal '^O ‘^H 

Substituting this result in Eq. (10) yields an expression for the surface coverage 
with carbon in terms of the rate of formation of organic product compounds on a 
carbon basis and the surface coverage with carbon monoxide and hydrogen: 

^ K-c • 9co • 9* _ kp ■ Kc • 9cO 9 h ' 9* 

h7,org 

Substituting this result back into the expression describing the rate of formation 
of organic compounds on carbon basis (Eq. 7) yields: 

fQorg = kc->CH • ko • • ®CO ' ' 6* (16) 


Assuming adsorption equilibrium between dissociatively adsorbed hydrogen and 
gas phase hydrogen, associatively adsorbed carbon monoxide and gas phase 
carbon monoxide, and assuming that the catalyst surface is mainly covered with 
carbon, leads to: 


_i 0.5 

rc,org - ^C->CH ' *^0 ' ' ^CO 


^ 0.5 „0.5 „0,5 
'PcO'PHo 


el 


(17) 
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with =-i—• (2 + 4 • Q - 2 • vr^4^) 
4-Q^ 



2.2 COi formation 

The Fischer-Tropsch synthesis over iron-based catalysts produces as a co¬ 
product significant amount of carbon dioxide. In the iron-catalysed high 
temperature Fischer-Tropsch synthesis (HTFT) the water-gas shift reaction is 
close to equilibrium. The amount of carbon dioxide present in the iron-catalysed 
low temperature Fischer-Tropsch synthesis (LTFT) is less than predicted by the 
water-gas shift equilibrium. Hence, secondary reactions involving hydrogen, 
carbon monoxide, carbon dioxide and water will produce carbon dioxide. With 
cobalt-based catalysts the formation of carbon dioxide can often be neglected. 

Relatively few studies have been published to model the formation of CO 2 
in the Fischer-Tropsch synthesis. Dry [81] showed that a reactor model 
incorporating carbon dioxide formation being proportional to the partial pressure 
of CO, describes the concentration profiles in the reactor adequately. 

Iron-based catalysts consist of different phases, i.e. magnetite and carbide. 
Some studies assume the formation of CO 2 to be a secondary reaction, which 
takes place on the magnetite phase, whereas the hydrocarbon formation takes 
place on the carbide phase [82, 83]. The formation of carbon dioxide on the 
magnetite phase might be modelled assuming the reaction between chemisorbed 
carbon monoxide and a surface hydroxyl to be the rate-determining step [83]: 


.W 


I'CO, = 


PCO2 PH, 

PCOPH 2 O-[7^-^ 

_ V _ J^wGs ; 

^Kco,ads -PCO +J^H20,ads •PH20r 


(18) 


Although magnetite is known to be an active catalyst for the water-gas 
shift reaction, it is not clear from literature whether CO 2 is formed solely by the 
secondary water-gas shift reaction from the product water. Carbon dioxide 
might be formed by oxygen removal from the carbide surface with chemisorbed 
carbon monoxide. Hence, future thinking on the carbon dioxide formation 
should take into consideration both formation of carbon dioxide on the carbide 
phase and on the magnetite phase. 
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3. PRODUCT DISTRIBUTIONS 

3.1 Products of Fischer-Tropsch synthesis 

A huge variety of products of different chain length and different 
functionality is formed in Fischer-Tropsch synthesis. The actual 
composition/product distribution of a Fischer-Tropsch process depends on many 
reaction variables such as reaction conditions (temperature and partial pressures 
of the reactants and product water), the reactor system used, as well as the 
catalyst formulation and physical properties of a catalyst. The main products of 
Fischer-Tropsch synthesis are: 

• n-Olefins (mainly a-olefins, also olefins with internal double bond) 

• n-Paraffins 

T 3 ^ical side-products are: 

• Oxygenates (1-alcohols, aldehydes, ketones, carboxylic acids) 

• Branched compounds (mainly mono-methyl branched) 

Product compositions of industrial processes are given in Chapter 3. Only 
in high temperature processes are fairly large amounts of branched compounds 
and aromatic compounds are formed. 

Fig. 8 depicts a typical gas chromatogram of a low temperature Fischer- 
Tropsch product obtained with a cobalt catalyst [84]. Although highly complex 
the product spectrum shows a remarkable degree of order with regard to class 
and size of the molecules, which changes from a mainly olefinic product at low 
carbon numbers into a purely paraffinic product at higher carbon numbers. 

The high degree of order with repeatmg selectivity patterns in different 
carbon number fractions suggests a strict kinetic basis of this surface 
polymerisation with stepwise addition of a Ci monomer species (see Section 1), 
which is well suited for selectivity modelling. Many mathematical models have 
been developed to describe Fischer-Tropsch product distributions. These are 
described in this chapter starting with a very basic model, which can be 
modified stepwise to account for formation of individual products and then- 
possible consecutive reactions. As complete predictive models for Fischer- 
Tropsch product distributions are not available it will at least be attempted to 
give guidelines as to how some reaction parameters can be expected to impact 
on the kinetic steps involved and therefore on the final composition and 
distribution of the products. A more detailed discussion on the effect of reaction 
conditions is given in Section 4. Understanding these concepts will be of crucial 
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importance for any engineer, who takes part in designing a Fischer-Tropsch 
process aiming at maximum selectivity of desired products. 



Figure 8 Typical gas chromatogram of a low temperature Fischer-Tropsch product obtained 
with a Cobalt catalyst in a laboratory scale stirred slurry reactor [84], Top: carbon 
number range Ci-Cis; bottom: from carbon number Cis (“wax”). 

(Reaction conditions: catalyst: 100 Co / 15 Zr02 / 100 Si02 / 0.66 Ru (mass ratios), 
T=1 90°C, Ph2=5. 1 bar, pco=2.2 bar, Ph2o=1 1 bar) 

3.2 Basic model: Ideal chain growth with one sort of products 

As a first approximation the molar amount of the sums of products in 
individual carbon number fractions declines exponentially with carbon number. 
This behaviour, which is indicative of a polymerisation reaction that proceeds 
via stepwise addition of a Cj monomer, was originally noticed by Herrington 
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[76] and Friedel and Anderson [85]. A simplified growth scheme of this 
polymerisation, which occurs on the surface of the catalysts, is given in Fig. 9 
assuming the formation of only one sort of products. 


Pri Pr, Pfa Ptfg 



Figure 9 Ideal chain growth assuming formation of one sort of products (Pr„) only, (Sp: 
surface species, N: carbon number, d; desorption, g: growth) 

Carbon monoxide and hydrogen are adsorbed on the catalyst surface. After 
dissociation they form monomers and chain starters (Ci surface species, Spi), 
which can either desorb to form a Ci product molecule (Pri) or successively 
grow via insertion of Ci monomers. Note that no assumptions are made in the 
above scheme regarding the nature of the monomer which - in contrast to 
conventional polymerisations - is formed in situ. The FT synthesis is therefore 
also termed a ‘non-trivial surface polymerisation’ [61, 86]. In the ideal case of 
carbon number independent chain growth probability (pg) of surface species, i.e. 
ideal chain growth, the molar product distribution may be presented as: 


XN = (l-Pg)'Pg^‘' (19) 

A complete derivation of this equation, which was first developed by Schulz 
[87] and Flory [88] for homogeneous polymerisations, is given in Fig. 10. The 
only parameter in Eq. (19) is the chain growth probability pg, which is also often 
referred to as a. When plotted logarithmically straight lines are observed, and 
the chain growth probabilities can be determined from their slopes: 

lgXn=lg- ^ ^^^ +n-lgp (20) 

Pg 

Fig. 11 shows logarithmic molar product distributions with varied chain growth 
probabilities. These plots are generally called Anderson-Schulz-Flory (ASF) 
distributions and are commonly used to characterise FT synthesis products. 
Assuming ideal ASF kinetics places constraints on theoretically achievable 
selectivity of product weight fractions, as shown in Fig. 12 (after Dry [70]). 
Only methane can be produced with a selectivity of 100 wt.%, i.e. at a chain 
growth probability of 0 (‘methanation’). 
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A mass balance around a surface species SpN at steady state results in; 

I*g,N-l ^g,N 

Assuming first order kinetics with respect to the concentration of a surface 
(Cs,Sp,n)- 

kgd^-1 Cs,Sp,N-l ^g,N Cs,Spd^ kd^N Cs,Spd^ 


and rearranged; 


sSp.N 


^g.N-1 


k 4- k ^^.SP.N-1 

*-g,N •'■d.N 


The formation rate of a product compound with N carbon atoms rN (i. e. its 
desorption rate) is given by; 

^d.N ,, 

1. ,1, ■ ‘^g.N-l ■ ‘^s^p.N-! 

g.N 

and with the definition of the desorption probability pd.N 

kdN 

Pd.N = t- (analogousely; chain growth probability 


~ *d,N ~ ^d,N ■ ^s,Sp,N 


( 10 . 1 ) 

species 

( 10 . 2 ) 

(10.3) 

(10.4) 


Pg,N = 


^g.N + ^d,N 
^g,N 

^i.N + ^d,N 


) 


^ ^’n ~ Pd,N ■ l^g.N-l ■ ^s,Sp,N-l 

An analogous balance can be made for the surface species SpN-i, SpNo, etc. 
which leads to; 


(10.5) 

( 10 . 6 ) 

to Spi, 


'"n ~ Pd,N ■ Pg,N-l ■ Pg,N-2 ■ Pg,N-3 ■ •••■ Pg,2 ■ ^^g,l ■ Cs,Sp,l 

Since all product compounds are formed starting from a Ci species, the sum of the 
formation rates of all product must equal the consumption rate of the species Spi, 
the chain starter; 

Zr^ = (kd 1 + k i)• Cgsp I (10.8) 

It should be noted, that the sum of formation rates of all organic compounds on a 
carbon basis equals the rate of CO-consumption, which links the model to the 
actual conversion of synthesis gas. 

The molar content of a product compound xn with N carbon atoms in the total 
organic product spectrum is; 

rN N-i 

~Pd,N 'Pg.N-l ■Pg,N-2 'Pg.N-S ■•••■Pg,2’Pg.l =Pd,N ■ H pg,N (10-9) 
zrN N=i 

N 

In case of carbon number independent probabilities the model turns into Eq. 19. 


Figure 10 Derivation of Eq. 10 (‘ideal polymerisation kinetics’) 
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The maximum straight run middle distillate yield (carbon number range 
C 10 -C 20 ) according to these kinetics is only around 40 wt.% and can be obtained 
at PgR^O.85. If higher overall yields of middle distillate are required the FT 
process should be designed in a way that very high chain growth probabilities 
(high wax yields) are achieved and the wax can then be transferred into middle 
distillate via mild hydrocracking. In doing so a middle distillate selectivity of ca. 
80 wt.% can for example be theoretically achieved when operating a Fischer- 
Tropsch process at a chain growth probability of 0.95 [89, 90]. 
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Figure 11 ‘Ideal product distributions’: Left: logarithmic molar product content versus carbon 
number (ASF); Right: corresponding chain growth probabilities 



Chain growth probability, pg 


Figure 12 Product composition (wt.%) as function of chain growth probability assuming ideal 
ASF kinetics 
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The desired chain growth probability can - within limits - be selected by 
varying process parameters such as reaction temperature, H 2 /CO ratio and 
catalyst composition. Low temperatures result in a FT product with a higher 
average carbon number (high chain growth probability), as is 
thermodynamically expected in an exothermic reaction. Longer chain products 
are generally found at low temperatures in polymerisation reactions, which can 
mechanistically be interpreted as an inhibition of the desorption step relative to 
the chain growth step. In LTFT processes (220-240°C) chain growth 
probabilities as high as 0.92 to 0.95 have been reported with cobalt or iron based 
catalysts respectively [91]. Whereas in HTFT synthesis chain growth probability 
is typically around 0.65 to 0.70, which is sufficiently low in order to minimise 
formation of excessive amounts of liquid products at reaction conditions a 
crucial requirement for operation of fluidized bed reactors [92]. 

The H 2 /CO ratio is often not a process parameter as it is fixed and cannot 
be varied over a wide range. Generally lowering H 2 /CO reactor inlet ratios leads 
to a FT product with a higher average carbon number. 

The composition of a catalyst used in a process also has an effect on chain 
growth. Among all promoters the effect of potassium promotion of iron-based 
catalysts has to be highlighted. Potassium is considered a chemical promoter 
(see Chapter 3), it is believed to have an electronic effect on the catalyst by 
enhancing the electron-donor effect of iron catalysts, therefore facilitating CO 
adsorption and the dissociation of the C-0 bond, while lowering the strength of 
the metal-hydrogen and the metal-oxygen bond [93]. As a consequence all 
carbon consuming reactions including chain growth are enhanced. All 
commercial iron catalysts contain small quantities of potassium (up to ca. 3 
wt.%). 

In practice ideal ASF distributions - in particular in LTFT processes - are 
not obtained as deviations from ideal behaviour are found; also different groups 
of products are present in the total product. The ideal chain growth model with 
formation of only one sort of product therefore needs to be extended. 

3.3 Ideal chain growth: Desorption as olefin and paraffin 

The main products of Fischer-Tropsch synthesis are linear alpha-olefins 
and linear paraffins. They are believed to be formed by desorption of a 
terminally bonded surface alkyl species either via dissociative P-hydrogen 
abstraction to form the olefin or via associative hydrogen addition to form the 
paraffin [78, 93] (see Fig. 13 left). Fixation of the alkyl chain at the chain end 
appears to be a feature of the FT regime caused by spatial constraints at FT sites 
[94], The reaction of desorption as an olefin is faster than desorption as a 
paraffin. Primary molar olefin contents in corresponding hydrocarbon fractions 
(as not affected by secondary olefin reactions, see below) are believed to be 
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around 70-90 mol% (see Fig. 13, right). Such high and carbon number 
independent olefin contents have for example been observed by Schulz and 
Gokcebay [59] when testing highly manganese-promoted iron catalysts. Only a 
small fraction (<5 mol%) of these olefins had internal double bonds. Normally 
olefin contents decrease with increasing carbon number (see Section on 
secondary olefin reactions, 3.3.1). Exclusive primary formation of olefins only 
as predicted by e.g. the vinyl mechanism appears unlikely (see Section 1 on 
mechanisms). 


Desorption of alkyl surface species: 


R-CH2-CH2 \ 
+H 


R - CH = CH2 
R - CH2 - CH3 
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Figure 13 Primary formation of olefins 


To account for the formation of olefins and paraffins the kinetic scheme 
can therefore be extended as follows: 


Pi 


CO 

H 2 


I d 

^ SP1 


Ethane Ethene 
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Pn OIm 



Figure 14 Ideal chain growth: Desorption as olefin and paraffin 

In analogy to Eq. 10.9 in Fig. 10 the molar content of e.g. an olefin with carbon 
number n can be calculated as being: 

^01,N - Pd,01,N ■ n Pg N (21) 

N=1 

or xoijj = Pd,oi ■ Pg^'^ for carbon number independent chain growth probability 
(ideal chain growth). The desorption probability Pd.oy'j is defined as: 
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Pd,01,N - 


^d,01,N 


kd,01,N +^^d,P,N 


with 


Pd,OUM + PdJ>JM + PgJ^ — I 


( 22 ) 


(23) 


3.3.1 Deviations from ideal distributions: Secondary reactions of olefins 

Real product distributions - in particular those obtained in low temperature 
FTS - often show deviations from ideal distributions with a curvature in the 
ASF diagram, which is equivalent to carbon number dependent growth 
probabilities and strongly carbon number dependent olefin contents. A typical 
product distribution, calculated from data from the gas chromatograms shown in 
Fig. 8 is given in Fig. 15. 



Figure 15 Example of a real product distribution obtained in FT-experiment in slurry reactor 
[84]; Left: ASF distribution, middle: Chain growth probability, right: olefin content 
in linear hydrocarbon fractions (Reaction conditions: catalyst: 100 Co / 15 Zr02 / 
100 Si02 /0.66 Ru (mass ratios), T=190°C, Ph2=5.1 bar, pco=2.2 bar, Ph20=1 1 bar) 


A method to determine chain length dependent growth probability using the 
model described above is shown in Fig. 16. 

Commonly observed deviations from ideal distributions are: 

• a relatively high molar methane content 

• an anomaly in Ci with relatively low molar contents in the ASF diagram 
and low olefin contents in the Cz fraction 

• a curvature of the ASF distribution at low carbon numbers, chain length 
dependent pgreaching asymptotic values 

• chain length dependent olefin contents, decreasing with increasing 
carbon number 

Possible reasons for these observations are discussed in the following text. 
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The calculations are started at (high) carbon numbers, where no changes of the 
slope in the ASF-plot (asymptotic end value of the chain growth probability (see 
eq. 1)) and is proceeded towards lower carbon numbers 

lim = lim ^ = lim P«»N-Pd,N.i ^ 

N->oo N^co flj^ N-->oo Pd N ^ 

(hj^ = experimentally obeserved molar formation rate of compounds with carbon 
number N) 


Reaction probabilities can then be calculated using: 


Pg.N-l 


''ri ^ 


1 + Pd.N 


and Pg.N+Pd.N=l 


( 2 ) 


Figure 16 Algorithm to calculate carbon number dependent chain growth probabilities from 
experimentally observed FT product 

It has been noticed in the very early days of Fischer-Tropsch research [e.g. 
39, 96-99] that the desorption of olefins is reversible as they can undergo 
secondary reactions such as: 

• hydrogenation to the corresponding paraffin 

• incorporation into growing chains (chain start) 

• formation of olefins with internal double bonds via double bond shift 
and to a minor extent: 

• hydroformylation to form alcohols and aldehydes 

• hydrogenolysis 

There is a wealth of literature dealing with secondary olefin reactions, 
which has been reviewed by e.g. Iglesia et al. [100] and Schulz and Claeys 
[101]. Being of consecutive nature these reactions have been evidenced by 
studies with variation of reactor residence time [59, 78, 101, 102] or olefin co¬ 
feeding [39, 96-113]. At short residence times secondary reactions are forced 
back and almost primary product distributions with carbon number independent 
molar olefin contents as shown in Fig. 13 (right) have been obtained [59], 
whereas at longer residence times generally lower and carbon number dependent 
olefin contents have been found. Co-feeding studies revealed that olefins can 
also act as chain starters (for example see Fig. 17) and double bond shift of the 
primarily formed a-olefin can occur. 
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Figure 17 Effect of addition ofn-octene-(l) on molar product formation rates during FT 
synthesis in a slurry reactor. 

(Reaction conditions: catalyst: 100 Co / 15 ZrOa / 100 SiOa / 0.66 Ru (mass ratios), 
T=190°C, Ph 2=5.1 bar, pco=2.2 bar, pH 2 o=l l bar) 
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Hydroformylation and hydrogenolysis of olefins normally only play a 
negligible role, although it may be mentioned that the discovery of this side 
reaction of FT synthesis led to the development of the so-called ‘oxo synthesis’ 
by Roelen [114]. Hydrogenolysis is completely inhibited by carbon monoxide 
under typical FT reaction conditions [94, 115]. The three major secondary 
reactions of a-olefins are shown is Fig. 18. 


R-CH2- CH=CH2 


R-0I=CH-CH3 


+H 
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Srowth 


R-CH 2 -CH 2 -CH 2 


R- CH2- CH2- CH3 


R-CH 2 -CH-CH 3 

^X^Growth 


sterically hindered 

Figure 18 Kinetic scheme of main secondary reactions in FT synthesis [7, 94,101] 


The step of olefin re-incorporation effectively increases the probability of 
chain growth at a given carbon number and therefore affects the total product 
distribution. As a-olefins are the main primary organic products of FT synthesis, 




633 


it is obvious that the extent and the selectivity of their secondary conversion will 
determine the total product distribution and possibly explain the deviations often 
observed in real products as in Fig. 15. It is generally accepted that secondary 
olefin reactions depend on chain length, the possible underlying processes 
causing this are: 

• carbon number dependent diffiisivity in liquid products [100, 102, 
117, 118] 

• carbon number dependent solubility in liquid products [58, 73, 86, 
119-123] 

• carbon number dependent physisorption strength of products on 
catalyst surface [73, 116, 119, 124] 

These effects have been incorporated into selectivity models describing FT 
product distributions including the formation of olefins and paraffins. 

3.3.1.1 Diffusion enhanced olefin readsorption model 

Iglesia et al. [100, 102, 117, 118] realised the possible impact secondary 
olefin reactions might have on chain growth from studies on bed residence time 
effects. An example of such effects as obtained in studies using a ruthenium 
catalyst in a fixed bed reactor is shown in Fig. 19. Clearly deviations from ideal 
ASF distributions were found in the experiments. These were more pronounced 
at higher residence times, where readsorption events of primarily formed olefins 
are more likely. Correspondingly the olefin contents (expressed as olefin to 
paraffin ratios) show a strong chain length dependence and are much lower at a 
contact time of 12 s indicating secondary olefin consumption. 
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Figure 19 Effect of contact time / conversion on total molar product distribution and a-olefin 
to paraffin ratio [100], (Reaction conditions: 1.2% Ru/Ti02, T=203°C, 
(H2/CO)in=2.1, ptot=6 bar, 5-60% conversion, Fixed bed reactor) 
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Iglesia et al. [100, 117] developed a model, in which they assumed 
diffusional limitations within the liquid-filled pores of a catalyst to slow down 
removal of long chain a-olefins, therefore increasing their residence time and 
enhancing their secondary conversion to form heavier and more paraffinic 
products. This scenario, which is depicted in Fig. 20, would ultimately account 
for the observed chain length dependencies in FT product. 
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Catalyst pore 


Figure 20 Diffusion enhanced olefin readsorption in liquid-filled catalyst pore, after [100, 

117] 

The kinetic scheme includes a step of direct hydrogenation of the olefin to 
the corresponding paraffin (rs) as per Fig. 18. According to the authors this step 
is however negligible at typical FT reaction conditions, namely at conversion 
levels larger than 5% and reaction pressures of above 5 bar. This would ensure 
sufficiently high concentrations of CO and or H 2 O, which would inhibit the 
direct hydrogenation pathway completely as demonstrated experimentally by 
them [100, 117]. Furthermore the authors imply in their model that the primary 
relative desorption rates of paraffins and olefins (‘primary olefin selectivity’) do 
not depend on local concentrations of H 2 , CO, and H 2 O). The model couples the 
chain growth kinetic scheme with diffusion and convection equations that 
describe transport processes in liquid filled spherical catalyst pellets and gas- 
phase interstices in the catalyst bed of a fixed bed reactor. The main mass 
conservation and transport equations are given in Fig. 21 using the nomenclature 
of the authors. The authors use virtual pressures (fugacities) of reactive species 
in the liquid phase as the kinetic driving force for the catalytic reaction. For 
details of the model the reader is referred to the original publications [100, 117]. 

All rate constants used in the model are assumed to be independent of 
chain length, except that of methane desorption and that of readsorption of 
ethene, which was assumed to be ten times more reactive than all other olefins 
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(kr,2=10’k,.jvj). The carbon number dependent diffusivity of olefins was expressed 
as: 

Dn = I>N,o ■ (with Dn,o reference liquid diffusivity) (24) 


Steady-state mass conservation of chain growth sites on catalytic surface: 

- kpCjCN + kpC*CN_i -koCN - khCN + k,P^ /RT = 0 (1) 

(with k rate constant, Cn* surface concentration of growing chain, Pn'^ virtual 
pressure (fugacity) of olefin in liquid phase) 


Steady state mass conservation equations for a-olefins and paraffins within particle 
voids: 


DnVP,:;-P p[(k,+k,)p;j-koC;] = 0 

(olefins) 

(2) 

DNVQj:,+Pp[khCN + k,Pi:;]=o 

(paraffins) 

(3) 

(with Dn Hydrocarbon diffusion coefficient (assumed to be identical for olefins and 
paraffin of a given size, p? catalyst pellet density, Qn* virtual pressure of paraffin in 
liquid phase) 

Balance of mass fluxes at the pellet surface: 





(4) 

“I”--"*" 


(5) 


(with U superficial gas velocity, z axial reactor position, ay bed interfacial area, D„g 
hydrocarbon diffusivity in reactor gas phase, P„g olefin partial pressure in reactoi 
gas phase, Qng paraffin partial pressure in reactor gas phase) 


Figure 21 Mass conservation and transport equations used in “Diffusion enhanced olefin 
readsoprtion model [100,117] 

Dimensionless analysis of the coupled kinetic-transport equations show 
that a carbon number dependent Thiele modulus (O) can describe the diffusion 
effects on reactive processes: 




636 


<I> 


2 _ 
N - 


kr.N 


<x> 



1 J 




0.3N 


(25) 


(with L: pellet diameter, e: pellet porosity, ©Me^ metal site density and R?: pore 
radius). Further input parameters are probabilities po. Ph, Pr and Ps, which 
characterise the ratio of the rate of desorption as an olefin and a paraffin, olefin 
readsorption and direct hydrogenation, respectively, to the rate of the 
corresponding chain growth step (e.g. po = ro/rp)'. Carbon number distributions 
of FT synthesis products can then be accurately described. An example of a 
model fit with experimental data obtained during FT synthesis using a cobalt 
catalyst in a fixed bed reactor is given in Fig. 22. 



Figure 22 Comparison of model and experimental data. Carbon number distribution [100]. 

(Reaction conditions: 11.7% Co/Ti 02 , T=200°C, Ptotai=20 bar, Xco=9.5%, Fixed 
bed reactor); Model (solid line): ((> 0 ^= 8 , po=0.4, Ph=0.058, pr=1.2, ps=0 

All deviations from ideal distributions including high methane contents, 
the anomaly in C 2 , the curvature in the ASF plot and the carbon number 
dependent olefin contents are well described and a good fit with experimental 
data has been obtained. The effect of convection is indicated in Fig. 23, where 


' Note that p is not strictly a probability and that its definition is not equal to the definition of 
reaction probabilities given above. They can be converted using e.g.: po = Pd.oi/Pg 
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simulating an increase in bed residence time or respectively CO conversion from 
5 to 60% results in a drastic decrease of olefin to paraffin ratios due to enhanced 
secondary conversion of primarily formed olefins. Note, that in this model the 
step of direct hydrogenation is normally neglected (Ps=0) and the deviation from 
ideal distributions with purely paraffinic heavy products is exclusively due to 
olefin re-insertion. 



Figure 23 Transport-enhanced a-olefin readsorption model. Bed residence time effects on a- 
olefin to paraffin ratios [117], 

(Reaction conditions: 1.2% Ru/ri02, T=203°C, (H2/CO);n=2.1, ptot=6 bar, 5-60% 
conversion, Fixed bed reactor); Model simulations (solid lines) 


The model also accounts for effects of the catalyst structure on selectivity 
of liquid products (C 5 +) and CH 4 selectivity, as the second term of equation (25), 
which was named the structural parameter exclusively contains catalysts 
properties: 




U-E-e, 


Me 


R. 


(26) 


The effect of this stmctural parameter on C 5 + selectivity and methane selectivity 
is shown in Fig. 24 for a series of supported cobalt catalysts tested at similar CO 
conversion levels (50-60%) in a fixed bed reactor. An increase of % can for 
example be realised by an increase of a catalyst pellet diameter (pore length L). 
Olefin residence times and therefore their probability of secondary reinsertion 
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are much higher the longer the pores and therefore the longer their diffusion 
paths are. This results in an increase of C5+ selectivity to asymptotic values of 
around 90 wt.% and a corresponding decline of methane selectivity with 
increasing x- 



Figure 24 Effect of structural parameter on C 5 + selectivity [100] 

(Co catalysts: Si02, Ti02 and AI 2 O 3 supports, T=200°C,(H2/C0)i„=2. 1, ptoi=20 bar, 
50-60% conversion. Fixed bed reactor); Model simulations (solid lines) 

At very large values of x experimental values of C 5 + selectivity however 
start to decline again. The authors assume that here transport restrictions begin 
to also hinder the rate of arrival of the reactants CO and H 2 to the active sites. 
Due to the relatively lower diffusivity of CO, its concentration in a liquid filled 
catalyst pore declines faster than that of hydrogen, therefore leading to 
increasing H 2 /CO ratios in the centre of a catalyst pellet [100, 115, 117, 125, 
126]. By assuming Langmuir-Hinshelwood type rate equations for methane 
formation with exponents different to that of total CO disappearance (larger 
reaction order with respect to hydrogen) this would result in enhanced formation 
of methane and a corresponding decrease of C 5 + selectivity. This ‘primary CO 
hydrogenation reaction’ is described in a similar kinetic-transport model by 
Iglesia et al. (for details see e.g. [100]). Results of the ‘CO hydrogenation 
model’ are also shown in Fig. 24. The increase m methane selectivity as a 
function of the structural parameter coincides with a decline of the catalyst 
effectiveness factor [100, 115]. Decreased FT reaction rates due to limitations of 
reactant transport have, for example, been experimentally obtained when testing 
iron [84, 127-129] and cobalt [126, 127] based catalysts with particle diameters 
larger than 300 to 500 pm at low temperature Fischer-Tropsch conditions 
(below 250‘’C). In the extreme case of complete depletion of carbon monoxide 
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in the centre of e.g. a very large catalyst pellets, hydrogenolytic decomposition 
of hydrocarbons may occur and lead to increased methane selectivity with 
correspondingly low C 5 + selectivity [115], 

The model(s) of Iglesia et al. provide the researcher in the field of FT 
synthesis with a catalyst design parameter, which pre-determines a catalysts 
performance with respect to product selectivity and can therefore be of high 
importance when for example aiming at high selectivity of long chain products 
as required in GTL processes. Although only applied on ruthenium and cobalt 
based catalysts the authors note that their model is in qualitative agreement with 
product distributions obtained in commercial processes with iron catalysts. Here 
no curvature of the ASF plot (carbon number range Ci to C 14 ) was obtained on 
the small catalyst particles in the commercial high temperature Synthol process 
[130] and a strong deviation is found with the large catalyst pellets used in the 
commereial low temperature fixed bed process [131], suggesting the absence of 
diffusion enhanced secondary olefin re-insertion in the pores of the small 
particles of the high temperature process - at least in the carbon number range 
reported. With respect to the extent of carbon number effects on olefin content 
and the curvature of the ASF plots the authors give the following order 
reflecting the relative rates of olefin readsorption: 

Co > Ru > Fe 

It has however been noted by Kuipers et al. [116] that the chain lengdi 
dependency of the olefin diffusivity, the only chain length dependent parameter 
used in the model, is not in agreement with data available in literature, which 
predicts a much weaker carbon number dependency proportional to 
Furthermore experimental data including co-feeding of olefins of different chain 
length [ 101 ] indicate that diffusional effects cannot exclusively explain chain 
length dependencies obtained in Fischer-Tropsch products (see below). 

3.3.1.2 Effect of solubility on olefin readsorption 
Background 

It was earlier noted by several authors [58, 79, 86 , 132, 133] that the chain 
length dependency of olefin contact time in the pore system of a catalyst pellet 
and the reactor system may be due to chain length dependent solubility of 
olefins in the liquid reaction product (wax). This solubility increases 
exponentially with carbon number, with a much stronger carbon number 
dependency compared to that of diffusivity [116], effects of solubility would 
therefore normally dominate effects diffusivity on secondary olefin reactions. 
Indeed, when testing iron catalysts in a laboratory scale slurry reactor Claeys 
and Schulz [129] found virtually the same carbon number dependent chain 
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growth probabilities and olefin contents (see Fig. 25) on two hugely different 
catalyst pellet sizes, namely a powder fraction (particle size <0.1 mm) and a 
fraction of large cylindrical particles (1.7 x 1.7 mm). 




Figure 25 Chain growth probability and olefin content in linear hydrocarbon Ifactions 

obtained in FT experiments in slurry reactor using different catalyst particle sizes 
dp [84,129]. (Reaction conditions: Cat: 100 Fe /13 AI 2 O 3 /10 Cu, T=250°C, 
ptotiii=10 bar, (H 2 /CO)i„=l .8, SV=60 ml/g/min, Xco(dp=100 pm)=31%, 
Xco(dp=1700 pm)=29%) 

It was shown that these studies were not affected by external mass transfer 
limitations and no internal mass transfer limitations of the reactants were present 
as the same conversions were obtained at a fixed syngas flow rate with both 
catalysts fractions. The catalyst fractions used correspond to an increase of the 
structural parameter % in the above described diffusion enhanced olefin 
readsorption model of more than 2 orders of magnitude, which - according to 
the model - should result in an increase in the formation of heavy product and a 
decrease of olefin contents. As this was however not observed, the chain length 
dependencies in Fig. 25 are unlikely due to diffusional effects. 

In order to clarify these findings and to obtain a better insight into the 
kinetics of secondary olefin reactions and their carbon number dependency 
Schulz and Claeys [84, 101] conducted extensive studies, in which a-olefins of 
different chain lengths (C 2 -Cn) were added during FT synthesis in a gradientless 
stirred slurry reactor at elevated pressures. Effects of reaction conditions such as 
CO partial pressure as well as reaction temperature on olefin reactions were 
investigated on powder fractions (<0.1 mm) of several cobalt and iron based 
catalysts. Hydrogenation to the corresponding paraffin, double bond shift and 
incorporation were the main reactions obtained in these experiments. The steady 
state conversion of the co-fed olefins showed increasing conversion with 
increasing carbon number (except C 2 , see Fig. 26 left) and increasing yields of 
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e.g. hydrogenation to the corresponding paraffin (see Fig. 26 right) and re¬ 
incorporation directly reflecting carbon number dependencies obtained in the 
distributions of the corresponding base case experiments without olefin co- 
feeding. As these olefins were externally added during the synthesis a carbon 
number dependent increase of their conversion is not to be expected if any 
transport limitations including within the pores of the catalysts were present. 
These findings are again in clear contradiction to the diffusion enhanced 
readsorption model. 




Figure 26: Conversion and hydrogenation yield ofa-olefins co-fed during FT synthesis in 

slurry reactor at varied CO partial pressure [101]. (Reaction conditions: 100 Co / 

15 Z 1 O 2 /100 Si02 / 0.66 Ru, T=190°C, Ph2=5.1 bar, pH2o=1.0) 

Other major observations from the above olefin co-feeding studies are 
listed below: 

• Reactions of added olefins (hydrogenation, isomerisation and 
incorporation) reflect selectivity of base case experiments and 
therefore reactions of primarily formed a-olefins 

• Reaction conditions have a strong effect on the extent and selectivity 
of secondary olefin reactions (e.g. inhibition by CO (reaction order - 
2) and alkali in iron based FTS) 

• Hydrogenation and isomerisation must not be neglected as 
secondary reactions 

• First order dependency of olefin consumption with respect to olefin 
concentration 

• Reactivity (rate constant) of olefins is not chain length dependent 
(exception ethene: 10-25 times more reactive) 

• Selectivity of olefin incorporation is not chain length dependent 

• Olefins with internal double bonds and paraffins do not participate in 
secondary chain growth 
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• Diffusional restrictions cannot account for observed chain lengfli 
dependencies 

Based on these important findings Schulz and Claeys [84, 121] extended 
the kinetic model described in Fig. 14 accounting for secondary olefin reactions, 
their chain length dependency being introduced by the chain length dependent 
solubility causing chain length dependent product residence time Xn in the 
reactor, which - in a gradientless slurry reactor - can be expressed as: 




(27) 


with nN total moles of component with carbon number N in reactor and 
molar flow of the same component leaving the reactor via the gas (g) and the 
liquid (1) phase. Assuming these phases are in thermodynamic equilibrium 
equation (x) can be rearranged introducing the partition ratio Kn, (=Cijsj/Cg;M): 




(28) 


with c: concentrations in either gas or liquid phase, V: volumes of total reactor 
gas (g) or liquid (1) phase respectively and V: total volumetric flow rates of gas 
or liquid phase respectively (see Fig. 27 right). 

Using Hemy’s law the partition ratio, which is a measure for product solubility, 
can be expressed as [ 101 ]: 


_ p,.,„(T) RT 
Yn(T)Pn(T) 


(29) 


with pwax: density of wax at temperature T, y: activity coefficient and pn^': 
saturation pressure of a component. Using literature data this equation predicts 
an exponential increase of the solubility of hydrocarbons in FT wax (KN=K 2 b^' 
“\e.g. at 190'’C: K2=1.91 and b=1.53, at 250°C: K2=1.09 andb=1.46). 

Fig. 27 left shows the mean reactor residence time of a hydrocarbon as per 
Eq. (28) in the experimental set-up used by Schulz and Claeys for a typical set 
of reaction conditions. As the convective removal of products depends on 
removal of gas and liquid phase mean reactor residence times of product 
compounds increase drastically with increasing carbon number, possibly 
explaining the preferred consumption of long chain olefins and the therefore the 
deviations from ideal ASF kinetics in FT synthesis. 
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Figure 27 Calculated average residence times of product compormds (Eq. (28)) at FT 

synthesis in a gradientless slurry reactor. (Parameters: Vg=210 ml, Vi=270 ml, 
Vg=5.38 ml/min, V,=6.2810'^ ml/min, T=190°C) 


Extended Model 

The extended model by Schulz and Claeys [121], taking the above 
observations into account, is shown in Fig. 28. 
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Figure 28 Kinetic model of secondary olefin reactions taking into account solubilities of 
olefins in liquid Fischer-Tropsch product [121] 

It assumes thermodynamic equilibrium of compounds in gas in liquid 
phase as expressed by the partition ratio Kn, both phases continuously leaving 
the reactor. The following assumptions were made in the model: 

• Ideal chain growth, i.e. carbon number independent 
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• Desorption of surface species as a-olefin 01-( 1) or non-reactive end 
product EP (i.e. paraffin or olefin with internal double bond); 
primarily only a-olefins and paraffins are formed 

• Readsorption of a-olefins as species Sp or Sp’; Sp’ does not 
participate in chain growth 

• All rate constants k are assumed to be carbon number independent 
(except ka,2=10'ka to 25'ka, accounting for high reactivity of ethane 
as experimentally obtained [101]) 

• Thermodynamic equilibrium of gas and liquid phase (carbon 
number dependent partition ratio Kn) 

• No effects of diffusional limitations, or temperature or 
concentration gradients (CSTR) 

• Steady state conversion, convective product removal via gas and 
liquid phase 
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Figure 29 Steady state mass balances around species in Fig. 28. 
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The total carbon number distribution can again be derived by multiplication of 
the single (effective) reaction probabilities, that lead to the formation of a 
regarded product (see figure 10 eq.(10.9)). 

- Molar a-olefin content in linear hydrocarbons: 
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Figure 30 Equations to calculate effective chain growth probabilities and a-olefin contents in 
linear hydrocarbon fractions. Olefin readsorption model accounting for chain 
length dependent solubility effects [121] 




646 


A combination of steady state mass conservation equations around the surface 
species Sp and Sp’, as well as alpha olefins Ol-(l) and end products EP (see Fig. 
29) was used to define a set of intensive dimensionless parameters which allow 
calculation of effective (i.e. accounting for secondary olefin reactions) chain 
growth and desorption probabilities. These effective probabilities - in analogy to 
the description for carbon number dependent chain growth in Fig. 10 (Eq. 10.9) 
- can be used to calculate product distributions by multiplication of probabilities 
of individual reaction steps, as well as carbon number dependent olefin contents 
accounting for secondary olefin reactions (see Fig. 30). As in the basic model 
with no olefin readsorption, the formation rate of all products can be normalised 
and linked to any kinetic equation describing the rate of synthesis gas 
consumption (see Section 2). The intensive dimensionless parameters of the 
model and their meanings are: 

fixes the ‘primary chain growth probability’ 

1 

(Pe = —-— =-;—) without olefin readsorption 

kg+kj l + kj/kg 

expresses the ‘primary selectivity of a-olefins in hydrocarbon 
k 1 

fractions’=-iEH*)— _- ^ which is believed to 

kdOHi) 1 +(kd,oi-(i)/kd,Ep) 

be carbon number independent and typically lies in the range 70-90 
mol-% [59]. 

k^ determines the rate of olefin-(]) readsorption to form surface 

species SpN 

determines the rate of olefin-(l) readsorption to form surface 
species Sp’n, that do not participate in chain growth 

V, 


kd,oi-(i) 

kd.EP 



ratio of volumetric flow rates (at reaction conditions) of liquid and 
gas phase exiting the reactor 



647 


All these parameters are carbon number independent, the carbon number 
dependency in the model is introduced by the carbon number dependent 
partition ratio Kn- To accoimt for the higher reactivity of ethene as observed in 
olefin co-feeding experiments [101] the ratio ka, 2 /ka lies between 10 and 25. 

The effect of olefin readsorption on the product distribution, effective 
chain growth probability and a-olefin content as predicted by the model is 
shown in Fig. 31. The parameter ka‘mM(/Vg has been varied over a wide range; a 
value of zero is equivalent to no secondary olefin reactions occuring, i.e. 
primary selectivity (dashed lines). The ‘primary chain growth probability’ was 
chosen to be 0.7 (i.e. kj/kg = 0.43) and a ‘primary alpha-olefin content’ of 80 
mol-% was assumed (i.e. ka^oHi/kd^p = 4). In accordance with typical 
experimental values a ratio of V|/Vg =0.0001 was assumed; the values for the 
solubility (Kn) refers to a reaction temperature of 250°C (see above). Tbe 
formation of species Sp’, which do not participate in chain growth is not taken 
into account here (k’a‘mMe/Vg = 0). 



Carbon Number, N 


Carbon Number, N 


Carbon Number, N 


Figure 31 Calculations with the extended kinetic model taking into account carbon number 
dependent product solubilities; effect of olefin-( 1) readsorption as surface species 
SpN- (Dashed lines: without readsorption, solid lines: with readsorption). 

(Model parameters: kd/kg=0.43, kd,oi-(i)/kd,p=4, k’d.oi-(iA<i,oi-(i)=l, k’d,Ep/kd,p=l, 
k.-mji, /Vg=varied, k’„-m^,j /Vg=0,ka;2/k,= 10, V;/Vg =0.0001). Left: ASF-plot 

30 

(normalised for 2 ); middle: chain growth probability PgN; right: molar olefin- 

N=1 

(1) content in hydrocarbon fractions 


Readsorption of olefins as described by the model result in non-ideal 
distributions with typical carbon number dependent deviations with high 
methane contents, low values of molar C 2 concentrations (due to preferred 
incorporation of the highly reactive ethene; ka, 2 /ka = 10), a curvature in the ASF 
plots approaching constant values and the carbon number dependent deviations 
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in the molar olefin contents. These deviations are more pronounced with 
increasing values of ka’mMe/Vg, which for example can be interpreted as faster 
olefin readsorption rates but also as slower convective removal of the olefins via 
the reactor gas phase. The ratio V,/Vg is normally very low and can often be 
neglected. An increase of this value, which could for example be achieved by 
recirculation of a liquid, would have the same effect as lowering the parameter 
ka'niMe/ Vg. Lowering product solubility would also lead to a lower extent of 
secondary olefin reactions. 

Olefin co-feeding experiments conducted at different reaction conditions 
[39, 101] showed that generally large amounts of olefins are directly 
hydrogenated to the paraffins of the corresponding carbon number. Although 
readsorption via a surface species Sp does account for some direct 
hydrogenation, the large yields of direct hydrogenation of a-olefins as found in 
most olefin co-feeding experiments in literature (see also Fig. 26 right) can only 
be explained by additional direct hydrogenation of these olefins. Furthermore 
isomerisation of primarily formed a-olefins via double bond shift can occur, 
which like the hydrogenation, leads to a product which has no further impact on 
the product distribution (as proven via co-feeding of the respective components, 
e.g. [101]). The readsorption of these end-products EP is therefore neglected in 
the model. The steps of direct hydrogenation and double bond shift 
isomerisation are included in the extended model by introducing the possibility 
of readsorption as species Sp’. This route, which is taken into account with the 
parameter k’a’mMe/Vg, does not imply or exclude whether these reactions take 
place at different kinds of catalytic sites. Fig. 32 demonstrates the effect of this 
route, showing an even further decrease of a-olefin contents in respective 
fractions of end products (including olefins with internal double bonds), while 
deviations of the product distributions in the ASF plots are much less 
pronounced. 

Examples of experimental data obtained with a cobalt-based and a 
potassium promoted iron-based catalyst fitted with the model are given in Fig. 
33. The experiments were conducted in a laboratory scale stirred slurry reactor, 
in which the reaction conditions were kept constant for over 60 days, so that 
product distributions are reliable even at high carbon numbers. The fitting with 
the model is done by fixing the initial slope of the ASF curve with the parameter 
kg/kd (‘primary chain growth’) and varying the parameters kg’mMe/ and 
k’a'mMe/Vg until the best possible fit is obtained. In all cases a primary olefin 
content of 80-mol% (kd,oHi)/kd3P=4) and a 10 fold higher reactivity of ethene 
compared to other a-olefins was assumed (ka, 2 /ka= 10 ). 
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Figure 32 Calculations with the extended kinetic model taking into account carbon number 
dependent product solubilities; additional effect of olefin-(l) readsorption as 
surface species Sp’n- (Dashed lines: without readsorption, solid black lines: with 
readsorption as species SpN, grey solid lines: with readsorption as species SpN and 
Sp’n)- 

(Model parameters: kVkg=0.43, kd,om)/kd,p=4, k’d,oi.(i/kd,oi-(i)=l, k’d,Ep/kd,p=l, 

/Vg =1,k’a-m^. / Vg =1, k,,2/k,=10, k’a,2/k’,=10, V, /Vg =0.0001); Left: 

30 

ASF-plot (normalised for s xj,,); middle: chain growth probability pg,N; right: 

N=I 

molar olefin-(l) content in hydrocarbon fractions 

Generally the model describes the experimental data and the carbon 
number dependencies very well. A second example of applying the model to fit 
experimental data, which deal with the effect of water partial pressure on FT 
product distributions with a cobalt catalyst is shown in Fig. 34. The model 
parameters give an indication of the extent and selectivity of secondary olefin 
reactions occurring on different catalysts or at different reaction conditions and 
allow for a direct comparison. Intensive model parameters used to fit the data 
are listed in Table 1. 

A fairly high extent of secondary olefin reactions (larger values of 
readsorption parameters) is for example obtained at low water partial pressures 
with the cobalt catalyst, indicating water to strongly inhibit secondary olefin 
reactions. A similar effect is observed when comparing a potassium promoted 
catalyst with a non promoted precipitated iron catalyst. 
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Figure 33 Calculations with the extended kinetic model taking into account carbon number 
dependent product solubilities; fitting of experimental data with the catalysts: 
100Co/15Zr02/100Si02/0.66Ru (top), lOOFe/BAlzOs/lOCu/SK (bottom). (Dashed 
lines: without readsorption, solid lines: with readsorption as species SpN and Sp’n). 

45 

(Model parameters: see table 1). Left: ASF-plot (normalised for zx^ ); middle: 

N=2 

chain growth probability Pgj-i; right: molar olefm-( 1) content in hydrocarbon 
fractions 

Besides suppressing secondary olefin hydrogenation, an important role of 
potassium promotion in iron-based FT synthesis is to compensate the acidity of 
the catalyst as for example introduced by structural promoters / supports such as 
AI 2 O 3 and therefore forcing back double bond shift isomerisation which readily 
occurs on acidic sites. As a result fairly high contents of a-olefins can be 
obtained with potassium or generally alkali promoted iron catalysts. 
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Figure 34 Calculations with the extended kinetic model taking into account carbon number 
dependent product solubilities; fitting of experimental data with the catalyst 
lOOCo/lSZrOVlOOSiOj/O.fibRu at two different water partial pressures (reaction 
conditions: T=190°C, Ph 2»5.8 bar, pco“2.9 bar, tw27 min [121,137]). (Dashed 
lines: without readsorption, solid lines: with readsorption as species SpN and Sp’n) 

15 

(Model parameters: see table 1); Left: ASF-plot (normalised for , arbitrary 

\=2 

scale); middle: chain growth probability Pg,N; right: molar olefin-(l) content in 
hydrocarbon fractions 


Table 1 

Model parameters used to fit experimental FT product distributions shown in figures 33 and 
34 and corresponding selectivity of olefin incorporation. (k.yka=10, k’a,2/k’a= ka^/ka, k’d,oi- 
(i)/kd,oi-(i)=l and k’ 4 Ep/kd,p= k’d,oHi)/kd.oHi); for reaction conditions with catalysts CoZrSiRu 
and FeAlCuK see figures 33 and 34, catalyst 100Fe/13A1203/10Cu: T=250°C, ph 2=5.7 bar, 
Pco=2.8 bar, pH2o=0.5 bar) 



Catalyst 




FeAlCuK 

FeAlCu 

CoZrSiRu 

Ph2O=0.9 bar 8.5 bar 

kd/kg 

0.49 (67%)^* 

0.90 (53%) 

0.55 (65%) 

0.20 (83%) 

kd,o/kdy 

4 (80%)’’ 

4 (80%) 

4 (80%) 

4 (80%) 

ka' / Vg 

0.12 

1.0 

0.75 

0.07 

ka ' / Vg 

0.07 

1.9 

0.50 

0.25 

Soief Licorp.Motkl 

38% 

29% 

54% 

21 % 

Soief Incorp.Exp* 

=20% 

=15% 

=20% 

n.a. 


a. ‘primary chain growth probability’, b. ‘primary olefin selectivity’, c. from olefin co-feeding 

As an overall effect of inhibitions of secondary reactions with the 
potassium promoted iron catalyst, the impact of reinsertion as implied in the 
model only comes into effect at higher carbon numbers compared to product 
distributions obtained on non-promoted iron catalysts (not shown) or typical 
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cobalt catalysts (see Fig. 33). Furthermore the potassium promotion leads to 
increased primary chain growth probability (i.e. 67% as opposed to 53% with 
the non potassium promoted iron catalyst); increased water partial pressures in 
cobalt-based FT synthesis seems to have a similar effect. 

When comparing the selectivity of olefin re-incorporation as predicted by 
the model with that obtained from experimental data from olefin co-feeding 
experiments it can be noted that the model seems to overpredict the effect of 
olefin incorporation. This may be due to the choice of a fixed value of the 
primary olefin selectivity, a parameter, which has been shown to have a 
pronounced effect on the fitting parameters. The true value of the primary olefin 
selectivity, which itself should be dependent on the catalysts used and the 
reaction conditions, is however not known. It was fiirther noted by Kuipers et 
al. [116] that different from cofed olefins, an olefin produced on a growth site 
might retain physisorbed interactions with the catalyst surface, at least for some 
time, so that the reactivity of co-fed olefins may differ from the adsorbed olefin 
intermediate products. This scenario would - similar to diffusional effects - 
suggest a transport limitation, which are not in agreement with the co-feeding 
studies in which longer chain a-olefins were preferentially converted via 
hydrogenation, isomerisation and incorporation (see Fig. 26). 

Deviations from ideal ASF distributions have also been ascribed to the 
presence of different kinds of chain growth sites or the co-occurrence of 
different chain growth mechanisms (see Section 3.6). Models accounting for this 
do not address chain length dependencies of olefin contents; it should be noted, 
that the carbon number trends of olefin contents could also be explained with the 
above-described model namely by assuming exclusive direct secondary 
hydrogenation and isomerisation, i.e. readsorption via Sp’ only and therefore not 
affecting chain growth. 

Another discrepancy of model predictions with real distributions is the 
methane content. Although, by allowing for secondary olefin incorporation, the 
model predicts methane contents higher than to be expected based on ideal ASF 
kinetics, the methane contents in the real products are often even larger. This is 
particularly the case with cobalt-based catalysts (see Fig. 34). This high methane 
selectivity has been suspected to be due to formation of additional methane on 
different sites, which do not promote chain growth [79, 94] and could be taken 
into account in a model by assuming higher desorption probabilities of Ci 
species compared to other surface species (as assumed in the ‘diffusion 
enhanced readsorption model’). Higher methane selectivities may also result 
from hydrogenolysis of longer chain products, particularly olefins. This reaction 
is however strongly inhibited by carbon monoxide and is therefore considered to 
be negligible at normal FT reaction conditions [115]. In fact co-feeding of 
olefins at reaction conditions have often led to decreased formation rates of 
methane [104, 105, 107-112]. 
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Results from fitting experimental data and olefin co-feeding studies show 
that secondary reactions of a-olefins, as well as primary probability of chain 
growth and olefin contents are strongly dependent on the catalysts used and the 
reaction conditions. For a predictive model all intensive parameters of the model 
(as listed in Table 1) as function of reaction conditions (phi, Pco, Ph2o and 
temperature) would have to be determined for a given catalyst. The qualitative 
effects of process parameters on secondary olefin reactions are briefly discussed 
in Section 3.3.1.3 and Chapter 3. 

Analoeue Models 

Similar models taking carbon number dependent effects of secondary 
olefin reactions on product distributions and olefin contents have been 
developed by Shell researchers [116, 119, 120], and van der Laan and 
Beenackers [123] and Zimmerman etal. [122]. 

Geer lings et al. [120] assumed desorption of linear a-olefins and paraffins 
only and included a direct hydrogenation route for secondary olefin 
hydrogenation. Solubility of olefins in liquid FT-product was considered the 
only chain length dependent parameter, and effects of physisorption were shown 
to possibly account for chain length dependencies at dry operation. Although 
good agreement with experimental data on cobalt catalysts was obtained, the 
authors mention that deviations in ASF distributions might not exclusively be 
due to olefin readsorption. 

Van der Laan and Beenackers [123] used the same kinetic scheme with 
desorption of a-olefins and paraffins, with no direct hydrogenation route. 
Solubility and physisorption were lumped together as the only chain length 
dependent parameter of their model (proportional to gO 29 ±o.o7n^ Comparison of 
the model with experimental data obtained with a Ruhrchemie-type iron-based 
catalyst (Fe-Cu-K-Si02) were satisfactory and effects of process variables on 
model parameters are included in the model (readsorption rate constant ac 
Ph2^ "'pco^olefin termination probability oc Ph2^^; chain gi-owth probability oc 

-0.27„ 0.43>. ^ o- r ./ 

Ph 2 Pco 1 - 

The model by Zimmerman et al. [122] also does not take direct 
hydrogenation into account and only solubility was assumed to affect the 
product distribution and olefin contents. Only a fairly poor fit with experimental 
data obtained with an iron-based catalyst was achieved. This may be due to the 
fact that the additional route of direct hydrogenation and also the possibility of 
double bond isomerisation of primary a-olefins were neglected. 

Puskas et al. [134, 135] only considered incorporation of light olefins (C 2 
to C4) to account for relatively low molar contents of these products in this 
carbon number range of ASF plots as experimentally obtained by them. No 
physical carbon number dependent effects such as solubility or diffUsivity were 



654 


considered by the authors and olefin contents were not described by their model. 
It was argued that - in contrast to experimental findings [101] - incorporation of 
long chain a-olefins would not play a role. Deviations from ideal ASF kinetics 
were explained by multiplicity of chain growth probabilities as a consequence of 
“different microscopic environments” on catalyst sites (see also Section 3.6). In 
other words the changing temperatures and concentrations in a reactor and/or a 
catalyst pore result in a range of growth probabilities. Although reaction local 
reaction conditions undoubtedly can play a role, it should be noted that non-ASF 
product distributions have also been obtained in FT synthesis with small 
particles (no pronounced transport effects) and gradientless reactors e.g. Refs. 
[121, 136], so the deviations can therefore not exclusively be attributed to 
‘different microscopic environments’. 

In conclusion : It is evident that primarily formed a-olefins undergo 
secondary reactions during Fischer-Tropsch synthesis. Chain length dependent 
physical effects such as diffusivity and solubility cause an increase of residence 
time of long chain products in the liquid filled pores of a catalyst and the 
reactor, therefore resulting in preferred secondary conversion of long chain 
olefins and decreasing olefm contents in higher carbon number fractions. Olefin 
re-incorporation can - at least partially - account for ‘positive deviations’ from 
ideal ASF-kinetics. Since a-olefins are the main primary organic products of 
Fischer-Tropsch synthesis, the extent and the selectivity of secondary olefin 
reactions have a pronounced effect on the final overall product composition of a 
FT-process. Reaction and process conditions as well as catalyst properties can 
affect primary formation of olefins as well as the extent of the secondary 
reactions (re-incorporation, hydrogenation, isomerisation) and hence the 
selectivity of the olefins (see Section 3.3.1.3). 

3.3.1.3 Effects of process parameters on olefin reactions 

The above model descriptions including chain length dependent product 
diffusivity and solubility have shown that the incorporation of a-olefins, which 
are the main primary products of FTS can - at least partially - account for 
deviations leading to increased formation of long chain products. The 
knowledge of process parameters which enhance this reaction is therefore of 
high importance, when aiming at high selectivity of diesel and wax as in a GTL 
process, a-olefins are however also valuable products. If chemicals rather than 
long chain paraffins are the desired products of a FT process an effective 
suppression of secondary olefin reactions is required. 

Little is known about the effect of reaction conditions on the primary 
olefin content in FT synthesis. Higher temperatures seem to favour the 
formation of olefins compared to paraffins [59], and according to the kinetic 
scheme of the desorption of an alkyl surface species (Fig. 13 left) an increase of 
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the H 2 /CO ratio can be expected to result in a decrease of primary olefin 
selectivity. Effects of catalyst composition and product water on the primary 
olefin to paraffin ratio have not been recorded in the open literature. 

Secondary olefin reactions are generally inhibited by carbon monoxide 
and product water [100, 101, 121], whereas increased hydrogen concentrations 
or H 2 /CO ratios respectively and higher reaction temperature lead to kinetically 
enhanced secondary olefin consumption [101]. Iglesia et al. [100,102] assume 
an almost complete selective inhibition of olefin hydrogenation to the 
corresponding paraffin at FT-typical reaction conditions due to inhibition by CO 
and product water, while olefin incorporation can still occur. Olefin co-feeding 
during FTS with a cobalt catalysts at varied CO partial pressure showed that 
hydrogenation can however only be completely suppressed at very high CO 
partial pressures (e.g. pco > 15 bar at Ph2=5 bar, Ph2o=1 bar, T=190°C, FT- 
synthesis in slurry reactor, catalyst CoZrRu-Si02 [94, 101]), isomerisation via 
double bond shift seems to be enhanced, while incorporation of olefins was 
hardly affected with increasing CO partial pressure (see also Section 4). Water 
partial pressure has been reported to generally suppress secondary olefin 
reactions [121, 137-139], according to Iglesia et al. [100, 102] the selectivity of 
olefin re-incorporation is however enhanced by water; Potassium promotion in 
iron based FTS seems to have a similar overall effect [121]. Reaction 
temperature enhances secondary olefin conversion, but has no pronounced effect 
on the selectivity of secondary olefin reactions [101]. All these effects are of 
particular importance in fixed bed FT processes where temperature and 
concentration gradients along a catalyst bed and within a catalyst pellet can be 
present. 

Optimising olefin re-incorporation in order to achieve maximum C5+ 
selectivity can therefore be done by taking the above effects into account (e.g. 
high CO and water partial pressure throughout the reactor), furthermore 
intermediate catalyst pellet sizes or eggshell-type catalysts with the FT active 
metal (e.g. Cobalt) only present in the outer layer may have a positive effect on 
C5+ selectivity as a result of diffusion enhanced readsorption of olefins 
(parameter x see above). The latter type of catalysts (eggshell) would allow the 
utilisation of large catalyst pellets for fixed bed operation in order to minimise 
pressure resistance across the catalysts bed [100, 140, 141]. 

An increase of the selectivity of long chain products might also be 
obtainable via recycling olefin rich product cuts [142, 143]. 

A suppression of secondary olefin reactions can generally be achieved 
by shortening the residence time of the reactive olefins in the pore system of the 
catalysts and or the reactor. This can be either obtained by increasing space 
velocity, therefore shortening reactor residence time, which is often impractical 
if high per pass conversion is wanted, and/or using small catalyst particles in 
order to force back diffusion enhanced olefin readsorption effects. (For the 
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effect of reaction conditions on suppression of secondary olefin reactions also 
see above.) 

As carbon number dependent effects on secondary olefin reactions are due 
to diffiisivity and/or solubility, it has been suspected that altering the physical 
properties of the liquid phase in the catalyst pores e.g. by conducting FT 
synthesis in a supercritical phase, which would increase diffusivity and 
decrease solubility of olefins in the fluid phase, might have force back 
secondary olefin reactions and therefore impact on the product composition 
[101, 126, 144]. However, a theoretical evaluation of this scenario assuming 
realistic Fischer-Tropsch conditions (T = 520 K, p = 60 bar including partial 
pressure of super-critical fluid) and n-hexane as a supercritical fluid shows that 
regardless of the concentration of n-hexane in the feed (H 2 :CO:n-hexane = 
2 :l:y) two phase systems are to be expected to be present at chain growth 
probabilities above 0.7 (see Fig. 35). 



Figure 35 Phases present in FT synthesis as function of chain growth probability and molar 
fraction of n-hexane; calculation using Peng-Robinson equation of state [145] 

In commercial FT systems chain growth probabilities are generally larger 
than 0.7, and a liquid phase should therefore still be present when trying to 
conduct super-critical FT synthesis. The reported increase of contents of long 
chain olefins when adding a supercritical fluid during FT synthesis [126, 144] is 
therefore more likely due to a more efficient extractive removal of the olefins 
from the liquid filled catalyst pore system rather than caused by faster diffusion 
rates. Overall however, adding a super-critical fluid during FT-synthesis can 
help to maximise the production of chemicals such as olefins and oxygenates. 
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3.4 Formation and readsorpdon of oxygenates 

Oxygenates formed in Fischer-Tropsch synthesis are mainly n-aldehydes 
and n-alcohols-(l) and to a smaller extent methyl ketones, secondary alcohols, 
carboxylic acids and esters [146, 147]. In commercial iron based FT-processes 
ca. 6-12 wt.% of the product are oxygenates [148]. Little is known about their 
formation routes. According to Pichler and Schulz [46] an oxygen containing 
surface species can be formed via CO insertion into an alkyl-metal bond (‘CO 
insertion mechanism’, see Section 1); Johnston and Joyner [44] postulated, that 
the same surface species might be formed via addition of an hydroxyl group to 
an alkylidene species (see Fig. 36). The desorption of such a species would then 
result in primary formation of e.g. alcohols and aldehydes. 


R + 
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R 

CH + 



R-CH2-OH 
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Figure 36 Fonnation routes of oxygenates (alcohols-(l) and aldehydes) in FT synthesis. 


An additional route involving die CO insertion is that of hydroformylation 
of olefins, which has been proven to occur by means of olefin co-feeding 
experiments with cobalt [105], ruthenium [107-109] and iron catalysts [101]. 
Flowever, exclusive formation of oxygenates via hydroformylation of olefins 
cannot explain the existence of Ci and C 2 oxygenates in the FT product. 

The primary character of linear aldehydes and alcohols was for example 
noted by Schulz et al. [62], who observed parallel lines of these components and 
hydrocarbons in ASF plots. In analogy to olefins oxygenates can readsorb on a 
catalyst surface and undergo secondary reactions, namely hydrogenation to form 
a paraffin and incorporation into growing chains as shown in co-feeding 
experiments (e.g. [58, 149-153]). 

The kinetic scheme accounting for the formation and readsorption of 
oxygenates can therefore be extended as follows: 

Par Ox Par 01 Ox Par 01 Ox 

j_j ^- V Sp.| Sp2 SP3 

Figure 37 Kinetic scheme accounting for fonnation of paraffins, olefins and oxygenates and 
their readsorption 
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Davis et al. [58, 153] reported the reactivity for incorporation of ethanol 
added during FT-synthesis with an iron based catalyst as being 50-100 times 
larger than that of the corresponding olefin, ethene. Secondary reactions of 
oxygenates (alcohols and aldehydes) might therefore - in addition to olefins - 
also impact on deviation from ideal ASF distributions. The formation and 
readsorption of oxygenates can be mathematically introduced into a product 
distribution model in the same manner as olefin reactions (see Section 3). The 
effect of process variables on oxygenates formation and secondary consumption 
and strategies for e.g. maximising yields of these valuable products should be 
qualitatively similar to those regarding olefins (see Section 3.3.1.3). 

Fig. 38 shows molar aldehyde plus alcohol-(l) contents in the fraction of 
the corresponding carbon number fractions of linear organic products as 
obtained in fixed bed FT experiments with a non-alkalised and a potassium 
promoted modified iron catalyst (lOOg Fe : 13 AI 2 O 3 : 10 Cu : (5 K)), tested at 
the same reaction conditions [84, 129]. 



5 10 15 

Carbon Number, N 



Figure 38 Molar contents of alcohols and aldehydes in respective product fractions as 

function of carbon number. FT-experiments in fixed bed reactor using catalysts 
lOOFe/DAbOj/lOCu (left) and lOOFe/lSAbOj/lOCu/SK (right) (T=250°C, 
ptotai=10 bar, (H2/CO)i„=2.0, SV=30 ml(NTP)/min/gFt) 


Whereas only very small amount of oxygenates were found with the non- 
alkalised iron catalyst, most likely due to extensive secondary reactions, fairly 
large amounts of oxygenates were obtained with the potassium promoted 
catalyst. With the exceptions of the Cj and the C 2 fractions (for possible reasons 
see Refs. [79, 154]), constant molar oxygenate contents were obtained with 
potassium promoted catalyst. This result - in analogy to constant molar olefin 
contents - might be interpreted as primary selectivity of these compounds. 
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which is not affected by secondary reactions. The rapid decline of oxygenate 
contents at higher carbon number might then again be attributed to carbon 
number dependent effects such as solubility. As with secondary olefin reactions 
an important function of potassium promotion in iron based FT catalysts is 
forcing back secondary reactions. 

3.5 Formation of branched products 

In addition to linear compounds, branched compounds are also found in the 
product of FT synthesis. Whereas in low temperature processes the amount of 
branched compounds is typically very low (i.e. < 5%), in the commercial high 
temperature FT process at Sasol more than 40% of all paraffins are branched 
(see Chapter 3 and [148]). Mainly mono-methyl branched compounds are 
formed, only small amounts of di- and tri-methyl and ethyl-branched 
compounds are found, mainly in high temperature FT processes [147, 155]). 
Remarkably, no components with quaternary carbon atoms have been found in 
FT products. 

The formation of branched products is believed to occur involving a 
surface alkyl species which bonds to the catalyst surface with the penultimate 
carbon atom (see Fig. 3, [61]). This may proceed via both, primary and 
secondary routes; the secondary route, which includes readsorption of olefins, 
has for example been experimentally been proven by Schulz et al. [39] through 
co-feeding of''‘C-labelledpropene during FT synthesis. 

First attempts to account for the formation of branched compounds in FT 
S5mthesis were undertaken by Anderson et al. [45, 85, 156], who assumed 
carbon number independent chain branching probabilities. Based on detailed 
product analyses [78], which typically shows a decline of homologous series of 
the different mono-methyl branched isomers approaching constant values at 
high carbon numbers (see Fig. 40, right for a real distribution of these isomers), 
Schulz et al. [61] questioned Anderson’s postulate and included an 
exponentially decreasing chain branching rate constant in a extended model 
which accounts for branching steps from an Sp 3 surface species on. This model 
is shown in Fig. 39, the formation of individual product classes (paraffins, 
olefins or oxygenates) are not explicitly included here. 
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Figure 39 Kinetic scheme accounting for chain branching [61 ] 

The kinetic scheme implies the assumption that rate constants of linear 
chain growth and desorption are carbon number independent, and that the 
chemisorbed species SpN(j) (with j indicating the position of the methyl group) 
have the same growth and desorption probabilities as SpN- Only the branching 
probability was assumed to be carbon number dependent, namely exponentially 
deceasing with increasing carbon number: 

kg,br,N=kg.br,4 (30) 

(kg,br ,3 can be chosen individually) 

In analogy to the model with formation of on sorts of products only (see Section 
3.2) probabilities of linear growth (pg,iin,N), growth with chain branching (Pg,brjM) 
and product desorption (pdjvi) can be defined as follows: 



( 32 ) 
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Pg,br,N 


'‘g,br,N 


g,lin,N ^g,br,N ^d,N 


with 


Pg,ImJ^ PdJM Pg.brJ'I i 


(33) 


(34) 


Furthermore, after a branching step (‘post-branching’, pbr) the probability of 
forming a further branch is zero (no quaternary C-atoms in product), so that now 
only linear chain growth or desorption are possible: 


_ ^g,lin,N 

Pg,pbr,N -T TT 

*^g,lin,N ^ *^d,N 


^ ^d,N 

Pd.pbr.N , , 

*^g,hn,N + '^d.N 


(35) 

(36) 


Analogue to the simple model with ‘formation of one sort of products’ only (see 
Section 3.2), the molar content of an individual product can then be calculated 
by multiplying the individual reaction probabilities of all steps involved in the 
formation of the component^, for example: 


Linear compounds : 

^lin,N “ Pg,lin,l Pg,lin.2 ••• Pg,linld-1 Pdjd (3^) 

2-methvl-branched compounds : 

N 4 ^4(2) Pg,lin,l Pg,lm,2 Pg,br.3 Pd,4 (^^) 

N“5 ^5(2) “ Pg,lin,l Pg,lin,2 Pg,br,3 Pg,pbr,4 Pd,5 

Pg,lin,l Pg,lin,2 Pg,lin,3 Pg,br,4 Pd,pbr,5 (39) 

Note that mono-methyl branched compounds can be formed via routes, this is 
however not the case for the first monomer of a homologous series. 


^ Note: for this the sum of all molar product formation rates have to be normalised and steady 
state conditions are assumed 
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This model was successfully used to fit experimentally observed 
distributions of the methyl branched compounds; an example for a model fit is 
given in Fig. 40 right (FT synthesis with Mn modified iron catalyst from [61]). 
The corresponding chain branching probability as function of carbon number is 
shown in Fig. 40 middle. It shows a decline from C 4 onwards; correspondingly 
the probability of chain growth goes through a local minimum at carbon 
numbers C3 to C4 and then approaches constant values at high carbon numbers. 
It is interesting to note, that the resulting calculated ASF distribution of the 
linear compounds shows a slight ‘positive deviation’. 




Figure 40 Model predictions accounting for chain branching in FT synthesis. Left: ASF 
distributions, middle: probabilities of linear chain growth and branching 
probability, right: Distribution of mono-methyl compounds. Dashed lines: no chain 
branching. Experimental data points fi-om [61] 

In return the model has also been used to calculate probabilities of chain 
branching, linear chain growth and desorption from experimental product 
distributions [79, 156, 157-160]. For this it is assumed that the chain branching 
probability at high carbon numbers approaches zero or constant values and that 
the desorption probability at high carbon numbers is also constant. The 
probabilities can then be calculated starting at high carbon numbers using the 
equations given in Fig. 41. 
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, , Pd.N+1 , 

1 + -+ (1 - Pg,br,N+i. 

“lin.N+l 


>1n+1(2) 


'lin,N 


”N+2(2) ^ _ Pg,br,N+l _ 

*Im,N+2 Pg,lin,N+lO“Pg,br,N+2)^ 


^lin.N 

Pd,N -Pg,lm,N 'Pd.N+l - 

niin.N+l 
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( 1 ) 

( 2 ) 

(3) 


The algorithm is to be started at high carbon numbers where chain linear chain 
growth and chain branching are constant (starting value for pg,br via iteration). The 
total carbon number distribution can again be derived by multiplication of the 
single (effective) reaction probabilities, that lead to the formation of a regarded 
product (see figure 10 eq.(10.9)). 


Figure 41 Algorithm to calculate probabilties of linear chain growth, desorption and chain 
branching from experimental data (n^, molar formation rate) 

Schulz et al. [161] have for example used the model to investigate the 
effect of process parameters such as hydrogen and CO partial pressure and 
temperature on chain branching on cobalt and iron based catalysts (see Section 
4). Furthermore chain branching reactions have been identified to be an ideal 
‘tool’ to probe spatial constraints that prevail on the surface of working FT 
catalysts. For example, Fig. 42 shows the change of chain branching 
probabilities obtained in early stages of a FT-experiment with a modified cobalt 
catalyst and probabilities obtained at steady state. 

Whereas at steady state a decline of chain branching probability towards 
almost zero has been obtained, which would indicate a sterical hindrance of 
formation of long chain branched compounds, at initial stages of an experiment 
much higher branching probabilities, which even increased with increasing 
carbon number towards constant values, were found. The authors suggested that 
this is most likely due to the fact that at the beginning spatial constraints are less 
pronounced and furthermore chain length dependent readsorption of olefins in 
position 2 (see Fig. 3) might account for the increase of chain branching 
probability with increasing carbon number. 
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Figure 42 Branching probability as function of carbon number at the beginning of an FT 
experiment and at steady state. (Reaction conditions: 100Co/15Zr02/100Si02, 
T=190°C, ptot.i=5 bar, (H2/CO)i„=1.9, SV=30 ml(NTP)/min/gco, fixed bed reactor) 


A complete description of a FT product might be obtained by 
combining the above models taking into account: 

• Desorption of paraffins 

• Reversible desorption of olefins and oxygenates (chain length dependent 
solubility and diffusivity) 

• Formation of branched compounds 

This would still not include the formation of cyclic compounds, naphthenic and 
aromatic, which are formed in high temperature FT processes (up to 15 wt.% in 
carbon number range Ch-Ch [147, 148]). It is likely that these compounds are 
formed in secondary reactions from olefins at the severe conditions of a high 
temperature process [157]. 

3.6 Non ideal distributions due to several growth sites or mechanisms 

Noting (he deviations from ideal ASF distributions, which often show a 
sudden change in slope at carbon numbers Cg to C 12 , prompted a number of 
researchers [136, 162-166] to fit the distribution with two straight lines 
representing two different chain growth probabilities, that might originate from: 

• two different growth mechanisms occurring in parallel 

• two different catalytic sites^ 


^ As an alternative to the two site model, Stenger et al. [167] suggested a ‘distributed site’ 
model, which was shown to be equivalent. 
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Such a bimodal distribution can mathematically then be simply described by 
superimposition of two ideal ASF distributions with different chain growth 
probabilities (pgi and Pga): 

+ (40) 

The result of a calculated bimodal distribution is given in Fig. 43. 



Figure 43: Bimodal distribution using Eq. (43) 

It should be emphasised that there is no direct proof for the co-occurrence 
of two mechanisms or the existence of two different catalytic sites. As ‘bimodal 
distributions’ have been found by authors with many different catalysts, Dictor 
and Bell [132] suggested that the deviations in ASF distributions are rather due 
physico-chemical effects (see models dealing with olefin re-insertion above). In 
order to support the concept of two different growth mechanisms, Patzlaff et al. 
[166] argued that effects of olefin re-incorporation would only account for a 
slight modification of the ASF distribution in FT synthesis with cobalt catalysts 
and olefin re-incorporation on iron based catalysts would generally only play a 
negligible role. It should be noted that the above model does only address the 
total hydrocarbon product distributions; it does for example not explain 
decreasing olefin contents in higher carbon number fractions, which can 
accurately be described with olefin re-adsorption followed by hydrogenation or 
chain start, and which always coincides with a change in the slope of the 
corresponding ASF distribution, strongly suggesting a crucial role of olefin 
reactions on the distribution. Furthermore, at high carbon numbers, where no 
olefins are present and the product is almost exclusively paraffinic generally no 
further changes of the slope in the ASF diagrams are found. A straight line in 
the ASF diagram has also been reported for the product of the commercial high 
temperature process [130]. Correspondingly the olefin content in the reported 
carbon number range (up to Cu) is almost carbon number independent; it may 
be suspected that secondary olefin reactions and possible resulting changes in 
the ASF distribution only take place at very high carbon numbers. The exact 
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origin of the curvature of logarithmic molar FT product distrihutions is however 
still being debated. 

4 . CONTROLLING SELECTIVITY IN THE FT SYNTHESIS 

The Fischer-Tropsch synthesis is a polymerisation reaction with some marked 
deviations, viz. higher than expected methane content in the fraction of organic 
product compounds, a lower than expected C 2 content, and an increase in the 
chain growth probability for high carbon numbers (see Section 3). In 
polymerisation reactions selectivity can only be controlled in a limited manner, 
i.e. over the chain growth probability. Chain growth in the FT synthesis is 
terminated in various ways yielding in a certain carbon number a variety of 
products, viz. olefins, paraffins and oxygenates. These products are of high 
economic value and the Fischer-Tropsch process might be targeting 
maximisation of a certain product class, e.g. a-olefins. 

In production the yield of a certain product group is of interest, e.g. in the 
GTL process the maximisation of production of liquid fuels is of interest. Thus, 
it is of economic interest to maximise the weight of liquid products (usually 
characterised by C5+ yield). The kinetic expressions are typically given in terms 
of a rate with which carbon is incorporated in organic products. The selectivity 
of the FT synthesis is governed by the Anderson-Schulz-Flory distribution, 
which gives the molar content of certain carbon numbers in the organic product. 
The rate of formation of C5+ on carbon or weight basis is then given by: 

n=oo / \ i=n-l 

? n Pg,i 

Tc.c,. = rc,0rg • 

2n-(l-pgJ- n Pg,, 

n=l i=l 

which simplifies for constant chain growth probability 
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(43) 

Knowledge of the dependency of the rate of formation of organic product 
compounds on carbon basis and the chain growth probability on the kinetically 
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determining parameters (such as partial pressures and temperature) allows 
optimisation of the desired and undesired products formed in the FT synthesis. 
Typically, methane formation is to be minimised. The rate of methane formation 
is given by: 


(l-Pg,i) 
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„»)■ 
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n p 

1=1 
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(44) 


which simplifies for constant chain growth probability 

rcH, =rc,org-(l-Pg)' (45) 

The simplistic conclusion is that the minimisation of the rate of methane 
formation is not possible. The constraint on the FT synthesis is, however, 
different. In the FT synthesis the rate of formation of C5+ product formation 
needs to be maximised relative to the methane formation. This can be achieved 
by maximising the chain growth probability. 

Typically, more methane is formed than expected based on the 
polymerisation characteristic of the reaction (see e.g. Fig. 44). The assumption 
of constant carbon number independent chain growth probability is therefore not 
valid. Some explanations have been offered in literature to explain the ‘excess’ 
methane formation. However, it must be realised that the ‘excess’ methane 
formation is much larger than typically thought by researchers in the field of the 
FT synthesis. Surface species with more than one carbon number have 
additional desorption pathways, e.g. P-hydrogen elimination yielding olefins. 
This desorption pathway is not open for Ci surface species. Hence, chain growth 
for the Cl surface species should be larger than that for the higher carbon 
numbers, which have more pathways for chain growth termination. The excess 
methane formation is better understood by plotting the n-paraffins in the 
Anderson Schulz-Flory plot (see Fig. 44). The large excess of methane is easily 
recognised for cobalt-catalysed Fischer-Tropsch synthesis. In iron-catalysed 
Fischer-Tropsch synthesis, methane content seems to fall almost at the expected 
value if the total organic product is considered. However, it can be clearly seen 
that methane is also in large excess in iron-catalysed Fischer-Tropsch synthesis 
if only paraffins are considered. 



molar content, mol-% 


668 



Figure 44 Anderson-Schulz-Flory plot for the formation of organic product compounds and 
n-paraffins in Fischer-Tropsch synthesis in a fixed bed reactor 
Left: catalyst 10 Co/100 AI 2 O 3/2 ViOS; T=220°C; p=20 bar, W^CO=2-, SV=1.5 
l/g/hr[168] 

Right; catalyst 100 Fe/480 AI2O3/IO Cu/4 Rh /8 K 2 O; T=260°C; p=20 bar; 
H 2 /C 0 = 2 ; SV=5 1/g/hr [169] 

Up to now the excess formation of methane has not been explained 
satisfactorily. Some researchers view methane formation as being different from 
the formation of the long chain hydrocarbons in the FT synthesis [52, 63] with 
methane formation through hydrogenation of a CH 3 surface species, which does 
not take part in the chain growth scheme. Alternatively, additional routes may 
exist for the formation of methane (e.g. direct hydrogenation of CH 2 surface 
species in addition to hydrogenation of a CH 3 surface species). Furthermore, a 
contribution of hydrogenolysis to methane formation cannot be completely 
excluded under all Fischer-Tropsch conditions, although this reaction seems to 
be strongly inhibited by carbon monoxide [46, 54]. 

Schulz et al. [94, 158] proposed the formation of methane on non-specific 
sites on the Fischer-Tropsch catalyst. These sites have as yet not been identified. 

Zheng at al. [30] showed using extended Hiickel-calculations, that Ci 
surface species on Co(OOOl) carry a negative charge. Hence, the approach of a 
CH 2 surface species to a CHs-surface species is hindered through electrostatic 
repulsion. Longer chain surface alkyl species may have a reduced charge on the 
carbon atom bonded to the metal surface, which may result in an enhanced rate 
of growth for higher carbon number surface alkyl species. The charge on the Ci 
surface species is reduced going from right to left in the periodic table (e.g. Ni 
^Fe), which coincides with the observed lowering of the molar content of 
methane in the organic products going from nickel to iron. 
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The formation of methane can be controlled kinetically. Schulz et al. [79] 
reported the chain growth probability for Ci surface species calculated from the 
product spectrum as a function of the partial pressures of hydrogen, carbon 
monoxide and water. The rate of desorption of the Ci-surface species relative to 
the rate of chain growth of the Ci surface species is shown in Fig. 45. The 
desorption of a Ci surface species is favoured by hydrogen and inhibited by 
carbon monoxide. Water partial pressure does not affect the rate of desorption 
relative to the rate of chain growth. 



Hi partial pressure, bar CO partial pressure, bar 


Figure 45 Rate of desorption relative to the rate of chain growth of a Ci-surface species as 
function of hydrogen partial pressure (left) and carbon monoxide partial pressure 
(right) [79] 

Similar relationships have been reported for the chain growth probability at 
higher carbon numbers as a function of partial pressures. In general it has been 
foimd that the rate of desorption relative to the rate of chain growth is inhibited 
by carbon monoxide and favoured by hydrogen (see Table 2). This type of 
kinetic dependency might have been expected a priori, since desorption yielding 
paraffins involves hydrogen and chain growth involves the addition of a carbon 
unit. Furthermore, it is well known that the rate of desorption is strongly 
favoured by an increase in the reaction temperature. 
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Table 2 

Kinetic dependency of chain growth probability (pg or a) or the rate of chain desorption 


relative to the rate of chain 


growth 


Catalyst 

T,K 


Source 

Fe-Mn 

322-562 

^ ^ Pco 

[170] 

Fe203 

480 

Pco 

[171] 

FesC, Fe 

582 

1 

a= on 

[171] 



Pco 


Fe 

523-573 

P^ci^ 

[164] 

Ru 

500-573 

(1-)/= — 

P“c^’ 

[164] 


Knowing the dependency of the chain growth probability and the rate of 
formation of all organic product compounds on carbon basis, the productivity of 
a catalyst for the production of e.g. liquid products (C 5 +) can be optimised. Fig. 
46 shows the principal relationship between the productivity for the formation of 
liquid products or C 5 +-selectivity and the total pressure using a feed of H 2 /CO = 
2 and Xco=50%. It is assumed that the rate expression developed by van Steen 
and Schulz [77] is valid, chain growth probability is carbon number 
independent, and the rate of desorption relative to the rate of chain growth 



) is proportional to 



. The productivity passes a 


maximum, since the rate of formation of organic product compounds passes a 
maximum. The selectivity for the formation of liquid products decreases steadily 
with increasing pressure, if the assumed correlation for the rate of desorption 
relative to the rate of chain growth is correct. 

It is however well established that the chain growth probability is not 
constant (see e.g. Refs. [62, 79] and Section 3). The above outlined expression 
merely describes an ideal situation, to which reincorporation of reactive product 
compounds needs to be taken into accoxmt. 
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Figure 46 Predicted productivity of liquid hydrocarbons (C 5 +) in the Fischer-Tropsch 

synthesis at Xco=50% assuming that that the rate expression developed by van 
Steen and Schulz [77] is valid, chain growth probability is carbon number 
independent, and the rate of desoiption relative to the rate of chain growth 

proportional to 16 

^ / Pg / Pco 


4.1 Branched compounds 

The FT synthesis produces linear and branched hydrocarbons. The 
distribution of branched product compounds has been mathematically modelled 
by Friedel and Anderson [85], Taylor and Wojciechowski [172] and SchuLz et 
al. [61]. These models describe the principal characteristic of the distribution of 
branched product compounds well. The detailed description of the distribution 
of branched product compounds is, however, not entirely accurate [173]. 

Branched hydrocarbons can be formed primarily [60-62] or by 
readsorption of olefins and successive chain growth [39]. The distribution of 
branched product compounds has been described using a chain branching 
probability, which declines exponentially with carbon number [62]. The 
dependency of the chain branching probability on the reaction parameters has 
been given by Schulz et al. [79]. The chain branching probability was related to 
the hydrogen availability on the surface and the likelihood for secondary 
reactions. Under hydrogen-poor conditions the primary formation of branched 
compounds becomes favourable, whereas under hydrogen-rich conditions the 
secondary formation of branched compounds becomes feasible. 
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Fig. 47 shows as an illustration the rate of formation of iso-Cs relative to 
the rate of formation of n-Cj as a function of the reaction parameters on cobalt- 
and iron-based catalysts (data from [173]). With cobalt-based catalysts the 
secondary formation of branched compounds is expected to dominate [39], 
whereas with iron-based catalysts the primary formation of branched 
compounds is expected [60]. The amount of branched compounds formed 
relative to the amoimt of linear compounds in with cobalt-based catalysts 
generally much less than with iron-based catalysts. Hydrogen does not seem to 
affect the formation of branched product compounds that much, although with 
the cobalt-based catalyst a slight decline in the formation of branched 
compounds was observed. This might be attributed to the decline of olefinic 
precursors in the reactor, which are necessary for the secondary formation of 
branched compounds. 

The formation of branched compounds over iron-based catalysts is 
favoured with increasing partial pressure of carbon monoxide. An increase in the 
formation of branched product compounds is also observed with a cobalt-based 
catalyst at low reaction temperatures. The enhanced rate of formation of 
branched product compounds with increasing partial pressure of carbon 
monoxide might be related to the primary formation of branched compounds. 
Increasing the partial pressure of carbon monoxide will yield hydrogen-poor 
conditions at the catalyst surface, which may favour the formation of branched 
compoxmds. At higher reaction temperatures a decrease in the formation of 
branched compounds relative to the formation of linear compounds with 
increasing partial pressure of carbon monoxide is observed. This is likely to be 
related to the inhibition of the re-incorporation of reactive product compounds in 
the chain growth pathway leading to the formation of branched compounds. 

With increasing temperature the rate of formation of branched compounds 
relative to the rate of formation of linear compounds rises rapidly over an iron- 
based catalyst (it should however be noted that this catalyst was tested under 
atypical Fischer-Tropsch conditions). With a cobalt-based catalyst the relative 
rate of formation of iso-Cs seems to pass a minimum. Both these effects can be 
explained in terms of enhanced secondary formation of branched compounds 
(the initial decrease must be attributed to a decrease in the primary formation of 
branched compounds). 
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Figure 47 The rate of formation of iso-Cs relative to the rate of formation of n-Cs as a 
function of the reaction parameters (data from [173]). 
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4.2 Formation of speciHc product classes 

Additional value can be obtained from the Fischer-Tropsch process by the 
separation of valuable chemical compounds from the complex product stream. 
Hence, it is of interest to establish definite relationships between the synthesis 
conditions and the rate at which these valuable chemicals are formed. Valuable 
chemicals are for instance olefins and oxygenates. These product compounds 
can undergo secondary reactions under Fischer-Tropsch conditions (see Section 
3). The interpretation of kinetic data for the formation of these compounds must 
take the possible secondary reaction of these compounds into account. 

Propene is the least reactive olefin. Fig. 48 shows the paraffin to olefin 
ratio in Cs as a function of the reaction conditions. The rate of formation of 
propane relative to the rate of formation of propene strongly increases with 
increasing partial pressure of hydrogen. The increase in paraffin formation is 
expected for both the primary reaction (based on the alkyl-mechanism - see 
Section 1.2.1 - and on the CO-insertion mechanism - see Section 1.2.4) and for 
the secondary conversion of propene. 

Olefin formation is favoured at high partial pressures of carbon monoxide. 
It must be stressed that olefins and paraffins are always formed (olefin content 
in the fraction of linear hydrocarbons seems to be limited to 70 - 90% 
depending on the reaction conditions). 



partial pressure, bar CO partial pressure, bar 


Figure 48 The rate of formation of propane relative to the rate of formation of propene as a 
function of the reaction parameters (data from [173]) 

The formation of oxygenates is poorly described in the literature, despite 
the high value these compounds may have as chemicals. This might be 
attributed to the difficulty of separation and analysis for these compounds. The 
distribution of oxygenates in the Fischer-Tropsch synthesis follows the normal 
Anderson-Schulz-Flory distribution [7, 173-176]. Oxygenates are rather reactive 
and the observed oxygenate content is influenced by the primary formation of 
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these compounds and the secondary consumption in both die oxygenate fraction 
and the hydrocarbon fraction. 

Fig. 49 shows the oxygenate content in C 2 (defined as the number of moles 
of ethanol plus acetaldehyde relative to all C 2 product compounds). With 
increasing partial pressure of hydrogen the oxygenate content passes a 
maximum with the iron-based catalyst, whereas the oxygenate content seems to 
increase with the cobalt based catalyst (albeit with a lot of scatter in the data). 
The observed dependency must be ascribed to the interplay between primary 
formation, secondary consumption of oxygenates and secondary consumption of 
the olefin. 




Figure 49 Oxygenate content in the fraction of C 2 -compounds as a function of the reaction 
parameters (data from [173]) 
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The oxygenate content in C 2 increases initially with increasing partial 
pressure of carbon monoxide. This behaviour would have been expected if 
oxygenates are formed according to the CO-insertion mechanism (see Section 
1.2.4) and hydrocarbons are mainly formed through another reaction pathway. 
The decrease in the oxygenate content at high partial pressure of carbon 
monoxide might be attributed to the way these experiments were performed. 

The detailed reaction pathway of the reactive product compoimds must be 
known to describe the formation of the desired products accurately. This often 
leads to a complex interplay of factors, such as the primary reaction pathway 
and the relative reactivity of the compounds under consideration. 
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